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Abstract t 
Thee hydrodynamics of gas-solid fluidized bed are significantly affected by the scale of 

operation.. Using the experimental data of Ellenberger and Krishna (1994) for the bubble rise 
velocity,, Vb, in air-FCC fluid beds of 0.1,0.19 and 0.38 m diameter we develop an model for 
Vbb in a parallel manner to that developed for air-water and air-Tellus oil systems in Chapter 3. 
Thee scale effects on Vi, in all such systems can be described by a common formula by 
introducingg an acceleration factor into the Davies-Taylor-Collins relation. Only the 
accelerationn factor and the bubble sizes are system dependent. 

Ann Eulerian simulation model is developed for gas-solid fluid beds in which the drag 
betweenn the (large) bubbles and the dense phase is calculated using the modified Davies-
Taylor-Collinss relations. Several simulations were carried out for columns ranging from 0.1 to 
66 m in diameter. These simulations demonstrate that the scale dependence of gas-fluid beds 
andd gas-liquid bubble columns are precisely analogous. 

1.. Introduction 
Gas-solidd fluidized beds are difficult to scale up because of the strong influence of column 

diameterr on the hydrodynamics. Existing scale up procedures in the literature are largely 
empiricall  in nature. In view of the success we have had with Eulerian simulations of bubble 
columnss (see Chapters 5, 6 and 7), we attempt here to apply the same ideas to G-S fluidized 
beds.. The discussion is restricted to fluidized beds of fine Geldart A powders. We make use 
off  the experimental data generated in our group at the University of Amsterdam on the air-
FCCC systems. These data have been published by Ellenberger and Krishna (1994). 

2.. Development of model for bubble rise velocity 
Thee experimental work of Ellenberger and Krishna (1994) was carried out in three 

columnss made of polyacrylate sections. The column diameters were 0.1 m, 0.19 m and 0.38 m 
withh total heights of 3 or 4 m. Sintered plate gas distributors were used in these three 
columns.. Two-stage cyclones were used to recover entrained fine particles and return these to 
thee column. In all cases the pressure at the top of the column was close to atmospheric 
pressure.. The gas inlet pipe at the bottom of the column was equipped with a quick shut-off 
valvee for the purpose of performing dynamic gas disengagement experiments. Air was used as 
thee gas phase in the experiments. The solid phase consisted of fluidized cracking catalyst 
(FCC)) (pbuik = 960 kg/m3; pp = 1480 kg/m3; particle size distribution: 10 % < 23 pjri, 50 % < 
499 urn, 90 % < 89 UJTI). The unexpanded bed height ranged from Ho = 0.1 to 1.5 m. For 
settledd bed heights exceeding 1 m, it was established that the bubbles had reached their 
equilibriumm bubble size within a distance of 0.5 m above the distributor. The superficial gas 
velocityy U was in the range 0.001 to 0.65 m/s. 

AA typical dynamic gas disengagement experiment with air-FCC in the 0.38 m diameter 
columnn is shown in Fig. 1. The initial sharp decrease in the bed height is due to escape of the 
fast-risingg bubbles ("dilute" phase). When all the bubbles have disengaged the gas in the 
emulsionn or "dense" phase escapes. The slope of the second part of the curve can be used to 
determinee the superficial gas velocity of the gas through the dense phase, UM. The total gas 
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voidage,voidage, or holdup for G-S fluid bed was calculated from e= (H- pbuik Hol pv) IH. The gas 
holdupholdup of the "dilute" phase, fit,, is determined from £b= (H - H\) I H. The gas voidage in the 
"dense""dense" phase is Bar = (e - £fe) / (1 - £(,)  For a range of gas velocities the dense phase gas 
voidagee remains practically constant and is also independent of the column diameter. The 
superficiall  gas velocity through the dense phase, U<n, is about 2 mm/s and therefore for the 
rangee of superficial gas velocities involved in industrial operations, we may take 
(U(U - Utf) ~ U. The rise velocity of the bubbles, i.e. dilute phase can be determined from 
VVhh = (U -Udf)l eh. The bubble rise velocity data for settled bed heights greater than 1 m are 

shownn in Fig. 2 for the three column diameters. The strong influence of the bed diameter is 
evident.. On examination of Fig. 2 we see that the bubble rise velocity in columns of 0.1 m 
andd 0.19 m diameter tends to reach a plateau after a certain gas velocity, indicating slugging 
behaviour.. The 0.38 m diameter column does not experience slugging behaviour. 

Inn order to develop a model for the bubble rise velocity in a gas-solid fluid bed we first 
draww analogies with rise of single gas bubbles in a liquid in inviscid flow (Clif t et al. 1978, 
Collinss 1967, Davidson et al. 1977, Fan and Tsuchiya 1990, Fan and Zhu 1998, Wallis 1969). 
Thee influence of the column diameter on the rise velocity is taken into account by introducing 
aa scale factor correction into the Davies-Taylor relation 

V?=0.1\JgTV?=0.1\JgThh(SF) (SF) (1) ) 

wheree the superscript 0 is used to emphasise that the rise velocity refers to that of a single, 
isolated,, bubble. Collins (1967) has determined the scale correction factor: 

SFSF = \ 

d>, d>, 

forr - * - < 0.125 

5F=1.13exp(( b-) for 0.125 < - * - < 0.6 
D D DDT T 

(2) ) 

SFSF = 0.496  ̂ DT/dh for - * - > 0.6 
D, D, 

UU = 0.28 m/s 
H=H= 1.76 m 

escapee of 
densee phase gas 

ii i i i i i t i i i t i i i i i i i i i i i i i i i i i i i i i i 
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Fig.. 1. Typical dynamic gas disengagement experiment for air-FCC in a 0.38 m 
diameterr column. 
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0.11 0.2 0.3 0.1 0.2 0.3 0.1 0.2 

Superficiall gas velocity through dilute phase, (U - Uai)/[m/s] 

Fig.. 2. Influence of superficial gas velocity through dilute phase and column diameter 
onn the dilute phase rise velocity in gas-solid fluidized beds. 

Equationss (1) and (2) are also valid for a single bubble rising in a gas-solid fluidized bed 
(Clif tt et al. 1978, Davidson et al. 1977, Fan and Zhu 1998, Geldart 1986). Bubbles in a 
smallerr diameter column tend to rise slower than bubbles in a larger diameter column due to 
thee restraining effects of the column walls. Such wall effects can be expected to diminish with 
increasingg column diameter. 

Thee rise velocity in a bubble swarm wil l be higher than that of a single gas bubble due to 
wakee interactions (Fan and Tsuchiya, 1990). A bubble that gets into the wake of a preceding 
bubblee gets accelerated. Such acceleration effects are observed in both gas-liquid systems 
(Bhagaa and Weber 1980, Komasawa et al. 1980, Narayanan et al. 1974) and gas-solid systems 
(Clif tt and Grace, 1985). In order to take account of such wake interaction effects we introduce 
aa multiplying factor, AF, which is the wake acceleration factor: 

hh°(AF)=0.7lJg^(SFXAF)°(AF)=0.7lJg^(SFXAF) (3) 

Thee acceleration factor AF can be expected to be dependent on the average distance of 
separationn between the bubbles; the smaller the separation the greater the acceleration effect. 
Thee average distance of separation between the bubbles decreases with increasing superficial 
gass velocity through the dilute phase, U - UM, and therefore the factor AF can be expected to 
increasee with increasing values of U - C/jf- We fitted the experimental data set for Vb for the 
0.1,, 0.19 and 0.38 m diameter columns with the equations (1), (2) and (3) to obtain 
expressionss for the wake acceleration factor AF and the bubble size db. The regressed 
relationss yielded the following expressions: 

AFAF = 1.64+ 2.7722(1/ -Ud/) (4) 

ddhh=0.204(U-U=0.204(U-Ullfllf )° )° (5) ) 

Wee note that the bubble rise velocity in a gas-solid fluid bed is about 1.5 to 3 times higher 
thann the rise velocity of a single gas bubble, given by eq. (1), underlining the strong wake 
interactionn effects. The predictions of the model given by eqs (1) - (5) are compared with the 
measuredd data in Fig. 2. The fit is very good. 

Thee fitted bubble size correlation (5), shown in Fig. 3, matches extremely closely with the 
valuess calculated from the Darton et al. (1977) bubble growth formula 

^=0.54(C/-t/ d l )
2 ,5(/zz + /i 0 (6) ) 

takingg the bed height h to be 0.5 m and ho = 0.03 m for porous plate distributors; see the 
dashedd line in Fig. 3. The experimental results can be rationalised by assuming that the 
bubbless reach their equilibrium bubble size at a distance 0.5 m above the distributor. In reality 
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theree is a distribution of bubble sizes and the fitted <4 represents an average value. Equations 
(1)) - (5) are sufficient to allow calculation of the dilute phase rise velocity in a fluidized bed. 

Thee two-phase model for gas-solid fluids, pictured in Fig. 4, provides a practical model for 
designn and scale up. It must be noted that for FCC the superficial gas velocity through the 
densee phase UM is of the order of 0.01 m/s and only a negligibly small fraction of the 
superficiall  gas velocity U. 

0.16 6 

0.14 4 

I -- 0.12 
0 0 
88 0.10 

0.00 0.1 0.2 0.3 0.4 0.5 

(U-UdMm/s] ] 

Fig.. 3. Bubble size estimation for gas-solid fluid beds. 
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Fig.. 4. Two-phase model for gas-solid fluidized bed. 

3.. Eulerian simulations of gas-solid fluidized beds 
Inn recent years there has been considerable academic and industrial interest in the use of 

computationall  fluid dynamics (CFD) to model gas-solid fluidized beds. CFD modelling of 
fluidizedd beds usually adopts the Eulerian framework for both the dilute and dense phases and 
makess use of the granular theory to calculate the dense phase rheological parameters (Bogere 
1996,, Boemer et al. 1995, Ding and Gidaspow 1990, Fan and Zhu 1998, Ferschneider and 
Mègee 1996, Gidaspow 1994, Jenkins and Savage 1983, Kuipers et al. 1992, Syamlal and 
O'Brienn 1989, Van Wachem et al. 1998/1999). The granular theory can be successfully 
appliedd for relatively coarse Geldart B powders and its extension to Geldart A powders poses 
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severall  problems in respect the proper modelling of inter-particle collision and interaction 
(Ferschneiderr and Mège, 1996). Discrete particle Langrangian simulations of the particle 
phasess have also been attempted (Hoomans et al., 1996) but the computational load is such 
thatt it cannot be used for design and scale up purposes. Our approach here will be to treat the 
"dense""  phase in a fluid bed as a pseudo-fluid (liquid) and apply the same models as 
discussedd earlier in Chapters 5, 6 and 7. 

Thee two-phase model portrayed in Fig. 4 underlies our approach, wherein lumped phases 
"dilute""  and "dense" are defined as shown and ascribed fluid properties. For the air-FCC 
systemm we estimate the "dense" phase viscosity jUdf to be 0.125 Pa s, using the data 
summarisedd by Yates (1996). The density of the dense phase p<jf was estimated from the 
experimentall  data to be 830 kg m3. 

Forr each of the "dilute" and "dense" phases shown the volume-averaged mass and 
momentumm conservation equations are given by 

^ - + V . ( p a u J =00 (7) 

^ + V -- (pauHu J =- ea V p- V • (eara )+Map + pag (8) 

wheree p a , ua, £a and xa represent, respectively, the macroscopic density, velocity, volume 
fractionn and stress tensor of phase a, p is the pressure, M«p, the inter-phase momentum 
exchangee between phase a and phase f$ and g is the gravitational acceleration. Other forces 
suchh as lift, Magnus and Saffmann are ignored in the present analysis (Jakobsen et al., 1997). 
Forr the continuous, dense, phase, the turbulent contribution to the stress tensor is evaluated by 
meanss of k-E model, using standard single-phase parameters. The dilute (bubble) phase, which 
iss the dispersed phase, is assumed to be in laminar flow. It was also determined from CFD 
simulationss that the assumptions regarding the flow field inside the bubbles were not crucial. 
Thee momentum exchange between the dilute (subscript b) and dense (subscript df) phases is 
givenn by 

M ^ = - P t ff j - C a t a - u ^ - u ^ l (9) 

Thee inter-phase drag coefficient is calculated from 

CCDD=\<^=\<^ ggd'd' (10) 

wheree the rise velocity of the dilute phase Vi, is given by the eq. (3). The wake acceleration 
factorr AF and the bubble size db are calculated using eqs (4) and (5). The assumption of 
constantt bubble size along the height of the column is an important limitation and the results 
off the simulation are expected to describe the hydrodynamics of tall commercial scale reactors 
withh a high ratio of height to diameter. Furthermore, the CFD model ignores mass transfer 
betweenn the dilute and dense phases and any chemical reaction in the dense phase. 

Thee commercial CFD package CFX 4.1c of AEA Technology, Harwell, UK, was used to 
solvee the equations of continuity and momentum for the two-fluid mixture. This package is a 
finitee volume solver, using body-fitted grids. The grids are non-staggered and all variables are 
evaluatedd at the cell centres. An improved version of the Rhie-Chow algorithm (Rhie and 
Chow,, 1983) is used to calculate the velocity at the cell faces. The pressure-velocity coupling 
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iss obtained using the SIMPLEC algorithm (Van Doormal and Raithby, 1984). For the 
convectivee terms in eqs (7) and (8) hybrid differencing was used. A fully implicit backward 
differencingg scheme was used for the time integration. 

Severall column configurations were simulated as specified in Table 1. For a chosen set of 
operatingg conditions and column diameter the bubble size d\, and the corresponding drag 
coefficientt Co was calculated using eq. (10). 

Tablee 1. 
Columnn configurations, systems, operating conditions and grid details of CFD simulations of air-FCC. 
Thee bubble phase was injected over the central 13 (or 32) of the 30 (or 75) grid cells. The reported 
densee phase velocity profiles are at the observation heights reported below. The reported values of the 
totall gas holdup refer to the fractional gas volume below this observation height. 

Column n 
Diameter r 
DT/[m] ] 

0.19 9 
0.38 8 

1.5 5 
2.0 0 
4.0 0 
6.0 0 

Column n 
height t 
/[m] ] 

3 3 
3 3 

8 8 
13 3 
25 5 
35 5 

Initial l 
Densee phase 
height t 
/[m] ] 
1.9 9 
1.9 9 

5.3 3 
10 0 
20 0 
25 5 

Observation n 
Height t 
/[m] ] 

1.6 6 
1.6 6 

4 4 
9 9 
18 8 
23 3 

Numberr of 
gridd cells, 
(radial)) x 
(axial) ) 
30x160 0 
30x160 0 

75x410 0 
75x270 0 
75x510 0 
75x710 0 

Superficiall gas velocity, 
t//[m/s] ] 

0.09,0.16,0.23,0.30 0 
0.09,0.16,0.23,0.30, , 
0.35,, 0.40 
0.09,0.16,0.30 0 
0.16,0.30 0 
0.16,0.30 0 
0.16,0.30 0 

Gridd front view 

DDTT/Z /Z 

300 cells 

Fig.. 5. Computational grid used in axi-symmetric CFD simulation of 0.19 and 0.38 m 
diameterr columns. 
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Gridd front view 

755 cells 

Fig.. 6. Computational grids used in axi-symmetric CFD simulation of columns of 
22 - 6 m in diameter. 

Axi-symmetryy was assumed in the simulations using cylindrical coordinates. The 
computationall grid used for the 0.19 and 0.38 diameter column is shown in Fig. 5. 
Anticipatingg steeper velocity gradients near the wall region and in the bottom portion of the 
column,, a non-uniform grid was used. In the radial direction 30 grid cells were used, 10 grid 
cellss in the central core and 20 grid cells towards the wall region. In the axial direction the 
firstt 0.2 m bottom portion of the column consisted of 10 mm cells and the remainder 2.8 m 
heightt consisted of 20 mm cells. The total number of cells was 4800. The dilute phase gas 
wass injected only at the inner 13 of the total number of 30 cells. This injection strategy was 
usedd because the dilute phase tends to concentrate in the centre of the column and the applied 
gass injection strategy helped achieve easier convergence. The computational grid for the 1.5, 
2,, 4 and 6 m columns is shown in Fig. 6. For the 6 m column, for example, the total number 
off grid cells used was 75x710 = 53250 cells. In the radial direction 75 cells were used and 
7100 in the axial direction. The time stepping strategy used in the transient simulations for 
attainmentt of steady state was: 20 iterations at 5xl0~4 s, 20 iterations at 1x10" s, 460 
iterationss at 5xl0"3 s, 2000 iterations at lxlO"2 s. For any given column simulations were first 
carriedd out for the lowest value of (U - t/df) and the converged solution used as a starting 
guesss for the simulation at a higher value of the superficial gas velocity. The 0.19 m and 
0.388 m diameter column simulations were carried out on a Silicon Graphics Power Indigo 
workstationn with the R8000 processor. Each simulation was completed in about 8 h. In all the 
runss steady state was reached within 15 s; this is illustrated in Fig. 7 which shows the centre
linee velocity of the dense phase, Vdr(0), and the centre-line gas holdup, at a height of 1.6 m 
abovee the distributor of the 0.38 m diameter fluid bed operating at U - UA<=  0.23 m/s. The 
sharpp change in Vdr(0), after about 2 s is caused by the bubble "front" approaching the 
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monitoringg point. The centre-line liquid velocity Vjf(0), and cumulative gas holdup vary along 
thee column height in the region close to the distributor; see Fig. 7. However for the large 
dispersionn heights used the variations tend to even out. The reported Vi{{0), VarM and £, are at 
thee observation heights specified in Table 1. 

Thee gas holdups of the "dilute" phase determined from the CFD are compared with the 
experimentall data in Fig. 8. The agreement can be considered to be remarkably good. Having 
validatedd the Eulerian simulation model we may proceed to use CFD to study scale effects. 

Thee most dramatic expression of the scale effect is noticed when we compare the V^r) as 
aa function of the column diameter for a particular case, that of air-FCC operation at U = 
0.33 m/s; see Fig. 9. The centre-line velocity VdKO) for the 6 m diameter column VL(0) = 
3.77 m/s. 

Forr superficial gas velocities of 0.16 and 0.3 m/s, Eulerian simulations were carried out to 
studyy the influence of column diameter. The results for air-FCC, air-water and air-Tellus oil 
aree shown in Figs 10. These results demonstrate extremely strong scale dependence. 
Furthermoree there is remarkable agreement between the scale dependence of gas-liquid 
bubblee columns and gas-solid fluidized beds. 

Duee to the strong dense phase circulations with increasing column diameter, the bubbles 
willl be accelerated. This acceleration effect causes a significant reduction in the large bubble 
holdupp with increasing column diameter; see Figs 10 (a) and (b). 

o o 

100 20 
Time/[s] ] 

U=U= 0.23 m/s; 
DTT = 0.38 m; 
air-FCC C 

0.00 0.5 1.0 1.5 2.0 
Heightt above the gas distributor/[m] 

(b) ) 

100 20 
Time/[s] ] 

0.55 1.0 1.5 2.0 
Heightt above the gas distributor/[m] 

Fig.. 7. Start up dynamics of 0.38 m diameter column. Also shown is the variation of 
propertiess along the dispersion height at steady state. 
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Fig.. 8. Comparison of CFD simulations with experimental data on bubble holdup. 
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Fig.. 9. Scale effect on the radial distribution of dense phase velocity. 
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Fig.. 10. Influence of scale on the holdup of large bubbles and on the centre-line 
"dense"" phase velocity for air-water, air-Tellus oil and air-FCC. 

4.. Conclusions 

Usingg the two-fluid model with estimated pseudo "dense" phase properties, it is shown that 
CFDD simulations of fluid beds can be carried out in manner analogous to that of gas-liquid 
bubblee columns. 

Thee agreement between experimental data on bubble holdup and CFD simulations gives us 
confidencee in the use of CFD for scaling up purposes. 

Simulationss of large diameter columns show the dramatic influence of column diameter on 
thee centre-line dense phase velocity and bubble holdup. The analogy with gas-liquid bubble 
columnss is also striking. 
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