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Summary Summary 

Summary Summary 

Despitee their simplicity in construction, operation and maintenance, gas-liquid bubble 
columnn reactors are notoriously difficult to scale up. The hydrodynamics is strongly affected 
byy column geometry, system properties, pressure, presence of surface active agents, etc. The 
objectivee of this thesis is to develop a systematic scale up strategy which takes such effects 
intoo account. The key, distinguishing, feature of this approach is that the overall column 
hydrodynamicss is described in terms of single bubble rise velocities and bubble-bubble 
interactions.. Once the bubble hydrodynamics is properly described as a function of scale and 
systemm properties then the column hydrodynamics is fully determined. The scale up strategy, 
whichh constitutes the subject of this thesis, is outlined in Fig. 0.1. 

Singlee bubble 
risee velocity 

Axiall liquid velocity distribution Gas hold up 
Centre-linee liquid velocity Bubble swarm velocity 

Fig.. 0.1. Strategy for scaling up bubble column reactors. 

Risee characteristic of single gas bubbles 

Thee bubble swarm is divided into two classes: "small" and "large" bubbles. For each 
bubblee class the scale effects have been studied experimentally. The large bubbles, typically 
largerr than 20 mm, which dictate the hydrodynamics in the churn-turbulent regime are 
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Summary Summary 

stronglyy scale dependent. Bubbles tend to rise faster in columns of larger diameter, due to the 
factt that "wall effects" are reduced. This is demonstrated by the comparison-experiment 
employingg a 34 mm diameter bubble for two different column diameters (see Fig. 0.2). 
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Fig.. 0.2. Comparison of the rise trajectories of a 34 mm diameter bubble in columns of 
0.0511 and 0.1 m diameter (obtained using video-image analysis). 

Hundredss of different size bubbles were injected in columns of various diameters in order 
too measure the bubble rise velocity. For instance a 4 cm diameter bubble rises with 0.25 m/s 
inn a 0.05 m column and the rise velocity is 0.45 m/s in the 0.63 m column (see Fig. 0.3). This 
iss a significant scale dependence! This scale effect persists to a certain dimension of the 
columnn from where onwards the wall influence is no longer present. 

Ourr experiments also showed that the liquid viscosity does not influence the single "large" 
bubblee rise velocity. The regime of bubble rise is "inviscid" flow and a bubble in water rises 
justt as fast in Tellus oil (liquid viscosity 75 times that of water). 
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Fig.. 0.3. Rise velocity of single spherical cap bubbles. 
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Bubble-bubblee interaction 

Inn an industrial churn-turbulent regime one bubble wil l never be completely "alone" in the 
column.. Large gas bubbles get accelerated when they are sucked in the wake of the bubbles 
precedingg them. So the next step in the strategy is to model bubble-bubble interaction. 

Thee velocity of the second bubble (the trailing bubble) increases as the bubble gets closer 
too the first one (the leading bubble). We define the acceleration factor as the ratio between the 
velocityy of the trailing bubble and the single bubble rise velocity. This acceleration factor 
(AF)(AF) has a maximum value when the trailing bubble reaches the leading one. In Fig. 0.4 the 
accelerationn factor is plotted against the distance between the two bubbles. As we can see, one 
bubblee can be accelerated almost 4 times in the air-water system. The acceleration factor does 
dependd on the liquid properties, because the liquid viscosity, for example, determines the size 
off  the wake. 

air r 
Dj Dj 

ddbb = 

-- water 
== 0.05 m 
== 0.034 m 

£^ > > 

0.16 6 

Fig.. 0.4. The acceleration factor as function of the separation distance between the 
leadingg and the trailing bubble. 

Risee velocity of large bubble swarms 

Forr operation in churn-turbulent regime every large bubble is in fact a trailing bubble. The 
bubblee swarm velocities were measured using the gas disengagement technique. We have 
developedd a model for estimating the average bubble size and the bubble swarm velocity as a 
functionn of the operating gas velocity and system properties. This model is a key to the scale 
upp strategy and is summarised in Fig. 0.5. This model is based on the Davies-Taylor-Collins 
relationshipp for the rise of single spherical cap bubbles. We introduce an acceleration factor 
(AF)(AF) to account for "swarm" effects. This AF is dependent on the superficial gas velocity 
throughh the large bubbles and also depends on the physical properties of the liquid. Typical 
calculationss of the large bubble swarm velocity are presented in Fig. 0.6 for a superficial gas 
velocityy of 0.2 m/s and a bubble of size db = 0.038 m. We note bubble swarm reaches a 
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plateauu from a certain dimension of the column onwards. One could think that from this point 
onwards,, there are no more problems in scaling up. In this thesis it is demonstrated that this is 
nott necessarily the case! 
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Fig.. 0.5. The developed link between the single bubble rise velocity and the rise velocity 
off  a swarm of large bubbles. 
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Fig.. 0.6. Rise velocity of swarms obtained using the single bubble rise velocity and the 
quantifiedd acceleration factor. 

Liqui dd circulation velocity: scale dependence 

Inn the churn-turbulent regime, large bubbles tend to concentrate in the centre of the 
column.. These bubbles draw liquid upward and when the bubbles escape at the top, the liquid 
flowss down the sides of the column. This generates a radial profile of the liquid velocity. 
Sincee the bubble swarm velocity is affected by scale, we would also expect the liquid velocity 
too be influenced by scale. 

Inn Fig. 0.7 the experimental results, obtained by means of a modified "Pavlov tube" are 
plottedd in a "half-column graph" for three columns: 0.174, 0.38 and 0.63 m in diameter. 

Thee maximum upwards liquid velocity is the one in the centre of the column (also called 
"centre-linee liquid velocity") and is significantly affected by scale. Comparing the exact 
values,, this velocity is about 0.5 m/s for the 0.174 m column and 1.25 m/s for the 0.63 m 
column.. This is a very big difference and we still have to extrapolate for our given problem up 
too 6 m! Taking the ratio between the axial liquid velocity and the centre-line velocity, the 
normalisedd graph (Fig. 0.8) is obtained. The normalised profile is column diameter 
independent.. This is a useful scale up rule for it means that the strength of liquid circulations 
cann be related to a single parameter - the centre-line velocity. 

Thee column hydrodynamics is thoroughly inter-linked and all the phenomena appears to be 
inducedd by the gas bubbles. The bubble swarm velocity is compared in Fig. 0.9 with the 
liquidd velocity at the centre of the column. The experimental data for the centre-line liquid 
velocityy are plotted together with two literature correlations, extended up to 6 m column 
diameters.. The difference between 1.5 m/s predicted by Zehner (1982) and 4 m/s predicted by 
Riquartss (1981) is significant and cannot be ignored. 
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Fig.. 0.7. Liquid velocity radial profile. 
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Fig.. 0.8. Normalised liquid velocity profiles. 
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Fig.. 0.9. Extrapolation for the centre-line liquid velocity. 

OO air-water experiments 
•• air-water CFD simulations 

Fig.. 0.10. Influence of scale on the centre-line liquid velocity for the air-water system. 
CFDD simulations of van Baten (2000). 
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CFDD simulations, carried out in the companion thesis of van Baten (2000) is the only 
properr means for scaling up to large column diameters. The CFD simulation results for the 
centre-linee velocity is shown in Fig. 0.10 for column diameters ranging to 6 m. On the basis 
off  the CFD simulations we can conclude that the Riquarts (1981) con-elation is the proper 
correlationn to use. 

Gass hold up: scale dependence 

Thee liquid circulation velocity increase strongly with scale, as can be seen in Fig. 0.10. 
Thiss liquid circulation has the effect of reducing the gas hold up because the gas bubbles will 
bee accelerated by the liquid. CFD techniques, developed in the companion thesis of van Baten 
(2000)) allow us to determine the gas hold up as a function of a column diameter. For air-water 
systemm operating at a superficial gas velocity of 0.3 m/s, the CFD simulation results are 
shownn in Fig. 0.11. 
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Fig.. 0.11. Use of CFD for extrapolation to commercial scale. 

Axiall  dispersion in the liquid : scale dependence 

Thee last step in the scale up strategy outlined in Fig. 0.1 is the liquid-phase backmixing. 
Whenn the bubbles escape at the top of the column, the liquid returns down the sides of the 
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columnn (in the wall region). The downflowing liquid generates backmixing. The radial 
distributionn of the liquid velocities is related with the axial dispersion coefficient of the liquid 
phase.. A large number of experiments using the pulse-response method were performed. The 
onee dimensional axial dispersion model was applied in order to obtain the axial dispersion 
coefficientt for different columns and a specific range of superficial gas velocities. 
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Fig.. 0.12. Extrapolation for the axial dispersion coefficient in the liquid phase. 

Thee axial dispersion coefficients can be predicted in terms of liquid circulation velocity, as 
aa characteristic velocity and column diameter, as a characteristic length. This model was 
obtainedd by making use of the dimensionless analysis and the simple, linear relation presented 
inn Fig. 0.12 allows us to predict easily the axial dispersion coefficient for large columns. 

Thee constant 0.31 was found taking into account the whole experimented range of 
superficiall  gas velocities. The experimental measurements for the backmixing experiments 
wass performed with air-water system. Since the centre-line liquid velocities appeared to be 
thee same for the viscous Tellus oil, the model presented for the axial dispersion coefficient is 
validd also for such systems. 

Inn Fig. 0.13 the results for the centre-line velocity and the axial dispersion coefficients are 
plottedd together, for a certain superficial gas velocity of 0.2 m/s. Once again, the limited 
laboratoryy conditions confine us in a relatively small area far from the real industrial 
dimensions.. One can see that the model presented is close to the widely accepted Baird and 
Ricee (1975) model. 
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Thee work presented in this thesis provides a rational approach to scale up of bubble 
columnn reactors in industrial practice. 
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ChapterChapter 1 

Introduction Introduction 

Whyy bubble column reactors? 

Thee extensive and sustained research in the field of bubble column reactors is there 
becausee of the broad range of potential applications in the chemical, petrochemical and 
biochemicall  industries. 

Bubblee column reactors are simple vertical cylindrical vessels with intense contact 
betweenn the two phases. The gas phase is dispersed into the liquid phase using specific gas 
distributorss at the bottom of the column. The gas phase is in motion with respect to the 
continuouss phase. The continuous phase (liquid or slurry) may be operated in a batch manner 
orr it may also circulate in co-current or counter-current manner to the gas flow. A simplified 
representationn of a bubble column reactor is shown in Fig. I. I. 

Gass phase outlet 
G,, > 0 

Internall heat-exchange 
tubess (eventually) 

Liquidd phase inlet Ln 

> 0 0 

Liquidd phase outlet L, 
> 0 0 

Solidd catalyst particles 
(eventually) ) 

Gass distributor 

Gass phase inlet 
G 0 >0 0 

Fig.. 1.1. Schematic drawing of a bubble column reactor. 

Sincee bubble columns offer several advantages in comparison to other kinds of multiphase 
reactorss (see panel 1.1 and panel 1.2), they are subjected to an increasing use in industrial 
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ChapterChapter 1 Introduction Introduction 

practicee (as absorbers, fermenters, strippers, coal liquifiers and chemical reactors for gas-
liquidd and gas-liquid-solid reactions). 

Duee to the several practical applications of bubble column reactors, these reactors have 
beenn the subject of detailed research studies and analyses. This research has pointed out 
severall  aspects related to the advantages of bubble column reactors: 

Panell  1.1 Advantages offered by bubble column reactors 

•• efficient contact between the phases, the gas and the liquid, and eventually the third 
phase,, the solid catalyst 

•• high liquid hold up, recommended for reactions taking place in the liquid phase (as the 
casee of bubble columns) 

•• reasonable inter-phase mass transfer rates at low energy input 
•• limitation of pressure drop 
•• easy temperature control 
•• little maintenance due to the simple construction 
•• lack of moving parts 
•• high adaptability for a specific process 
•• no serious erosion and plugging problems due to the catalyst 
»» low costs of construction and operation 

Thee disadvantages of bubble column reactors should also be mentioned: 

Panell 1.2 Disadvantages of bubble column reactors 

•• considerable degree of backmixing in both the liquid and the gas phase 
•• short gas phase residence time 
•• higher pressure drop with respect to packed columns 
•• rapid decreasing of interfacial area above values of the aspect ratio greater than, say 12, 

duee to the increased rate of coalescence 

Severall types of processes of major importance in industry take place in bubble columns, 
somee of them being outlined in Panel 1.3. For more examples see Mashelkar (1970), Shah et 
al.. (1982), Deckwer and Schumpe (1993). 

Panell 1.3 Practical examples of reactions taking place in bubble columns and slurry reactors 

•• oxidation reactions (e.g. oxidation of cyclohexane to adipic acid, partial oxidation of 
ethylenee to acetaldehyde, oxidation of n-parrafins to sec-alcohols) 

•• hydrogenation reactions (e.g. saturation of fatty acids, hydrogenation of glucose to 
sorbitol) ) 

•• chlorination reactions (production of aliphatic and aromatic chlorinated compounds) 
•• hydrotreating and conversion of petroleum residues 
•• fermentation (production of ethanol and mammalian cells) 
•• biological waste water treatment 
•• oxidesulfurization of coal 
•• oxichlorination of ethylene to dichlorethane 
•• Fischer-Tropsch synthesis 
•• methanol synthesis 
•• polymerisation of olefins 
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ChapterChapter 1 Introduction Introduction 

Bubblee column reactors are particularly suited for slow reactions taking place in the liquid 
phase.. The main resistance to the mass transfer is located in the liquid phase. The gas-liquid 
contactt achieved is reflected by the parameter (3 which is the ratio of the liquid phase volume 
too the volume of the "film " diffusion layer. High values of (3 are obtained with bubble column 
reactorss (see Fig. 1.2) and are suitable for reactions which demand high "bulk" liquid volume. 

Fig.. 1.2. Bubble column selection criteria (Krishna and Sie, 1994). 

Becausee of the high degree of mixing, there is no need of additional internal mixing 
devices.. In some cases continuous and efficient temperature control is easily achieved by 
meanss of internal heat exchangers, both for cooling or heating the system. In this case, also 
thee backmixing phenomena is reduced; this aspect has positive advantages for some 
applications.. Furthermore, bubble column reactors may be used when the fluids carry solid 
impurities,, that would plug packed columns. In this case, the fine solid catalyst is kept in 
suspension,, such as in the Fischer-Tropsch synthesis. 

Scale-upp methodology 

Scale-upp basically means the conversion from laboratory scale experiments to successful 
commerciall  size design. The proper scale-up and design is accomplished by developing a 
reactorr model. Typical of laboratory work, experiments are carried out in columns of 
relativelyy small diameters, ranging from 0.1 to 0.5 m, whereas in industry 1 to 10 m diameter 
reactorss are commonly encountered (Fig. 1.3). 

Changess in reactor diameter, height and superficial gas velocity wil l be accompanied by 
changess in flow regime, phase hold up characteristics, axial and radial mixing and transport 
coefficients.. There is therefore a scale up "problem". 

Emergingg examples of processes using this reactor technology, such as Fischer-Tropsch 
andd methanol synthesis, ask the chemical engineer in this field to be able to deal with the 
followingg extreme features: high pressure operation (typically 30 to 50 bar), together with 
highh superficial gas velocity (typically higher than 0.1 m/s), use of high catalyst 
concentrationss in the liquid phase, high reaction exothermicity requiring heat removal by 
meanss of cooling tubes inserted in the reactor, large dispersion heights (typically 20-30 m) 
andd large reactor diameters (up to 10 m) because of high gas throughputs, often operated in 
parallel. . 
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ChapterChapter 1 Introduction Introduction 

Fig.. 1.3. Comparison between laboratory and industrial bubble column size. 

Successfull  scale-up methodology starts with proper understanding of physical phenomena 
andd the inter-relations between parameters and it ends with the appropriate quantification of 
thee various variables and especially sets of variables associated to reactor performances (i.e. 
conversion,, selectivity, productivity). 

Objectivee of the thesis 

Despitee their simplicity in construction, operation and maintenance, gas-liquid bubble 
columnn reactors are notoriously difficult to scale up. The hydrodynamics is strongly affected 
byy column geometry, system properties, pressure, presence of surface active agents, etc. The 
objectivee of this thesis is to develop a systematic scale up strategy which takes all such effects 
intoo account. The key, distinguishing, feature of this approach is that the overall column 
hydrodynamicss is described in terms of single bubble rise velocities and bubble-bubble 
interactions.. Once the bubble hydrodynamics is properly described as a function of scale and 
systemm properties then the column hydrodynamics is fully determined. The "key" to our scale 
upp strategy is to link the various hydrodynamic phenomena (gas hold up, circulation velocity, 
mixing). . 
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ChapterChapter 1 Introduction Introduction 

Examplee of an industria l scale-up problem 

AA typical industrial scale-up problem is now outlined (see Fig. 1.4), to give an idea of the 
importancee of proper and adequate scale-up. 

Thee industrial process considered takes place in a huge reactor: 6 m diameter and 35 m 
height.. The column operates at 0,2 m/s superficial gas velocity and it contains a highly viscous 
liquid.. In order to fully describe the behaviour of such industrial reactors it is required to 
extrapolatee some parameters such as the gas hold up and the liquid phase backmixing. 

Industriall process 
** Column diameter 6 m 
** Column height 35 m 
** Superficial gas velocity 0.2 m/s 
** High viscosity liquid 

Scalee up data we need 
** Gas holdup 
** Liquid phase residence lime 
** Liquid phase backmixing 

Fig.. 1.4. Scale up problem. 

Inn order to obtain the scale-up information for this process, an extensive campaign of 
measurementss started in our laboratory (details are reported in this thesis in Chapters 2, 3, 4, 5 
andd 6). The investigation of scale effects on hydrodynamics and mixing phenomena was 
carriedd out by using a wide range of bubble columns of different diameters: 0.051, 0.1, 0.15, 
0.174,, 0.19, 0.38 and 0.63 m. The influence of scale (i.e. column diameter) was carefully 
investigatedd on single bubble rise behaviour, bubble-bubble interaction, gas hold up, liquid 
circulationn and liquid phase backmixing. The influence of physical properties of the liquid 
phasee on the column performance was also taken into account, by experimenting extreme 
systems:: air - water and air - Tellus oil (a mixture of hydrocarbons 75 times more viscous 
thann water). We developed a consistent data bank on which to develop our scale up model and 
strategy. . 

Consider,, for example, the gas hold up measurements, in columns of 0.1, 0.19 and 0.38 m 
forr air - Tellus oil system. The results (Fig. 1.5) demonstrate quite clearly the significant 
influencee of column diameter. 

Ass we can see in the detail in Fig. 1.6 the laboratory range of experiments is far removed 
fromm the industrial range. For a commercial scale reactor operating at a superficial gas 
velocityy of 0.2 m/s, various extrapolation schemes lead to completely different answers. What 
wayy should be chosen when performing this extrapolation? A linear, an exponential or a 
powerr law one? Or even another one? 

Lett us examine first what the published literature has to say about this extrapolation 
problem.. The easiest and most experimented field in bubble columns is in fact the gas hold 
up.. Some of the literature correlations are plotted in Fig. 1.7 together with our experimental 
pointss (details given later in Chapter 4). 
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Fig.. 1.6. Extrapolation problem: what is the gas hold up for a 6 m column operated at 0.2 
m/ss superficial gas velocity? 
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Fig.. 1.7. What does previous research say about scale dependence on gas hold up. 
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Fig.. 1.8. Strategy for scaling up bubble column reactors. 
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Thee literature survey revealed a striking fact: the majority of the researchers did not take 
intoo account the influence of the column diameter on the gas hold up! Moreover, the 
differencee between the predicted values is rather large. Furthermore, we have to keep in mind 
thatt all these correlations were developed for columns smaller than 1 m in diameter and most 
off  the time by using just one column. 

AA careful scale up strategy is clearly required. A schematic representation of this is shown 
inn Fig 1.8. In this thesis each of the steps outlined in Fig. 1.8 has been thoroughly 
investigated. . 

Inn Chapter 2 we study the rise velocity of single gas bubbles in a liquid in order to determine 
thee scale effects. 

Bubble-bubblee interactions are studied in Chapter 3 and a model is developed to determine 
thee rise velocity of bubble swarms. 

Thee model developed for bubble swarm velocities is used to predict the gas hold up. Chapter 
44 compares the predictions against experimental data for a variety of systems. 

Thee rising gas bubbles carry liquid upwards and create liquid circulations. Chapter 5 studies 
thee scale dependence of the liquid circulation velocities measured in three different columns. 

Chapterr 6 presents experimental data on the axial dispersion coefficient of the liquid 
measuredd in three different columns. A simple model is developed for scale up purposes. 

Finallyy in Chapter 7, we show how the information developed in this thesis can be 
incorporatedd into a CFD code (developed in a companion thesis of van Baten, 2000) to predict 
thee performance of commercial scale reactors. 
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ChapterChapter  2 

BubbleBubble  rise  in  liquids 

Abstract t 

Descriptionn of the hydrodynamics of bubble columns starts with understanding single 
bubblee behaviour as a function of scale and liquid properties. Single bubble hydrodynamics, 
togetherr with bubble-bubble interaction, determines to a large extent the overall 
hydrodynamicss of the column. 

Thee motion of intermediate-size bubbles was analysed using video image analysis in a 
two-dimensionall  column. The rise behaviour of four bubbles confirms qualitatively the recent 
findingss of Krishna and van Baten (1999a/1999b). A new shape of bubble is for the first time 
observedd experimentally. 

Thee wall effect on the single bubble rise velocity was investigated through 2714 single 
bubblee experiments. Air bubbles in the size range db = 3 - 80 mm were injected in columns 
withh inside diameters: DT = 0.01, 0.02, 0.03, 0.051, 0.1, 0.174 and 0.63 m. The column 
diameterr was found to have a significant effect on the rise velocity of the bubbles. The 
velocityy of single bubbles rising in cylindrical vessels is estimated by introducing the scale 
correctionn factor (SF) to the single bubble rise velocity in an infinite medium; Vb° = Vb" SF. 

Whenn the ratio of the bubble diameter to the column diameter, dtJDT, is smaller than 0.125 
thee influence of the column diameter on the rise velocity is negligible. In this case the rise 
velocityy is described well using the relation of Mendelson (1967). The rise velocity of the 
bubbless reduces significantly with increase in the ratio d\JDj. For the range of small bubbles, 
thee scale factor is given by an empirical relation, suggested by Clift et al. (1978). The wall 
effectt for spherical cap bubbles (Eö > 40) is satisfactorily described by the Collins (1967) 
relation.. For the range of large bubbles, this correction is successfully introduced into the 
classicall  Davies-Taylor (1950) relation for rise of single spherical cap bubbles in a liquid. 
Additionall  experiments with a more viscous liquid (Tellus oil 32, Shell) were performed in 
thee 0.1 m column in the range of large bubbles. They confirm the validity of Davies-Taylor-
Collinss relations for inviscid flow. When the diameter ratio d\JLh exceeds 0.6, the tube 
diameterr becomes the controlling length governing the velocity and the frontal shape of the 
bubble. . 
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2.11 Introductio n 

Thee complex hydrodynamic behaviour of the two phases in bubble columns is closely 
relatedd to the bubble dynamics. Consequently, a fundamental understanding of the bubble 
characteristicss provides the basis for a mechanistic approach to the analysis of the various 
hydrodynamicc phenomena occurring in the industrial bubble column. 

ClassificationClassification of bubbles 

AA rising bubble can be characterised in terms of rise velocity, shape and motion behaviour. 
Al ll  three features are related to the physical properties of the system, in particular the 
viscosityy of the liquid phase, the flow and the interfacial bubble particularities (given by the 
possiblee presence of surfactants). The rise velocity of bubbles is the most important and 
apparentlyy also the most critical parameter in describing the hydrodynamics and transport 
phenomenaa in bubble columns. Therefore, it can be considered as a starting point in the study 
off  such a complex system. The bubble rise behaviour has been extensively studied by various 
investigators:: Dumitrescu (1943), Davies and Taylor (1950), Haberman and Morton (1953), 
Peebless and Garner (1953), Harmathy (1960), Mendelson (1967), Clift et al. (1978), Fan 
(1989),, Fan etal. (1999). 

Thee bubble size is an important variable for determining the bubble rise velocity and the 
bubblee shape. For bubbles rising in infinite media, a generalised graphical correlation in terms 
off  Eötvös number (Eö), Morton number (M) and Reynolds number (Re) is presented in Fig. 
2.1.. The figure is adapted from Clift et al. (1978) and it is also valid for drops motion. 

Thee bubbles can be grouped in the following three categories: 
(a)) spherical bubbles 
Inn this category the smallest possible bubbles are present. They are approximated with perfect 
spheress because the interfacial forces and/or viscous forces are much more important than 
inertiaa forces. Moreover, internal circulation is essentially absent. Their terminal velocity is 
limitedd by viscous drag and they obey the Stokes law. 
(b)) ellipsoidal bubbles 
Thiss term is generally used for a variety of shapes that bubbles of intermediate size can 
assume.. Depending on the exact size, some of them are oval with a convex interface (viewed 
fromm inside) around the entire surface. Sometimes the actual shapes covered in this regime 
mayy differ considerably from true ellipsoids. Moreover, ellipsoidal bubbles undergo marked 
shapee oscillations and random wobbling which makes characterisation of shape particularly 
difficult.. In this range of bubbles, both the effects of liquid inertia, surface tension and 
viscosityy are important; also surface-active contaminants affect strongly the rise velocity. The 
motionn of intermediate bubbles can be notably complex (Clift et al. 1978). A secondary 
shape-fluctuationn motion is often superimposed to the zig-zag or spiral trajectory of the rising 
bubble. . 
(c)) spherical cap bubbles 
Thee shape of the bubbles in this range can be closely approximated with a segment of a 
sphere.. They tend to adopt flat bases. In case of large bubbles, the effects of surface tension 
andd viscosity are negligible and the rise velocity is given by the equation of Davies and 
Taylorr (1950). The bubbles in this range are characterised by Eö > 40. Large spherical-cap 
bubbless may also trail thin envelopes of dispersed fluid referred to as "skirts". 
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Fig.. 2.1. Shape regimes for bubbles in unhindered gravitational motion through liquids 
(adaptedd from Clift et al., 1978). 

Figuree 2.1 may be used to estimate the shape regime, as well as the rise velocity. While the 
boundariess between the principal shape regimes are somewhat arbitrary, it is clear that 
bubbless are ellipsoidal at relatively high Re and intermediate Eö, while the spherical-cap 
regimee requires both Re and Eö to be large. 

Whenn bubbles rise in delimited media their shape and rise velocity is affected by the walls 
off  the container. If the bubble is sufficiently large, it fill s most of the container cross section 
andd it generates "slug flow". 

Bubblee columns are often operated in the heterogeneous regime. The rise of the bubbles 
inducess large motion in the column. Following the two-class bubble model (Krishna, 1981), 
wee divided the real swarm into "small" and "large" bubbles which are co-existing in this 
regime.. Spherical and ellipsoidal bubbles are combined in the same "small bubble" category. 
Thee idea of the reactor model is presented in section 4.1 of this thesis, and also sketched in 
Fig.. 4.3. The division of the swarm for the churn-turbulent regime into two classes of bubbles 
iss portrayed in Fig. 2.2. 

Thee small bubbles are in the size range d  ̂= 3 to 6 mm for low-viscous systems and they 
aree slightly larger for viscous systems (maximum 12 mm). The large bubbles are typically in 
thee range of 20 - 80 mm. The analysis of their behaviour proved that the small bubbles are 
"ignoring""  each other while the large ones are suffering frequent coalescence and break up. 
Krishnaa and van Baten (1999b) simulated swarms of small bubbles in liquids. They also 
foundd the small bubbles trying to "avoid" each other when they rise in a swarm. This 

1033 E= 
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"hindrance""  effect, described by R ic hard son-Zak i relationship for rise of a swarm of gas 
bubbless in a liquid is presented later in Chapter 4 of this thesis. 
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Fig.. 2.2. Division of the swarm of bubbles into small and large bubbles, following the 
extendedd two-phase flow model (Krishna, 1981). 

Experimentall  examinations on the role of bubbles of different sizes indicate the importance 
off  large bubbles in dictating the macroscopic hydrodynamics of bubble columns. Basically, 
thee bubble hydrodynamics is governing all process hydrodynamics. Therefore, a careful study 
off  the rise behaviour of the bubbles as a function of size, scale and liquid properties should be 
performedd as a starting point. 

2.22 Exper imental 

Forr this chapter two types of experiments were carried out: (a) experiments to study the 
qualitativee rise behaviour together with the shape of air gas bubbles in liquids, (b) 
experimentss to quantify the influence of column diameter on the rise velocity of small and 
largee bubbles. The experimental set-ups and methods are explained further, successively. 

Too study the motion of gas bubbles in liquids, experiments were performed in a two-
dimensionall  column. The column consists of two parallel 0.007 m thick glass plates of 4 m 
heightt and 0.3 m width, placed at a distance of 0.005 m. Figure 2.3 shows the experimental 
set-upp schematically. The measurements were performed with the air - water system. The gas 
wass fed into the column from the compressed air mains. Bubbles were successively formed 
throughh an orifice, placed in the centre of the column. The range of bubble sizes was chosen 
visuallyy by adjusting the flowmeters. At very low flow rates the frequency of bubble 
formationn was low and for this reason the bubbles did not interact with each other. 
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Fig.. 2.3. Experimental set-up for the two-dimensional column. 

Thee motion of the bubbles was studied using video-image analysis. A Panasonic DSP 
colourr CCD camera was placed at a height of 0.5 m from the gas distributor and it focussed 
onn a 15 cm section-height of the column. The ambient light level was improved using a 1250 
WW halogen lamp. The video signal produced by the camera was digitised at a rate of 25 
framess per second using a Miro VIDEO DC1 digitizer board placed inside a PC. The captured 
images,, of the Tagged Interchange File Format (TIFF), were transferred to a PC and 
processedd further. Accurate determination of the bubble shape was obtained by retracing 
manuallyy the bubble contours of each video image captured. Since the column used was flat 
(2DD column with 0.005 m thickness), no optical distortion could influence the retraced bubble 
shape.. The diameter of the bubble (calculated from the 2D area) was approximated relating 
thee bubble surface with two graduated rulers. The rulers were attached externally on the 
column,, in both 2D coordinates, and always recorded in the captured video-image. 

Too quantify the rise velocity of small and large bubbles in liquids, a comprehensive 
experimentall  work was carried out. The study covers a large bubble size range: db = 3 - 80 
mm.. In total seven cylindrical columns were used, with different inner diameter: DT = 0.01, 
0.02,, 0.03, 0.051, 0.1, 0.174 and 0.63 m. Four of these columns, 0.01, 0.02, 0.03 and 0.051 m 
insidee diameter were glass made. The remaining three columns, 0.1, 0.174 and 0.63 m inside 
diameter,, were made of polyacrylate sections. Figure 2.4 shows three typical experimental 
set-ups. . 
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Fig.. 2.4. Experimental set-ups for studies on rise velocity of single bubbles. 

Inn all the experiments the top of the column was operated at atmospheric pressure. 
Demineralisedd water (viscosity 77, = 0.001 Pas; density p , = 998 kg/m3; surface tension c = 

0.0722 N/m) was used as liquid phase and air as gaseous phase. A set of experiments was also 
carriedd out with high viscous Tellus oil (viscosity r/L = 0.075 Pas; density p , = 862 kg/m3; 

surfacee tension o = 0.028 N/m) as liquid phase. The experimental conditions are specified in 
Tablee 2.1. 

Tablee 2.1 

Experimentall set-up details and operating conditions for gas-liquid single bubble experiments 

Column n 

diameter r 

D T / [m ] ] 

0.01 1 

0.02 2 

0.03 3 
0.051 1 

0.100 0 

0.100 0 

0.174 4 

0.630 0 

Totall numbe 

Total l 

height t 
H1H1 [m] 

1 1 

1 1 

1 1 

4 4 

6 6 

2 2 

4 4 

4 4 

Distance e 

between n 

markerss / [m] 

0.9 9 
0.9 9 

0.9 9 

3.5 5 

5 5 

1 1 

3.15 5 

2.84 4 

off experiments: 

System m 
studied d 

airr  - water 
airr - water 

airr - water 

airr  - water 
airr - water 

air-Tellus s 

airr - water 

airr - water 

Injection n 

system m 

syringe e 

syringe e 

syringe e 
syringe e 

ladle e 

syringe e 

ladle e 

ladle e 

Bubblee diameter 
range e 

ddbb 1 [mm] 

3 - 6 6 
3 -11 1 

3 -- 16 

3 - 4 9 9 

3 - 4 8 8 

11 - 3 
13 - 72 2 

3 - 4 7 7 

11 - 3 

3 - 7 9 9 

Number r 

of f 

experiments s 

60 0 
106 6 

140 0 
494 4 

331 1 
89 9 

147 7 

841 1 

225 5 

595 5 

3028 8 
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Inn every experiment one single air bubble was injected at the bottom of the column using a 
standardd medical syringe. Syringes of different capacities were used in order to cover a wide 
rangee of bubble diameters. The columns 0.1, 0.174 and 0.63 m in diameter were equipped 
withh a ladle, which was mounted above the injection system, to allow bigger and more 
accuratee gas volumes (see Fig. 2.5). To obtain the desired bubble volume the air was added 
intoo the spoon by injecting air repeatedly with the small syringe. The bubble was released by 
invertingg the ladle. The injection system made it possible to obtain bubbles with the 
equivalentt diameter in the range 3 to 80 mm. 

Ladlee used in the: 

0.633 m column 

00.0955 m 

0.0444 m 

00.0833 m 

0.100 m column 0.0444 m 

00.055 m 

0.1744 m column 
0.033 m 

Fig.. 2.5. Details about the ladles used for the injection of bubbles. 

Thee time elapsed for the single bubble to rise between predetermined markers was 
measuredd using a stopwatch. The distance between the two markers differed from column to 
column.. In order to see the bubble passing the upper marker, a Sony colour video monitor was 
used.. The Panasonic DSP colour CCD camera was facing the upper marker. The ambient light 
levell  was improved using a 1250 W halogen lamp. Corrections were applied for the real 
bubblee size, accounting for the bubble volume change due to the hydrostatic head differences 
duringg bubble rise. The size reported in the study is the average bubble diameter at the half-
wayy position between the vertical markers. 
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2.33 Results and discussion 

QualitativeQualitative interpretation of the motion of gas bubbles in liquids 

Thee motion of four bubbles, with different sizes, was analysed. The bubble rise trajectories 
aree shown in Fig. 2.6. 

Fig.. 2.6. Rise trajectories of gas bubbles in a two-dimensional column filled with water: 
retracedd experimentally recorded video images. 

Thee bubble diameters are: a 9.7 mm; b 12.3 mm; c 13.7; d 15.5 mm. 

Thee 9.7 mm diameter bubble can be referred to as an oval bubble, oscillating from side to 
sidee when rising in the column. Increasing the bubble size, the bubble tends to become flatter. 
Suchh a shape was observed in case of a 12.3 mm bubble. This bubble undulates laterally less 
andd changes its aspect ratio drastically moving up in the column. The next bubble recorded is 
13.77 mm in diameter. The base of the bubble is not yet flat and the rise trajectory not yet 
straight,, as in the case of a spherical cap bubble. The extremities are waving continuously up 
andd down. The 15.5 mm bubble behaves almost as a spherical cap bubble. Visualisation in the 
laboratoryy of these bubbles are confirming the recent simulation findings of Krishna and van 
Batenn (1999a) and (1999b). The first three bubbles observed in this work can be nicely 
comparedd with the 7, 9 and 12 mm respectively from their simulations. The middle bubble is 
theree behaving rather like a "jellyfish" and the last one is referred to as a "bird flapping its 
wings".. The shape of the 13.7 mm bubble from this work is for the first time observed in 
experiment.. The 15.5 mm bubble can be placed somewhere before the 20 mm bubble 
simulatedd by these authors. The sizes of the compared bubbles are slightly different, since the 
simulationss were carried out in a truly two-dimensional way. In the computations the depth of 
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thee column is "'infinite"'. In our experimental set-up the column depth is finite (5 mm deep). 
Nevertheless,, the qualitative comparison is remarkably good. 

BubbleBubble shape regimes in our work 

Al ll  bubbles experimented in this work fit  nicely in the Clift diagram (Fig. 2.1). For the two 
differentt systems, all air bubbles rising free of wall effects are grouped in Fig. 2.7. Additional 
experimentss were performed in the range of very small bubbles (//h = 1 - 3 mm) for the air-
waterr system in order to cover also the range of spherical bubbles. These measurements, were 
conductedd only in the 0.1 and 0.174 m diameter columns. 
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Fig.. 2.7. Bubble shape regimes in our work: air bubbles in water (log M = -10.58) and air 
bubbless in Tellus oil (log M = -1.78) 

WallWall effects on rise of single gas bubbles in liquids 

Inn total 2714 single bubble experiments were carried out. The rise velocity of a single 
bubblee not only depends on the bubble diameter, but is also influenced by the column 
diameter.. According to the criterion discussed in Clift et al. (1978) we may expect the bubble 
risee velocity to be independent of wall effects when the ratio of the bubble diameter to the 
columnn diameter is smaller than 0.125. Based on this, the measurements of the bubble rise 
velocitiess for all the range of bubble sizes experimented in the column with the largest 

experimentall data 
airr - water 
logg M= -10.58 

experimentall data 
airr - Tellus oil 
logg M= -1.78 
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diameter,, 0.63 m, can be expected to be free of wall effects. The measured rise velocities can 
bee nicely predicted (see Fig. 2.8) using Mendelson (1967) equation: 

V77 = 
2(77 , gd, 

Pi.dt Pi.dt 
(2.1) ) 

small l 

bubbles s 

largee bubbles 

Eö>40 0 

Thee measurements performed in smaller columns could not be satisfactorily predicted by 
thee same model. The rise velocities were found to be significantly lower than that predicted 
byy Eq. (2.1), suggesting the existence of a strong wall effect. 

0.7 7 
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—— Mendelson, 1967 
OO experimental data 

DTT = 0.63 m 
airr - water system 
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Fig.. 2.8. Rise velocity of bubbles in a 0.63 m diameter column; comparison of the 
experimentall  data with the predictions of the Mendelson (1967) equation. 

Inn order to quantify these wall effects we first consider the regime in which the bubbles 
havee a spherical cap shape. As mentioned before, in this regime the bubbles are also referred 
too as "large bubbles". The regime is characterised by values of Eö (Eötvös number) larger 
thann 40 (see Clift et al., 1978). For the air-water system, the criterion Eö > 40 collects bubbles 
largerr than 17 mm in diameter. To describe the rise velocity of a single spherical cap bubble 
inn a infinite medium, Davies and Taylor (1950) developed the following relation: 

K~=0.71, , (2.2) ) 

Thee difference between the velocity of a bubble rising in a infinite medium (for instance an 
imaginaryy lake) and the same bubble rising in a finite vessel (narrow column) is exactly the 
scalee effect. The significance of this influence is shown in Fig. 2.9, for the air-water data. For 
instance,, a 4 cm diameter bubble is rising with 0.25 m/s in a 0.05 m column and about 0.45 
m/ss in the 0.63 m column. 

28 8 



ClCl ia pi er 2 BubbleBubble rise in liquids 

co o 

o o 

0.5 5 

0.4 4 

0.3 3 

0.2 2 

—— Davies-Taylor-Collins model DDrr = 0.63 m 

DTT = 0.174m 

Drr = 0.1 m 

DTT = 0.051 m 
.JZ-SZ-V2 2 

JJ 1 I u 
0.017 7 0.0277 0.037 

db/[m] ] 

0.047 7 

Fig.. 2.9. Significance of scale on single large bubble rise velocity in air-water system. 

Collinss (1967) studied large bubbles in inviscid liquids corresponding to the "large bubble" 
category.. He has derived empirically this correction, called "scale factor" (SF) in this work, as 
aa function of the ratio of the bubble diameter db to the column diameter DT: 

v:=y; v:=y; 

SFSF = \ 

SF SF 

SFSF = \A3exp *-

forr ^ < 0.125 

forr 0.125 < - ^ < 0.6 
(2.3) ) 

for i i >0.6 6 

Whenn the diameter ratio d\JDj exceeds a value of about 0.6, the tube diameter becomes the 
controllingg length governing the velocity and the frontal shape of the bubble. Bubbles are 
calledd then slugs (or Taylor bubbles) and tend to look like bullets. Since the slug flow is of 
interestt especially for applications of boiling heat transfer and fluidised beds, the work 
performedd for this thesis does not include measurements in this range of bubbles. 

Thee Froude number, defined as Vb° /-Jg~d~b is plotted against 4/DT in Fig. 2.10 for all 
experimentall  measurement of bubbles with Eö larger than 40. As can be seen from Figures 
2.99 and 2.10 (a), the rise velocity data in cylindrical columns for all bubbles larger than 17 
mmm diameter agree well with the estimation of the Davies-Taylor-Collins relations. 

Thee strong influence of the column diameter on the bubble rise velocity reproduced by Eq. 
(2.3)) is also demonstrated by comparing the retraced video recordings of the rise of a 34 mm 
diameterr bubble in the 0.051 and 0.1 m column (Fig. 2.11). 
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Fig.. 2.10. Scale effects on rise of single gas bubbles in cylindrical columns. Comparison 
off  data for (a) air-water and (b) air-Tellus oil systems with the Davies-Taylor-Collins 

model. . 
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Fig.. 2.11. Comparison of the rise trajectories of a 34 mm gas bubble rising in two 
columnss filled with water: 0.051 and 0.1 m in diameter; retraced video images obtained 

experimentally. . 

Thee same bubble rises faster in a wider column. The reason for this is the restraining wall 
effect.. The bubble in the 0.1 m wide column is less influenced by the wall than the same 
bubblee placed in a 0.051 m wide column. In other words, the drag between the bubble and the 
liquidd is higher in the column of smaller width due to the higher downward liquid velocity in 
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thee vicinity of the bubble. It is also to be noted that the bubble appears to be flatter in the 0.1 
mm column. Volume-of-Fluid (VOF) simulations of the rise of a 33 mm spherical cap bubble 
risingg in two columns of 0.051 and 0.1 m, respectively, are presented by Krishna et al. 
(1999a).. Visualisation of the liquid streamlines for these two rising bubbles shows the same 
effect,, i.e. the drag acting downwards on the bubble is larger in a column of smaller diameter. 

Forr small bubbles (db=  3 - 17 mm) the deviation between the measured rise velocity and 
thee predictions given by Mendelson (1970) equation is also considered to be caused by the 
wallss effects. Using all small bubble experimental rise velocities, we found that: 

v:v: = v~ SF = p.. A 
«e* «e* 

2 2 
SF;SF; SF = 

, - i3 /2 2 

1--
o, , 

(2.4) ) 

iss a reasonable correlation of the data (see Figures 2.12 and 2.13). This scale factor is the one 
suggestedd by Clift et al. (1978). 

DTT = 0.01 m 
DTT = 0.02 m 
DjDj  = 0.03 m 
DTT = 0.051 m 
DDTT = 0.100 m 
DTT = 0 .174m 
DjDj  = 0.630 m 

0.55 - l 

dL/a a 

Fig.. 2.12. Experimentally measured small bubble (diameter range 3-17 mm) rise 
velocitiess corrected by the influence of the wall (modified Mendelson equation (2.4)). 

InfluenceInfluence of liquid properties on bubble rise velocity 

Thee rise velocity of small bubbles, depends strongly on liquid properties, such as surface 
tensionn and liquid density. This was already observed in the first part of this chapter [Eq. 
(2.1)].. It is notable that the rise velocity of large bubbles is insensitive to the properties of the 
liquid.. This fact was pointed out before, as seen from the Davies-Taylor relationship for 
predictingg the rise velocity of spherical cap bubbles. The only variable present in the Davies 
andd Taylor (1970) relation is the bubble size. In order to investigate the effect of liquid 
propertiess on the large bubble rise velocity, the present study includes a highly viscous liquid: 
air-Telluss oil in addition to the air - water system. 
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0.44 r 

0.33 -

0.22 -

0.11 -

0.001 1 

"" r^S. 

airr - water 
DTT = 0.01 m 

Eq.. (2.4) 

Eq.(2.1) ) 

1. . 

0.003 3 0.005 5 

ddbb/[m] /[m] 
0.007 7 0.009 9 

Fig.. 2.13. Small bubble rise velocity in the 0.01 m column. Comparison of experimental 
dataa with Eqs. (2.1) and (2.4), the last one accounting for walls influence. 

Inn the air-Tellus oil system the criterion Eö > 40 is met for bubbles larger than 13 mm in 
diameter.. In this case the Davies-Taylor-Collins relations also describe the data accurately; 
seee Fig. 2.10 (b). It comes out that large bubbles rise with the same velocity, independent of 
liquidd properties. Measurements in the 0.1 m column are presented in Fig. 2.14 and prove this 
point. . 

0.4 4 

£ £ 
o o 0.3 3 

xx air - water 
++ air - Tellus oi 

0.2 2 
0.02 2 0.03 3 0.04 4 

tftf bb/[m] /[m] 
0.05 5 

Fig.. 2.14. Liquid properties effect on single large bubble velocity. Experiments with air-
waterr and air- viscous Tellus oil in a 0.1 m column are compared. 

Krishnaa and van Baten (1999b) also found rise of spherical cap bubbles as being in 
mviscidd flow, in other words the rise characteristics of the bubble not being influenced by the 
liquidd phase viscosity. 

32 2 



ChapterChapter 2 BubbleBubble rise in liquids 

2.44 Conclusions 

Thee main results presented in this chapter are: 
•• Qualitative interpretation of the rise motion of intermediate-size bubbles in a 2D column 

confirmm the recent findings of Krishna and van Baten (1999a/1999b). A new shape of 
bubblee is for the first time observed in experiments. 

•• The results of the experiments performed on bubble rise velocity over a large range of 
bubblee sizes, i.e. d  ̂ = 3 - 80 mm, in columns of varying diameters, underline the 
significantt influence of column diameter on the rise velocity. 

•• For the rise velocity of spherical cap bubbles (meeting with the criterion Eö > 40), the 
Davies-Taylor-Collinss relations [Eqs. (2.2) and (2.3)] were found to be of excellent 
accuracy.. The relations were confirmed by experimental data in both air - water and air -
Telluss oil systems. 

•• The wall effect on large bubble rise velocity is a unique function of the ratio of the bubble 
diameterr to the column diameter, dJDj. For values dJDi > 0.6, the bubble rise velocity is 
independentt of bubble size and is only a function of column diameter [Eq. (2.3)]. The 
maximumm effect of the wall is to reduce the rise velocity by a factor of 0.496. 

•• For small bubbles, db = 3 - 17 mm, the Mendelson (1967) relation corrected for the 
columnn influence is recommended [Eqs. (2.1) and (2.4)]. The scale factor for this range of 
bubbless is presented in Fig. 2.12. For a ratio of d\JDj = 0.6, the cylindrical boundary 
effectt is to reduce the velocity of the bubbles by a factor of 2. 

•• The rise velocity of large bubbles is insensitive to liquid properties for inviscid liquids. 
Comparisonn between air-water results and measurements performed with an extremely 
differentt system (air-Tellus oil: viscosity 7]L =0.075 Pa s; density pL =862kg/m3; surface 
tensionn a = 0.028 N/m) confirm this idea. 
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ChapterChapter  3 

Bubble-bubbleBubble-bubble  interaction.  Bubble  swarm  velocity 

Abstract t 

Thiss chapter develops the link between the single large bubble rise velocity and the rise 
velocityy of large bubble swarms operating in the churn-turbulent flow regime. The latter 
velocityy is estimated by introducing a correction factor into the Davies-Taylor-Collins 
relation.. This correction is the acceleration factor (AF), which accounts for the increase in the 
risee velocity of a bubble because of its interaction with the wake of the bubble preceding it. 

Individuall  coalescence and break up events are essentially impossible to observe in a 
swarm.. This motivated us to divide the experimental study in two parts: first an extended 
studyy for the two-bubble system was performed and secondly the real swarm was 
investigated. . 

Analysiss of video recordings of the interactions between two bubbles, both in-line and off-
line,, proved that AF increases linearly as the vertical distance of separation between the 
bubbless decreases. The wake acceleration effect in the churn-turbulent regime of operation 
decreasess as the viscosity of the liquid phase increases. The variation of the AF with liquid 
propertiess is considered to be caused by the drastic change of the characteristics of the bubble 
wake,, such as its volume and the liability of vortex shedding from the bubble. Bubbles rising 
inn viscous media have closed laminar or transitional wakes. The rise trajectory of the trailing 
bubblee hardly deviates from a straight line. Turbulent open wakes are present when two 
bubbless coalesce in low viscous liquids. This kind of wakes induces dynamic meandering 
trajectoriess for the following bubble. However, the effect of such a wake changes drastically 
inn case of swarms of bubbles. The restraining "wake-side" caused by the neighbouring 
bubbless minimises the wakes dissipation, leading to more intensive wakes. Correlations for 
thiss acceleration factor for low and high viscous systems were developed using an extensive 
sett of experimental data on the large bubble swarm velocity in columns of 0.051, 0.1, 0.174, 
0.19,, 0.38 and 0.63 m in diameter. The large bubble swarm velocity is found to be much 
higherr than that of a single, isolated bubble (up to six times higher!). 

35 5 



ChapterChapter 3 Bubble-bubbleBubble-bubble interaction. Bubble swarm velocity 

3.11 Introductio n 

Inn the previous chapter we have studied the single bubble rise behaviour as a function of 
scalee and liquid properties. The real industrial picture reminds us that in the churn-turbulent 
regimee one bubble will never be completely alone or isolated in the column. Bubble 
coalescencee and break up play an important role in determining the performances of gas-
liquidd contactors. They control the interfacial area and the mass transfer rate in bubble column 
andd gas-sparged chemical and biochemical reactors. 

Largee gas bubbles get accelerated when they are sucked into the wake of the bubbles 
precedingg them. After understanding the scale dependence on single bubbles, presented in 
Chapterr 2, one should proceed further and model the bubble-bubble interaction. 
Consequently,, a reliable and detailed knowledge on two-bubbles system will be useful for 
buildingg up an understanding of bubble swarms. 

Thee bubble wake is the driver for interaction. Wake-induced collisions occur between pairs 
off  large spherical cap bubbles. Quite the contrary happens between small spherical or 
ellipsoidall  bubbles. They tend to repel each other except under very specific conditions 
(Stewart,, 1995). This fact was also in accordance with our visual observations and it was 
mentionedd in the previous chapter. Therefore this chapter focuses on interactions between 
large,, spherical cap bubbles. 

BubbleBubble wake structure 

Duringg the free rise of gas bubbles through a liquid an amount of liquid is inevitably 
carriedd up behind the bubbles, and this is known as the wake. The wake structure and the 
velocityy of the wake have a direct effect on the behaviour of neighboring bubbles. The wake 
geometryy has long been disputed and historically grouped in three categories: (a) closed 
laminarr wake; (b) closed transitional wake and (c) open turbulent wake. The behaviour of 
wakess depends on Reynolds number (Reb), which is determined mainly by the liquid viscosity 
inn the present experiment. The velocity of the bubble is the one in isolation (Vb°). A short 
descriptionn of each wake category is given further: 

(a)) closed laminar/toroida l wake 
Thiss type of wakes has been observed behind large spherical-cap bubbles rising in viscous 
liquids.. The limits for this category are 10 < Reb < 90 (Komasawa et at, 1980). Bhaga and 
Weberr (1980) found the closed steady wakes for Reb not exceeding 110. The wake is 
hydrodynamicallyy stable and consists of a well defined toroidal vortex and a streaming 
cylindricall  tail extending along the rise path. There are no exchanges between the liquid in the 
vortexx and the external flow (Coppus et al, 1977; Bhaga and Weber, 1980). The toroidal 
vortexx consists of a pair of symmetrical oblate vortices. Between the vortex and the long 
cylindricall  tail, there is a point where the liquid is apparently stagnant. 
(b)) transitional wake 
Increasingg the Reynolds number up to approximately 500, the wake becomes less stable. This 
iss caused by the internal vortices which become less symmetrical and therefore a rocking 
motionn appears in the cylindrical tail. For Reb < 250, the wake is still closed. On the whole, 
thee wake still consists of a toroidal vortex and a cylindrical tail. At Reh around 300-500 
(Narayanann et al., 1974; Komasawa et al., 1980) transition to open wake occurs. The wake 
becomess less stable, a certain rolling motion appears on the toroidal vortex as well as on the 
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cylindricall  tail. The wake begin to elongate irregularly and shedding of the vortex boundary is 
oftenn seen. 
(c)) turbulent wake 
Thiss type of wake have been observed behind large spherical cap bubbles rising in low 
viscouss liquids (Re  ̂> 500). Wake shedding phenomena are now magnified and small scale 
irregularr vortices are formed under the bubble. The streamlines of the wakes move side to 
side.. The near wake region is followed by a vortex street and extends far behind the bubble. 
Thee circulating flow pattern behind the bubble is rather irregular. 

Inn addition to the literature in this field cited until now, more information about the wake 
characteristicss and the interaction between spherical cap bubbles can also be found in: 
Crabtreee and Bridgwater (1971), Otake et al. (1977); Clift et al. (1978), Walter and Blanch 
(1986),, Fan (1989), Prince and Blanch (1990b), Chabot et al. (1992), Stewart (1995). 

3.22 Experimental 

Inn order to study the interaction between bubbles in swarms, two types of experiments 
weree carried out: (a) experiments to study the in-line and off-line interactions of isolated 
bubblee pairs and (b) large bubble swarm velocity of bubbles in columns operated in the churn-
turbulentt regime. 

In-lineIn-line  and off-line interactions between bubble pairs 

Thee in-line interaction of two bubbles was studied by injecting pairs of bubbles with pre-
determinedd volumes in quick succession in the 0.051 and 0.1 m diameter columns. The 
columnss have the same characteristics as described in Chapter 2. The systems studied for the 
in-linee interactions are: air - water and air - viscous Tellus oil. For the air - water system in the 
0.0511 m column the "syringe injection system" was used, while in the 0.1 m column a quick 
rotaryy valve made it possible to introduce two equal bubbles, without break up. The syringe 
injectionn system was again present for the experiments performed with the air - Tellus oil 
systemm in the 0.1 m column. Experimental set-up details and operating conditions about the 
in-linee interaction experiments performed can be found in Table 3.1. 

Thee off-line interactions were studied in the larger column, i.e. 0.63 m diameter column 
(Fig.. 3.1). The column was equipped with two identical ladles (see Fig. 2.5) mounted in a 
horizontall  plane, at 120°. In this case each of the two ladles were filled with pre-determined 
gass volumes. The ladles were reversed to release these bubbles at either the same moment or 
withh a pre-set time delay. Table 3.2 presents the experimental set-up details and operating 
conditionss for all off-line interaction experiments. 

Thee rise trajectories of the two bubbles in both kinds of experiments were monitored and 
recordedd on video at 25 frames/s. Subsequently, accurate determination of the bubble rise 
trajectoriess was obtained using frame-by-frame analysis. The same analysis procedure was 
used,, as described in Chapter 2 for the single bubble rise behaviour. In this way in-line and 
off-linee interactions, of various combinations of sizes, could be studied. Additional to the 0.51 
mm diameter column presented before in Fig. 2.4, the rest of the columns used are shown in 
Fig.. 3.1. 
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Tablee 3.1 

In-linee interaction 

Column n 
diameter r 
£>T/[m] ] 
0.051 1 
0.051 1 
0.051 1 
0.051 1 
0.051 1 
0.051 1 
0.051 1 
0.051 1 
0.051 1 
0.051 1 
0.100 0 
0.100 0 
0.100 0 
0.100 0 
0.100 0 

experiments:: operation 

Systemm studied 

airr - water 
airr - water 
airr - water 
airr - water 
airr - water 
airr - water 
airr - water 
airr - water 
airr - water 
airr - water 
airr - water 

airr - Tellus oil 
airr - Tellus oil 
airr - Tellus oil 
airr - Tellus oil 

conditionss and expen 

Injectionn system 

syringe e 
syringe e 
syringe e 
syringe e 
syringe e 
syringe e 
syringe e 
syringe e 
syringe e 
syringe e 

rotaryy valve 
syringe e 
syringe e 
syringe e 
syringe e 

mentall  set-up details 

Leading g 
bubblee size 

44 leading / [m] 

0.034 4 
0.034 4 
0.034 4 
0.034 4 
0.031 1 
0.031 1 
0.031 1 
0.027 7 
0.027 7 
0.022 2 
0.031 1 
0.034 4 
0.031 1 
0.027 7 
0.022 2 

Trailing g 
bubblee size 

dbdb trailine/ [ m ] 

0.034 4 
0.031 1 
0.027 7 
0.022 2 
0.031 1 
0.027 7 
0.022 2 
0.027 7 
0.022 2 
0.022 2 
0.031 1 
0.034 4 
0.031 1 
0.027 7 
0.022 2 

0.11 m 0.633 m 

r^ -- r*--

H=3>—•&—E?9 9 
syringe e 

J)) rotary 
valve e 

H = > — • & & 

syringe e 

Fig.. 3.1. Experimental set-ups used for studies on in-line and off-line bubble interactions. 
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Tablee 3.2 

Off-linee interaction experiments: operation conditions and experimental set-up details 

Column n 
diameter r 
Dr/[m] Dr/[m] 

System m 
studied d 

Bubblee sizes 

ddbb/[m] /[m] 

Horizontall  separation 
distance e 

/[m] ] 

Initiall  vertical 
separationn distance 

/[m] ] 
0.63 3 
0.63 3 
0.63 3 

airr - water 
airr - water 
airr - water 

0.0477 - 0.047 
0.0477 - 0.O47 
0.055 - 0.04 

0.12 2 
0.10 0 
0.10 0 

0.00 0 
0.07 7 
0.00 0 

Thoughh there is distortion of the bubble shapes due to the cylindrical columns used, the 
quantitativee analysis of the bubble rise velocities is not affected because only the information 
withh respect to the position of the bubble nose are used. 

LargeLarge bubble swarm velocities in the churn-turbulent regime 

Distinctionn between the two bubble classes hydrodynamics was effectuated using dynamic 
gass disengagement (DGD) experiments. The experimental procedure and the data analysis 
techniquee is described in detail in section 4.3 of the thesis, since the same experiments were 
alsoo used for the gas hold up data. In addition to the large bubble swarm velocity data 
obtainedd with the air - Tellus oil system in particular for this study (see Table 3.3 for detailed 
experimentall  conditions), the present analysis includes also data selected from earlier work 
carriedd out in the group (Krishna and Ellenberger, 1996, De Swart, 1996). From the complete 
dataa bank we selected a data set measured with relatively low-viscous liquids. Physical 
propertiess of the studied systems are given in Table 3.4. 

Tablee 3.3 

Largee bubble swarm velocity experiments performed with Tellus oil 

Columnn diameter 
Dj/[m] Dj/[m] 

Totall  height 
H/[m] H/[m] 

Systemm studied 

0.1 1 
0.19 9 
0.38 8 

Superficiall  gas 
velocityy UQl [m/s] 

airr - Tellus oil 
airr - Tellus oil 
airr - Tellus oil 

Number r 
off  experiments 

0.0002 2 
0.0006 6 
0.0007 7 

0.2 2 
0.5 5 
0.5 5 

67 7 
76 6 
57 7 

Totall  number of experiments: 

Tablee 3.4 

Physicall  properties of the phases (at atmospheric conditions) 

200 0 

Phase e 

Water r 

Tetradecane e 
Paraffinn oil -

Paraffinn oil -

Telluss oil 32 

Air r 

A A 

B B 

Shell l 

Density y 

PL/[kg/m3] ] 

998 8 

763 3 

795 5 

795 5 

862 2 

1.29 9 

Physicall  property 

Dynamicc viscosity 

HL/[Pas] ] 

0.001 1 

0.0022 2 

0.0023 3 

0.0029 9 

0.075 5 

0.000017 7 

Surfacee tension 

(7// [N/m] 

0.07275 5 

0.027 7 

0.028 8 
0.028 8 

0.028 8 
--
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3.33 Results and discussion 

Thee present chapter proposes a quantified interpretation of the interactions between large 
bubbles,, which is used further to develop a model for the large bubble swarm velocities in 
loww and high viscous media. In an earlier work on video image analysis of large bubble 
swarmss (De Swart et al., 1996), the authors have visualised a wide distribution of bubble 
sizes,, ranging from 0.02 to 0.08 m in diameter. The behaviour of large bubbles in a swarm 
wass shown to be governed by frequent coalescence and break up. They interpreted the results 
ass a function of a "refreshment rate" used for birth or death rate of bubble classes (6 different 
bubblee classes were considered). This refreshment rate ranged from 2 to 20 s"1, increasing 
withh the size of the bubble class. This is to be expected since larger sized bubbles are 
refreshedd more often, due to the coalescence and break up than smaller sized bubbles. Before 
ann understanding of bubble swarms can be developed, the interactions between bubble pairs 
shouldd be studied. 

Off-lineOff-line interactions between bubble pairs 

Alll  experiments were carried out in the big column, of 0.63 m in diameter. The first set of 
retracedd pictures is shown in Fig. 3.2. The two bubbles are 47 mm in diameter, and they are 
releasedd simultaneously. A distance of 0.12 m separates the bubbles horizontally. Their 
startingg vertical positions are in the same horizontal plane. 

/•T^-N N 

OO 2.4 s 

2.00 s 

£ ^^  1.6 s 

1.22 s 

0.88 s 

<4^^  0.4 s 

tt  = 0.0 s 

Fig.. 3.2. Rise trajectories of two 47 mm diameter bubbles in water, separated by a 
horizontall distance of 0.12 m. Both bubbles are released simultaneously. Column 

diameterr is 0.63 m. 
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Thee bubbles are not influenced by each other; they rise with the same velocity 
correspondingg to the one they would have when injected individually in the column. 
However,, when the starting vertical position between these two bubbles is slightly different, 
thee trailing bubble quickly gets sucked in the wake of the leading bubble getting accelerated. 
Thiss experiment is presented in Fig. 3.3. The vertical separation distance is of 0.07 m. 

tt  = 0.0 s 0.22 s 0.44 s 0.66 s 

e e 

0.88 s 

£^> > 

1.00 s 

Fig.. 3.3. Rise trajectories of two 47 mm diameter bubbles in water, separated by a 
horizontall  distance of 0.1 m. Initial vertical separation between the two bubbles is 0.07 m. 

Columnn diameter is 0.63 m. 

Thee last experiment presents the interaction between two simultaneously released bubbles 
butbut different in size. The bubbles are 0.04 and 0.05 m in diameter, respectively. As expected, 
thee larger bubble rises faster and in this way a vertical separation is obtained. The small 
bubblee is accelerated in the wake until coalescence occurs (see Fig. 3.4). 

1 1 
a d d 

ff = 0.0 s 

C5 C5 

0.44 s 

o o 

0.88 s 

£=. . 

1.22 s 

> > 

1.66 s 

--

1.766 s 

e> > 

2.00 s 

crs s 

2.22 s 

Fig.. 3.4. Rise trajectories of two bubbles in water, 40 and 50 mm in diameter, separated 
byy 0.1 m horizontally. Both bubbles are released simultaneously. 

Columnn diameter is 0.63 m. 

Beforee coalescence takes place, the trailing bubble aligns itself vertically in the wake of the 
leadingg bubble. From this point on, the collision can be examined as an in-line interaction. In 
orderr to get more information about the bubble-bubble interaction, we studied vertical in-line 
interactionn of different sized bubbles in different liquids and columns of various diameters. 
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In-lineIn-line interactions between bubble pairs 

Low-- and high-viscous systems were investigated. Relatively low Reynolds numbers were 
achievedd by using the high viscous Tellus oil (Reb = 75 - 130). Water measurements assured 
highh Reynolds numbers (Reb > 5000) for characterisation of the bubble coalescence in the 
rangee of low - viscous liquids. Typical rise trajectories are shown in Fig. 3.5. The two bubbles 
aree 34 and 31 mm in diameter, and they rise in a water column of 0.051 m diameter. 

0.7 7 

0.6 6 

0.5 5 

- 0 . 4 4 

-- 0.3 
N N 

0.2 2 

0.11 I-

00 -

0.2 2 0.4 4 0.66 0.8 

f / [8] ] 

1.0 0 1.2 2 1.4 4 

Fig.. 3.5. Retraced video images of in-line interaction between two air bubbles (34 and 31 
mmm in diameter) rising in a 0.051 m column filled with water. 

Ass a first observation, it can be easily seen that both the shape and the rise velocity of the 
leadingg bubble are essentially unaffected by the second bubble during the coalescence 
process.. The trailing bubble accelerates as it approaches the first one. In other words, the 
accelerationn of the second bubble is based on a decreasing drag force with smaller distance. 
Risee trajectories of air bubbles in Tellus oil show a similar behaviour; see Fig. 3.6. 

Coalescencee of two bubbles is likely to occur in three steps. The first step is the approach 
off  the trailing bubble, from a distance of several diameters behind the leading one, until it 
reachess the toroidal vortex region (if present) or more general - the wake of the leading 
bubble.. Some authors use the term "critical distance" to describe the minimum separation 
distancee necessary for two bubbles to coalescence. Quantification of this coalescence criterion 
cann be found in literature (Narayanan et al., 1974; Otake et al. 1977; Bhaga and Weber, 1980). 
Inn the second step the trailing bubble, once having entered the wake completely, starts rising 
withh an additional unsteady velocity. This additional velocity component, which increases as 
thee bubble gets closer to the upper one, originates from the fluid velocity, which has an 
upwardd orientation in the bubble wake region. In the same time, the trailing bubble begins to 
elongatee in the vertical direction (see Figures 3.5 and 3.6). The liquid then drains until the 
liquidd film separating the bubbles reaches a critical distance. This thin liquid layer has a 
thicknesss of some micrometers. In the last step the rupture of the liquid film occurs resulting 
inn coalescence. 
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ddbb== 0.034 m 

00 0.16 0.32 0.48 0.64 0.8 0.96 
f/[s] ] 

Fig.. 3.6. Retraced video images of in-line interaction between two 34 mm air bubbles 
risingg in a 0.1 m column filled with viscous Tellus oil. 

InfluenceInfluence of the wake structure on the trailing bubble rise velocity 

Thee structure of the wake plays a very important role in the way the two bubbles are 
coalescing.. In the beginning of this chapter the three categories of bubble wakes were 
conciselyy characterised. By variation of the liquid properties, all three categories of wakes 
weree successfully covered in our experiments. 

Thee 21 mm spherical cap bubble rising in the viscous Tellus oil has a closed laminar wake 
(Reb(Reb = 75). The acceleration of the trailing bubbles occurs "silently" in the way that the rise 
trajectoryy does not deviate from a straight line. This is caused by the hydrodynamic stability 
off  such a wake. The second bubble enters the long cylindrical tail formed behind the leading 
bubblee and then the egg-shaped toroidal vortex; the upward oriented liquid streamlines guide 
thee bubble to catch and collide with the first one. Since the wake is well defined and closed, 
bothh bubbles rise vertically along the same axis. The coalescence sequence between the two 
211 mm bubbles rising in the 0.1 m column filled with Tellus oil is sketched in Fig. 3.7 (a). 
Thee next three pairs of bubbles experimented using the viscous oil are all showing a 
transitionaltransitional wake. The Reynolds numbers are Reb = 100, 118 and 132, respectively. The less 
symmetricall  vortices make the wake less stable and affects the trajectory of the trailing 
bubble.. The following bubble does not rise in a straight path anymore, but in a oscillatory 
rockingg movement. The deviation from a straight line trajectory is not very accentuated. 
However,, the wake is considered to be still closed and structured in the same two parts: the 
toroidall  vortex and the cylindrical tail. This type of wake is roughly drawn in Fig. 3.7 (b). 

Al ll  experimented pairs of air bubbles in water exceed Reynolds numbers of 5000. In all the 
cases,, the wakes of the bubbles are definitively turbulent. The wake turbulence accentuates 
thee uneven rocking movement of the trailing bubble, since the vortices are quite magnified 
andd intermittent. This movement gives the impression that the trailing bubble is "dancing" 
continuouslyy until coalescence occurs. The trailing bubble also deforms extensively as it runs 
intoo these irregular eddies. Sometimes spontaneous break up of the following bubble can also 
takee place. The street of vortices extends far behind the bubble. In other words, the wake for 
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low-viscouss systems is larger than for high-viscous systems. However, since in case of low 
viscouss systems the wake of the bubble is open, it is likely to be influenced by the column 
walls.. Figure 3.8 (a) shows the wake influence of a 31 mm bubble exercised on another 31 
mmm bubble in a 0.1 m column. 

ddbb = 0.021 m 
ReRebb = 75 

(b) ) 
DTT = 0.1 m 

ddbb = 0.031 m 
fleflebb = 118 

DTT = 0.1 m 

Fig.. 3.7. Bubble wake structure and its influence on bubble coalescence for high viscous 
systems,, (a) two 21 mm bubbles in a 0.1 m column - closed laminar wake; (b) two 31 mm 

bubbless in a 0.1 m column - transitional wake. 

Thee coalescence sequence of those two bubbles was also retraced from video images and it 
iss shown in Fig. 3.9. Roughly speaking, a 31 mm leading bubble is occupying a third of this 
columnn (of the transversal area). In this case the wake is not restrained by the column walls. 
Thee trailing bubble meander up the column with large lateral movements. When the same two 
311 mm bubbles are rising in a more narrow column (DT = 0.051 m) a completely different 
picturee of the bubble wake arises. The vortices are less spread in the radial direction, 
controlledd by the column walls; see Fig. 3.8 (b). The motion of the bubble is less meandering 
thann in the previous case. The last drawing in Fig. 3.8, is the case of two 21 mm bubbles in 
thee narrow 0.051 m diameter column. The picture is similar with the first one again, since the 
bubbless are not fillin g completely the column transversal surface. 
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(a) ) 

ddbb = 0.031 m 
tfetfehh « 7600 

OT-OT-
(b) ) 

DTT = 0.1 m 

ddbb = 0.031 m 
fleflebb = 10000 

DTT = 0.051 m 

(C) ) 

ddbb = 0.021 m 
fiefiehh = 5100 

ÖJQtU U 

DTT = 0.051 m 

Fig.. 3.8. Bubble wake structure and its influence on bubble coalescence for low viscous systems, (a) 
twoo 31 mm bubbles in a 0.1 m column - turbulent wake; (b) two 31 mm bubbles in a 0.051 m column -
turbulentt wake controlled by the walls; (c) two 21 mm bubbles in a 0.051 m column - turbulent wake. 

Fig.. 3.9. Retraced video images of in-line interaction between two air bubbles (31 mm in 
diameter)) rising in a 0.1 m column filled with water. 

45 5 



ChapterChapter 3 Bubble-bubbleBubble-bubble interaction. Bubble swarm velocity 

Typicall  rise trajectories for coalescence sequences are indicated in Fig. 3.10 for air - water 
systemm as well as for air - Tellus oil system. The nose coordinates for both leading and trailing 
bubbless presented in this diagram are derived from retraced video images. 

0.5 5 

0.4 4 

0.3 3 

•• air - water 
DTT = 0.051 m 
ddbb = 0.034 m 

Fig.. 3.10. Typical rise trajectories of leading and trailing bubbles, retraced from video 
images,, for air - water and air- Tellus oil systems. 

Thee slope of the rise trajectory at any instance of time yields the rise velocity. We define 
ann acceleration factor for the trailing bubble, AF, as the ratio between the actual velocity of 
thee trailing bubble and the velocity of the same bubble as it would have been uninfluenced by 
otherr bubbles. This latter velocity was presented in Chapter 2 by Eqs. (2.2) and (2.3). In Fig. 
3.11,, the experimentally obtained acceleration factor is plotted against the distance of 
separationn between the bubbles, Az. The comparison is made between three pairs of equally 
sizedd bubbles, rising separately in the two different liquids. 

Thee acceleration factor AF is seen to increase as Az decreases in a more or less linear 
fashion.. For a given separation distance between the two bubbles, the value of the 
accelerationn factor decreases with increasing the liquid viscosity. For example, if we compare 
thee experiments with the 34 mm bubble-pairs, the value of AF is 3.6 for water and 2.9 for 
Telluss oil. We compare now results from two different columns performed with the same 
system.. Figure 3.12 shows the comparison between two 31 mm bubble-pairs injected in two 
differentt columns: 0.051 and 0.1 m in diameter, both filled with demineralised water. 
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4 r r 

•• • • air - water (r/L = 0.001 Pa s) 
OO • o air - Tellus oil (r/L = 0.075 Pa s) 

AF AF 

11 -

AF AF 

0344 m 
0344 m 

TT 4 

-- 3 

AF AF 

-- 2 

== 0.027 m 
== 0.027 m 

0.05 5 0.1 1 

Az/[m] Az/[m] 

0.15 5 0.2 2 

Fig.. 3.11. The acceleration factor for the trailing bubble as a function of its distance of 
separationn from the preceding bubble. The measurements performed with Tellus oil (open 
symbols)) were made in a 0.1 m diameter column and those performed with water (closed 

symbols)) in a 0.051 m column. 

Thiss effect arises from the differences in the wake structure for the two cases. Concerning 
thee two situations compared here, one should keep in mind the wake structures schematically 
drawnn in Fig. 3.8 (a) and (b). As we have seen in the case of low-viscous liquids, the wake 
cann be influenced by the column walls and therefore the ascension of the second bubble is 
affected.. In the case illustrated in Fig. 3.8 (a), the irregular boundary layer of the wake 
extendss more in the radial direction than in the case (b). This results in a larger extent in the 
laterall  motion. The movement of the trailing bubble gets too sinuous, in this way the upward 
orientedd motion decreases and the acceleration effect is reduced. 
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^.leadingg = 0 3 1 m 

bb iraiü == 0.031 m 

0.1 1 0.15 5 
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Fig.. 3.12. The acceleration factors obtained from experiments performed with 31mm 
bubblee pairs, in two columns (0.051 and 0.1 m in diameter). 
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Fig.. 3.13. The restraining wake effect for low-viscous liquids shown in comparison with 
thee non-affected closed wakes in case of high viscous systems. 

However,, the situation in a real swarm of bubbles is quite different. No industrial operation 
willl be similar with the one outlined in Figures 3.8 (a) or (c). The reason for this is the 
restrainingg "wake-side" effect. Neighbouring bubbles are also affecting each others wake. The 
situationn will be such that the bubbles and therefore the wakes of the bubbles are so close to 
eachh other that they will not allow such spread (dispersed) wakes. The wakes will limit each 
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other.. This implies the existence of more intensive wakes, if we look at the individual bubble 
interactionn process, but then in the complex system. Figure 3.13 shows the comparison 
betweenn customary wakes (similar ratios db/Dj are compared) and column-suppressed wakes. 
Thee resulted acceleration factor for those three cases are also compared with in-line bubble 
interactionn of equal sized bubbles in the high-viscous system. 

Inn the system air-Tellus oil, the size of the bubble has no effect on the acceleration induced 
too the trailing bubble. The acceleration factor has a maximum value of about 3. The 
restrainingg wake effects on the rise of the trailing bubble in the air-water system is clearly 
seen.. The same 31 mm bubble gets more accelerated by a 31 mm leading bubble in a smaller 
columnn {AF = 3.5 compared with AF = 2,5). The same increased acceleration effect can be 
comparedd with the pair of 21 mm bubbles travelling in the 0.051 column, since the wake of 
thee leading bubble is also not influenced by the walls of the column. We can conclude by now 
thatt the movement of the "captured" bubble in the wake of the leading one is governed 
completelyy by the characteristics of the wake, thus depends drastically on liquid properties. 
Thee open wake, typical for low viscous systems, restrained by other wakes, present in the 
churnn turbulent regime results in a larger acceleration effect than for high viscous systems. 
Thee same result is also found in our large bubble swarm experiments, presented further in this 
chapter. . 

ModelModel for the rise velocity of large bubble swarms 

Whenn bubble-bubble interaction mechanisms are understood, we can proceed to describe 
thee rise velocity of bubble swarms. Large bubbles coalescence and break up very frequently 
duringg their rise in the swarm through the column. This repeated coalescence and break up 
mechanismm significantly enhances mass transfer rates in the churn turbulent regime. The large 
bubbless tend to concentrate in the centre of the column (see Fig. 2.2). For steady state 
operation,, every large bubble is in fact a trailing bubble. The rise velocity of the bubble 
swarmm is expected to be much larger than that of a single, isolated bubble, Vb°. We can assert 
thatt the rise velocity of a swarm of bubbles is given by the rise velocity of the single bubble, 
multipliedd by the acceleration factor, corresponding to the system considered and the 
operatingg conditions. 

VVbb=V=Vbb°AF°AF = V~SFAF (3.1) 

Fromm the preceding section of this chapter we observed that the acceleration of the trailing 
bubblee increases in a more or less linear fashion with decreasing the distance of separation 
betweenn the bubbles. This separation distance is reduced when increasing the superficial gas 
velocityy through the dilute phase, (UG - ! /„„ ,) . Therefore, the following expression for the 
accelerationn factor was found to yield the best results: 

A F - a.. + A f c / c - c O (3.2) 

Dataa from earlier work performed in our laboratory were used to obtain the quantified 
correlationss for the average large bubble diameter and the acceleration factor for low viscous 
media.. Bubble break up controls the maximum stable bubble size. In multi-bubble system, a 
meann bubble size is usually used to describe the system. For this average bubble size, a power 
laww dependence was assumed: 

ddbb=a=a22{U{U cc-U-Utianstianstt (3.3) 
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Eq.. (3.4) 

Dataa from De Swart (1996) in 
aa 0.3 m width 2D column 
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DD h = 0.65 m; air - paraffin oil 
OO h= 1.15 m; air- paraffin oil 
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Fig.. 3.14. Average bubble size of large bubble swarms correlated with Eq. (3.4); comparison with 
experimentall  data for air-water and air-parrafin oil from De Swart (1996), obtained in a 2D column of 

0.33 m width at different heights h above the distributor. 
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Fig.. 3.15. The acceleration factor for large bubble swarm velocity in high viscosity 
liquidss (Tellus oil). 

Thee four fit parameters in the models described by Eqs (3.2) and (3.3) were determined 
usingg standard multiple regression solver routine in which the mean square deviation between 
thee experiments and the model predictions was minimised. In this way we obtained for low 
viscouss systems: a, =2.73, £ ,=4 .505, a2 =0.069 and /J2 =0.376; The viscosity of all 
thesee systems was relatively low, less than 0.0029 Pa s. In order to ensure that only the large 
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bubblebubble class is present in obtaining the fits, the data were selected with values (i/G -Uaani) 

largerr than 0.05 m/s. 

sphericall cap, large bubble 
EÓ>> 40 
„__ 9(Pi-PG)dD

2 

Eo= Eo= 
o o 

C^> C^> 

risee velocity of a single spherical cap 
bubblee in an infinite medium 
VB-- = 0.71(<K)"2 
Daviess -Taylor, 1950 

V V 

t t 

risee velocity of a single 
sphericall cap bubble 
inn a cylindrical column 
V b b - (SF) ) 
Davies-Taylor-Collins s 

scalee correction factor (SF) 
SFSF ~ (d b / DT) 
Collins,, 1967 

> > 
accelerationn factor (AF) 

churnn turbulent flow regime 
( ^G-^ . rans )>> 0-05 m/S 

risee velocity of a 
swarmm of large bubbles 
VVbb=V=Vbb

ddbb = 0.069 (UG-UI!3J0376 
thiss work, CES, 1999 

A A 
averagee bubble size 

acceleratedd rise velocity 
off a trailing bubble 
AF=a,AF=a,++p,(Up,(UGG-U-Ulianslians) ) 
low-viscosityy high-viscosity 
a,, = 2.73 a, = 2.25 
ftft = 4.505 A = 4.09 

Fig.. 3.16. The developed link between the single bubble rise velocity and the rise velocity 
off  a swarm of large bubbles. 

Usingg the measurements with the system air-Tellus oil, the corresponding fits for the 
bubblee size and the acceleration factor are: a, = 2.31, /J, = 3.82 , a2 = 0.076 and p2 = 0.438. 
Thee fitted parameters for the bubble size relation for both systems are remarkably close. This 
wass the reason to refit the experimental data choosing a common bubble size relationship for 
bothh low- and high-viscous liquids: 

^=0.069(f/ G-t/ wns ) (3.4) ) 
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Remarkablee agreement is found between the fitted bubble size correlation and the 
measuredd data performed earlier in the group for the systems air-water and air-paraffin oil. 
Thee experiments were carried out in a 2D rectangular column of 0.3 m width (De Swart, 
1996;; De Swart et al., 1996), as shown in Fig. 3.14. 

Forr low-viscous liquids the following expression is recommended for the acceleration 
factor: : 

AFAF = 2.73 + 4.505 (Uc-Un ) 
vv O trans ' 

andd the refitted relation used for Tellus oil will be: 

AFF = 2 . 2 5 + 4 X » & /0 - l O 

(3.5) ) 

(3.6) ) 

Figuree 3.15 provides quantitative verification of the accuracy of the refitted model [Eq. 
(3.6)]]  with the measured experimental data. 

Thee link between the single large bubble rise velocity and the rise velocity of large bubble 
swarmss is now completed. Figure 3.16 schematically illustrates this link. 

VH H 

[m/s]] 1 -

00 -

System:: air-water 
Eqs.. (2.2), (2.3), (3.4) and (3.5) 
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V. V. 
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0 0 

DTT = 0.19 m 

VVh h 

[m/s]] 1 

00 -

DTT = 0.10 m 

0.1 1 0.2 2 0.3 0.3 0.4 4 0.5 5 
[U[UGG-U-Utranstrans )/[m/s] )/[m/s] 

Fig.. 3.17. Comparison of the predictions of the rise velocity of large bubble swarms using 
thee developed model with the experimental data generated for the air-water system. 

Thee rise velocity of bubble swarms is now predicted from the rise velocity of the single 
largee bubbles. The inter-relationship is given by the set of Eqs. (2.2), (2.3), (3.4), (3.5) for low 
viscouss systems and (2.2), (2.3), (3.4), (3.6) for high viscous Newtonian liquids. The scale 
correctionn factor (SF) accounts for the influence of the column diameter and the acceleration 
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factorr (AF) for the increase in the large bubble swarm velocity over that of a single, isolated 
bubble. . 

Figuress 3.17 and 3.18, which compare the measured data with the model predictions for 
threee column diameters and two extreme liquids, water and viscous Tellus oil respectively, 
testifyy to the predictive capability of the model. 

Lookingg at the problem with a scale up view, the column diameter becomes the important 
variable.. For a given problem, like the one outlined in the introduction chapter, we assume the 
gass velocity through the large bubbles to be (Uc - UUMS) = 0.2 m/s. The average bubble 
diameter,, given by Eq. (3.4) is db = 0.038 m. The single bubble rise velocity, derived from 
Eqs.. (2.2) and (2.3), presented in the previous chapter, is not influenced by the liquid phase 
viscosity,, as it rises in inviscid flow. Both rise swarm velocities in water and Tellus oil can be 
nicelyy predicted using the models developed in this work. The rise velocity of a swarm of 
largee bubbles is thus given by the single average bubble velocity multiplied by the 
accelerationn factor, corresponding to the system considered (see Fig. 3.19). Data from the 
0.051,, 0.1, 0.174, 0.19, 0.38 and 0.63 m columns are used for this experimental validation. 

[m/s] ] 

3 r r 

22 -

11 -

00 -

System:: air- Tellus oil 
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Fig.. 3.18. Comparison of the predictions of the rise velocity of large bubble swarms using 
thee developed model with the experimental data generated for the air-Tellus oil system. 
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Fig.. 3.19. Scale up validation of the developed link between the rise velocity of single 
largee bubbles and rise velocity of large bubble swarms with the experimental data. 

Ass one can see from Fig. 3.19, the swarm velocity reaches also a plateau for column 
diameterss larger than 0.3 m. From a scale up point of view, there is still a question mark 
regardingg columns of industrial scale units, i.e. larger than 1 m in diameter. Therefore, we 
shouldd proceed further and try to understand the liquid behaviour in a bubble column as well. 
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3.44 Conclusions 
Thee main results presented in this chapter are: 
•• A swarm of large bubbles rises much faster than single, isolated bubbles. The rise velocity 

off bubble swarms can be modelled by introducing an additional correction factor (AF) into 
thee classical Davies-Taylor (1950) relation, accounting for the interaction between the 
bubbless [Eq. (3.1)]. 

•• Experimental analysis of video recorded in-line and off-line interactions of bubble pairs 
showedd that the trailing bubble rise velocity increases as the distance of separation 
betweenn the bubbles decreases, more or less in a linear way. 

•• The nature of the bubble wake is the key to explain the coalescence phenomena and it is 
basicallyy determined by the liquid viscosity. 

•• The liquid properties influence the acceleration factor. For operation in churn turbulent 
regime,, the lower the viscosity, the higher the acceleration effect. 

•• The empirically fitted relations (3.4), (3.5) and (3.6) allow the estimation of the average 
largee bubble size and the acceleration factor in low- and high-viscous media. 

•• The rise velocity of large bubble swarms can be modelled using Eqs. (2.1), (2.3), (3.4) and 
(3.5)) when low viscous media are used and Eqs. (2.1), (2.3), (3.4) and (3.6) for high 
viscouss media. 

Thee development of a model to describe the rise velocity of "large" bubble swarms is the 
cornerstonee of this thesis. We will use this model to estimate the gas hold up in the next 
Chapterr 4. This swarm velocity model is also implemented into the CFD code in the 
companionn thesis of van Baten (2000). 
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ChapterChapter  4 

GasGas hold  up 

Abstract t 

Thee knowledge of gas hold up, eG, is of considerable importance in the design and scale 
upp of bubble columns as it characterises the gas phase retention in the column. 

Inn order to investigate the combined effects of column diameter together with the 
coalescingg nature of the liquid phase, three liquid systems were considered, namely water, 
viscouss Tellus oil (viscosity 7/L= 0.075 Pa s; density pL=862kg/m3; surface tension 
a=0.028N/m)) and aqueous solutions of different concentrations of ethanol. The dynamic 
gass disengagement method is used to characterise the contribution of the various bubble 
classess to the overall gas hold up in low- and high-viscous liquids. Total and dilute phase hold 
upp tend to decrease with increasing column size both for low- and high-viscosity liquids. 
Increasingg the viscosity of the liquid results in a pronounced decrease in the total gas hold up. 
Thiss is caused by the fact that the dense phase in high-viscous liquids is reduced to a 
significantt extent. The corresponding influence on the large bubble hold up is, however, 
almostt negligible. 

Thee addition of alcohols to water drastically changes the coalescence behaviour of the 
system.. In pure, demineralised water, there is a high degree of bubble coalescence. This 
coalescencee tendency is significantly reduced by addition of minute quantities of ethanol. 
Withh alcohol addition the small bubble hold up is increased significantly; this is primarily to 
bee attributed to the delay in the transition from homogeneous to heterogeneous regime. 
Beyondd an alcohol concentration of about 1 vol% there is no further influence. 

Forr the churn-turbulent regime, the total gas hold up is linked with the rise velocity of the 
bubblee swarm using the model suggested by Krishna and Ellenberger (1996): 
££cc =eb+£

a^Al~(^G -^transV^bl- For estimation of the large bubble swarm velocity Vb, the 
modell  developed in Chapter 3 has been used. The model can describe well all systems 
analysed,, providing that the transition parameters are correctly determined. A simple model 
forr predicting e ,̂ accounting for liquid properties and column diameter, has been 

developed.. For the superficial gas velocity at regime transition the correlation of Reilly et al. 
(1994)) is found to be of adequate accuracy. 
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4.11 Introductio n 

Thee total gas hold up, also known as total gas voidage, is defined as the percentage by 
volumee of the gas present in the two or three phase mixture in the reactor. From this fractional 
volumee the residence time of each phase can be determined readily. Moreover, the gas hold 
upp in conjunction with the mean bubble diameter, allows the determination of interfacial area 
andd thus leads to the mass and heat transfer rates between the gas and the liquid phase. Since 
bubblee columns are preferred for slow gas-liquid reactions, the volume of liquid must be 
sufficient,, thus the gas content must not be too large. 

Thee fractional gas hold up in bubble columns has been extensively investigated during the 
pastt fifty years and more than 250 papers are available in the literature. Review papers try to 
gatherr systematically the correlations developed: Shah et al. (1982), Shah et al. (1985), 
Schumpee and Deckwer (1987), Deckwer (1992), Saxena (1995), Koide (1996) and Sarrafi et 
al.. (1999). Although individual investigators have been reasonably successful in correlating 
theirr own results, the variation in the predictions of the various correlations is quite 
considerable.. One reason for this wide spread in the correlations is the complex nature of the 
hydrodynamics.. An additional reason for this is the use of different experimental set-ups, with 
differentt column diameters, distributor design etc, which causes different hydrodynamic 
characteristics.. Many investigators have developed correlations using only one column 
configuration.. Since scale up is our major focus we have used a variety of columns in the 
studyy reported in this chapter, with column diameters ranging from 0.051 to 0.63 m. 
Furthermore,, the same experimental technique has been used to study the influence of column 
diameterr with a variety of systems. 

Thee hydrodynamic behaviour of bubble columns is strongly dependent on the flow regime. 
Commerciall  reactors are usually operated at high gas velocities, i.e. in the churn turbulent 
regime.. A brief description of the flow regimes encountered in bubble columns and of flow 
regimee transitions is presented further. 

FlowFlow regimes 

Thee two phase flow regime depends on the gas velocity, the sparger type, the column size 
andd the liquid composition. When a gaseous phase is introduced into a liquid, bubbles are 
generated.. Different regimes can be distinguished as the gas velocity is gradually increased. A 
qualitativee representation of the observed flow regimes for the experimented range of 
columnss and superficial gas velocities is shown in Fig. 4.1. 

Inn the homogeneous regime (bubbly flow regime) the bubbles are "small" and roughly 
uniformm in size and they travel upwards with littl e interaction with one other. In this regime 
thee total gas hold up shows a nearly linear relationship with the superficial gas velocity. The 
sizee of the bubbles detaching from the distributor (called also primary bubbles) depends on 
thee diameter of the holes as well as on the gas and liquid properties. Compared to individual 
orifices,, the bubble formation at sintered, porous plates and sieve (perforated) plates is 
affectedd by the neighbouring holes. This is the reason for characterising the first regime in 
termss of the secondary bubble size. This equilibrium size is reached with a few centimetres 
abovee the distributor. 

Forr low viscous liquids the size range of these bubbles is 2 - 6 mm. As long as the bubbles 
aree not interacting with each other, they can be considered as single individual bubbles. Hence 
thee velocity of the swarm of bubbles can be approximated with the rise velocity of a single, 
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isolatedd bubble (Vb°) with the average bubble diameter of the swarm. Chapter 2 of this thesis 
describess thoroughly the behaviour of a single gas bubble in liquids. For viscous Newtonian 
liquidss the coalescence processes result in large secondary bubbles (Klug and Vogelpohl, 
1986).. The dimensions of such bubbles wil l be mentioned later, for the systems studied. 
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Fig.. 4.1. Qualitative representation of the flow regimes encountered in our research. 

Withh a further increase in the gas velocity, there is an increase in the bubble population and 
att a certain gas velocity, £/trans, the first "large" bubble appears generated by coalescence of 
smalll  bubbles. The transition regime is characterised by random bubble clusters, the resulting 
vortical-spirall  flow and local liquid circulation. A complex description of the transition 
regimee is given by Chen et al. (1994). They used advanced experimental techniques, such as 
thee particle image velocimetry (PIV) to elucidate the macroscopic flow structure and the laser 
sheetingg technique to visualise the bubble flow. In our laboratory, it is also possible to 
visualisee the fast rising clusters of bubbles or coalesced bubbles moving upwards in a spiral 
mannerr with high velocities, since all used columns were transparent. Obviously, starting with 
thiss regime, bubbles are no longer uniform in size. The hold up "picture" in the transition 
regimee depends on the gas distributor. Figure 4.2 shows typical hold up behaviours in the 
transitionn regime, for differently designed distributors. 

Inn case a sintered plate or a perforated plate with small orifices is used, the gas content 
increasess linearly with the superficial gas velocity, £/G. As UQ increases the total gas hold up 
reachess a peak and then rises again even though not so steeply this time. When a sparger is 
usedd (Fig. 4.2), the gas content is lower and no peak value in the hold up curve can be 
observed.. Moreover, the slope of the £G - UQ curve changes continuously in the lower gas 
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ratee range, indicating a continuous increase of the large bubble component. Ohki and Inoue 
(1970),, Bhavaraju et al. (1978), Zahradnik et al. (1996), Sarrafi et al. (1999) studied the effect 
off  the distributor hole diameter on the gas hold up and flow regimes. 

o o 
to o 

sintered,, porous plate 

o o 

0.11 0.2 0.3 

UUGG I [m/s] 
0.4 4 

Fig.. 4.2. Gas hold up in the transition regime for different distributors. 

Thee heterogeneous regime (or churn turbulent regime) is the most important for industrial 
operation.. The extensive work described in this thesis focuses mainly on the heterogeneous 
regime.. This regime is characterised by vigorous mixing and non-uniform bubble sizes. As 
thee bubble size varies, the bubble shape and the bubble rise velocity also change. Larger 
bubbless rise faster through the liquid in complex patterns entraining other bubbles and liquid 
inn their wake. A large amount of gas introduced in the column rises in the central core of the 
columnn as chains and clusters of large bubbles. Close to the walls, the liquid is flowing down 
thee sides towards the bottom, entraining at the same time a big part of the small bubbles. The 
gass hold up profile changes from a flat profile, characteristic for homogeneous regime, to a 
parabolicc one. In this flow regime, large interactions between the phases take place, due to the 
turbulentt nature of the mixing processes. 

Thee bubble column operating in the churn turbulent regime is modelled considering the 
extensionn of the two-phase model proposed by May (1959) and Van Deemter (1961) for gas 
solidd fluidised beds. This extension was first suggested by Krishna (1981). Developments of 
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thesee models can be found for instance in Krishna (1993), Ellenberger and Krishna (1994) and 
Dee Swart (1996). Essentially, the model identifies the two-phases as follows: 

•• the "dilute phase" depicts the "large" bubble fraction; the dilute phase travels up the 
columnn virtually in plug flow; 

•• the "dense phase" is represented by the "small" bubble fraction, together with the 
liquidd (and eventually the catalyst particles in suspension in the case of slurry reactors); for 
operationn in the heterogeneous flow regime, the small bubbles have the backmixing 
characteristicss of the liquid phase. In large diameter columns, the dense phase can be 
consideredd to be completely backmixed. 

Inn Fig. 4.3, the generalised two-phase model is schematically adjusted for G-L bubble 
columns.. The two-headed arrows represent the interphase mass transfer process. 

t t UUrr. . 

Fig.. 4.3. Extension of the two-phase model for gas-solid fluid beds to bubble columns 
operatingg in the heterogeneous regime (adapted from Krishna et al.,1993). 

Inn this way it is essential to perceive the gas phase as being divided in two classes of 
bubbles:: small and large bubbles. The superficial gas velocity UG is also divided in two parts: 
aa part of the gas rises through the column in the form of "small" bubbles (UóS) and the 
remainderr part in the form of'large' bubbles {UG - f/df). 

Forr completeness, two other flow regimes can be found, when the superficial gas velocity 
iss increased further. The slug regime is highly unstable and of an oscillatory nature. The gas 
phasee passes through the liquid in intermittent plugs while the liquid near the wall 
continuouslyy pulses up and down. This regime can be obtained in laboratory range columns, 
notnot larger than 0.25 m or in columns with a high aspect ratio, to allow very high gas velocities 
withoutt flooding of the column. The annular flow regime is encountered when the column 
diameterr is relatively small and the gas velocity reaches very high values. The liquid travels 
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partlyy as a annular film on the walls of the column and partly as small drops distributed in the 
gass (like a fine spray) which flows in the centre of the tube. Figure 4.5 represents 
schematicallyy the sequence of typical flow patterns observed in gas-liquid vertical contactors. 

homogeneous s 
regime e 

large e 

bubbles s 

small l 

bubbles s 

UUGG / [m/s] 

Fig.. 4.4. Gas hold up in the homogeneous and heterogeneous regimes. 

Bubbly y 
flow w 

Increasingg gas velocity 

i n , , 1 1 

Churn n 
turbulent t 

flow w 

>> Vo 

Slug g 
flow w 

Annular r 
flow w 

Fig.. 4.5. Flow regimes encountered in bubble columns. 
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Thee limits of the transition region between the homogeneous bubbly flow and the churn 
turbulentt flow, as well as those between the churn turbulent and the slug regimes are 
dependingg simultaneously on the superficial gas velocity, column diameter, liquid and gas 
propertiess and distributor design. No accurate general model, including all these attributes is 
availablee at this moment in the literature for calculating the transition parameters. An 
approximatee dependency of flow regime on gas velocity and column diameter is illustrated in 
Fig.. 4.6 for low viscosity systems at atmospheric pressure. 

0.15 5 

0.100 • 

UUGG / [m/s] 

0.055 • 

slugg flow 
heterogeneous s 
churn-turbulent t 
flow w 

transitionn range 

homogeneous s 
bubblyy flow 

0.0255 0.05 0.11 0.2 

DT/[m] ] 

0.5 5 

Fig.. 4.6. Approximate dependency of flow regime on superficial gas velocity and column 
diameterr for water and dilute aqueous solutions (adapted from Shah et al., 1982). 

4.22 Literatur e survey on gas hold up 

Thee importance of the gas hold up in bubble columns, combined with the relative ease of 
experimentation,, has led to extensive scientific work on this subject. Consequently, a large 
amountt of correlations for gas hold up have been reported in the literature (see Table 4.1). 
Lamentably,, the large scatter in the predictions, especially for high superficial gas velocities, 
doess not allow any choice between them. A selection of the literature models is plotted in 
Figuress 4.7 and 4.8, revealing the magnitude of the discrepancies between them. This scatter 
iss due to the sensitivity of the gas hold up to the experimental system used. Own study on gas 
holdd up is therefore required. These data are also used for other variables in the next chapters, 
inn order to get consistent results. None of the available literature correlations could describe 
ourr experimental data satisfactorily, accounting for the influence of both liquid properties and 
columnn diameter. Most of the models do not include the influence of the column diameter 
(mostt correlations have been set-up on the basis of studies in only one column!). 
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o o 

o o 

0,5 5 

0.4 4 

0.3 3 

0.2 2 

0.11 L 

0.4 4 

0.3 3 

0.2 2 

0.11 -

00 - l 

0.2 2 

airr - water 
UUQQ = 0.2 m/s 

airr - Tellus oil 
UUGG = 0.2 m/s 

0.44 0.6 
DT / [m] ] 

0.8 8 

22 2 

15 5 

Fig.. 4.7. Gas hold up data as a function of column diameter; experiments versus literature 
correlationss (selection from Table 4.1). The experimental data plotted in the graphs are 

ourr measurements, reported later in this chapter. 
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airr - water 
hh DT = 0.38 m 

Fig.. 4.8. Gas hold up data as a function of superficial gas velocity; experiments versus 
literaturee correlations (selection from Table 4.1). The experimental data are from our 

workk reported later in this chapter. 
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Tablee 4.1 

Literaturee correlations for predicting the total gas hold up 

Author r Totall  gas hold up 

Hughmark(1967) ) 
£r.£r.  = 

22 + 
0.35 5 -11 1 

1212 J. 
Akitaa and Yoshida 
(1973) ) 'G 'G ^DfoV 'V-n^ W W 

( l -^o)4 4 

U, U, 

MM  ^  J 
cc{{  = 0.2 for pure liquids and non-electrolyte aqueous solutions 

c,, - 0.25 for electrolyte aqueous solutions 

Hikitaa and Hikukawa 
(1973) ) er.. =0.5051/; 

JJ 0.072 Y'Yo.OOp 

 J {1L J 

Gestrichh and Rahse 

(1975) ) ££rr.. = 0.89 
u, u, JL JL 4 L L G_ _ K f tW7-0.05 5 

4,, = 0.003 m; K

Kumarr etal. (1976) 
ccc = 0.728x10't/c-0.485x10s(t/G J2+0.0975xl012(t/G) ï 

\ i/ 4 4 

WW00=u=uG G 
a&pg a&pg 

{{ * 

Mersmann(1978) ) (( rt2 V 

(i-^ r r 
== 0.141/, 

O-Apg g 

// 2 3 V'2V Y/7V V'3 

PL<* * 

JltJltAAPS PS 
EL EL 

ApJ J 

Bachh and Pilhofer 
(1978) ) ÊGG = 0 . 1 1 5^ * Ï 

1-e, , VVL8L8 PL-PG 

Riquartss and Pilhofer 
(1978) ) 

VLL *  PL ~ Pa 

££  = 0 . 1 l [ ^ - ^ 

(( 7 / 3 

if f ^-^0< i i 
VLL  S PL " Pc , 

J - £ GG V L 5 P L - P 

' " GG P, 

{VL8PI-PG {VL8PI-PG 
>1 1 
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Author r Totall  gas hold up 

Hikitaetal.. (1980) 
£GG =0.672/ ^ L L 

ff «<„ V013 

PI? PI? 

ff  \O.062/- sO.107 

*7G G 

\Px.) \Px.) 

ƒƒ = 1 for pure liquids 

ƒƒ = lo0* 11" for electrolyte solutions, I < 1 kg-ion/m3 

ff =1.1 for electrolyte solutions, / > 1 kg-ion/m3 

10. . Godboleetal.. (1982) 

11. . Hammerr etal. (1984) 

12. . Koideetal.. (1984) 

13. . Smithh etal. (1984) 

14. . 

15. . 

16. . 

17. . 

18. . 

19. . 

Idogawaa etal. (1985) 

Reillyy etal. (1986) 

Kawasee and Moo-
Youngg (1987) 

Idogawaa etal. (1987) 

Schumpee and 
Deckwer(1987) ) 

Grund(1988) ) 

eeGG =0 .3 I9 t /£ '7V M 8 for viscous Newtonian liquids 

££cc = 0.239 C/Q634 DJS for pseudoplastic non-Newtonian solutions 

°° J [Pt** 3 J 

\-Q21\-Q21 s NO.I7 

^^ fPa^ 

o-e0r r 
== 0.277 f ^ L L rrnlsnls ^ 

A f ff J 
forr heterogeneous flow regime 

EnEn  = 
r n ^ n V ^^ ~Y°31 

2.255 + 1.16 6 0.3399 | pLG 

] - £ £ ^^ = 1.44[/°58pG
l2(o-xl03r i5etp(" /" tHr ') 

££QQ = 296 UlM pZnpV  ̂ +0-009 

£n=1.07n3 3 'VI'VI ^ 
[SD[SDT T 

- ^ -- = 2.35 U°c*  pc
17{\3.9aYm"> trr*i<r* ) 

£G=0.2 2 
// „ , V 0 13 

vv a J 

UUG G 

forr heterogeneous flow regime 

£,,=0.14 4 ^ L L 

\0.677 / A y O .M /  NO. 18  vO.38 

VL8 VL8 \£s. \£s. 
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20. . 

21. . 

22. . 

Author r 

Zehner(1989) ) 

Kawaseetal.. (1992) 

Westermeyer(1992) ) 

23. . 

Totall  gas hold up 

£r.£r.
UrJVr. UrJVr. 

1+4 4 
Ur Ur 

\2ii \2ii 

KK
VVGE; GE; 'CE'CE j 

l-el-er r 

==  0.0625 
(( W V» 

KKv,8j v,8j 

£r.£r. = 

(( 1 Y 7/3 \

0 .135 (1+0 .5^ )U%| - -̂- P*-

iff£L_PL_l<4 4 
V L « PL - PG ; ; 

l - £ £ 

Wilkinsonn (1992) 

if f 

G G [[ 44 Y nl 'S0 25 

-I3t__ I us—£k_ 
PLOTT j ^ v L g p L - p C ; >4 4 

^^VVLSLS P L - P G 

tftf hh = 0 for air/water, air/ethylenglycol, air/propylenglycol; 

tftf hh =0.91 for air/NaCl solutions 

a a 
validd for We > 0.004; We =  t / c Z > T pL 

£ GG - £smjül + £b ' £b ~ , , " " " ! ^ M K ~ ^„ . „ Kr transs trans small 

*„, ,, =e„»; e*™-O-Sexpf-TOp^irtV') 

"smal ll  *7 L == 2.25 
// 3„ V ^ Y \003 

£tf f V P G, , 

V ^ L - K m , ^ ^ 
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24. . 

25. . 

Author r 

Refflyetal.. (1994) 

Krishnaa and 
Ellenberger(1996) ) 

Totall  gas hold up 

£c00 - * G )= 2.84pG
w UG o-"0 '2 for bubbly flow regime 

£ G O ~£ G ) " 33 = B G G for churn-turbulent flow regime 
II  * J 

BB = 3.85 for air-water system 

eBM=0.59B,JJ J 

VV = » » 
" **  2.84 p™ 

0.96 6 
PoPo o-011 ; U =V e (ie ) 

vv ' "tra m ' iml l cim«V  ctmu / 

cr0,ï ï 

£ G = £ b + £ ( I f ( 1 - £ b ) ; £ d ff  =£ ,™ s 

£b== 0.268D ,1 8 ( [/ _ ^ ^ 2 ( t / G t / d f r WM-UM 

transitionn parameters calculated with the model of Reilly et al. (1994) 

4.33 Experimental 

Equipment Equipment 

Inn order to determine the gas hold up for both homogeneous and heterogeneous flow 
regimes,, all columns were equipped with pressure sensors. The measurements were 
performedd in seven different columns, increasing the inner diameter: 0.051, 0.1, 0.15, 0.174, 
0.19,0.388 and 0,63 m. Figure 4.9 shows a typical experimental set-up for the 0.19 m column. 

Alll  columns were equipped with gas distributors in the form of sintered or perforated 
plates.. Only the 0.63 m column was equipped with a spider shaped sparger (see Fig. 5.9). In 
Fig.. 4.10 the perforated plate distributor used for the 0.15 m is roughly sketched. 

Tablee 4.2 contains details about the perforated plate distributors used for the 0.051 and 
0.155 m columns. 

Tablee 4.2 
Hardwaree details for the perforated plate distributors 

Distributorr detail 

Numberr of holes 
Holee diameter 
Distancee between holes 
Brasss plate thickness 

Column n 

£>TT = 0.051 m 
72 2 

0.55 mm 
77 mm 
11 mm 

Column n 

£h£h = 0.15 m 

625 5 
0.55 mm 
77 mm 
11 mm 
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compressedd air 

rotameters s 

0.199 m 

11 -

rOtj--

^ f ^ ^ 

11 - pressure tap 
22 - reference point 

pressure e 
sensor r 

1 1 2 2 

digital l 
transducer r 

[L [L 

^^ distributor PC 

quickk shut-off valve 

Fig.. 4.9. Experimental set-up for the 0.19 m column. 

D D 

¥ ¥ 

\ \ 

\\ 625 x 0 0.5 mm 

77 mm 

Fig.. 4.10. Perforated plate distributor for the 0.15 m column. 
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Gass was taken from the compressed air mains and introduced into the column from the 
base.. The volumetric flow-rate was determined by a row of several calibrated Brooks 
flowmeters. . 

Thee operating pressure was atmospheric for all the cases. All columns were equipped with 
quickk operation closing valves within the gas inlet pipe in order to perform dynamic gas 
disengagementt experiments. To minimise the effect of gas disengaging from the space in 
frontt of the gas distributor, the quick closing valves were positioned as near to the gas 
distributorr as possible. Pressure taps were installed along the height of the columns, allowing 
too choose the best position for the pressure sensor along the column, for each column and 
system.. For instance, for the specific case of experiments with ethanol solutions - water 
system,, as a result of the large values of the gas hold up and the substantial tendency of 
foaming,, the chosen height was lower than in the other cases. Table 4.3 gives the hardware 
detailss for each column used and the systems studied. 

Tablee 4.3 
Experimentall  details and systems studied 

Column n 
diameter r 
Dr/[m] ] 

Columnn „ .,, 
.. Buildup 

,. ,ff  1 material 
Distributorr type Systemm studied 

0.051 1 

0.10 0 

0.15 5 

0.174 4 

0.19 9 

0.38 8 

0.63 3 

4 4 

2 2 

4 4 

4 4 

4 4 

4 4 

4 4 

Glass s 

Polyacrylate e 

Polyacrylate e 

Polyacrylate e 

Polyacrylate e 

Polyacrylate e 

Polyacrylate e 

perforatedd plate 
(do(do - 0.5 mm) 

sinteredd bronze plate 
(meann pore size 50 fim) 

Perforatedd plate 
(d(d00 = 0.5 mm) 

sinteredd bronze plate 
(meann pore size 50 u,m) 
sinteredd bronze plate 

(meann pore size 50 u,m) 
sinteredd bronze plate 

(meann pore size 50 um) 
spiderr shaped sparger 

(dp(dp = 2.5 mm) 

airr - water 
airr - water + x % ethanol 

airr - water 
airr - Tellus oil 

airr - water 
airr - water + x % ethanol 

airr - water 

airr - water 
airr - Tellus oil 

airr - water 
airr - Tellus oil 

airr - water 

SystemsSystems studied 

Coalescencee of bubbles in gas-liquid dispersions will be inhibited, when the liquid phase is 
nott a pure component, but a mixture. The rate of coalescence has a significant influence on 
thee gas-liquid mass transfer, since it directly affects interfacial area. In many industrial 
processess taking place in bubble column reactors the liquid phase consists of a mixture of 
inorganicc or organic compounds, especially in the case of bubble column bioreactors where 
inorganicc salts, sugars and metabolic products such as alcohols and organic acids are present 
inn significant quantities. Addition of a surface active substance leads to inhibited bubble 
coalescencee and results in an increase in the bubble hold up. The analysis of such effects on 
thee gas hold up was carried out by performing air-water experiments with various 
concentrationss of ethanol. 

Inn addition to the air - water system, the present investigation includes also the hold up 
studyy of a system containing a highly viscous liquid: air - Tellus oil. This ensured the 
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investigationn for the effect of liquid properties on the gas hold up. Physical properties of the 
studiedd systems are given in Table 4.4. 

Tablee 4.4 
Physicall  properties of the phases (at atmospheric conditions) 

Phase e 

Water r 
Telluss oil 32, Shell 
Ethanol l 
Air r 

Density y 

PL/[kg/m 3] ] 

998 8 
862 2 
789 9 
1.29 9 

Physicall  property 
Dynamicc viscosity 

r?i./[Pa-s] ] 

0.001 1 
0.075 5 

0.0012 2 
0.000017 7 

Surfacee tension 

alal [N/m] 

0.07275 5 
0.028 8 
0.023 3 

--

ExperimentalExperimental procedure 

Thee dispersion height in the column can be monitored using pressure sensors connected to 
aa PC for continuous recording of the voltage signals (these are proportional to the hydrostatic 
head).. The output voltage coming from the pressure sensor is linearly dependent on the 
differentiall  pressure in the column, therefore on the increase in the liquid height generated by 
gass present in the column. The reference point recorded the initial liquid height by means of 
ann external tube connected to the column. The pressure sensor employed is a Validyne (DP 15 
transducer)) type and consists mainly of a membrane and conductors (see Fig. 4.11). Prior to 
measurementss the pressure sensor has been carefully calibrated for the membrane used. 

AP P 
membrane e 

$*t $*t 

too the calibration 
column n -**Ï W W 

£*0z z purge e 

r=C*t r=C*t 

4—=C>I<J=Ü Ü 

too the pressure tap 

. = f T ^ --

too the reference point 

too the calibration 
column n 

Fig.. 4.11. The pressure sensor. 
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Alll  experiments were carried at room temperature (circa 22 °C). Operating details for each 
studiedd system and different columns are presented in Table 4.5. 

Tablee 4.5 
Operatingg conditions for the experiments performed with each system 

Systemm studied 

airr - water 

airr - Tellus oil 

airr - water + x % 
ethanol l 

Column n 
diameter r 
D T / [m ] ] 

0.100 0 
0.174 4 
0.190 0 
0.380 0 
0.630 0 
0.100 0 
0.190 0 
0.380 0 
0.055 1 
0.150 0 

Totall  number of experiments: 

Totall  liquid 
height t 

HH00/[m] /[m] 
1.20 0 
2.20 0 
1.90 0 
1.95 5 
1.90 0 
1.20 0 
1.90 0 
1.91 1 
2.00 0 
1.58 8 

Pressure e 
sensorr height 

HHPSPS11 [m] 
1.05 5 
2.15 5 
1.75 5 
1.90 0 
1.82 2 
1.05 5 
1.75 5 
1.70 0 
1.21 1 
1.53 3 

Rangee of superficial 
gass velocity 
t /o/ [m/s] ] 

0.00077 - 0.33 
0.00088 - 0.35 
0.00066 - 0.36 
0.00244 - 0.36 
0.00800 - 0.32 
0.00033 - 0.20 
0.0010-0.60 0 
0.0003-0.61 1 
0.00700 - 0.33 
0.0010-0.50 0 

Number r 
of f 

experiments s 
69 9 
69 9 
78 8 
75 5 
89 9 
63 3 
85 5 
70 0 
299 9 
601 1 

1498 8 

DynamicDynamic gas disengagement experiments 

airr - water 
O r ** 0.15 m 
UUGG = 0.25 m/s 
HH00 = 1.58 m 

escapee of 
largee bubbles 

escapee of 
smalll bubbles 

t/[s] t/[s] 

Fig.. 4.12. Typical gas disengagement experiment showing dispersion height H vs time. 

Thee high sensitivity pressure sensors were used to provide information on the gas hold up, 
ass described by Daly et al. (1992). In the heterogeneous regime, the distinction between small 
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andd large bubble hold up was obtained by performing dynamic gas disengagement (DGD) 
experiments.. This technique is commonly used nowadays and was firstly presented by Sriram 
andd Mann (1977). The interpretation of the results is widely described in the literature 
(Vermeerr and Krishna, 1981; Schumpe and Grand, 1986; Daly et al., 1992; Shetty et al., 
1992;; Deshpande et al, 1995). A typical DGD curve, i.e. dispersion height versus time, is 
shownn in Fig. 4.12 for the air-water system in the 0.15 m column. 

Thee total gas hold up was determined from the steady state operation: 

"a "a 

Afterr the shut-off of the gas supply to the column, the initial, quick disengagement 
correspondss to the escape of the fast-rising bubbles. This fast-disengaging portions were used 
too determine the "large" bubble hold up (the hold up of the "large" bubble population): 

££>> =l=l -TT-TT (4.2) 
"d "d 

Whenn all the large bubbles have escaped, the curve becomes much less steep. Now the 
"small""  bubbles are escaping the column. The "small" bubble hold up will therefore be 
calculatedd as: 

£*=£G-££*=£G-£bb (4.3) 

Correctionss were applied to account for the disengagement of the small bubbles together 
withh the large ones during the initial step. Such corrections are described e.g. in Schumpe and 
Grundd (1986). As mentioned before, the generalisation of the two-phase theory is followed in 
thiss work. Accordingly, the "dilute" phase is identified with the large bubble population and 
thee "dense" phase with the liquid phase in which the "small" bubble population is entrained. 
Thee dilute phase hold up is thus £b and the dense phase hold up is defined as: 

e**  = 1 - ^ . = ^ ^ - (4.4) 
d'' //, l -£b

 K } 

Thee slope of the second portion of the disengagement represents the superficial gas 
velocityy through the dense phase, £/df. 

EvaluationEvaluation of transition parameters 

Noticingg that the gas-liquid circulation is behaving quite differently, according to the flow 
regime,, prediction of the transition parameters, specifically the superficial gas velocity (C/mns) 
att which the transition from homogeneous bubbly flow to churn turbulent regime occurs and 
thee corresponding gas hold up (f ^ ) is essential. The effect of operational and geometrical 
parameterss on the transition parameters is complex and so far no general accurate criterion for 
determiningg the transition point has been developed. Sarrafi et al. (1999) published a 
summaryy of literature studies on transition from homogeneous to heterogeneous regime. The 
transitionall  superficial gas velocity reported by various investigators is observed to be in the 
rangee 0.02 and 0.06 m/s for the air-water system. 

Followingg the analogous description of the hydrodynamics of gas-solid fluidised beds and 
bubblee columns (Krishna et al., 1993; Krishna and Ellenberger, 1995; Ellenberger, 1995) the 
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transitionn parameters were derived briefly, analysing the experimental data through the 
Richardson-Zakii  (1954) -Wallis (1969) procedure. 

Thee süp velocity between the phases is defined: 

VV = 
"di p p 

£„+£c=ll  (4.5) 

Inn the homogeneous dispersed flow regime the expansion behaviour can be modelled using 
thee Richardson-Zaki relationship: 

VVi]ipi]ip =V=Vhh-e:--e:-ll=V~(l-eJ-=V~(l-eJ-11 (4.6) 

wheree Vb~ is the terminal rise velocity of a single bubble. The Richardson-Zaki exponent, n, 
empiricallyy accounts for the interaction between the phases. When there is no interaction 
betweenn the dispersed phase and the "particles" (in our case, the bubbles) the Richardson-Zaki 
indexx n = 1. It has to be mentioned that the Richardson-Zaki theory was originally developed 
forr gas-solid fluidised bed systems but it has also been applied for bubble columns (Krishna et 
al.,, 1993; Deckwer, 1992). The dispersed and the continuous phase should be firstly inverse 
identifiedd for the G-L system. For air-water system, operated at atmospheric pressure, values 
forr the Richardson-Zaki exponent n between 2 and 3 are usual (Krishna et al., 1993; 
Ellenberger,, 1995). Ellenberger (1995) proposed « = 2 for the G-L systems. Richardson and 
Zakii  (1954) suggested n = 2.39 for particle Reynolds numbers exceeding 500. 

Sincee Uc =0 for gas-liquid columns with no net liquid flow, Eq. (4.5) simply reduces to: 

KnKnPP=~=~  (4.7) 

Thee dispersed phase should be identified with the gas phase, hence Ui = UG and £d = eG. 
Combiningg Eqs. (4.6) and (4.7) one obtains: 

Vm=T-Vm=T-vv>~b-e*r>~b-e*r ii (4.8) 

wheree V*stjp now corresponds to the (absolute) rise velocity of the bubble swarm, Vtmm . In 

otherr words VlUp is the velocity of the bubble swarm in the zero volume flux frame and it is 

relatedd to the single, isolated bubble rise velocity Vb" as shown in Eq. (4.8), 

Somee typical experimental data Uc l£G versus (l - eG) for the homogeneous regime are 
shownn in Fig. 4.13 for the air - water + 0.03% (vol.) ethanol system. The Richardson-Zaki 
parameterss (Vb~ and n) can be easily obtained, with an acceptable accuracy, by fitting the 
experimentall  data with a power law function, y = axb. 

Thee transition point is further derived using the "drift flux" model of Wallis (1969). The 
Walliss drift flux is defined: 

KBP^CC =K*X  ^ „ - C Ö - f i J (4.9) 

Thee Wallis drift flux for the dispersed homogeneous flow can be calculated using the 
Richardson-Zakii  parameters derived from the same set of experimental data (Fig. 4.14). The 
Walliss drift flux defined above is a volumetric flow rate per unit column cross sectional area, 
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thereforee it has the dimensions of a velocity. Further, for G-L bubble column, the Wallis drift 
fluxx is: 

% C d « e = ^ C c » ^ M d ) ) (4.10) ) 

airr / water + 0.03% (vol.) ethanol 
DDTT = 0.15 m 

T O . 2 5 5 

0.7 7 

powerr  law functio n 

-r--V b -(l-e d )»--

0.88 0.9 

e 0 - ( i - e d ) / [ - ] ] 

0.2 2 

<V* d d 

[m/s ] ] 

0.15 5 

0.1 1 

Fig.. 4.13. Experimental data in the homogeneous regime fitted with a power law 
functionn in order to estimate the Richardson-Zaki parameters, as shown by Eq. (4.8 

0.033 r 

0.022 -

V b -£ d£ c " " 

[m/s] ] 

0.011 -

VV = 0.22 m/s 
nn = 2.59 

0.44 0.6 0.8 1 

Fig.. 4.14. Wallis drift flux as a function of gas hold up. 

Forr the same system illustrated in Fig. 4.13, the evaluation of transition parameters, using 
thee Wallis plot, is shown in Fig. 4.15. In this case all experimental data UG - £c

 w e re used, 
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includingg those for the heterogeneous flow regime. At a certain gas hold up, corresponding to 
t̂ram'' t ne experimental data starts to deviate sharply from drift flux model for homogeneous 

bubblyy flow. The transition between the two regimes is read from the graph, as etnia , and the 
correspondingg superficial velocity at which this occurs is (/trans-

0.1 1 

vvbb-e-eddeecc" " 

[m/s] ] 
0.055 -

transition n 
point t 

== 0.185 
== 0.03 m/s 

airr / water + 0.03% (vol.) ethanol 
Drr = 0.15m 

Fig.. 4.15. Graphical evaluation of £a$ns by plotting the experimental data in 
thee Wallis drift flux plot. 

4.44 Results and discussion 

ModelModel for the gas hold up 

Onn the basis of the experiments carried out (see Table 4.5), it was noted that the total gas 
holdd up (£G) and the large bubble hold up (£b) are dependent on the column diameter and on 
thee liquid properties. Although the literature in this field contains a wide range of models, 
nonee of them can fully describe our experimental data, accounting both for liquid properties 
andd for the column diameter influence. Furthermore, only a few of the developed correlations 
accountt for the column diameter influence. 

Thee model developed in the previous chapter for the "large" bubble swarm velocity (Vb) 
allowss direct estimation of the large bubble gas hold up, using the following equation: 

l / n j ^  ̂ (4.11) £„„  = 

Thee total gas hold up in the churn turbulent regime, for UG > (/traas, was suggested by 
Krishnaa and Ellenberger (1996), assuming the constancy of the dense phase voidage: 

£G= eb+ edf ( 1- £b)) (4.12) 
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Thee value of the constant dense phase hold up can be taken to be equal to the gas voidage 
att the transition point, for estimation purposes (according to Krishna and Ellenberger, 1996): 

* * "«« «« (4.13) 

Thee influence of the column diameter is reflected in the scale factor (SF) present in the 
modell  describing the rise velocity of the bubble swarm. The acceleration factor (AF) and the 
averagee large bubble diameter (4) account for the influence of the liquid properties (see 
Chapterr 3). 

Itt remains to verify this model by applying it to all systems experimented. 

InfluenceInfluence of the column diameter on the gas hold up 

Forr the same superficial gas velocity, a larger column diameter, DT, results in a lower total 
gass hold up, £G , both for low-viscosity and high-viscosity liquids. The influence of the scale 
onn the total gas hold up for varying superficial gas velocity in the churn turbulent regime is 
shownn in Fig. 4.16 for the 0.1 and the 0.38 m columns and air-water system. 

0.35 5 

[-] [-] 

0 «« - 1 ' 1 1 
00 UG /[m/s] 4 

Fig.. 4.16. Total gas hold up dependence on scale, for the air-water system. 

Itt has to be mentioned that the model described above is valid for the heterogeneous 
regimee and is not able to describe the transition regime. The "window" of the transition 
regimee depends on the distributor design, as discussed earlier in this chapter in the 
introductoryy remarks. In industrial practice it is better to stay away from the transition regime 
andd we have therefore not tried to describe this regime with a model. We focus on the churn-
turbulentt flow regime. A close-up of this churn turbulent regime can be better seen in Fig. 
4.17,, where the data from the 0.19 m column is also added. All three columns were fitted with 
identicall  bronze sintered plate gas distributors. 

AA DT = 0.10 m 
oo DT = 0.38 m 

A A 
y ^ ^ B B 

system: : 
air-water r 
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0.35 5 

0.3 3 

0.25 5 

0.22 -

AA ^ = 0.10 m 
DD DT = 0.19m 
OO DT = 0.38 m 
—— this model 

0.2 2 0.22 2 0.244 0.26 

UUGGII [m/s] 

0.28 8 

Fig.. 4.17. Detailed diagram representing the total gas hold up in the churn turbulent 
regime,, for air-water system in three different columns (model predictions versus 

experimentall  data). 

0.35 5 

0.3 3 

0.25 5 

0.2 2 

0.15 5 

0.11 -

AA DT = 0.10 m 
DD DT = 0.15 m 
OO DT = 0.38 m 
—— this model 

0.155 0.25 0.35 

(^G-Mrans)/ [m/s] ] 

0.45 5 

Fig.. 4.18. Influence of scale on the large bubble hold up for the air-water system. 

Whenn comparing the large bubble hold up for different column diameters, the same effect 
wass found, that is dilute phase hold up tend to decrease with increasing column diameter. In 
Fig.. 4.18 the influence of scale on large bubble hold up is shown, the middle column being 
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noww replaced with the 0.15 m column, for variation. This result is not surprising since the 
densee phase hold up was found not to vary increasing the superficial gas velocity. Analysis of 
thee results regarding the dense phase hold up will be presented later in this chapter. 

Thee experimental campaign carried out in this thesis covered DGD experiments for the air-
waterr system in the 0.05 and the 0.15 m column only. The reason for this was that the other 
columnss were earlier experimented by the group (Ellenberger, 1995; De Swart, 1996), using 
exactlyy the same columns and distributors. In this case, the procedure for calculating the 
dilutee phase hold up for the above mentioned columns was based on Eqs. (4.4) and (4.13). 
T n ee £uam w as determined experimentally using the Richardson-Zaki-Wallis procedure 
describedd previously. The dilute phase hold up values calculated in this way display an almost 
perfectt match with the results from the earlier studies of the group (Krishna and Ellenberger, 
1996). . 

Too study the effect of column diameter on the gas hold up in highly viscous liquids, 
experimentss with air - Tellus oil system were performed in columns of different sizes: 0.1, 
0.199 and 0.38 m diameter. The columns used were practically the same as for the air-water 
systemm experiments, including the distributors. Disengagement experiments were performed 
inn order to get information about the dilute phase hold up. The significant influence of the 
columnn diameter on the hold up of the large bubbles is illustrated in Fig. 4.19. The model can 
bee successfully used for this system also. This fact confirms once again the validity of the 
calculationn procedure and our model equations presented in Chapter 3, for the average large 
bubblee diameter (db) and the acceleration factor (AF). 

0.055 • > 1 1 1 1 1 i i 
0.055 0.2 0.35 0.5 

(UG-Utrans)/[m/s] ] 

Fig.. 4.19. Comparison of the predictions of the large gas hold up using the model 
developedd in Chapter 3 with the experimental data from the current chapter. 

Thee significant influence of the column diameter on the large bubble hold up is evident, 
emphasisingg the importance of taking scale effects into account when estimating the 
hydrodynamicc parameters in churn turbulent operation. 
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InfluenceInfluence of the liquid properties on the gas hold up 

Thee experimental data obtained using the dramatically different systems: air-water and air-
Telluss oil (see Table 4.4 for physical properties) show that increasing the viscosity of the 
liquidd results in a pronounced decrease in the total gas hold up (Fig. 4.20). The corresponding 
influencee on the large bubble hold up is, however, almost insignificant (Fig. 4.21). 

DD air-Tellus oil 

Fig.. 4.20. Experimental results showing the influence of liquid properties on total gas 
holdd up for different scales. 

Earlierr studies conducted by Krishna and Ellenberger (1996) and Grund et al. (1992) 
concludedd that the large bubble hold up is independent of liquid phase properties. Our 
findingss show a close resemblance with their results. The small dependence found in our case 
cann be explained by the very high viscosity of the liquid experimented (rjL = 0.075 Pa s). 

Thee differences observed in the total hold ups of the two liquids were caused by different 
holdd ups of small bubbles. Some attention will be paid later on in order to analyse these 
completelyy different pictures regarding the dense phase in these two systems. 
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OJ J 

0.3 3 

0.2 2 

0.11 L 

0.30.3 r 

0.2 2 

0.11 L 

0.33 r 

0.2 2 

0.11 -

VV air-water 
DD air-Tellus oil 

—— this model 

DjDj = 0.38 m 

DTT = 0.19 m 

DTT = 0.10 m 

0.155 0.25 0.35 
(U(UGG-U-U[rans[rans)/[m/s) )/[m/s) 

Fig.. 4.21. Large bubble hold up in 0.10, 0.19 and 0.38 m diameter columns for various 
liquids:: water and Tellus oil. 

DenseDense phase gas hold up 

Thee dense phase gas voidage suffers a significant decrease for the air - Tellus oil system. 
Thiss is caused by the fact that the so-called "small" bubbles are almost not existent in highly-
viscouss liquids. 

Thee column filled with the Tellus viscous oil, before gas injection, looks like a golden 
transparentt liquid, a bit darker than sunflower oil. When a very small amount of gas is 
introducedd into the column, small bubbles begin to appear. In comparison with the 
visualisationn in air-water system, these small bubbles are much bigger and not uniformly 
distributed.. This is the reason that the homogeneous regime is almost absent for viscous 
liquids,, as the newly formed small-intermediate bubbles begin immediately to coalesce. In 
thiss case the bubble size distribution is much wider. If the superficial gas velocity is held at 
thiss point for a short time, the overall picture remains the same, but the liquid becomes turbid, 
duee to the formation of finely dispersed fine bubbles (also called "micro" bubbles or "minute" 
bubbles). . 
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2 rr x 

1.77 -

airr - Tellus oil 
DTT = 0.38 m 
UUGG = 0.25 m/s 

1.955 -
" 1 1 

escapee of small bubbles 

escapee of micro bubbles 

slopee = Ud 

gass shut-off 

ii  1 1 1 1 i I i 

-155 0 ,, , 15 
f/[8] ] 

Fig.. 4.22. Bed collapse experiment for the air-Tellus oil system. 

homogeneous s 
regime e 

transition n 
regime e 

heterogeneous s 
regime e 

system: : 
airr - water 

DTT = 0.15 m 

lD
D D D nn total gas hold up 

99 • • large bubble hold up 

S * 1 ! ^^ A A A ^ A A A A A A dense phase hold up 

00 0.1 0.2 0.3 0.4 0.5 

I VV  [m/s] 

Fig.. 4.23. Total gas hold up, large bubble hold up and dense phase hold up from DGD 
experimentss for the 0.15 m bubble column with water as the liquid phase. 
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Thesee very small bubbles were also encountered by other authors in their highly viscous 
experimentedd systems (Franz et al., 1980; Godbole et al., 1982; Wilkinson, 1991; Ellenberger 
andd Krishna, 1994). They are typically smaller than 1 mm in diameter. The residence time for 
thee "micro" bubbles is so large, that for practical purposes they could be considered to be 
stationary.. In this case, the "small" and "micro" bubbles are lumped together into the "dense" 
phasee population. 

AA typical bed collapse experiment for air-Tellus oil system is shown in Fig. 4.22; there, the 
presencee of micro bubbles can also be distinguished (see for comparison Fig. 4.12 for the air-
waterr system). 

homogeneous s 
regimee heterogeneous 

>vv regime 
0.33 A • 

HH o.i -

A A A A A A A A A A A A 

A A A A A AA A A 

DDTT = 0.10 m DD total gas hold up 
•• large bubble hold up 
AA dense phase hold up 

system: : 
air-Telluss oil 
(porouss plate distributor) 

•• • 
0.22 0.4 

UUGG I [m/s] 
0.6 6 

Fig.. 4.24. Total gas hold up, large bubble hold up and dense phase hold up from DGD 
experimentss for the 0.10, 0.19 and 0.38 m bubble columns with Tellus oil as the liquid 

phase. . 
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Fromm the performed dynamic gas disengagement (DGD) experiments, the existence of two 
bubblee sizes was observed and quantified. The comparison between low- and high-viscous 
liquidss can be very well perceived through Fig. 4.23 and Fig. 4.24. Since the large bubble 
holdd up has similar values for the two systems, the big difference in the dense phase voidage 
iss also determining the strong difference in the total gas hold up. 

Forr the air - Tellus oil system, no maximum in the total gas voidage was observed. This 
factt also added to the difficulty to determine the upper border of the transition regime (to the 
heterogeneouss regime), if there is one! 

Thee analysis of all dynamic gas disengagement experiments performed leads to the 
conclusionn that the dense phase hold up can be considered to remain constant with increasing 
superficiall  gas velocity in the churn turbulent regime. This assumption can be used for 
practicall  design purposes. 

TransitionTransition parameters 

Ass long as the accuracy of the predictions for the fundamental properties of the system is 
ensuredd (specifically the flow regime and transitional superficial gas velocity between 
homogeneouss and heterogeneous regimes) successful design and operation of gas-liquid 
bubblee columns is achievable. The effect of various operational and geometrical parameters 
onn the transition parameters makes it very difficult to develop general criterion. Very little 
informationn could be found in the literature about the prediction of the transition superficial 
gass velocity, (/trans, and the corresponding gas hold up, Etmx- The recent paper of Sarrafi et al. 
(1999)) gives a summary of the reported studies in this area. However, it is difficult to use any 
off  the models developed so far, since they are "tuned" for specific column designs. For 
example,, all models containing the orifice diameter of the distributor can not be applied in the 
casee of sintered, porous plates. 

Thee transition parameters obtained using Richardson-Zaki-Wallis method together with the 
Richardson-Zakii  parameters for the air-water system are presented in Table 4.6. 

Tablee 4.6 
Richardson-Zakii  and transition parameters for the air-water system 

Column n 
diameter r 

DTT / [m] 
0.051 1 
0.10 0 
0.15 5 
0.174 4 
0.19 9 
0.38 8 
0.63 3 

Terminall  rise velocity of a 
singlee bubble (Richardson-

Zakii  parameter) 

Vb"// [m/s] 
0.235 5 
0.241 1 
0.264 4 
0.305 5 
0.270 0 
0.385 5 
0.332 2 

Richardson-Zaki i 
exponent t 

n/H H 
2.54 4 
1.48 8 
3.19 9 
2.15 5 
2.51 1 
2.63 3 
2.01 1 

Superficiall  gas 
velocityy at 

transitionn point 

U^JU^J [nVs] 
0.019 9 
0.033 3 
0.027 7 
0.023 3 
0.034 4 
0.048 8 
0.036 6 

Gass hold up at 
transitionn point 

£«*,/[- ] ] 
0.098 8 
0.131 1 
0.128 8 
0.081 1 
0.148 8 
0.137 7 
0.098 8 

Forr the air-Tellus oil system, the early transition to the heterogeneous regime makes it 
impossiblee to measure enough points in the homogeneous part, in order to apply the 
Richardson-Zakii  calculations. Hence, the broad investigations through DGD experiments 
madee it possible to determine them directly from experiments. Based on the assumption 
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££didi = £t^ m e dense phase gas hold up values were averaged and the corresponding 
superficiall  gas velocity was considered as £7^. The values obtained following this procedure 
aree given in Table 4.7. 

Tablee 4.7 
Transitionn parameters for the air-Tellus oil system 

Columnn diameter Superficial gas velocity at Gas hold up at transition 
transitionn point point 

0.100 0.001 0.005 
0.199 0.006 0.014 
0.388 0.0065 0.018 

Theree are two important correlations for estimating the gas hold up at the transition point, 
andd the corresponding superficial gas velocity; these correlations are developed by Wilkinson 
(1992)) and Reilly et al. (1994) and they were summarised in Table 4.1. Both of these 
correlationss indicate the dependence of the regime transition parameters on the gas density. 

Usingg the physical properties for both systems, as given in Table 4.4, the transition 
parameterss were estimated using their models. The predicted values are plotted with the 
experimentall  values, obtained for the involved range of columns together (see Figures 4.25 
andd 4.26). Also data from earlier studies in the same columns are used for comparison 
(Krishnaa and Ellenberger, 1996). The only column ignored in this case was the 0.63 m one, 
sincee the distributor was not good enough for a uniform bubbly flow, therefore the estimation 
off  the transition parameters could not be considered accurate enough. 

Thee correlation developed by Reilly et al. (1994) does not account for the liquid viscosity, 
whichh in our case is essential. For the air-Tellus oil system the Reilly correlation considerably 
over-predictss the values for e ^ . Although the model describes reasonably well the gas hold 
upp at transition point for the air-water system, the fact that the model does not include the 
columnn diameter influence leads to over-predicted values in the range of small columns. An 
inversee situation is given by using the model of Wilkinson et al. (1992). For the air-water 
systemm the correlation significantly under-predicts the gas hold up at the transition point, fact 
alsoo encountered by Ellenberger (1995). With Tellus oil as the liquid phase, the determined 
valuess for e ,̂  are in the all three columns higher than the near-zero value predicted by the 
Wilkinsonn correlation. 

Sincee none of the models can satisfy the data for both systems, an empricial model for the 
transitionn parameters was developed and is now presented. Using the dimensionless analysis, 
thee hold up at the transition point was correlated: 

(( f T, \ \ 
== 0.012/fc£4We-02 

1-exp p - 0 . 0 4^ ^ 

VV  d»JJ 
(4.14) ) 

Inn obtaining the fits, only own experimental data were used. The four fit  parameters in Eq. 
(4.14)) were determined by multiple regression solver routine of Microsoft Excel 97 in which 
thee mean-square deviation between experiments and model equations were minimised. 

86 6 



ChapterChapter 4 GasGas hold up 

0.2 2 

0.1 1 

oo -

9 9 

^ ~ Ö Ö 
-3L L 

0.22 0.4 

Dr/N N 

system: : 
airr - water 
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Fig.. 4.25. Comparison between predicted values using existent correlations and 
experimentss for the gas hold up at the transition point (air - water system). 
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Fig.. 4.26. Comparison between predicted values using existent correlations and 
experimentss for the gas hold up at the transition point (air - Tellus oil system). 

Thee model presented by Eq. (4.14) takes into account the influence of liquid properties and 
columnn diameter. The model does not account for gas density and system pressure since these 
variabless were not experimented in this work. For developing the model the size of the swarm 
off  small bubbles was first approximated. This size was taken db = 4 mm for the air-water 
systemm and db = 12 mm for the air-Tellus oil system. The average value assumed for water 
systemss was also chosen by other authors (Krishna et al., 1999b; Sarrafi et al., 1999; Lage and 
Espósito,, 1999). Regarding high viscous systems less literature is available. The reported 
studyy of Klug and Vogelpohl (1986) includes secondary bubble sizes for high viscous 
Newtoniann liquids (aqueous glycerol solutions of maximum viscosity of r/L = 0.026 Pa s). The 
secondaryy bubbles, resulted by coalescence processes (bubble formation at orifices, which is 
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affectedd by the neighbouring holes) were determined by high-speed photography. The bubble 
sizess reached 8.5 mm for the highest viscosity experimented. The fact that larger small 
bubbless are expected to be present in highly viscous systems is also confirmed visually. The 
risee velocity of the small single bubble, Vb°, was calculated using Eq. (2.4), as presented in 

Chapterr 2 of this thesis. This is the Mendelson (1967) relation, corrected for the column 
diameterr influence. 

AA experimental data from literature 

OO experimental data from this work 

—— Eq. (4.14) 

system: : 
air-water r 

system: : 
air-viscouss Tellus oil 

Fig.. 4.27. Transition gas hold up as a function of the column diameter. Comparison of the 
valuess predicted using Eq. (4.14) and experimentally determined values (from this work 

andd from literature; see Table 4.8). 

Tablee 4.8 

Reportedd literature values on transition gas hold up used in Fig. 4.27 used to verify the developed 
model l 

Literaturee source 

Ellenberger(1995) ) 
Yamashitaa and Inoue (1975) 
Jamialahmadii  and Miiller-Steinhagen (1992) 
Yingetal.. (1980) 
Freedmann and Davidson (1969) 
Sarrafietal.. (1999) 
Ellenberger(1995) ) 
Hyndmanetal.. (1997) 
Deckwer(1974) ) 
Ellenberger(1995) ) 
Ellenberger(1995) ) 

Columnn diameter 

Dj/m Dj/m 

0.051 1 
0.102 2 
0.105 5 
0.127 7 
0.152 2 
0.155 5 
0.19 9 
0.2 2 
0.2 2 

0.38 8 
0.63 3 

Gass hold up at transition point 

CC i rans' l~J 

0.12 2 
0.11 1 
0.13 3 
0.1 1 

0.15 5 
0.12 2 
0.14 4 

0.137 7 
0.11 1 
0.14 4 
0.125 5 
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Thee results of the model are shown in Fig. 4.27. Also experimental data found in literature 
(Tablee 4.8), for the air-water system, were used for comparison. 

Thee model predicts a steep increase in the range of small columns. Starting with diameters 
off  0.3 m, the gas hold up at the transition point levels off and seems to reach an almost 
"plateauu region" at the value of 0.16. When more viscous systems are used, the value of the 
transitionn hold up drastically decreases; also the variation with the diameter is less 
pronounced.. For such systems the homogeneous region can even be considered to be non-
existent!!  The correlation obtained by Reilly et al. (1994), presented in the Eq. (4.16) can be 
usedd further to calculate the transition gas velocity, Uams-

InfluenceInfluence of surface-active agents on the gas hold up 

Experimentss have been carried out with solutions of water with different concentrations of 
ethanoll  (Table 4.9). For all concentrations of the aqueous solutions studied total gas hold up 
dataa were determined as a function of superficial gas velocity under the homogeneous and 
heterogeneouss bubbling conditions. The gas hold up was measured using the hydrostatic head 
techniquee described in the beginning of this chapter. In all the cases analysed also 
disengagementt experiments were performed. 

2.5 5 

_H_ _H_ 
[ml l 

22 -

1.55 -

air r 
DDT T 

u« u« 
"o o 

0.5%% (vol.) 
== 0.15 m 
== 0.25 m/s 
== 1.58 m 

solution n ethanol l 

escapee of 
largee bubbles 

escapee of 
smalll bubbles 

t/[s] t/[s] 

Fig.. 4.28. Bed collapse experiment for the 0.5 % (vol.) ethanol solution. 

Thee gas hold up behaviour in the presence of alcohols has been studied by some 
researcherss (e. g. Schugerl et al., 1977; Keitel and Onken, 1982; Kelkar et al., 1983; 
Jamialahmadii  and Müller-Steinhagen, 1992; Muller and Davidson, 1992; Muller and 
Davidson,, 1995; Zahradnik et al., 1999). The only significant property which differs 
significantlyy between water and aqueous solutions of short chain alcohols is surface tension 
andd hence alcohols can be considered as surfactants. The presence of alcohols induces a non-
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coalescingg tendency in two phase flow. The same effect can also be obtained using aqueous 
electrolytee solutions (such as inorganic salts). Studies in this field were accomplished by 
Marruccii  and Nicodemo (1967), Zieminski and Whitemore (1971), Prince and Blanch 
(1990a),, Zahradnik et al. (1995). Using alcohols as solutes the surface tension is less than 
waterr and using electrolytes the surface tension becomes greater than the one of water. 

Inn good agreement with the findings of earlier researchers, our experiments showed that 
thee addition of very small amounts of alcohols generates a considerable increase in the total 
gass voidage. This is due to the increase in voidage of the so-called "small bubble population" 
andd also to the decrease in the large bubble population. A typical bed collapse experiment for 
thee system air - 0.5 % (vol.) ethanol solution (Fig. 4.28) clearly demonstrates that the amount 
off  the dense phase is considerably changed. It is interesting to compare this bed collapse 
experimentt with Fig. 4.22 (air/viscous oil system: the small bubbles were almost not existent) 
andd Fig. 4.12 (air/water system: a much lower amount of small bubbles can be seen). In all the 
threee figures, the superficial gas velocity was chosen to be the same, namely 0.25 m/s. 

Thee prediction of the respective contribution of different bubble sizes in gas hold up 
throughh the DGD experiments can be easily distinguished through Fig. 4.29. In this graph, the 
resultss for the same 0.5 (% vol.) ethanol solution were plotted, for the whole range of 
superficiall  gas velocities experimented. 
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Fig.. 4.29. Total gas hold up, large bubble hold up and dense phase hold up from DGD 
experimentss for the 0.15 m column with 0.5 % (vol.) ethanol solution as liquid phase. 

Oncee again, the comparison between Fig. 4.29 and the Figures 4.23 and 4.24 show us the 
mainn difference in the constituent and the total gas hold up, between all systems analysed. The 
fractionall  bubble population, after comparing all the three different systems analysed in this 
workk can be schematically drawn in Fig. 4.30. 
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Fig.. 4.30. Schematic representation of the fractional bubble population in the churn-
turbulentt regime (UG not exceeding 0.35 m/s) for the three different systems: air-Tellus 

oil;; air-water and air-alcohol solutions; the air-water system is considered as a reference; 
thee fractional hold up values are approximate for the range of columns and superficial gas 

velocitiess experimented. 

gas s 
bubble e 

AG G 

Representation: : 

surfacee active agent 
(polarr molecule) 

O O 
66 + 5--
C 2H 55 - OH 

hydrophobicc hydrophilic 
surface e 
tension n 
gradients s 

Fig.. 4.31. Rigid interface (bubble) caused by surface impurities (surfactants); schematic 
drawingg adapted from Wesselingh and Bollen, 1999. 
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modell this thesis 
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Fig.. 4.32. Total hold up for different concentrations of ethanol in solution; detail: 
comparisonn in the churn turbulent regime between experiments and the developed model 

forr predicting total gas hold up [Eqs. (4.11) and (4.12)]. 

Thee decrease in surface tension in the presence of surfactant agents is not sufficient to 
explainn the observed phenomena. The mechanism of the coalescence-preventing action of the 
alcoholss was discussed and explained in detail by some authors. The alcohols, when dissolved 
inn water, are strongly adsorbed at the interface. They behave as hydrophobic materials and 
tendd to be rejected from the bulk of the solution to the interface. They accumulate around the 
bubbless forming a "protective" monolayer, and consequently the coalescence between the 
bubbless will be hindered. This tendency for accumulation at the interface increases as the 
carbonn chain length increases and the polarity of the solute decreases (Jamialahmadi and 
Miiller-Steinhagen,, 1992). When a bubble moves through a liquid, adsorbed surface active 
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materiall  is pushed to the back of the bubble. This causes a surface tension gradient which 
opposess the tangential shear stress. This phenomenon increases the drag on the bubble and 
consequentlyy the rise velocity is reduced (Clift et al., 1978). Figure 4.31 represents 
suggestivelyy how the small bubbles can behave as rigid spheres, a phenomenon caused by the 
presencee of impurities at their interface. 

Somee authors (Leval and Newman, 1976; Keitel and Onken, 1982; Machon et al., 1997) 
investigatedd also the effect of alcohol on bubble size and terminal rise velocity. Reported 
studiess assert a decrease in average bubble diameter with increasing concentration of alcohol. 
Thiss fact causes also a decrease in rise velocity of the bubbles. As a simple consequence of all 
thesee phenomena, the total gas hold up wil l be drastically changed. To illustrate this we 
performedd air-water experiments with varying concentration of ethanol. The results are shown 
inn Fig. 4.32. 

Thee results of the gas hold up indicate a significant increase of bubble bed voidage with 
increasingg the alcohol concentration. However, it has to be noted that the total increase of the 
gass hold up is not linear with the concentration increase; the voidage increases significantly 
evenn with minute amounts of alcohol. 

Thee same model developed for the total gas hold up in pure systems was also applied in 
thiss case. In the range of the churn turbulent regime, the model described shows a surprisingly 
goodd agreement with the experimental results, after the transition parameters were 
determined. . 

Analysiss of the dense phase population in all systems experimented, through DGD 
experimentss (Fig. 4.33), lead us to the following conclusions: when a very viscous liquid is 
usedd as liquid phase, only a tiny amount of "small bubbles" can be distinguished in the 
dispersion.. Quite a reverse behaviour is obtained when surfactants are present in the reactor. 
Thee dense phase voidage increases dramatically, within a narrow small-concentration range, 
andd this increase is proportional with the surfactant concentration. Also, the dense phase can 
bee considered to not vary with the superficial gas velocity, for all systems. 
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0.2 2 

(JJU^^MM^)(JJU^^MM^)<<^~^~ 0-5% (vol-) solution ethanol 

EE El 

> > 
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11 _4&#& / ^ ) ^ A A A A A Z i A A A A < — demineralised water 

oo  -q 
 n nn Telluss oil 

0.11 0.2 0.3 0.4 0.5 

üG/[m/s] ] 

Fig.. 4.33. Average of the dense phase in all systems experimented (data from DGD 
experiments). . 
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Inn alcohol solutions, by suppressing the coalescence tendency of small bubbles, the 
transitionn from homogeneous to heterogeneous regime is delayed. The transition parameters 
obtainedd using Richardson-Zaki-Wallis method together with the Richardson-Zaki parameters 
forr all the aqueous solutions tested are presented in Table 4.9. 

Sincee the Richardson-Zaki theory was developed for gas-solid systems, it is remarkable 
thatt the two parameters used, n and V~ are in the expected range. A detailed analysis of these 
parameterss was made by Krishna et al. (1994). It can be proposed for simplification to use a 
constantt value of n = 2. In this way, on the basis of the insight obtained in this work, we 
suggestt that in the homogeneous flow regime the gas hold up must be correlated in the form: 

£GG = 7 ^ - ; Kwam =V b" ( l -£ Gr ' =Vb-(l-£G); £ /<< /_ (4.15) 

Thee second relation is analogous to Eqs. (4.6) and (4.8). In the subsequent analysis, a 
approximatee value V„" = 0.25 m/s is assumed for the air-water system. Note that this value is 
veryy close to the one obtained from the Wilkinson et al. (1992) correlation for the small single 
bubblee rise velocity (e.g. 0.256 m/s). The same value, V" = 0.25 m/s, was also assumed for 
simplificationn by Krishna et aL (1994), on the basis of analysis of an comprehensive 
experimentallyy work. For the homogeneous flow regime the hold up was also modelled and it 
iss presented in Fig. 4.34. For the system with alcohol solution, data was well described using 
aa value V~= 0.21 m/s. This value is reasonable since the rise velocity of the small bubbles 
wil ll  be reduced in such systems containing surfactants. This is due to the fact that the small 
bubbless are in big amounts and they may hinder each other. 

Tablee 4.9 
Richardson-Zakii  and transition parameters for the air - ethanol solution systems 

Column n 
diameter r 

Z>r/[m] ] 

0.051 1 

0.150 0 

Ethanol l 
concentration n 

[%% vol.] 

0 0 
0.1 1 
0.2 2 
0.2 2 
0.5 5 
0.5 5 
1.3 3 
1.3 3 
0 0 

0.003 3 
0.02 2 
0.03 3 
0.1 1 
0.2 2 
0.5 5 

Terminall  rise velocity of a 
singlee bubble (Richardson-

Zakii  parameter) 

Vb*77 [m/s] 

0.235 5 
0.255 5 
0.253 3 
0.247 7 
0.221 1 
0.247 7 
0.224 4 
0.209 9 
0.264 4 
0.241 1 
0.225 5 
0.220 0 
0.247 7 
0.236 6 
0.226 6 

Richardson n 
-Zaki i 

exponent t 

«/ [- ] ] 
2.54 4 
3.00 0 
2.89 9 
3.02 2 
2.29 9 
2.45 5 
2.35 5 
1.89 9 
3.19 9 
3.06 6 
2.86 6 
2.59 9 
2.57 7 
2.39 9 
2.39 9 

Superficiall  gas 
velocityy at 

transitionn point 

UtwJUtwJ [m/s] 
0.019 9 
0.038 8 
0.038 8 
0.037 7 
0.043 3 
0.043 3 
0.046 6 
0.052 2 
0.027 7 
0.026 6 
0.027 7 
0.030 0 
0.034 4 
0.036 6 
0.042 2 

Gass hold up 
att transition 

point t 

0.098 8 
0.258 8 
0.240 0 
0.255 5 
0.300 0 
0.259 9 
0.350 0 
0.367 7 
0.127 7 
0.142 2 
0.156 6 
0.185 5 
0.178 8 
0.204 4 
0.264 4 

Assumingg n = 2 in the Eq. (4.15) leads to the correlation obtained by Reilly et al. (1994) 
forr the superficial gas velocity at regime transition: 
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UU =V F (\-f ) 
^  ̂ trans Sinai] *" irans V*  ' ' t r a n s/ 

(4.16) ) 

Thee transition parameters seem to vary with the concentration of alcohol, starting already 
withh small concentrations. This behaviour appears not to be influenced by column diameter. 
Thee transition parameters, for both columns experimented with these systems, i.e. 0.051 and 
0.155 m in diameter, are plotted in Figures 4.35 and 4.36. More data would be required to 
quantifyy this hypothesis. However, a qualitative analysis of the data is maybe already 
sufficientt to interpret the data. Both etIWS and U  ̂ increase steeply at low concentrations. At 

higherr concentrations, the influence becomes smaller and a constant value can be reached. 
Furtherr study is needed to prove this idea. 

airr - 0.5% (vol.) solution ethanol 
DDTT = 0.15 m 

airr - water 
(DTT = 0.19 m) 

0.022 0.04 

UUGG I [m/s] 

Fig.. 4.34. Gas hold up in the homogeneous flow regime. 
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Fig.. 4.35. Superficial gas velocity at transition point versus ethanol concentration. 
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Fig.. 4.36. Gas hold up at transition point versus ethanol concentration. 

Thee influence of adding surface-active substances, such as n-alcohols, appears to be similar 
withh the observed influence of high pressure in bubble columns operation. 
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4.55 Conclusions 

Thee main results presented in this chapter are: 
•• Total and dilute phase hold up tend to decrease with increasing column diameter both for 

low-- and high-viscosity liquids. 
•• Variation of the liquid properties has a very significant influence on the total gas hold up 

inn bubble column operation. Increasing the viscosity tends to lower considerably the total 
gass hold up. The difference in the large bubble hold up with liquid properties is very 
small.. The dense phase hold up decreases dramatically with increasing viscosity of the 
liquidd phase (see Fig. 4.33). For high viscous systems the small class of bubbles consists 
off "micro" bubbles together with some sporadic small bubbles with a larger size 
distribution.. The average bubble size was taken db = 4 mm for the air - water system and 
ddbb = 12 mm for the air - Tellus oü system. 

•• In the heterogeneous flow regime, the dense phase gas voidage, e ,̂ is practically 
independentt of the superficial gas velocity, for all systems analysed. For estimation 
purposess it can be assumed: e  ̂ =ewaa. A empirical model for predicting e  ̂ was 

developedd [Eq. (4.14)]. Together with Reilly et al.'s correlation for estimating U  ̂ [Eq. 
4.16)],, they provide a practically usable model for prediction of the transition parameters. 
Thee steep increase of the transition parameters detected in the range of small columns 
levelss off, starting with diameters of 0.3 m. 

•• A model for total gas hold up in the churn-turbulent regime was formulated based on the 
correlationn suggested by Krishna and Ellenberger (1996) and is presented in Eqs. (4.12) 
andd (4.13). The large bubble hold up is linked with the bubble swarm velocity model, 
developedd in the previous chapter by the following relation: eb ={U G -Uumi)/Vh. In the 
homogeneouss flow regime the gas hold up must be correlated using Eq. (4.15). The 
Richardson-Zakii exponent n can be assumed to be 2. 

•• Addition of alcohols to water leads to a considerable increase in the gas hold up, caused 
mainlyy due to a much increased hold up of small bubbles. The non-coalescing tendency of 
thee medium may also reduce the large bubble voidage, relatively to the pure water system. 

•• The total and dense phase hold up tend to increase with the concentration of alcohol 
added.. The same proportionality with the alcohol concentration was perceived in the trend 
off transition parameters (see Figures 4.35 and 4.36). The effect of concentration is 
presumedd to limit to a maximum value. Further study is required to prove this idea. 

•• The model presented can also describe well the alcohol solution data, on condition that the 
transitionn parameters are firstly determined. 

Thoughh we have succeeded to describe the scale dependence on the gas hold up in our 
laboratoryy scale columns, these models cannot be used as such in scaling up to commercial 
scalee reactors. We need to consider the liquid circulations engendered by the rising bubbles. 
Thee scale dependence of liquid circulation velocity is the topic of the next chapter. 
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ChapterChapter  5 

LiquidLiquid  velocity  profile 

Abstract t 

Thee radial distribution of the liquid velocities has been measured for the air-water in 
bubblee columns of 0.174, 0.38 and 0.63 m. Additionally, measurements with air - viscous 
Telluss oil system were performed in the 0.38 m column. A more comprehensive set of 
experimentall  work was performed to measure centre-line liquid velocities in the same 
columns,, for a range of superficial velocities up to 0.35 m/s. The experimental results 
emphasisee the significant influence of the scale on the hydrodynamics of bubble column 
reactors,, especially for operation in the churn turbulent regime. Experimental results were 
comparedd with CFD simulations, performed in the same group in a parallel research, by van 
Batenn (2000). The good agreement between the simulations and the experiments allow us to 
considerr CFD as a predictive and scale up tool for bubble column reactors. 
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5.11 Introductio n 

Sincee operation in bubble columns does not require any other additional mechanical 
mixingg device - all dispersing energy is introduced by the gas phase - movement of fluids 
occurss only by natural dynamics of the phases. 

Industriall  applications involve large scale reactors and high superficial gas velocities. In 
thesee cases the flow pattern is usually highly turbulent and very complex. Due to this fact, it is 
obviouslyy of practical importance to describe turbulent motion in terms of averaged 
quantities.. A detailed description of the flow regimes encountered in bubble columns has 
alreadyy been given in section 4.1 of this thesis. In the churn-turbulent regime a large fraction 
off  the gas introduced rises in the central region of the column. The gas hold up profile will 
changee from flat profile, characteristic for homogeneous regime, in a parabolic one (Fig. 5.1). 

Fig.. 5.1. Flow regimes in bubble column reactors. 

Thee rising gas bubbles draw liquid upward and when the bubbles escape at the top, the 
liquidd flows down the sides of the column. This leads to a radial distribution of liquid 
velocity,, as shown in Fig. 5.2. The fluid dynamics description of bubble columns is mainly 
basedd on the liquid circulation velocity field, considered the most important "fluid-dynamic 
quantity""  to which several other variables of the process can be correlated (e.g. axial 
backmixingg properties, heat and mass transfer coefficients). The gas bubbles "churn up" the 
liquidd phase and cause an intense mixing in the column. The "small" bubbles are entrained in 
thee liquid phase and have the same backmixing characteristics as the liquid phase. 
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Fig.. 5.2. Gas hold up and liquid velocity profiles in churn turbulent regime. 
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Fig.. 5.3. Liquid flow pattern in a bubble column. 

Thee pronounced liquid circulation pattern produced by the rise of the gas bubbles results in 
thee following aspects and considerations: 
•• In the central zone of the bubble column the liquid rises upwards, having at column axis 

(<j>(<j>  = 0) a maximum value. This velocity will be referred to further in this work as "centre
linee velocity". 
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•• Near the wall of the column (<j>  = w), the liquid is flowing downwards with a maximum 
downwardd oriented velocity positioned in the close vicinity of the wall; the small bubbles 
aree also entrained by the liquid, being carried in the same way as the liquid, downwards 
alongg the walls. 

•• Between these two regions there is an inversion point (0 = $), in which the flow changes 
direction,, therefore the net velocity is zero. 

•• At the wall, the liquid is supposed to have a zero velocity; there is no slip. 
Figuree 5.3 shows all notations and nomenclature used further in this chapter for the 
characteristicc parameters. 

Inn the last two or three decades a number of hydrodynamic models and relations for 
describingg liquid phase flow in bubble columns have been developed. The first part of this 
chapterr presents a detailed survey on literature correlations collected in this area. After 
discussionss on the literature correlations we present details of our experimental work. 

5.22 Literatur e survey on liqui d velocity 

Thee modelling of turbulent processes in bubble columns in early work has been somewhat 
empirical.. Miyauchi and Shyu (1970) were the first to look into this area. They assumed the 
existencee of a laminar sublayer near the wall and of a turbulent core in the rest of the region. 
Thee buffer layer was considered to be absent. According to the universal velocity profile they 
estimatedd the thickness of the laminar sublayer. They obtained the following equation for the 
walll shear stress: 

TWW = ( Ï I ^ K L C W ) | V L ( W , ) | ( 5- ° 

wheree VL(w), the maximum downward velocity, was taken as the experimentally measured 
valuee nearest to the wall (the laminar sublayer is very thin in comparison with column 
diameter).. Equation (5.1) was used to estimate TW . 

Ueyamaa and Miyauchi (1979) further developed the model of Miyauchi and Shyu (1970). 
Initiallyy they performed a wide range of experimental measurements for the gas hold up. The 
internall liquid circulation is driven by a radial gas hold up profile assumed to be of the form: 

£c(*)£c(*)  = eJ^\-r)  (5.2) 

inn which 0 is the radial coordinate, 0 = rlR. After examining the nature of the gas hold up 
profiles,, they set a simplified form of the liquid-profile obtained for m = 2 : 

^ ( 0 )) = (vL(O) + |KL(w)|)(l-02)2-|^(w)| (5.3) 

wheree the liquid velocity at the centre of the column and the maximum downward velocity 
nearr the wall are given by the following formulas: 

192vtt 1-£G i-eG
 {DA) 

11 L ' I92vt l - e G l-eG
 K } 
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Thee value of the parameter m in Eq. (5.2) indicates the steepness of the gas hold up profile 
andd hence the intensity of liquid circulation. Ueyama and Miyauchi (1979) considered the 
valuee m = 2, as being independent of the gas velocity and the column diameter. Some other 
researcherss put some effort in studying this m parameter (Kojima et al., 1980; Walter and 
Blanch,, 1983; Kawase and Moo-Young, 1986; Clark et al., 1987; Menzel et al. 1990; Rice 
andd Geary, 1990; Gharat and Joshi, 1992; Kumar et al. 1994). The value of m was found to be 
dependentt on column diameter, superficial gas (and liquid) velocity and physical properties of 
thee system. A discussion over the parameter m will be presented later in this chapter. 

Joshii  and Sharma (1979) and Joshi (1980, 1983) developed a model based on energy 
balance,, extending the approach of Whalley and Davidson (1974). The velocity profile in the 
absencee of liquid flow is given by the following equation: 

VL(0)) 2Y 

Inn the presence of liquid flow (Joshi, 1990) the equation takes the following form: 

VLL (0) = f 1 "  | 0 V L C0> + FLI (0> 

(5.6) ) 

(5.7) ) 

wheree VLl(<j>)  is the local liquid velocity in the absence of gas. 
Joshii  (1980) also calculated the centre-line liquid velocity, VL(0), and the average 

circulationn liquid velocity, Vc: 
x-ll' 3 3 

VL(0)) = U 8 «A A * / 0 --
l -£« « 

-e^u. -e^u. 
M M 

(5.8) ) 

VLL =1.31 gDgDT T ^ G --
l -e« « 

- e ^ « v v 

M M 
(5.9) ) 

Thee author has demonstrated the favourable ability of the equation in the range of 
0.11 <DT<  5.5 m and 0.02 < UG < 0.71 m/s. It must be underlined that experimental input is 
requiredd for the prediction of velocity profile using Eqs. (5.6) and (5.8). However, the model 
iss difficult to use, because of the presence in the relationship of the two terms ec and u^ 
whichh need to be computed separately or given as experimental input data. 

Riquartss (1981) found insufficient agreement between measured data and theoretical data 
predictedd with Ueyama and Miyauchi (1979) model for VL(<j>)/V L(0) over dimensionless radial 
distance,, 0, especially in the high 0 range. Therefore he suggested an approximation of 
experimentall  data based on a polynomial regression: 

V.V. (<t>) , , 
(5.10) ) 

Forr the regression, Riquarts used data produced by Hill s (1974), Pavlov (1965) and 
Ueyamaa and Miyauchi (1979) in bubble columns of 0.138, 0.172 and 0.6 m in diameter. The 
valuess of the coefficients used in Eq. (5.10) can be found in Table 5.2. 

Ulbrechtt et al. (1985) modified and extended the mode! of Ulbrecht and Baykara (1981) 
forr liquid velocity profile in the turbulent regime. The model assumes a certain flat zone in 
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thee core of the column for the liquid's axial velocity. The final form was obtained assuming 
thee transition point at 8 = 0.7 and the thickness of the flat zone being OAR from the centre. 

Inn 1992 Gharat and Joshi proposed a new model for the flow structure in bubble columns. 
Thee model is supposed to satisfy the mass balances for both gas and liquid phase, force 
balancee and energy balance. Based on simulation data they developed simple correlations for 
thee turbulence parameter / and for the hold up parameter m. The authors also suggested 
empiricall  simplified correlations for quick calculations of the velocity profile. These 
correlationss are based on the hold up parameter m, which is dependent on column diameter, 
superficiall  gas velocity and liquid properties. 

Somee authors analysed the velocity profile in terms of turbulent viscosity (v,). For constant 
vtt models, the turbulent kinematic viscosity was fitted empirically, as a function of the system 
geometryy and operating conditions. Later, the additional turbulence generated by the presence 
off  bubbles was considered to be important. Gharat and Joshi (1992) concluded that the value 
off  eddy viscosity in the presence of gas is much higher than in the case of single phase flow 
andd they considered it as a crucial point for modelling the flow pattern in two-phase flow. 

Thee correlations for turbulent kinematic viscosity, v„  used for constant v, models, are 
givenn in Table 5.1. 

Tablee 5.1 
Turbulentt viscosity correlations 

Author r 

Miyauchii  and Shyu, 1970 

Ueyamaa and Miyauchi, 1979 

Kojimaa et al., 1974 

Miyauchii  et al., 1981 

Riquarts,, 1981 

Kawasee and Moo-Young, 1989 

— — 
Correlation n 
v,, = 0.0199 Z>;8 

V,, =0.0322Z>;7 

V,, =0.0133/J}7 

v,, = 0.0345 f / ^ D f 

ReRett =90.9Re-mFr lil 

^ W ^ 3 3- 9 ^ ^ 
Kawasee and Moo-Young (1986) proposed a model for turbulent Newtonian and non-

Newtoniann fluids. The velocity profile was used to estimate the characteristic average mixing 
lengthh and virtual kinematic viscosity. They approximated the liquid distribution in a bubble 
column,, for high Reynolds numbers, by the following simple correlation: 

^ Ö T 1 " 22  (5.11) 

withh a value of N = 2. Franz et al. (1985) also suggested the above velocity profile. 
Furthermoree they observed that liquid velocity profile data for non-Newtonian fluids obtained 
byy Walter and Blanch (1983) can be also correlated by Eq. (5.11). 

Thee same parabolic distribution is also assumed by Tobajas and Garcia-Calvo (1996) with 
aa new fit for the N parameter. 

AA summary of the literature velocity profiles is given in Table 5.2. Most of them require 
somee experimental input (for centre-line velocity or/and velocity near the wall), before 
velocityy profile can be fully predicted. 
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Tablee 5.2 
Literaturee correlations for liquid velocity radial profiles 

1. . 

2. . 

3. . 

4. . 

5. . 

6. . 

7. . 

Author r 

Ueyamaa and 
Miyauchii  (1979) 

Linneweberr (1981) 

Riquarts(198I) ) 

Nottenkamperr (1983) 

Walterr and Blanch 
(1983) ) 

Joshi(1983) ) 

Ulbrechtetal.. (1985) 

Velocityy profile 

VVLL((vv)) = {vL(0)+\VL(w)\)(l-^f -\VL(W)\ 

D>D> TgTgee004-3e4-3eG+G+UUL L 

I92v,, \-e0 l-eG 

11 n 192vt l - eG l -£c 

^ ^^ = I + O.190-4.3702 + 2.6903 for O<0<O.95 
VL (0)) r Y Y Y 

V,V, (0) , , . 
v ( 0 )) =a<y+aiy+aiY +aiY +<**Y 

forr 0 < <t>  < 0.7 a0 = I ; a, = a3 = 0; a2 = -0.5; at = -3 

forr O.7<0<O.9 a0=  -234.397; a, =1166.379; a2 =-2142.483; 

a33 =1723.390; a4 =-513.702 

vL(0)) i_(i_5^)r 

aa = 1.184+0.385£/c 

55 = V0.51 + t/L 

KL(0)) S2 

~{\-25~{\-2522\m\m + 4) 

.[4-{m+4)52f , , 
fc~fc~22-$V) -$V) 

inn the absence of the liquid flow: 

^ > = l - 3 0 0 
VL(0)) 2V 

inn the presence of liquid flow (Joshi, 1990): 

VL(0)) = f l - | ^V L (O) + VL1(0) 

^ ^ -- = -I.3730* -O.981n0 +0.323 
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8. . 

9. . 

10. . 

11. . 

12. . 

13. . 

Author r 

Kawasee and Moo-
Youngg (1986) 

Yangg etal. (1986) 

Wachietal.. (1987) 

Bernemann(1989) ) 

Tobajass and Garcfa-
Calvoo (1996) 

Gharatt and Joshi 
(1992) ) 

Velocityy profile 

V L ( 0 ) = II  2 f f , y r ; t f ' = 2 
VVLL(0) (0) 

VL(0) ) 

VVLL((I>)((I>)  _vL«t» 

VL(0)) VL(0) 

d"**  —4 

++ (/L for£/L * 0 
t/L -o o 

YfYfuu-)--)-
UU^^ X"R 3 _ 4 ^ g* 2£G2-3f0 

eeLL 12v,pL 1-£G 48vt l - e0 

^ MM =-0.72 Infl - O.7502)-2.53^2 +1 
VL(0)) v ' 

VL(0) ) 

£ ^^ = 4 W»**)! " +A3[exp(0)p 

^=2.156-0.175mI+0.024m3 3 

A 2=-1.03+0.137m2-0.019m3 3 

Ajj  = 0.09-0.14m*+0.0019m3 

mm = 11.01D°34t/£61 

Inn Fig. 5.4 the literature correlations for liquid velocity radial profiles presented in Table 
5.22 are plotted together with the experimental data from this work (details of experimental 
workk will be presented later, but here we will be content with a "preview"). One can see that 
inn the upflow region of the column all models are more or less "comparable", showing a small 
differencee in predicting the liquid circulation. Exceptions make the models of Ulbrecht et al. 
(1985),, Yang et al. (1986), Riquarts (1981) and Joshi (1983). In the downflow region, the 
differencess between the predictions of the models become considerable. The most interesting 
andd also intriguing point described by the models is the maximum downward velocity. Most 
off  the models are giving a higher value than observed in our experiments. 
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1.55 r 

0.55 -

vv LL(o) (o) 

-0.55 -

-11 -

-1.55 -

Experimentall data 
DD - DT = 0.174 m 
OO - DT = 0.38 m 
OO - Dr = 0.63 m 

0.2 2 0.44 0.6 

11 12 

0.8 8 

Fig.. 5.4. Liquid velocity radial profiles. Comparison between literature correlations 
presentedd in Table 5.2 and experimental data from this work. 

AA statistical comparison between our experimental data with the predictions of the 
literaturee models was further performed. For our complete data set of experiments with air-
waterr operated in the churn-turbulent regime we compared the measured data, consisting of 
NDND = 102 data, with the predictions of the liquid velocity radial profile using all mentioned 
literaturee models. The values of the standard deviation calculated for all i data points 
measuredd experimentally, S, are compared in Table 5.3. 

SS = 
l£(pred,.-exp,.)2 2 

ND ND 
(5.12) ) 

Alll  the above mentioned models consider the value of eddy difusivity to be constant. 
Besidee these, several other one dimensional models have been proposed, considering v, not to 
bee constant (Sato et al., 1981; Clark et al., 1987; Menzel et al., 1990; Luo and Svendsen, 
1991;; Geary and Rice, 1992; Kumar et. al, 1994). For all these models the governing 
equationn of motion represents a common characteristic. When the modelling of the turbulence 
parameterss from Reynolds shear stress equation is taken into account, significant differences 
appearr between these models, both in terms of eddy viscosity or Prandtl's mixing length. The 
eddyy diffusivity or mixing length varies in radial direction, while it was assumed to be 
constantt on axial location. The radial dependence was expressed in terms of local gas hold up 
andd bubble characteristics (size and shape). Some authors used an averaged value for the 
mixingg length, most frequently expressed in terms of column diameter and of superficial gas 
velocity.. Some examples will be presented later in this chapter. 
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Tablee 5.3 
Standardd deviation of literature correlations for liquid velocity profile from experimental data from 
thiss work 

Referencee Standard deviation, SI [m/s] 

Ueyamaa and Miyauchi (1979) 0.149588 
Linneweber(198I)) 0.101877 
Riquarts(1981)) 0.263098 
Nottenkamperr (1983) 0.104925 
Walterr and Blanch (1983) 0.210127 
Joshi(1983)) 0.128604 
Ulbrechtt et al. (1985) 0.267015 
Kawasee and Moo-Young (1986) 0.205073 
Yangg etal. (1986) 0.520222 
Wachietal.(I987)) 0.071073 
Bernemannn (1989) 0.057662 
Tobajass and Garcfa-Calvo (1996) 0.286246 
Gharatt and Joshi (1992) 15.86325 

Satoo et al. (1981) considered the single phase flow case and introduced an additional 
turbulencee generated by the presence of bubbles in order to compute the turbulent viscosity. 
Therefore,, the overall turbulent viscosity is given by: 

ItIt  =Vm+n^+^ (5.13) 

Forr the additional term they proposed the following correlation: 

l ^ ^ l y " ^^ (5.14) 

Thee value of fc, parameter was adjusted empirically to 1.2 on the basis of velocity and hold 
upp profiles at very high gas velocities. The resulting flow pattern does not show a good match 
overr the usual encountered range of superficial gas velocities and column diameters in bubble 
columns. . 

Clarkk and Atkinson (1987) developed a model for the distribution of axial velocity at half 
thee height of a bubble column. The axi-symmetric gas void fraction profile was supposed to 
bee described by a radial power law equation, such as that due to Bankoff (1960): 

£G ( 0 ) = £G ( l - 0 rr (5.15) 

assumingg that the p value is typically 7. They also mention some other profiles proposed in 
thee literature and they consider their theory being general applicable to all void distributions. 
Ass boundary condition they assume a zero value for liquid velocity at a finite distance from 
thee wall, 5W. 

5-omFA r r 
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Theyy compared their predictions with experimental data of Hill s (1974) and they found good 
agreement.. However, for this comparison the range of data was not wide and only one column 
diameterr was used. 

Andersonn and Rice (1989) made an important contribution. They were the first to develop 
aa complete analytical solution for time averaged liquid velocity profiles. The voidage 
distributionn was treated simply as a two-zone function, with a higher voidage in the upflowing 
coree region and a lower one in the buffer zone. Further, the thin boundary layer near the wall 
wass considered free of bubbles (since a finite bubble has a very limited degree of freedom to 
residee near the wall). Using von Karman model for Reynolds stress they obtained the velocity 
profilee for the upflow region with the boundary condition VL(5) = 0. For the downflow 
regionn they assumed Prandtl's mixing theory representing the Reynolds stress. They 
establishedd not only mass balance, but also energy balance in order to close the system and 
findd the unknown variables. 

Inn 1990, Rice and Geary developed a velocity profile in terms of an elementary integral 
function.. The model is based on the premise that two distinct zones exist: a mainly turbulent 
coree zone and a thin viscous wall layer. The velocity profiles were obtained extending the 
conceptss introduced by Clark et aL (1987) and Anderson and Rice (1989). These authors 
developedd the basic model of Ueyama and Miyauchi (1979) introducing Prandtl and von 
Karmann turbulent stresses, respectively, to solve the locally varying turbulence properties. 

Thee development of momentum balances in two-phases flow is still being debated, 
yieldingg similar but slight variations to the resulting balances (Ishii, 1975; Rietema, 1982; 
Ishiii  and Zuber, 1979; Wallis, 1969). The most popular development of the equations has 
beenn formulated with the aid of the so-called "separated flow model" (Ishii, 1975; Rietema, 
1982)) which gives the following ^-directed momentum balances for the liquid (continuous 
phase)) and gas (dispersed phase): 

( l - £ G ) P L ^ -^^ = -V . ( l - f G) r L - ( l - f G)Vp- ( l -Ê G)pL g+F I (5.17) 

eGPG^G-^^ = -V£G7:L -£GV/>-£GpGs-Fs (5.18) 

wheree Rice and Geary considered the radial variation for the gas hold up as follows: 

£G(0>> = £G -N«- f £T T 
mm Jw I wJ 

forr <f><w  (5.19) 

M 0 )) = ° for <j)>w  (5.20) 

Thee position of the maximum downward velocity, w, is expressed in dimensionless form. 
Theyy indicate a thin layer near the wall (1 -2 mm) which is entirely bubble-free. The mixing 
lengthh in terms of bubble diameter db is given as: 

lQ)lQ) = db5W (5.21) 

Inn 1991 the same authors modified the last equation, introducing a correction for deformed 
bubblee size. This came out after a constructive debate between the authors and Hill s (1991). 
Thee mixing length scale under these conditions then becomes: 
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m=-m=-bb--£G(0) ) 

a' ' 
(5.22) ) 

Thee bubble shape correction factor, a, is defined for an ellipsoidal bubble as ratio of its 
heightt and its breadth (Fan and Tsuchiya, 1990): 

11 Ta < 1 

aa = < [0.81+0.206tanh(2(0.8-log7a))f 1 < Ta < 39.8 (5.23) 

0.244 Ta>39.8 

Clarkk et al. (1987) and Devanathan et al. (1990) recommended the use of a single phase 
lengthh scale, as measured by Nikuradse (1932). In contradiction with this, Geary and Rice 
(1990,, 1991) proposed a mixing length proportional to the bubble size, as seen in Eqs. (5.22) 
andd (5.23). The same authors extended in 1992 they their own model in order to include the 
naturall  turbulence originating at the wall. Based on the premise of energy minimisation they 
proposedd for the core region: 

/(0)) = Max[/b,/*(0)] forO<0<w (5.24) 

Inn the region near the wall they consider the behaviour of the liquid phase analogous to 
single-phasee pipe flow and they suggest the mixing length determined experimentally by 
Nikuradsee (1932): 

r (0)) = JR(o.l4-O.O8^2-O.O604) (5.25) 

Thee final aspect of their model is the manner by which the two possible length scale are 
incorporated.. The original closure relations are therefore modified, in order to include the 
turbulencee created at the wall. The final equations for the liquid velocity profile in the two 
regions,, obtained by Rice and Geary (1992) are: 

d<t>d<t> 2[ / (0) ]2 I-.II+^W^ ) ) forr 0 < 0 < w (5.26) ) 

dK_dK_ vLR 
1 -11 + 2**r,--

d<!>d<!>  2[ / ' (0)f . 

wheree the f}(<j>)  and y(0) are: 

[/>)]V(0) ) forr <f>  > w 

W )) = ̂ H > >-ii ï ï 

(5.27) ) 

(5.28) ) 

7(0)) = - ^ 
022 — w 2~\ 2~\ 

Forr the maximum downward velocity the following expression was derived: 

VVLL(w)=^^-(w(w)=^^-(w22 -l-2w2lnw) LL 4vLiv
2 v ' 

(5.29) ) 

(5.30) ) 
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Accordingg with Rice and Geary (1992), for small columns the bubble scale dominates, and 
forr larger diameters the single phase mixing length predominates. Following the choice of a 
rightt scale, they obtained the eddy diffusivity according with Prandtl's equation and Eqs. 
(5,26)) and (5.27) were numerically integrated. Performing the overall mass balance the 
positionn of the maximum downward velocity, the value of w was calculated. 

Burnss and Rice (1997) suggested a flat profile in the central core, driven by a voidage 
definedd as a staircase function. They divided the column into three different zones: a central 
core,, an annular buffer region and a thin layer free of bubbles near the wall. Furthermore, the 
distributionn of hold up profile is assumed to be constant in each region, but varies between 
regionss as a "staircase", being zero in the wall region. The proposed voidage staircase profile 
givess by averaging: 

eecc=2\e=2\eGG(<p)<t>d<l>(<p)<t>d<l>  = ecö
2+eB{w2-S2) (5.31) 

0 0 

eecc and eB are the hold up in the central and buffer zone, respectively. 
Thee following expression was given for the velocity profile, valid for all three zones: 

it^vMbit^vMb (5-32) 

Thee functions f(<j>)  and x are given in Table 5.4. 

Tablee 5.4 
Definitionss for the factors ƒ (̂ ) and % used in Eq. (5.32) 

Regionn /(0) X 

core e 

buffer r 

walll  w2-<tt2 gD2 £ 
8vLL w2 

Thee length scales for turbulent mixing were taken to be equal to the bubble diameter for 
bubblyy flow and to the column diameter for churn turbulent regime. Analysis performed on 
thee experimental data lead to two averaged values for the proportionality constant, one for the 
homogeneouss bubbly flow and one for the churn turbulent regime: 

vvttmm = 2S\(UGgrd?b-*mT3 (5.33) 

vt(0)) = O.O242(f/G^)'/3Df(l-0'"f 3 (5.34) 

Kawasee and Tokunaga (1991) estimated a characteristic mixing length as a lumped 
hydrodynamicc parameter, averaged over the flow cross-sectional area: 

' = M \\ (5.35) 
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Minimisingg the difference between their model predictions and the experimental data for the 
liquidd profiles they adjusted the constant k2 and the mixing length becomes: 

II =0.0450™ DT (5.36) 

Menzell  et al. (1990) have directly estimated the eddy viscosity from their experimental 
data.. The authors used two different bubble columns in order to measure the Reynolds shear 
stresss profiles along with the velocity and void fraction profiles. The columns were 0.15 and 
0.66 m in diameter. The calculated eddy viscosity distribution was described using the 
followingg function derived from the Reichardt distribution (1951) for single phase pipe flow: 

v l ( «« = y ^ - > ( l ^ ' I l - ^ (5.37) 
6 6 

Thee constant kN was adjusted to a value of 1.13 for air-water systems and 1.8 for viscous 
flows. . 

Reichardt'ss relationship for describing the turbulent viscosity profiles proved to be valid 
andd useful also for Luo and Svendsen (1991). They compared the predictions from their one 
dimensionall  model with a wide range of data available in the literature. Their conclusion was 
quitee straightforward: for low Reynolds numbers the differences between velocity profiles for 
differentt values of &N were obvious, while becoming insignificant as the Reynolds number 
increased.. For Reynolds numbers larger than 1000, the velocity profiles were found to be 
independentt of )tN. 

Kumarr et al. (1994) performed various kind of comparison of the different mixing length 
scalee distributions available in the literature. These mixing length distributions were 
introducedd in the equations of liquid velocity profile developed by Rice and Geary (1990). As 
holdd up distribution they used the following relation (Kato et al. 1975), allowing in this way a 
nonzeroo value in the vicinity of the wall: 

££ G (0) = ̂  G m**A  ~ W ) (5.38) 
mm — LD + 2, 

Ass reference system the authors used the experimental data reported in the literature by 
Hill ss (1974), Yu and Kim (1991), Yao et al. (1991), Nottenkamper et al. (1983) and Menzel et 
al.. (1990). Using an original procedure, Kumar et al. (1994) computed the mixing length 
radiall  distribution from the experimental data for liquid velocities and void fraction. The 
authorss described as finally the resulting profile: 

Thee constants b0-bt were obtained using nonlinear regression procedure. Remodelling the 
velocityy profiles they checked the estimated mixing length scale. The authors have not found 
anyy consistent dependence of mixing length on column diameter and superficial gas velocity. 
Theyy finally reached the conclusion that any attempt to gather experimental data from various 
sourcess in the same framework is totally inefficient. This is acceptable if one is interested in 
simulatingg the hydrodynamics of a laboratory column but for scaling up to commercial sizes, 
itt is essential to have information on the variation with column diameter. 
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TheThe "m"parameter 

Thee predictions of the liquid velocity profile in Rice and Geary model are very sensitive to 
mm values and can lead to different magnitudes of the liquid velocities. 

DD O O experimental data 
airr - water system 

-0.6 6 

-1 1 

Ricee and Geary (1992); m = 6 
Ricee and Geary (1992); m = 8 

11 I I I I I L 
0 0 1 1 0.22 0.4 0.6 0.8 

radiall coordinate, 0 / [-] 

Fig.. 5.5. Simulated velocity profiles using Rice and Geary model (1992) for different m values. 
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Usingg Rice and Geary (1992) model with our own experimental values as input data we 
simulatedd the velocity profiles for different "m" values. Figure 5.5 represents the above 
mentionedd simulations for the three bubble columns we used experimentally. The position of 
thee maximum downward liquid velocity, w, was obtained applying a liquid mass balance (the 
volumetricc upflow rate must equal the volumetric downflow rate so that the net liquid flow is 
null): : 

{ ( l - eK WW + | ( l - f K > ^ = 0 (5.40) 
00 w 

Thee inversion point, S, between the downward and upward flow was obtained in all 
simulationss around the frequently mentioned value of 0.71. This inversion point also matches 
quitee closely our experimental values. From the comparisons presented in Fig. 5.5 we can also 
seee that the Rice-Geary approach works better for the 0.174 m column but not for the 0.63 m 
diameterr column. This suggests that scale up to commercial scale reactors is fraught with 
danger, , 

Thee data of Hill s suggest that m is large (rather flat profile) in the bubbly flow regime and 
uponn transition to churn turbulence, then m gradually takes values in the range 2 - 4 when 
increasingg the superficial gas velocity. Wachi et al. (1987), Ueyama and Miyauchi (1979) and 
Yangg et al. (1986) took a value m - 2. 

Centre-lineCentre-line liquid velocity 

Itt is of considerable interest to be able to predict the centre-line liquid velocity, V*L(0), in a 
bubblee column, operated in the chum turbulent regime (see Fig. 5.4). The complex flow 
togetherr with the mixing behaviour is crucially dependent on this parameter VL(0). The scale 
influencee on VL(0) has already been reported in the literature. Table 5.5 shows the collected 
literaturee models for the VL(0). 

Mostt of the authors have found that the time-averaged liquid velocity in the centre of the 
columnn depends on bubble column diameter and superficial gas velocity: VL(0) = f{DT,U0)-
Somee other researchers (Riquarts, 1981; Ulbrecht et al., 1985; Bernemann, 1989) derived the 
centre-linee liquid velocity also as function of the liquid viscosity. It is interesting to see that 
thee proportionality on the kinematic viscosity points is opposite: Ulbrecht et al. (1985) found 
aa direct proportionality on this variable and, on the contrary, Riquarts (1981) and Bernemann 
(1989)) an inverse one. 

Joshii  and Sharma (1979) and further Joshi (1980) derived an energy balance model, 
startingg from the one proposed by Whalley and Davidson (1974). The model corrects the 
deficiencyy of the previous model (the model was only suitable for a special type of column 
construction,, with a ratio H/Dj < 1) and applies for typical bubble columns (H/Dj > 3). They 
assumedd isotropic turbulence and a constant mixing length: 

// = 0.08£>T (5.41) 

Riquartss (1981) published a model for the maximum upwards liquid velocity, e.g. the 
velocityy in the centre of the column. This study is related with another paper, published in 
1980,, on backmixing in bubble columns, where he refers to the analogy with fixed beds and 
hee transforms Pe - 2 also for bubble columns. Based on the analogy between momentum 
transportt and mass transfer he gives the following expression for the liquid centre-line 
velocity: : 
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VVLL(Q)(Q) = 0.2\JD^> 

ff  , \I/B 

^ 88 J 
(5-42) ) 

Tablee 5.5 

Literaturee correlations for centre-line liquid velocity 

1. . 

2. . 

3. . 

4. . 

5. . 

6. . 

7. . 

8. . 

9. . 

Author r 

Ohkii  and Inoue (1970) 

Ueyamaa and Miyauchi (1979) 

Joshi(1980) ) 

Riquarts(1981) ) 

Zehner(1982) ) 

Nottenkamperr (1983) 

UlbrechtetaL(1985) ) 

Kawasee and Moo-Young (1986) 

Bernemann(1989) ) 

Centre-linee liquid velocity 

VL(0)) = 1.9t/G
6 

V L ( 0 ) = ^ ^ C 4 - 3 £ G ++ UL 

LL 192v, l - eG l - eG 

v,, = 0.0345Ul*D™ (Miyauchi etal., 1981) 

VL(0)) = 1.18 

VL(0)=0.2lVOrS S 

££ U ^ 

,, i-**  J. 

1/3 3 

1/8 8 

VL(0)) = 0.737gl/3öj/3(/G
/3 

VL(0)) = UL +0.66D™9 +1.1 \UG 

VVLL(0)(0) = 334U0
G

A6
g
023D0

T
,5v°L

0i 

VL(0)) = 0.787n"2'y/3D;'36^'3 

v L (0 )=022W™{DT+« ,< /,, f 5 6 ^ - v B 

Zehnerr (1982) has drawn up a concept for momentum, mass and heat transfer in bubble 
columnss which is much simpler than Miyauchi's circulation flow model and other models 
whichh are based on energy balance. He simplified the liquid flow pattern in superimposed 
rotatingg vortices, fully formed at a certain distance above the distributor. The velocity vectors 
off  the rising gas bubbles, also regarded as uniform, are superimposed on this flow profile, 
resultingg in a certain gas bubble flow pattern. The driving force for the fluid circulation is the 
staticc pressure difference generated by the difference in the gas hold up between the 
ascendingg flux and the descending one. 

App = (pL -pG)AeGg/i (5.43) 

Thiss pressure difference levels out in the vortex: 

Ap=C^V z
3 3 

Thee above two equations produce: 

(5.44) ) 
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A£G=C C v-v-

Onn the other hand Zehner (1982) proposed the following expression: 

U, U, 
Ae,= Ae,= __ V G 

2VL L 

(5.45) ) 

(5.46) ) 

Thee column diameter was introduced for the vortex height, after Joshi and Sharma (1979). 
Inn this way the liquid circulation velocity results: 

11 P L - PG 

CC PL 
**W W (5.47) ) 

Furtherr the author observed that the velocity calculated from Eq. (5.47) agrees sufficiently 
welll  with that measured in the centre of the column for low viscous liquids, provided the 
frictionn coefficient is £ = 2.5. 

Comparisonn of all found literature correlations for the centre-line liquid velocity Vl (0) is 
presentedd now. The comparison also includes experimental data from our work (details 
later!).. Figure 5.6 shows the variation of VL(0) with superficial gas velocity in a 0.38 m 
column,, for the air-water system. 

1.4 4 

1.2 2 

1 1 

ee o.6 

0.4 4 

0.22 h <** 2 

0.1 1 0.2 2 
UUGGII [m/s] 

0.3 3 0.4 4 

Fig.. 5.6. Comparison of literature models (numbered as in Table 5.5) and measured 
experimentall  data from this work for the centre-line liquid velocity, in air-water system. 

Variationn of VL(0) with superficial gas velocity for a column of 0.38 m diameter. 

Figuree 5.7 compares the variation of VL(0) with the column diameter for a superficial gas 
velocityy of 0.285 m/s. 
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2 r r 

1.55 -

11 -

0.55 -

UUrr.. = 0.285 m/s 

0.2 2 0.44 0.6 
Dj/[n>] Dj/[n>] 

0.8 8 

Fig.. 5.7. Comparison of literature models (numbered as in Table 5.5) and measured 
experimentall  data from this work for the centre-line liquid velocity, in air-water system. 

Variationn of VL(0) with column diameter for a superficial gas velocity of 0.285 m/s. 
Detail:: extrapolation up to 6 m column. 

Tablee 5.6 
Standardd deviation of literature correlations for centre-line liquid velocity from experimental data 

Columnn diameter, DT1 [m] 
Numberr of data points measured 
inn this work (air-water) 

Ohkii  and Inoue (1970) 

Ueyamaa and Miyauchi (1979) 

Joshi(1980) ) 

Riquarts(1981) ) 

Zehner(1982) ) 

Nottenkamper(1983) ) 

Ulbrechtetal.. (1985) 

Kawasee and Moo-Young (1986) 

Bernemann(1989) ) 

0.174 4 
8 8 

0.0505 5 

0.0176 6 

0.0579 9 

0.0212 2 

0.0029 9 

0.0060 0 

0.0322 2 

0.0045 5 

0.0024 4 

0.38 8 
24 4 

0.0687 7 

0.1853 3 

0.0102 2 

0.0091 1 

0.0958 8 

0.1532 2 

0.0458 8 

0.0718 8 

0.0250 0 

0.63 3 
35 5 

0.1903 3 

0.2079 9 

0.0143 3 

0.0186 6 

0.1564 4 

0.2198 8 

0.1180 0 

0.1213 3 

0.0186 6 

Summ of all measured data 
67 7 

0.3617 7 

0.4208 8 

0.1343 3 

0.1245 5 

0.3411 1 

0.4128 8 

0.2862 2 

0.2994 4 

0.1376 6 
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AA first analysis of this comparison between the literature models and our own results leads 
uss to the following conclusions: the difference between the predictions of the literature 
modelss is rather large and most of them tend to underestimate the centre-line liquid velocity, 
especiallyy when large scale bubble columns are involved. However, when we try to scale up 
fromm laboratory to industrial scale, this deviation between the models shown in Fig. 5.7, 
becomess even larger and can lead to differences of almost 4 m/s (see the detail in Fig. 5.7)! 

Wee performed further a statistical comparison, in the same manner we described before for 
thee liquid velocity profiles [Eq. (5.12)]. Table 5.6 shows the results of the standard deviations 
off  literature correlations from experimental data. The analysis takes into account ND = 67 
dataa points, representing the complete set of data points measured for the system air-water. 

Overr the statistical comparison of all existent literature models with our own experimental 
dataa the model of Riquarts (1981) "wins". We will see later in this chapter that the measured 
VL(0)) points can be reasonably well described using this model. 

Theree are multiple experimental techniques used to measure liquid velocity profiles: Hill s 
(1974)) used a Pavlov (or modified Pitot) tube; Ueyama and Miyauchi (1979) and Morooka et 
al.. (1986) used a tracer injection technique; Franz et al. (1984) employed a hot-film 
anemometerr and a laser-doppler anemometer technique. In our work we used the Pavlov tube 
introducedd by Hill s (1974) with some adjustments. The details concerning the experimental 
techniquee will be presented in the next section. 

5.33 Experimental 

waterr for 
purge e 

compressedd air 

11 - from purge system 
22 - to pressure sensor 

ADD card 

quickk shut-off valve 

Fig.. 5.8. Typical experimental set-up for the 0.38 m column. 
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Thee axial component of the liquid velocities along the radial positions at different 
superficiall  gas velocities were measured using a modified Pitot tube, named also "Pavlov 
tube""  (Hills, 1974). The experiments took place in three columns with different inner 
diameters:: 0.174, 0.38 and 0.63 m. All three columns were made up of four polyacrylate 
sectionss with the total height of 4 m. The top-ends of the 0.38 and the 0.63 m column were 
connectedd to the exhaust while the 0.174 m column was open to ambient conditions. In all 
threee columns the pressure at the top was considered to be nearly atmospheric (101.3 kPa). A 
typicall  experimental set-up is shown in Fig. 5.8 for the 0.38 m bubble column. 

Inn all the three columns experiments with demineralised water as liquid phase were 
performed.. Additional measurements with viscous Tellus oil 32 from Shell (see physical 
propertiess in Table 3.4) were carried out in the 0.38 m column. In all experiments, at the top 
off  the columns a bottle with liquid phase was placed. This bottle was connected with PVC 
tubess to the Pavlov tube, in order to purge the system. The gas phase (air) was introduced at 
thee bottom of the columns using different gas distributors. The 0.174 and 0.38 m diameter 
columnss were equipped with sintered bronze plate gas distributors with an average pore size 
off  50 u.m. The 0.63 m column was provided with a spider-shaped sparger, shown in Fig. 5.9. 

Thee spider-shaped sparger has the holes uniformly distributed with respect to the annular 
(circular)) surfaces. In order to do this, the cross-sectional area of the column was divided in 
annularr pieces and then the holes for each specific area were computed. 

[ÏUU stainless steel tube, 025 mm 

orificee hole diameter 
C/QQ = 2.5 mm 
(644 holes in total) 

gass inlet tube 

Fig.. 5.9. Spider-shaped sparger for the 0.63 m column. 

Thee gas inlet pipe at the bottom of the column (below the sintered plate, respectively the 
spiderr sparger) was equipped with a quick shut-off valve. Gas was taken from the compressed 
airr mains. The volumetric flow-rate was determined by a row of calibrated "Brooks" 
flowmeters,, placed in parallel, four for both 0.174 m and 0.38 m columns and seven for the 
0.633 m column. The velocity of the gas introduced into the column was carefully calculated at 
thee height of the position of the Pavlov tube. The gas hold up data have already been 
presentedd in Chapter 4 of this thesis. 

Thee operating conditions used in the three bubble columns are specified in Table 5.7. 
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Tablee 5.7 
Operatingg conditions used for the liquid velocity experiments 

Operatingg condition 

Liquidd height (range), H01 [m] 

Dispersionn height, //d / [m] 

Heightt of the Pavlov tube, //JT / 
[m] ] 

Columnn diameter 

Z>rr = 0.174 m 

airr - water 

1.97-2.55 5 

2.89 9 

2.15 5 

DjDj  = 0.38 m 

airr - water air - Tellus oil 

1.92-2.42 2 

2.89 9 

1.9 9 

1.84-2.33 3 

2.5 5 

1.9 9 

LhLh = 0.63 m 

airr - water 

2.011 - 2.55 

2.89 9 

1.82 2 

Detailss about the performed experiments for radial liquid velocity and for the extra centre-
linee liquid velocities are listed in Tables 5.8 and in Table 5.9, respectively. 

Tablee 5.8 
Detailss about the performed experiments for measuring the axial component of the liquid velocity 
alongg the radius of the column 

00 . . j - j Column diameter 
Systemm studied „ ,, , 

DjlDjl  [m] 

air-waterr 0.174 

0.38 8 

0.63 3 

airr - Tellus oil 0.38 

Totall  number of experiments: 

Superficiall  gas velocity 
UUQQf[mt&] f[mt&] 

0.23 3 

0.23 3 

0.285 5 

0.23 3 

0.285 5 

0.23 3 

GasGas hold up 

£G/[-] £G/[-] 

0.212 2 

0.246 6 

0.261 1 

0.257 7 

0.286 6 

0.174 4 

Numberr of 
experiments s 

14 4 

21 1 

21 1 

23 3 

23 3 

21 1 

123 3 

Tablee 5.9 
Detailss about the performed experiments for measuring the centre-line liquid velocity 

c.,^™™ „*  A- A Column diameter Systemm studied _ , . -
DjDj  1 [m] 

air-waterr 0.174 

0.38 8 

0.63 3 

airr - Tellus oil 0.38 

Totall  number of experiments: 

Superficiall  gas velocity 
range,, UG/ [nVs] 

0.049-0.331 1 

0.022 - 0.35 

0.049-0.331 1 

0.055 - 0.335 

GasGas hold up range 

£ G / H H 

0.111 -0.26 

0.0755 - 0.284 

0.12-0.306 6 

0.07-0.214 4 

Numberr of 
experiments s 

8 8 

24 4 

35 5 

19 9 

86 6 
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TheThe Pavlov tube 

Thee Pavlov tube consists of a cylindrical tube crossing the column, through two 
diametrically-opposedd holes; see Fig. 5.10. The two 1 mm holes were drilled as close as 
possiblee to each other, ensuring that the liquid velocity was measured exactly at half distance 
betweenn them. The radial liquid profiles were measured by moving the tube along the column 
radius.. The two holes were placed in two different planes, perpendicular (orthogonal) to 
another.. A very thin diaphragm separated the interior of the tube in two sections, midway 
betweenn the two holes. During operation of the column, bubbles can penetrate in the Pavlov 
tube,, influencing the measurements. To suppress or minimise the disturbance of the 
measurements,, a purge system was developed to remove the bubbles before each set of data 
acquisition.. The short measuring time of 1 minute that was chosen reduces the penetration 
chancess of the bubbles into the tube. After purging the Pavlov tube the membrane must 
stabilise.. Therefore a waiting time of 30 seconds was allowed before a new acquisition of data 
wass made. 

purge e purge e 

11 mm \\////////// sK/,/\^ 

4.55 mm 
- •ppp / < /„/ / / / / / / / /za 

ii / / / / / / / -F=^\K -F=^\K 

Kjj 65.0 ' m m 

[ ^ ^ 

33 mm 

// / / / / 7~/ / / / Zl 

44 mm 

Fig.. 5.10. Schematic diagram of the Pavlov tube. 

Thee extremities of the Pavlov tube were also connected with narrow PVC tubes to the 
differentiall pressure measuring system. This pressure sensor was previously described, since 
itt was also used to perform the gas hold up measurements (see Fig. 4.11). The complete 
measuringg system consists of a pressure sensor (Validyne DP 15 transducer), a display and a 
personall computer (see Fig. 5.8). The data acquisition was performed using a QBasic program 
(ADD interface). Before measurements the pressure sensor has been carefully calibrated for the 
membranee used. In this work one type of membrane was used, within the pressure range 0 -
5.488xl03Pa. . 
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DataData analysis 

Thee Pavlov tube made it possible to measure the difference in impact pressures between 
thee two holes drilled into the cylinder. For fluids in motion, the total pressure (also named 
impactt pressure) exercised in a plane perpendicular to the direction of movement is given by 
thee sum of static pressure and dynamic pressure. According to Bernoulli's law, for a single 
steadyy state incompressible flow, the measured pressure difference is equal to: 

APAP = -p.u' 
22 L 

(5.48) ) 

Inn our case, the instantaneous fluid velocity is given by the difference between the two 
locall  instantaneous velocities at the two holes (the static pressure cancels): 

^P^P = \px{<-<) (5.49) ) 

Inn turbulent flow, the velocity in one point of the fluid changes in magnitude and direction, 
oscillatingg around a mean value (see Fig. 5.11). 

30000 r 

\\ Ü fluctuating component 

steadyy state flow 

time,, t / [s] 

Fig.. 5.11. Time variation of the signal acquired. Instantaneous axial component of the 
liquidd velocity in turbulent flow is divided into velocity fluctuation and steady state flow. 

Therefore,, the axial velocity component is given by the sum of the steady flow, um and the 
fluctuatingg component u': 

",.. = u„  +u (5.50) ) 

Thee horizontal velocity component can also be split up into two components, the mean and 
thee fluctuating term: 

"KK =«>,„  +u (5.51) ) 

Thee Pavlov tube can be used for measurements of the liquid velocity in the direction 
pointingg to the impact pressure hole Because of the fluctuating liquid motion, two sets of 
measurementss have been carried out at each position in the column: one with the total head 
holee facing upwards, and the other with it facing downwards. In both sets of measurements 
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thee second hole was oriented horizontally, in order to have information about the horizontal 
liquidd movements as well. These horizontal velocities cause pressure differences opposite to 
thee main readings (Fig. 5.12). 

(2)) Tube facing downwards: AP2 

II "ax-

/ / 
"h 2 2 

Fig.. 5.12. The velocities measured with both orientations of the Pavlov tube: (1) head 
holee facing upwards; (2) head hole facing downwards. 

Forr both sets of measurements a sequence of 3000 data points has been recorded, in order 
too calculate the time averaged liquid velocity. The total measuring time was 1 minute and the 
frequencyy used was 50 Hz. The chosen measuring time must be large with respect to the mean 
timee of velocity fluctuation. The time interval should also be big enough to establish a 
representativee mean value invariable in time. The measuring frequency should be large with 
respectt to the mean time of velocity fluctuations. 

AA positive value of the axial velocity wil l be obtained as long as the amplitude of the 
fluctuationn u is smaller than the mean value um. The Pavlov tube does not pick up negative 
axiall  velocity components. Measurements with the hole of the Pavlov tube facing up and 
downn are combined in order to obtain the mean local axial velocity. More accurate results 
wouldd be obtained if the measurements with the hole in the Pavlov tube facing up and down 
couldd be performed simultaneously at the same position in the column. 

Understandingg the axial velocities perceived by the Pavlov tube for each orientation is very 
important.. A schematic representation of the positive axial velocities (M„ +) and negative axial 
velocitiess (wax.) perceived by the Pavlov tube is shown in Fig. 5.13. In this figure the mean 
resultingg liquid velocity was considered to be oriented upwards in the column (e.g. in the 
centrall  core of the column). Positive and negative fluctuations have arbitrarily been chosen in 
thiss example. The same explanation is given in Eq. (5.52). 

« «« if 
u.u. =< 

Sincee the pressure difference is proportional with u2, the Pavlov tube measures squared 
velocities.. The square root was extracted firstly in order to not alter the information obtained. 
Forr each orientation of the Pavlov tube a number of N} = 10 sets of N-, = 3000 data points were 
recordedd and analysed in a similar way. 
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" a x. . 

ii * ' 

i i 

ll " 

"ax--

off  the axial velc c 

» » 

>ciO O ('pe e 

> > 

rcei i 

. . " . . ' ' 

ved ved posi i 

u'>0 u'>0 

u'<0 u'<0 

tivee or negative by the Pavlov 
tube. . 

Therefore,, for the upward orientation we have: 

Mii  = 
2AP, , (5.53) ) 

Takingg into account that the differences in pressure could be positive (APia) and negative 
(APib),, the data have been divided into two rows. The square roots of negative pressure 
differencess have been calculated from the absolute values. The averaged time value has been 
calculatedd using the arithmetic mean. 

tl -- 2AP, 2AP, hi hi 

V V 

2(A/U U 
PL L 

NNi i 

2(A*U U -I -I 2(K|), , 
A^ ^ 

N: N: 
(5.54) ) 

Analogous,, for the downward orientation we have: 

( ( 
|2(AP2); ; 

HH = 2AP2 2 

PL L 

PL L 

A'. . 

£ £ 2(A^T1__ A ' 2(|AP2b|), , 

PL L 

A7. . 
(5.55) ) 

/> > 
Thee time averaged velocities for both orientations are considered to be (see Fig. 5.11): 

uuff = «L "«Al =ML-("hm + "" ) 

«22 = " L - «M = " L - ("hm + U'ï 

(5.56) ) 

(5.57) ) 

Comparedd with the ensemble-averaged axial velocities, the ensemble-averaged radial 
velocitiess are very low fluctuating around zero (Chen et al., 1999). Moreover, because of the 
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symmetryy in the column the terms containing the horizontal velocities can be expected to 
cancell  out: 

GlWV«rr -fV?\=f>L-(«hra+»')f -fV«--(«ta+«'̂  (5-58) 

Becausee the horizontal components of velocity are not zero, the values obtained for real 
axiall  liquid velocities are slightly too high. As long as these components in horizontal 
directionn are small in comparison to the axial ones, errors are supposed to be imperceptible. 

Thereforee Eq. (5.58) is simplified to: 

(^l=^](^l=^] rr^Z\^Z\ (5-59) 
Thee mean axial velocity measured at one position in the bubble column becomes: 

it] it] 
(5.60) ) 

Forr a two phase liquid flow with a local gas hold up £G, only a fraction (1-£G) of the 
liquidd phase contributes to the time averaged axial velocity measured in one point of the 
column. . 

«„,, =VL(l-fi G) 

Therefore,, the measured liquid velocity is: 

VLVL = 
0 - C G ) ) 

(5.61) ) 

(5.62) ) 

Thee radial distribution of the liquid velocities was obtained using the local gas hold up. The 
parabolicc radial gas hold up distribution given by Kato et al. (1975) is used in this work: 

fG(0)) = ̂ Gc( l -^m) (5-63) 

Thee average gas hold up £G over the cross sectional area of the column (A) is defined by: 

1 1 eeGG=-\Uo{W)<pd<l>de =-\Uo{W)<pd<l>de 
A A A 

Thee last two equations give: 

(5.64) ) 

£„„  = (5.65) ) 

Solvingg the integrals, Eq. (5.65) leads to: 

'm-2B'm-2B + 2\ 
::  — t r 

mm + 2 
(5.66) ) 

Thuss the gas hold up in the centre of the column is given by: 
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e«.= = 
mm + 2 

m-2Bm-2B + 2 

andd the radial gas hold up distribution is: 
ff m + 2 

eG(0)) = ec 
m-2B+2 m-2B+2 

Thee values used for the constants were B = 0.8 and m = 2. 

(5.67) ) 

(5.68) ) 

TheThe "Pavlov tube " experimental method described step by step 

1.. The described experimental device was carefully placed at a well-known position in the 
column.. Before measurement, the pressure sensor has been calibrated for the used 
membrane. . 

2.. The superficial gas velocity at which the system was operated, was adjusted at the exact 
value,, using the procedure described above. For each experiment, before data acquisition, 
aa minimum time of one minute was necessary in order to achieve steady state in the 
column. . 

3.. Ten sets of measurements with the Pavlov tube facing upward and ten sets of 
measurementss with the Pavlov tube facing downward were carried out. The data were 
acquiredd for 1 minute with the frequency of 50 Hz. 

4.. Before each set of recorded data the purge system made it possible to remove the possible 
bubbless which penetrated the modified Pavlov tube during the operation. 

5.. The results (in Volts) for each set were transformed in pressure differences. Figure 5.14 
showss an example of the AP variation in time, for both orientations of the Pavlov tube. 
Thee data are typical for a measurement taken in the central core of the column (the 
resultedd liquid velocity is oriented upwards, thus has a positive value). 

30000 r 

t / [ s ] ] 

3000 0 

2000 0 

1000 0 

0 0 

-1000 0 

(2) ) 

t/[s] ] 

Fig.. 5.14. The pressure difference (AP) signal recorded by the Pavlov tube: (1) head hole 
facingg upwards; (2) head hole facing downwards. 

6.. The AP values were divided into positive and negative terms. The time averaged velocities u, 

andd w2 were obtained after the square root extraction from the AP data, using Eqs. (5.54) and 

(5.55).. In Fig. 5.15 the division into positive and negative values for the APi is shown. 
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30000 r 

-10000 - t / [ s ] ] 

^ i , , 

APAPn n 

Fig.. 5.15.. The division into positive and negative terms for AP\ (signal recorded for the 
upwardd orientation of the Pavlov tube), used for the calculation of the time averaged 

liquidd velocity w, . 

7.. Using Eq. (5.58) the axial velocity for experiment j has been calculated. Therefore, the 
arithmeticc mean for all Nj = 10 experiments resulted in the mean axial velocity measured 
att the position (p in the column. 

8.. For calculating the average liquid velocity, the local hold up was taken into account, as 
describedd by Eq. (5.68). 

Assumptions Assumptions 

Inn the experimental procedure described above, the following assumptions have been 
made: : 
•• The Pavlov tube is assumed to respond very rapidly to velocity fluctuations. This leads to 

aa true-recorded time - pressure difference in the column. 
•• The cylindrical column is considered to be perfectly symmetric, e.g. the horizontal 

componentss of velocity cancel out and the radial gas hold up distribution is independent of 
azimuthall position. 

•• The experiments recorded with the Pavlov tube facing downwards and the Pavlov tube 
facingg upwards are not performed simultaneously at the same position, but for calculating 
thee time mean velocities this fact doesn't influence the results. 
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5.44 Results and discussion 

Thee measured radial liquid velocity distributions for the air-water experiments are shown 
inn Fig. 5.16 (a) and (b). It is easy to observe the strong influence of column diameter on the 
liquidd velocity distribution. If we compare the values obtained for the maximum upward 
velocityy (e.g. the centre-line liquid velocity) in Fig. 5.16 (a), these are: about 0.5 m/s for the 
0.1744 m column and about 1.25 m/s for the biggest column experimented, the 0.63 m column. 
Thiss is a very large scale dependence - especially when we have to predict such values for 
industriall  reactors! 
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c c 

airr - water 
DD DT = 0.174 m 
OO DT = 0.38m 
OO DT = 0.63m 

h h 
(b)) UG = 0.285 m/s 

O^ ^ 

0.11 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1 

radiall coordinate, <j>/[-] 

Fig.. 5.16. Radial distribution of the axial component of the liquid velocity. Air-water 
experimentss at superficial gas velocity: (a) UG = 0.23 m/s and (b) Uc = 0.285 m/s. 

Iff  the data are normalised with respect to the centre-line liquid velocity, VL(0), the radial 
distributionss become similar. Results from the three columns and two different superficial gas 
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velocitiess prove this fact (see Fig. 5.17). Therefore the centre-line liquid velocity is a key 
parameterr in describing the liquid circulation of bubble columns. 

K(<f>) K(<f>) 

vv LL(0) (0) 

11 r 

8 8 

6 6 

4 4 

2 2 

0 0 

.2 2 

.4 4 

.6 6 

airr - water 

nn Dj = 0.174 m; UG = 0.23 m/s 
OO Dj = 0.380 m; UG = 0.23 m/s 
OO DT = 0.630 m; UG = 0.23 m/s 
XX DT = 0.380 m; UG = 0.285 m/s 
4-- DT = 0.630 m; L/G = 0.285 m/s 

00 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 

radiall coordinate, 0/ [ - ] 

Fig.. 5.17. Normalised radial velocity distribution profile for air-water system. 

AA comprehensive experimental study was dedicated to investigate the scale dependence on 
centre-linee liquid velocity. The measured centre-line velocities shown in Fig. 5.18 for the air 
waterr system reveal again the strong influence of column diameter. A big question marks 
arisee for bubble columns of industrial use, for example of 6 m in diameter: how to scale up? 

in in 

5 5 

1.66 r 

1.22 -

0.88 -

0.44 -

--

--

airr - water 
DD DT = 0.174 m 
OO DT = 0.38 m 
OO DT = 0.63 m 

o<po<p Q Q 

 D D 

— ii  1 — 

0<^>> o O

fo 0Oo

D D 

_ _ L __ 1 1 1 1 

0.055 0.1 0.155 0.2 

UUQQ I [m/s] 

0.255 0.3 0.35 

Fig.. 5.18. Centre-line liquid velocities, VL(0), measured for the air-water system in three 
differentt columns, of 0.174, 0.38 and 0.63 m in diameter. 
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Thee answer to this major problem is provided by CFD simulations, which are developed in 
thee companion thesis of van Baten (2000). 

ExperimentsExperiments vs. CFD simulations 

Itt is rather obvious that the experimental conditions limit at a certain moment for further 
experimentationn (in our research the biggest column was of 0.63 m in diameter). In our 
researchh group computational fluid dynamics (CFD) simulations were carried out (see 
companionn thesis of van Baten, 2000). Our parallel researches made it possible to develop a 
generall  theory for the so-desired "scale up strategy of bubble column reactors". The two 
thesess should be read together since they carefully complement each other. On one hand, the 
finalfinal answer for scaling up is given by CFD simulations and on the other hand, all the results 
presentedd in this thesis were used for the validation of the CFD models developed. The 
developedd CFD model is used further to simulate the behaviour of large-scale reactors. A very 
shortt enumeration of this parallelism by mentioning the exact overlapping fields between the 
twoo theses is now presented: 

1.. Investigation of rise velocity of single gas bubbles in liquids; 2D and 3D investigations. 
2.. Flow-visualisation studies of in-line interactions off  bubble pairs. 
3.. Investigations of gas hold up (also "small" and "large bubble" gas hold up) in columns 

off  various diameters. 
4.. Measurement of the centre-line liquid velocity in columns of three different diameters. 
5.. Measurement of the radial distribution of liquid velocity in columns of three different 

diameters. . 
6.. Measurement of the axial dispersion coefficient of the liquid phase in columns of three 

differentt diameters. 
Thee details of the computational models and the numerical approach used are given in van 

Batenn (2000). 
Inn the Eulerian simulation code for bubble columns the empirically determined models for 

largee bubble size and acceleration factor, developed in our Chapter 4, were used. With only 
thiss "empirical" input, and use of the two-bubble class model, the agreement between CFD 
simulationss and experiment can be considered to be very good. Consideringg the complexity of 
bubblee column hydrodynamics, the success of the CFD simulations is no mean achievement. 
Wee summarise the comparison between CFD simulations and our experimental data. 

Figuree 5.19 compares the measured centre-line velocities with the results of Eulerian 
simulations.. The agreement between simulated VL(0) and experimental data with varying i/G 

iss reasonable good and more accurate then most of the literature correlations (see Figs 5.6 and 
5.77 and Table 5.6). In this figure also the Riquarts (1981) correlation is shown, given in Eq. 
(5.42).. This model represents the experimental data as well as do the Eulerian simulations. 
Alsoo the standard deviations in Table 5.6 are the smallest with Riquarts (1981) model. 
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1.88 r 

O D AA : air-water experiments 
•• • A • air-water CFD simulations 

:: Riquarts(1981) 

0.055 0.1 0.155 0.2 0.25 0.3 0.35 
UUQQII  [mis] 

Fig.. 5.19. Comparison between measured centre-line velocity VL(0) with those from 
Euleriann simulations (van Baten, 2000). Also shown is the empirical correlation of 

Riquarts(1981). . 

Oncee the simulation code was verified with experimental results, the further prediction of 
largee scale reactors is given by CFD. However, we have also to keep in mind the time 
consumedd for simulating a 6 m column, which can be a few days even using a parallel 
computer!! A very illustrative example of CFD simulations of large column diameters is 
shownn in Fig. 5.20. The attempt is to simulate centre-line liquid velocities for columns larger 
thann 1 m in diameter. 

Thee CFD predictions of centre-line liquid velocities for large bubble columns agree 
strikinglyy well with the correlation of Riquarts (1981). The centre-line liquid velocity for a 6 
mm column operated at 0.3 m/s superficial gas velocity is Vi(0) = 4.5 m/s. This is a amazing 
result,, since all the other literature models are predicting values around 2 m/s. CFD 
simulationss help us to choose Riquarts (1981) as the reliable correlation for scale up. 
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Fig.. 5.20. Influence of scale on the centre-line liquid velocity for the air-water system. 
Experimentall  results in three columns compared with the CFD simulations of van Baten 

(2000)) and with Riquarts model (1981). 

InfluenceInfluence of the liquid properties on liquid circulation 

Additionall  to the air-water measurements, the system air-Tellus oil 32 (Shell) was also 
investigated.. Experiments were performed only in one column (D-p = 0.38 m). Figure 5.21 
comparess the experimental liquid profiles for air - water and for air - Tellus oil, measured in 
thee 0.38 m column. Although the difference in viscosity between the two liquids is very big 
(byy a factor 75) the results show almost no difference. Even the CFD simulations of van 
Batenn (2000) show the insensitivity of the radial velocity profile to the liquid viscosity. 

Thee centre-line experiments in the 0.38 m column with water and Tellus oil show very 
littl ee influence of liquid viscosity. The Eulerian simulations of van Baten (2000) for water and 
Telluss oil give practically the same results for VL(0) over the superficial gas velocity range UG 

==  0.05 up to 0.35 m/s. Surprisingly, the model of Riquarts (1981) predicts a lower trend for 
thee centre-line liquid velocity, when the Tellus oil viscosity is used in the formula. Since the 
centre-linee liquid velocity data give similar results for the two different liquids investigated, 
andd since Riquarts (1981) correlation describes quite well the water data, we also expect 
Riquartss correlation to predict Tellus oil behaviour, provided that the kinematic viscosity of 
waterr is used! The complete comparison is presented in Fig. 5.22. 
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Fig.. 5.21. Time-averaged liquid velocity distributions. Comparison between air-water and 
air-Telluss oil measured values in the 0.38 m column for UQ = 0.23 m/s. Experimental 

resultss from this work and CFD simulations from van Baten (2000). 
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Fig.. 5.22. Influence of liquid properties on centre-line liquid velocities. Comparison of 
experimentall  VL(0) results for air - water and air - Tellus oil system with Eulerian 

simulationss for air - Tellus oil system (van Baten, 2000). 
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Thee simulated extrapolations of VL(0) up to 6 m reactors for air - water and air - Tellus oil 
aree practically the same. Also in this case, the centre-line liquid velocity for a 6 m column, 
operatedd at 0.3 m/s superficial gas velocity is VL(0) = 4.5 m/s (see Fig. 5.23). So, the major 
conclusionn would be that the liquid viscosity has practically no effect on the centre-line liquid 
velocity,, VL(0). 

VVLL(0) (0) 

O O 

Riquarts(1981) ) 
Riquartss (1981) with 
kinematicc viscosity of water! 
air-Telluss oil experiments 
air-Telluss oil CFD simulations 

22 3 4 
DT/[m] ] 

Fig.. 5.23. Influence of scale on the centre-line liquid velocity for air-Tellus oil system. 
Experimentall  results compared with the CFD simulations of van Baten (2000) and with 

Riquartss model (1981). 
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5.55.5 Conclusions 

Thee main results presented in this chapter are: 
•• The column diameter has a strong influence on liquid circulation in bubble columns. 
•• Liquid properties have negligible influence on liquid velocity distribution and centre-line 

liquidd velocities. The two liquids studied differ in viscosity by a factor 75! 
•• If the velocity distribution data are normalised with respect to the centre-line liquid 

velocity,, VL(0), the radial distribution become similar for all systems analysed and is 
independentt of scale. This is a useful conclusion for scale up because all we need is to be 
ablee to predict the centre-line velocity VL(0). 

•• The experimental results on centre-line liquid velocities and radial distributions for both 
systemss studied (air - water and air - Tellus oil) are in good agreement with CFD 
simulationss performed in parallel with this research by van Baten (2000), 

•• CFD is a useful tool for scaling up bubble columns. Eulerian simulations of the scale 
dependencee on the centre-line liquid velocity predict velocities of 4 - 5 m/s for column 
diameterss increased to 6 m. 

•• On the basis of Eulerian simulations (van Baten, 2000) we can recommend the use of 
Riquartss (1981) correlation [Eq. (5.42)] provided that we use the kinematic viscosity of 
waterr for all systems. 
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ChapterChapter  6 

BackmixingBackmixing  of  the liquid  phase 

Abstract t 

Inn this chapter, the final step in our scale up strategy, outlined in Fig. 1.8, is presented. The 
linkk between the liquid circulation, in terms of centre-line liquid velocity, and the backmixing 
off  the liquid phase is developed. 

Thee liquid-phase axial dispersion coefficients have been measured for the air-water system 
inn bubble columns of 0.174, 0.38 and 0.63 m diameter. The experiments were carried out 
usingg a transient method (the pulse-response method). The dispersion coefficient was 
obtainedd by adjusting the experimental profiles of tracer concentration with the predictions of 
thee model. The experimental results show that the one-dimensional axial dispersion 
coefficient,, DaXiL, reveal strong scale dependence. Backmixing of the liquid phase increases 
withh the diameter of the reactor and with superficial gas velocity. Once the centre-line liquid 
velocityy is estimated, the axial dispersion coefficient for large column reactors can be easily 
predictedd from D!aL=0.3WL(Q)DT. Comparison of the model predictions with the 
experimentall  data shows that the model is capable of describing very well the liquid mixing 
behaviourr in bubble columns. The model can be extended also for highly viscous liquids, on 
basiss of the results obtained in Chapter 5 - practically equal liquid velocity distributions for 
thee two systems studied (the two liquids investigated differ in viscosity by a factor 75!). 
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6.11 Introduction 

Inn a gas liquid bubble column reactor the degree of backmixing is considerably different 
fromfrom one phase to another. The dispersion has the effect of reducing conversion in reactors. 
Dispersionn will also influence reaction selectivity. Mixing of the liquid phase has to be 
attributedd to various phenomena such as turbulent vortices, liquid entrainment in the wakes of 
risingg bubbles, large-scale liquid circulation and radial exchange flows. All these phenomena 
aree obviously interrelated and are primarily dependent on liquid circulation flow. The model 
describedd in this chapter simply gathers the different phenomena which contributes to mixing 
off  the liquid phase into a dispersion coefficient. The one-dimensional description based on the 
one-dimensionall  diffusion model is considered sufficient for interpretation of bubble column 
performance. . 

Whenn the considered systems are of gas-liquid type, dispersion can be defined as a 
stochasticc exchange process, which breaks down gradients of intensive quantities such as 
concentrationn and temperature. As a direct effect, the concentration in the reactor is reduced. 
Inn a bubble column reactor, the gas flow generates significant backmixing in the liquid phase. 
Afterr a thorough analysis it can be noticed that the backmixing of the dense phase is caused 
byy the eddies, which derive their energy from the large, fast-rising bubbles. The maximum 
sizee of the eddies, for vessels with H/Dr > 1, is limited by the column diameter DT. The 
inducedd circulation patterns have a profound effect on mass transfer and productivity of these 
systemss and they are especially important in eliminating concentration gradients within the 
vessel.. The design of a bubble column reactor always requires consideration of the 
backmixingg in the liquid phase. 

CFD CFD 

Fig.. 6.1. Strategy for scaling up bubble column reactors. 
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Sincee the axial dispersion model characterises the backmixing by only a single parameter, 
itss simplicity makes it the most widely used representation of the non-ideal mixing behaviour 
forr each phase in bubble column reactors. The time variation of the liquid phase concentration 
off  a tracer is given by Fick's law: 

dCdC^n^n  a ^  «n 
att L 3z2 

wheree the axial dispersion coefficient, D t̂L, is the unique parameter which characterises the 
degreee of backmixing during the process. The term "axial" is used in order to mark clearly the 
differencee between the mixing in the direction of flow and the mixing in the lateral or radial 
direction.. In bubble columns these two quantities are quite different in magnitude; the axial 
dispersionn coefficient is significantly exceeding the radial dispersion coefficient. 

Hydrodynamicss of bubble columns can be described in a simplified way as follows: in the 
churnn turbulent regime, the large bubbles tend to concentrate in the middle of the column. The 
liquidd is drawn upwards in the centre region and when the bubbles disengage at the top, the 
liquidd returns down the column in the wall region. The radial distribution of the liquid 
velocitiess is related with the dispersion coefficient of the liquid phase. Therefore, the 
completee overview starts from bubble rise velocity, bubble-bubble interactions and bubble 
swarmm velocity, as presented in the previous chapters. An updated scale up scheme is shown 
inn Fig, 6.1. 

Bubblee column reactors are chosen as the reactor type to carry out relatively slow liquid-
phasee reactions (see Fig. 1.2), in which the liquid phase backmixing is a preferable feature in 
orderr to achieve temperature equalisation. Therefore, the radial distribution of liquid 
velocitiess and the residence time distributions of the liquid phase are very important design 
parameters. . 

Thoughh there is a large variety of experimental data on liquid phase backmixing available 
inn the literature for different column diameters and superficial gas velocities, it is difficult to 
comparee the results of one author with those of others for the scale up task. The reasons are: 
(I)) differences in the physical properties of the liquids used in various studies, (2) presence of 
impuritiess in the liquid phase, and (3) the fact that each published study is often restricted to 
onee column with a diameter often smaller than 0.3 m. 

6.22 Literatur e survey 

Wee have made a comprehensive study of literature correlations for Ö3X,L and these are 
summarisedd in Table 6.1. 

Thee dispersion coefficient is expressed in the dimensionless form as the Peclet number, its 
valuee signifying the degree of backmixing in the column. If Pe=0 backmixing is complete 
andd if Pe=<*>  plug flow prevails. 

Mostt of the reported empirical correlations indicate the dispersion coefficient to be 
dependentt on the gas velocity and column diameter. A significant influence of the flow 
directionn (i.e. co-current or counter-current) has not been pointed out. If the range of liquid 
velocitiess used in industrial operation is considered, the superficial liquid velocity C/L appears 
too have no influence on liquid-phase dispersion. Steady state measurements by Towell and 
Ackermann (1972), Deckwer et al. (1973) and Badura et al. (1974) confirm this fact. It is 
usuallyy assumed that the dispersion coefficient does not depend on the column height. 
However,, studies of Schugerl (1967) and Deckwer et al. (1973) show that dispersion 
coefficientss may differ along the column height, decreasing from top to bottom. 

139 9 



ChapterChapter 6 BackmixingBackmixing of the liquid phase 

Vessell  internals and surface-active agents that delay the coalescence also affect the degree 
off  axial dispersion. Konig et al. (1978) demonstrated the effects of surfactants and sparger 
typee by experimenting with weak alcohol solutions using three different porous spargers. 
Theyy indicated that the interaction of surfactants and of the sparger could be very complex. 
Surfactantss can produce either much more or much less backmixing than surfactant-free 
systems,, depending on the bubble size, which, in turn, depends on the sparger used. 

Thee influence of the physical properties of the liquid on the dispersion coefficient has been 
investigatedd by several authors (Aoyama et ah, 1968; Hikita and Hikukawa, 1974; Riquarts, 
1981;; Walter and Blanch, 1983; Bernemann, 1989) but littl e effect has been observed. 

Somee authors (Tinge and Drinkenburg, 1986; Rice and Littlefield, 1987) underlined the 
disastrouss effect of small deviations from true verticality. The scatter in the literature data was 
attributedd to originate in very slight and unreported (or unmeasured) deviations from 
verticality.. They quantified this effect by the following correlation: 

A*,L, «« =D^dl+KaDT<xf (6.2) 

Forr reactor scale up purposes, the most reliable relation for vertical cylindrical vessels 
operatedd with pure liquids, without coalescence inhibitors, is considered to be the one of 
Bairdd and Rice (1975). Making use of Kolmogoroff s theory of isotropic turbulence, they 
proposedd the following equation: 

^ . L = 0 . 3 5 g "3 ^ X ' 33 (6.3) 

Furthermore,, the authors extended the correlation to fluidised beds and liquid-liquid spray 
columns,, which proved to be partially successful. Using an isotropic turbulence, the 
correlationn is dimensionally consistent even though the turbulence in a bubble column is not 
necessarilyy isotropic. 

Thee dependency of £>aXpL on DT and Uc expressed by Eq. (6.3) has been confirmed by 
manyy studies and can be also transcript in dimensionless terms of Pe and Fr criteria (where 
thee constant K has different values for different authors, as can be seen in Table. 6.1): 

A*,LL  _ JgD. 
DDTTUU{ { 

==  K 'j_ 'j_ 

UU2 2 

J/3 3 

(6.4) ) 

Inn 1996 Degaleesan et al. developed a phenomenological model for liquid mixing, mainly 
basedd on the monitored flow circulation and turbulent eddy diffusion. The model was called 
"recirculationn and cross flow with dispersion" (RCFD) and accounts for two mixing 
mechanisms.. The fust one is the convective recirculation, due to the large scale liquid motion. 
Inn this context, the column can be simply considered as a big recirculation cell, with liquid 
movingg upwards in the central core zone and descending along the annular region, near the 
wallss of the column. Besides this, fluctuated motion of the liquid elements superimposes, due 
too the bubble turbulence. This second mixing contribution takes into account the complex 
motionn of the gas bubbles, and therefore the random motion of fluid elements in axial, radial 
andd azimuthal direction caused by the wakes of fast-rising large bubbles. The upflow and 
downflow,, characterised by averaged interstitial velocities are connected to each end by two 
regions,, which are assumed well-mixed. The turbulent axial mixing is accounted for by an 
axiall  dispersion coefficient in each section; the radial mixing is incorporated into an exchange 
coefficientt between the two sections (i.e. the upflow region and the downflow region). The 
inputt parameters of the model (such as local liquid velocities and void fraction) were obtained 
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usingg Computer Automated Particle Tracking (CARPT) and Computed Tomography (CT) as 
experimentall  techniques. 

Thiss model was recently further developed and extended also for bubble columns slurry 
reactorss by Degaleesan et al. in 1997. The two-compartment convective-diffusion model has 
beenn formulated by considering a finite volume discretisation of the two-dimensional axis-
symmetricc con vective-dif fusion model developed for bubble columns flows. The same 
experimentall  techniques were used for the data base, together with data from literature. The 
existingg data-base was limited to air-water systems, certain column sizes and superficial gas 
velocities.. The methodology aimed to extrapolate the data giving the following cross sectional 

averagedd eddy diffusivities D  ̂ and Dn : 

—— 0.00584 i n i g o n / f W , w. DD*=*= —^§—+0.1689(/V/—^§—+0.1689(/V/GG) ) (6.5) ) 

—— 0.000879 - „ „ / . . .. \o DDnn = ^ ö i— + 0.0206{DTUa) (6.6) ) 

forr UG > 0.05 m/s. The authors limited the applicability of the above developed correlations 
onlyy to air-water systems in churn turbulent regime, at atmospheric pressure. When the axial 
termm is compared with experimental data from this work, they show a good agreement for low 
gass velocity only. This can not be attributed only to the fact that the radial contribution is also 
takenn into account, as long as this term is much smaller, but to the currently limited data base, 
ass is also mentioned by the authors. They advised that for higher gas velocities the equations 
presentedd above have to be verified in compliance with experimental data. 

Tablee 6.1 

Literaturee correlations for the axial dispersion coefficient 

Author r Axiall  dispersion coefficient 

Reithetal.. (1968) 
ftft LL=^=^LL = r=2üo+K l ) 

Ohkii  and Inoue 
(1970) ) 

forr 0 < Ua < 0.07 m/s (bubbly flow regime) 
D » ,LL =75.4DT

2(y£: + 17OOOrf0 

forr Uc > 0.1 m/s (coalesced bubble slug flow regime) 

(i-O2 2 

Katoo and Nishiwaki 
(1972) ) s s 

PePe = 
BFr, , 

\+6.5Fr™ \+6.5Fr™ 
;;  Ö . , L = 

13 3 

Towell  1 and 
Ackerman(1972) ) 

^ ,L=1.23D|5t / ° 5 5 
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Author r 

Akitaa and Yoshida 
(1973) ) 

Badura(1974) ) 

Axiall  dispersion coefficient 

0.066 + 0.55 
<< U„ ^ 

D*,L=VD*,L=V 00DDTT. . 
(( U, ^ 

yy,8D,8DTJ TJ 

D„D„ XX=0.692D<*U™ =0.692D<*U™ 

10. . 

11. . 

12. . 

13. . 

14. . 

15. . 

Deckwer(1974) ) Ö „ , L = 0 . 6 7 8 D ; V °3 J J 

Hikitaa and Kikukawa 
(1974) ) Ö M , L = ( 0 . 155 + 0 . 6 9 [ / °7 7) D |2 5 io--

\0.I2 2 

Bairdd and Rice 
(1975) ) z>aipL =o.33g" 3z>;x' 3 3 

Fieldd and Davidson 
(1980) ) 

KK =Vb{l-£0f
39{l  + 2.55el); v

b = a i 6 4 m/s 

Joshi(1980) ) 

16. . 

17. . 

18. . 

Z^,L=0.33£>TVC C 

VV((=\.3l[gD=\.3l[gD TT(U(Ucc-€-€ccujr ujr 
Miyauchii  et al. 
(1981) ) 

Riquarts(1981) ) 

Zehner(1982) ) 

Walterr and Blanch 
(1983) ) 

Kawasee and Moo-
Youngg (1986) 

Bernemann(1989) ) 

Kantak(1994) ) 

_ 7 , l / 4 r O / i i DD =U DJ 0.2911 + 
0.341 1 

V V (l-O.SW^f (l-O.SW^f 

Ö ^ O . O Ó S ^ Z J f V̂ V 

D i ï i L =0.368gl / 3Dft/ G'3 3 

D„, L=0.606DTV,;; V, = 

ff  \ui 

VVccgHgH0 0 

44 + -700 H0 

Re0255 DT 

forRe>>  1000and ^ . > 3 ; Re=ViDjpL 

DM L =0.343n-8 / 3g1 / 3D^f; ^ ^ 

DDixXixX=0.208Ur(D=0.208Ur(DT+T+nnttdJdJAiAiAlAliiv^ v^ 

D a x L=0 .632ü |2 5^ --
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Wee performed further a statistical comparison, in the same manner we described before for 
thee radial distribution of the liquid velocities and for the centre-line liquid velocity [Eq. 
(5.12)].. Table 6.2 shows the results of the standard deviations of literature correlations from 
ourr experimental data. The analysis takes into account ND - 92 data points, representing the 
completee set of data points measured in our laboratory and reported in detail later in this 
chapter.. We are using a "preview" of our experimental results in order to "rank" the literature 
correlations. . 

Tablee 6.2 
Standardd deviation of literature correlations for axial dispersion coefficient from experimental data 

Referencee Standard deviation, SI [m2/s] 

Reithetal.. (1968) 0.06595 

Ohkii  and Inoue (1970) 0.05776 
Katoo and Nishiwaki (1972) 0.03162 
Towel)) and Ackerman (1972) 0.04032 
Akitaa and Yoshida (1973) 0.03047 
Badura(1974)) 0.03280 
Deckwerr (1974) 0.03390 
Hikitaa and Kikukawa (1974) 0.03187 
Bairdd and Rice (1975) 0.03189 
Fieldd and Davidson (1980) 0.09577 
Joshi(1980)) 0.03479 
Miyauchii  et al. (1981) 0.05821 

Riquarts(1981)) 0.03225 
Zehner(1982)) 0.03529 
Walterr and Blanch (1983) 0.05105 
Kawasee and Moo-Young (1986) 0.03115 

Bernemann(1989)) 0.05186 
Kantakk 1994 0.05780 

Byy interpreting the correlations found in the literature it can be easily concluded that, from 
thee scale up point of view, data from larger columns are absolutely necessary. To correlate 
measuredd values for axial dispersion coefficient is not difficult, as it can be also seen from the 
largee amount of models published so far. Hence, the important and difficult task is to achieve 
thee capability to predict Dn-L values for a big reactor, operated at industrial conditions. A 
selectionn of the literature models from Table 6.1 is plotted in Fig. 6.2 together with our 
experimentall  data, revealing the magnitude of the discrepancies between their predictions. 
Thee large scatter in the predictions increases with the diameter of the column. 

Thee degree of backmixing is dictated by the strength of the liquid circulations, 
characterisedd by say VL(0). Since VL(0) is scale dependent, the axial dispersion coefficient 
£>ax,LL is also expected to be scale dependent. As can be seen in Fig. 6.3 scaling up to 
commerciall  sizes leads to great uncertainty. The correlations are more or less comparable in 
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thee range of laboratory experimented columns. Nevertheless, when we try to extrapolate the 
literaturee correlations up to industrial scale, we obtain values from 1 to 12 m2/s for D3X,L! 

0.45 5 

CO O 

Q S 0 . 1 5 5 

0 0 
0.25 5 

0.2 2 

^^ 0.15 

44 °-11-
0.055 -

00 -
0.1 1 

5,13,, 14 

Q Q 

0.08 8 

0.06 6 

55 0.04 h 

.. DT = 

0.022 -

0.1 1 0.2 2 

UUaa/[m/s] /[m/s] 

0.3 3 0.4 4 

Fig.. 6.2. Comparison of literature models (selection from Table 6.1) and measured 
experimentall  data from this work for the axial dispersion coefficient, in air-water system. 
Variationn of Dax,L with superficial gas velocity for the 0.174, 0.38 and 0.63 m diameter 

columns. . 

Thiss scatter in the predictions convinces us to start our own study regarding this variable. 
Thee experimental data were obtained in the same set-ups as used for the other variables 
presentedd in the previous chapters. The experimental details are presented further. 

144 4 



ChapterChapter 6 BackmixingBackmixing of the liquid phase 
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•• O O experimental data 

UUGG = 0.23 m/s 
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Fig.. 6.3. Comparison of literature models (selection from Table 6.1) and measured 
experimentall  data from this work for the axial dispersion coefficient. Variation of DaXiL 

withh column diameter for a superficial gas velocity of 0.23 m/s. Detail: extrapolation up 
too 6 m column. 

6.33 Experimental 

Thee experiments were carried out in three batch type bubble columns with internal 
diameterss of 0.174, 0.38 and 0.63 m, respectively. The general constructional details for these 
threee columns and the description of the gas distributors used can be found in the previous 
chapterss of this thesis (Chapters 4 and 5). All the experiments were performed at atmospheric 
pressure.. Air was used as the gas phase and demineralised water as liquid phase (see Table 
3.44 for physical properties of the phases). The gas was introduced at the bottom of the 
columns.. The experiments were carried out at various gas velocities, carefully adjusted and 
controlledd by using rows of flowmeters. For each gas flow rate and each position of injection 
threee measurements were performed. Before starting the data acquisition, for a given gas flow 
rate,, the system was given time to achieve steady state. A typical experimental set-up is 
shownn in Fig. 6.4 for the 0.63 m column. 

Forr determination of the liquid-phase residence time distribution a saturated solution of 
NaCll  was used as a tracer. The solution was injected into the batch liquid phase as a pulse just 
abovee the dispersion height. Different volumes of tracer were used, depending on gas 
velocity,, column diameter and injection position in order to obtain the optimal signal. In the 
0.633 m diameter column the tracer was injected both in the middle and near the wall. For the 
remainingg two columns a single injection position was used, near the wall. 
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Fig.. 6.4. Typical experimental set-up for the 0.63 m diameter column. 

Thee transient tracer concentration was monitored continuously by means of three Metrohm 
immersing-typee conductivity cells (Fig. 6.5) which were placed near the wall, at different 
locationss along the height of the column, as shown in Fig. 6.6. The distances from the 
injectionn to the measuring points, LA, LB, LQ and L are given in Table 6.3. 

433 mm 699 mm 422 mm 

<p<p  11.7 m m 019.66 mm 

Fig.. 6.5. The Metrohm immersing-type conductivity cell. 

Eachh of the three conductivity cells was connected to a Konsort K920 display unit and 
fromm there to the "PC-LabCard PCL-818L" data acquisition card. The data was acquired 
usingg a QBasic program. 
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Fig.. 6.6. Distances to the measuring points in the column. 

Thee total measuring time for each experiment was chosen large enough in order to reach 
thee final concentration in the column. Therefore the frequency was carefully chosen, 20 Hz 
forr the 0.63 m column and 50 Hz for the 0.174 and 0.38 m columns. This values were able to 
reproducee very accurate the concentration signal even for the very sudden changes in 
concentrationn (for example the sharp peak obtained with the top conductivity cell). 

Thee constructive details about the backmixing experiments, in the three bubble columns, 
aree specified in Table 6.3. The operating conditions used for the performed experiments are 
givenn in Table 6.4. 

Tablee 6.3 

Constructionall  details about the backmixing experiments 

Operatingg condition 

Liquidd height (range), H01 [m] 

Dispersionn height, //d / [m] 

Distancee to the measuring point (see Fig. 
6.6),LA ,LB,Lc/[m] ] 

Columnn diameter 

DTT = 0.174 m 

1.97-2.55 5 

2.89 9 

LA=0.59 9 

LBB =1.39 

/<;== 2.19 

DDTT = 0.38 m 

22 - 2.47 

2.89 9 

LA=0.59 9 

LBB =1.39 

Lc=2.19 9 

L»TT = 0.63 m 

2-2.55 5 

2.89 9 

LA=0.58 8 

LBB =1.38 

Lc=2.18 8 

Tablee 6.4 

Operatingg conditions used for measuring the axial dispersion coefficient 

Svstemm studied Column diameter Superficial gas velocity Gas hold up range 
DjDj  I [m] range,, UGI [mis] £c,/[-] £c,/[-] 

Numberr of 
experiments s 

airr - water 0.174 4 

0.38 8 

0.63 3 

0.0499 - 0.331 

0.049-0.331 1 

0.0499 - 0.33 

0.111 -0.26 

0.137-0.276 6 

0.12-0.306 6 

22 2 

22 2 

Totall  number of experiments: 92 2 
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DataData analysis 

Figuree 6.7 shows typical transient tracer concentrations from the 0.174 m column, operated 
att 0.144 m/s superficial gas velocity. These signals were fitted using the analytic solution to 
thee diffusion equation presented in Deckwer (1992). In this way, for a given experiment, only 
onee variable was adjusted, i.e. the axial dispersion coefficient, D3X,L-

CD D 

i JJ  2 
en n 
«33 o 
if)if)  . y 
** To 
CC £: 22 c 
GOO CD 
CC Ü 1 
.EE O 

DDTT = 0.174 m 
t/GG = 0.144 m/s 

t/[s] ] 
120 0 

Fig.. 6.7. Normalised liquid-phase tracer concentration measured at three different 
locationss along the height of the column in response to pulse tracer injection. The smooth 
curvess represent the fits to the curves from fitting a diffusion model presented in Deckwer 

(1992). . 

Fromm the literature investigation was found that there are two different measuring 
techniquess widely used along the time. Since the stationary method is rather time consuming 
andd expensive (Aoyama et a l, 1968; Reith et al., 1968; Badura et al., 1974; Deckwer et ah, 
1974)) it is convenient to use a non-steady-state technique, such as the pulse-response method 
(thee mixing time determinations). The mixing time is defined as time necessary to achieve the 
homogeneityy in the column, after all amount of tracer was completely mixed with the liquid. 
Siemenss and Weiss (1957) were the first using the pulse method for measuring the dispersion 
inn bubble columns. They were followed by Ohki and Inoue (1970), Kato and Nishiwaki 
(1970),, Hikita and Kikukawa (1974), Field and Davidson (1980), to name just a few. 

Thee partial differential equation based on the one-dimensional model has been solved 
analyticallyy by Siemes and Weiss (1957). The boundary conditions for this diffusion equation 
[Eq.. (6.1)] are: 

———— = 0 at z =0 and z = L (6.7) 

andd the initial conditions are: 

C,(z,0)) = C0 for 0 < z <A 

CL(z,0)) = 0 for z>X 
(6. . 

148 8 



ChapterChapter 6 BackmixingBackmixing of the liquid phase 

wheree A is the height at which tracer is injected. The solution of Eq. (6.1) under 
considerationn of the corresponding boundary conditions gives: 

ff 2_2 Yl 

c, , == l + 2£ nil nil 
coss — L. 

LL ~ 

exp p 
nn K 

1} 1} 
D. D. (6.9) ) 

wheree Q is the final concentration achieved when / = °o and L- is the distance to the 
measuringg point (LA, LQ and Lc). 

Thee axial dispersion coefficient Dax-L was obtained by adjusting the experimental profiles 
withh the solution of the model, Eq. (6.9). A number of n = 20 terms were found to be 
sufficient.. As it can be seen, the evaluation of £>ax,L from the curves produced by the pulse 
methodd is fast and reasonable good. 

6.44 Results and discussion 

Thee last step in the scale up strategy outlined in this thesis is the liquid-phase backmixing. 
Whenn the bubbles escape at the top of the column, the liquid returns down the sides of the 
columnn (in the wall region). The downflowing liquid generates backmixing. The radial 
distributionn of the liquid velocities is related with the axial dispersion coefficient of the liquid 
phase.. Our experimentally measured axial dispersion coefficients for the liquid phase show a 
strongg function of the column diameter; see Fig. 6.8. Once again, the limited laboratory 
conditionss confine us in a relatively small area far from the real industrial dimensions. 

a a ax,L L 
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O O 
8 8 
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o o 
o o 

o o 
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ü ü 

0.1 1 0.2 2 

UUGGII [m/s] 
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Fig.. 6.8. Axial dispersion coefficient of the liquid phase measured in three columns, as a 
functionn of superficial gas velocity. 

Thee axial dispersion coefficients can be predicted in terms of liquid circulation velocity, as 
aa characteristic velocity and column diameter, as a characteristic length. This description as a 
functionn of the centre-line liquid velocity is possible only because the liquid profiles were 
successfullyy normalised, as shown in the previous chapter (Fig. 5.17). The model shown in 

149 9 



ChapterChapter 6 Backmixing of the liquid phase 

Fig.. 6.9 was obtained by making use of the dimensionless analysis. Our suggestion is thus to 
usee the following correlation for estimation of Dax,L: 

£>a,L=0.31VL(0)DTT ( 6 .1 0 ) 

oncee the centre-line liquid velocities are estimated either from using Eulerian simulations or 
sayy from the Riquarts (1981) correlation. The form of Eq. (6.10) was first suggested by Field 
andd Davidson (1980) and Joshi (1980) and can be derived by considering dispersion in single 
phasee turbulent flow. The constant 0.31 was found taking into account the whole 
experimentedd range of superficial gas velocities. However, the constant, 0.31, in the presented 
modell  does not give a different picture than some of the other published models. For instance, 
thiss constant is about 0.32 in the model of Riquarts (1981) and about 0.36 in the model of 
Joshii  (1980). The standard deviation of Eq. (6.10) from our experimental data set is 0.02 m2/s, 
whichh is significantly lower than those of the other literature correlations (see Table 6.2). 

0.35 5 

0.3 3 

0.25 5 

Oax.LL O"2 

[m2/s]] 0.15 

0.1 1 

0.05 5 

0 0 
00 0.2 0.4 0.6 0.8 1 1.2 

VL(0)DT/[m2/s] ] 

Fig.. 6.9. Comparison between the measured axial dispersion coefficient DM_ L and the 
predictionss of the model given by Eq. (6.10). 

Sincee we have established that VL(0) is not significantly influenced by the liquid viscosity 
(seee Chapter 5), we expect Eq. (6.10) to be valid for all systems. Following the conclusion 
reachedd in Chapter 5, we recommend the use of the Riquarts correlation, with water 
properties,, for estimation of the centre-line liquid velocity VL(0) for use in Eq. (6.10). This 
estimationn procedure works very well not only for our own experimental data but also for data 
culledd from the literature; see Fig. 6.10. Equation (6.10) presents a reliable and accurate 
methodd of predicting the axial dispersion coefficients in case of large diameter columns. 

Experimentall data: 
•• DT = 0.174 m 
OO DT = 0.38 m 
OO DT = 0.63 m 
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Fig.. 6.10. Comparison between the measured axial dispersion coefficient DaXi L (our data 
andd from the literature) and the predictions of the model given by Eq. (6.10). The VL(0) is 

predictedd using the Riquarts (1981) correlation. 
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6.55 Conclusions 

Thee main results presented in this chapter are: 
•• The column diameter significantly influences the backmixing of the liquid phase. The 

axiall dispersion coefficient of the liquid phase increases with the diameter of the reactor 
andd with superficial gas velocity, 

•• The measurements on the axial dispersion coefficient in the liquid phase show that this 
parameterr can simply be predicted as being proportional to the product of the centre-line 
liquidd velocity, VL(0), and the column diameter, DT [Eq. (6.10)]. One should keep in mind 
thatt the centre-line liquid velocity is also a function of column diameter! As already 
concludedd in Chapter 5, the Riquarts (1981) correlation is considered to be suitable for 
estimationn of VL(0) and extrapolation to commercial scale reactors [Eq. (5.42)]. 

•• We assume the liquid properties to have negligible influence on the liquid-phase axial 
dispersionn coefficient. This hypothesis is indirectly obtained from the virtually equal 
resultss obtained in Chapter 5 for the liquid velocity distributions studied in two liquids, 
waterr and Tellus oil, which differ in viscosity by a factor 75. 
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ChapterChapter 7 

ConclusionsConclusions of this thesis 

Thee objective of this thesis was to develop a strategy for scaling up bubble column 
reactors.. Our main focus has been on the churn-turbulent flow regime of operation because 
thiss is the regime of major interest to industry. 

sphericall cap, large bubble 
E ö > 4 0 0 

9 ( P L ' P G K 2 2 

EöEö = 

risee velocity of a single spherical cap 
bubblee in an infinite medium 
Vb~~ = 0.71 (gcQ "2 
Daviess -Taylor, 1950 

V V 

t t 

risee velocity of a single 
sphericall cap bubble 
inn a cylindrical column 

vvbb iir(SF) r(SF) 
Davies-Taylor-Collins s 

scalee correction factor (SF) 
SF-i^/Dj) SF-i^/Dj) 
Collins,, 1967 

> > 
accelerationn factor (AF) 
AFAF - (UG- /-/lfans), liquid viscosity 

churnn turbulent flow regime 

( ( VV I7trans) > 0.05 m/s 

risee velocity of a 
swarmm of large bubbles 
VVbb = V (AF) 
dd00 = 0.069 (UQ-UtraJ 0376 
thiss work, CES, 1999 

A A 
averagee bubble size 
4,4, ~ (UG-UtranJ 

<^D> > 

acceleratedd rise velocity 
off a trailing bubble 
AF=a,+pAF=a,+p::(U(UGG-U-UXransXrans) ) 
low-viscosityy high-viscosity 
a,, = 2.73 a, = 2.25 
/3,, = 4.505 /}, = 4.09 

Fig.. 7.1. The developed link between the single bubble rise velocity and the rise velocity 
off  a swarm of large bubbles. 
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Inn the churn-turbulent regime, the liquid circulations are mainly driven by fast-rising 
"large""  bubbles. One of the major contributions of this thesis has been to derive a 
fundamentallyy based model for determining the rise velocity of a swarm of "large" bubbles. 
Thee development of this model is summarised in Fig. 7.1. 

Thee first step is to understand, and quantify, the bubble rise velocities as a function of 
scale.. For a single "large" bubble, which correspond of Eö > 40 we have the spherical cap 
regime.. Our extensive experimental data on rise of single air-bubbles in water and Tellus oil 
systemss confirmed the validity of the Davies-Taylor-Collins relations. An illustration of this 
agreementt is available in Fig. 7.2. The results show that, from our experimented columns, 
onlyy the 0.63 m diameter column is entirely free of wall effects. Therefore, the scale effect no 
longerr persists for larger columns. It must be borne in mind that a major portion of the 
publishedd literature on bubble column hydrodynamics have been studied in columns smaller 
thann about 0.3 m in diameter. In all such studies wall effects affect the bubble rise. 

V V 
[m/s] ] 

0.5 5 

0.4 4 

0.3 3 

0.22 -

bubblee diameter 
ddbb>> 0.017 m 

j r ? g g 

JJ 1 1 L JJ  L 
0.017 7 0.0277 0.037 

db / [m] ] 
0.047 7 

DTT = 0.63 m 

DDTT = 0.174 m 

Drr = 0.10m 

Drr = 0.05 m 

Fig.. 7.2. Rise velocity of single spherical cap bubbles. The lines have been drawn with 
thee Davies-Taylor-Collins model. 

Inn an industrial churn-turbulent regime one bubble will never be completely "alone" in the 
column.. Large gas bubbles get accelerated when they are sucked in the wake of the bubbles 
precedingg them. So the next step in the strategy is to model bubble-bubble interaction. 

Thee velocity of the second bubble (the trailing bubble) increases as the bubble gets closer 
too the first one (the leading bubble). We define the acceleration factor as the ratio between the 
velocityy of the trailing bubble and the single bubble rise velocity. This acceleration factor 
(AF)(AF) has a maximum value when the trailing bubble reaches the leading one. On the basis of 
ann extensive and careful study of in-line and off-line interactions between pairs of "large" 
bubbles,, we were able to determine an expression for the acceleration factor. In Fig. 7.3 the 
accelerationn factor is plotted against the distance between the two bubbles. As we can see, one 
bubblee can be accelerated almost 4 times in the air-water system. The acceleration factor does 
dependd on the liquid properties, because the liquid viscosity, for example, determines the size 
off  the wake. From experimental data on rise velocity of "large" bubble swarms, determined 
byy the dynamic gas disengagement technique we were able to develop an expression for the 
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accelerationn factor for large bubble swarms; this expression is summarised towards the right 
off  Fig. 7.1. 

air r 
D, D, 
ddbb--

-- water 
== 0.05 m 
== 0.034 m 

0.16 6 

Fig.. 7.3. The acceleration factor as function of the separation distance between the 
leadingg and the trailing bubble. 

Fig.. 7.4. Extension of the two-phase model for gas-solid fluid beds to bubble columns 
operatingg in the heterogeneous regime (adapted from Krishna et al.,1993). 
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AA simplified picture of the hydrodynamics of bubble columns operating in the churn-
turbulentt flow regime is shown in Fig. 7.4. 

Thee model shown in Fig. 7.4 was used in Chapter 4 to describe the measured gas hold up 
dataa for air-water, air-Tellus oil and air-water systems to which small quantities of ethanol 
weree added. It was shown in Chapter 4 that the scale effects on the gas hold up could be 
modelledd very well using the large bubble swarm velocity relationship developed in Chapter 
3.. However, the superficial gas through the small bubbles UAt is an important parameter which 
needss to be estimated. Some estimation procedures have been suggested in Chapter 4. 

Thoughh we were able to "predict" the gas hold up for our own experimental columns, with 
diameterss ranging from 0.051 to 0.63 m diameter using the model sketched in Fig. 7.1, the 
extrapolationn to larger column diameters can only be done if one takes account of the inter-
actionn between the bubbles and the liquid phase. As discussed in the Introductory Chapter 1, 
thee various extrapolation schemes for gas hold up and centre-line velocity yield vastly 
differentt values when predicting the performance of say a 6 m diameter column operating in 
thee churn-turbulent regime. We should also remind ourselves that we have yet to provide a 
clearr unambiguous answer to the "scale up puzzle" posed in the Introduction and reproduced 
beloww in Fig. 7.5. 

0.22 r 

0.255 r 

Fig.. 7.5. Extrapolation problem: what is the gas hold up for a 6 m column operated at 0.2 
m/ss superficial gas velocity? 

Wee believe that for extrapolation to commercial units CFD techniques are the only reliable 
proceduree for scaling up. But before CFD techniques can be used with confidence, they need 
too be validated. The extensive experimental data generated in Chapters 4, 5 and 6 have been 
usedd to validate the CFD model which is based on the model sketched in Fig. 7.4. Details of 
thee CFD simulations are given in the companion thesis of van Baten (2000). 
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Forr the air-Tellus oil system, CFD simulations of the large bubble gas hold up (which 
equalss the total gas hold up because there are practically no small bubbles present in the 
system)) as a function of column diameter are shown in Fig. 7.6 for UG = 0.16 m/s and UQ = 
0.33 m/s. 

0.2 2 

0.15 5 

0.1 1 

0.055 h 

O O 

"O O 

UUGG = 0.16 m/s 
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UUGG = 0.3 m/s 

0.055 • . ,_ 
JJ • 1 
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Fig.. 7.6. Use of CFD for estimation of the large bubble gas hold up for commercial scale 
reactors. . 

Thee CFD simulation results show a much stronger scale dependence than anticipated by 
sayy the correlation of Krishna and Ellenberger (1996). Furthermore, as shown in Chapter 5, 
CFDD simulations of large diameter columns helps us to "choose" the proper correlation to use 
forr predicting the centre-line velocity VL(0). It has been shown that the Riquarts (1981) 
correlationn (with kinematic viscosity of water!) is the most reliable correlation [Eq. (5.42)]. 
Thee prediction of the centre-line velocity is important because it allows us to estimate the 
axiall dispersion coefficient using our simple correlation Dax,L = 0.31 VL(0) DT, which was 
developedd in Chapter 6. 

Thee work presented in this thesis provides a rational approach to scale up of bubble 
columnn reactors in commercial practice. 
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Notation Notation 

Notation Notation 

- i i aa interfacial area per unit reactor volume, m" 
aoao - Ü4 coefficients used by Riquarts (1981),-
AA i - A3 coefficients used by Gharat and Joshi (1992), -
AA cross section area of the column, m2 

relativee cross section area 
D. D. 

AFAF acceleration factor 
(V(V \ 

b.b. trailing bubble 

VV Vb J 
bb00 - 04 coefficients used by Kumar et al. (1994) in Eq. (5.39), -
BB parameter used for hold up profile, -
CLL concentration of tracer in liquid phase, mol/m3 

Coo final concentration achieved when / = °o, mol/m3 

ddbb bubble diameter, m 
didi internal diameter of cooling tube, m 
dd00 diameter of distributor plate holes, m 
D^x.D^x. liquid phase axial dispersion coefficient, m2/s 
Aix.L.aa dispersion coefficient for titled columns, m2/s 
£>LL liquid phase diffusivity, m2/s 
DDTT column diameter, m 

DDnn averaged radial turbulent eddy diffusivity according to Degaleesan et al. (1997), m2/s 

DDzzzz averaged axial turbulent eddy diffusivity according to Degaleesan et al. (1997), m2/s 
Fss slip force or interfacial drag force per unit volume, N/m3 

gg acceleration due to the gravity, m/s2 

Goo inlet gas flow, m3/s 
G\G\ outlet gas flow, m3/s 
hh height above the distributor, m 
HH total height of the column, m 
HQHQ total liquid height in the column, m 
HdHd dispersion height, m 
HpHpSS height of the pressure sensor in the column, m 
//PTT height of the Pavlov tube in the column, m 
HHzz height of one circulation cell according to Zehner (1982), m 
// number of points recorded for one set of experiments using the Pavlov tube (Nt+ 

positivee values and (ty - Ni+) negative values; in total M = 3000), -
// number of points used for statistic evaluation, -
II  ionic strengh of the solution, kg ion/m3 

jj  number of sets of experiment recorded for each orientation of the Pavlov tube (M = 
10),--

kkLL liquid-phase mass transfer coefficient, m/s 
fafa constant in Eq. (5.37), -
k]k]  empirical parameter used in Eq. (5.14), -
kk22 empirical parameter used in Eq. (5.35), -
KK consistency index in a power-law model, Pa s" 
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KK constant in Eq. (6.4), -
KKaa arbitrary constant in Eq. (6.2), -
// length scale of turbulence, m 
l((j>)l((j>)  radial distribution of the mixing length scale (radial variation of the eddy size), m 
lblb bubble induced length scale of turbulence, m 
l*l*  mixing length scale of turbulence used in turbulent pipe flows, m 
LL height of dispersion in the column, m 
LLzz distance to the measuring point; L A t L B and Lc (see Fig. 6.6), m 
LQLQ inlet liquid flow, m3/s 
L\L\ outlet liquid flow, m3/s 
mm parameter used for hold up profile, -
nn Richardson-Zaki exponent, -
nn flow index in a power law model, -
nn number of terms used for adjusting the axial dispersion coefficient from the 

experimentall  profiles in Eq. (6.9), -
rtirti  number of cooling tubes, -
NN parameter used for the liquid velocity profile, by Kawase and Moo-Young (1986), -
NfNf total number of data recorded for one set of experiments using the Pavlov tube, -
JV,++ number of points recorded for one set of experiments using the Pavlov tube, which 

havee a positive value for the liquid velocity, -
NjNj total number of data sets recorded for each orientation of the Pavlov tube, -
NDND number of data points used for statistic evaluation, -
pp pressure, Pa 
A PP pressure difference, Pa 
APii  pressure difference measured when Pavlov tube is oriented upwards, Pa 
AP ] aa positive pressure difference measured when Pavlov tube is oriented upwards, Pa 
AP|bb negative pressure differences measured when Pavlov tube is oriented upwards, Pa 
A/>22 pressure difference measured when Pavlov tube is oriented downwards, Pa 
AP2aa positive pressure difference measured when Pavlov tube is oriented downwards, Pa 
AP2bb negative pressure differences measured when Pavlov tube is oriented downwards, Pa 
rr  radial coordinate, m 
RR column radius, m 
SS standard deviation, different units 
SFSF scale factor, -
tt t ime, s 
TTLL liquid stress tensor, Pa 
uu velocity, m/s 
«„„  axial component of liquid velocity, m/s 

«„„  time averaged axial component of liquid velocity, m/s 

uuMtMt positive axial velocities perceived by the Pavlov tube as described in Fig. 5.13, m/s 

w„++ time average of positive axial velocities perceived by the Pavlov tube, m/s 
a «-- negative axial velocities perceived by the Pavlov tube as described in Fig. 5.13, m/s 

«u__ time average of negative axial velocities perceived by the Pavlov tube, m/s 

u^u  ̂ bubble rise velocity in infinite medium, m/s 

«hh horizontal component of liquid velocity, m/s 
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«hmm t ime averaged liquid velocity in horizontal direct ion, m/s 
«hii  hor izontal l iquid velocity measured with the upward or ientat ion of the Pavlov tube, 

m/s s 
«h22 hor izontal liquid velocity measured with the downward or ientat ion of the Pavlov 

tube,, m/s 
uumm t ime averaged liquid velocity in axial direct ion, m/s 
«LL liquid velocity obtained for the upward orientation of the Pavlov tube, m/s 

M,, time averaged liquid velocity obtained for the upward orientation of the Pavlov tube, 
m/s s 

uu22 liquid velocity obtained for the downward orientation of the Pavlov tube, m/s 

uu22 time averaged liquid velocity obtained for the downward orientation of the Pavlov 
tube,, m/s 

u'u' velocity fluctuation in axial direction, m/s 
|| u\ absolute value of fluctuation in axial direction, m/s 

u'u' velocity fluctuation in horizontal direction, m/s 
UUcc superf icial veloci ty of the cont inuous phase, m/s 
UdUd superf icial veloci ty of the dispersed phase, m/s 
UnUn superficial gas velocity through the dense phase, m/s 
UcUc superficial gas velocity, m/s 
ULUL superficial liquid velocity, m/s 
UUTT re lat ive veloci ty between the gas and the l iquid phase, used by Rei th et al (1968), 

m/s s 
f/transs superf icial gas velocity at regime transit ion point, m/s 
VbVb bubble swarm velocity, m/s 

V b°° single ( isolated) bubble rise velocity in a vessel, account ing for wall effects, m/s 

V™V™ s ingle bubble rise velocity in an infinit e med ium, m/s 
VVcc l iquid circulat ion velocity, according to Joshi (1980), m/s 
VGG gas velocity, m/s 
VCEE rise veloci ty of the biggest stable gas bubble, according to Zehner (1989), m/s 
V,, average l iquid circulat ion velocity, according to Wal ter and Blanch (1983), m/s 
VLL l iquid velocity, m/s 
VLL downwards l iquid velocity, m/s 
V L ( 0 )) centre- l ine l iquid velocity (maximum upward t ime averaged l iquid veloci ty), m/s 
VL(W)VL(W) m a x i m um downward t ime averaged liquid veloci ty, m/s 
Vt((j>)Vt((j>)  local t ime averaged l iquid velocity, m/s 
VLi(0 )) local l iquid velocity in the absence of gas, m/s 
VL,axx t ime averaged axial component of the absolute l iquid velocity value, m/s 
VL,iadd t ime averaged radial component of the absolute l iquid veloci ty value, m/s 
Vss sl ip velocity of bubbles, m/s 
VSmaiii  rise velocity of small bubbles in a gas-liquid system, m/s 
ŝwarmm swarm of small bubbles rise velocity, m/s 

VzVz liquid circulation velocity, according to Zehner (1982), m/s 
ww radial position for maximum downwards oriented liquid velocity, -
zz axial coordinate, m 
Azz separation distance between the leading and the trailing bubble, m 
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GreekGreek letters 

aa correction for distorted bubble shape, -
aa angle of tilt , rad 

a ,,, a2 fit parameters defined by Eqs. (3.2) and (3.3) -

PP ratio of liquid-phase volume to diffusion layer volume —— 

p { ,, p2 fit parameters defined by Eqs. (3.2) and (3.3), -

p(<p)p(<p) function defined by Eq. (5.28), -

ÖÖ radial coordinate at which the time averaged liquid velocity is zero, -

(D(D \ 
5LL thicknessof diffusion layer of liquid phase —- Lm 

[KJ [KJ 
<5WW boundary layer thickness, m 

££bb "large" bubble hold up (dilute phase hold up), -

€€cc continuous phase hold up, -

£dd dispersed phase hold up, -

£dff dense phase hold up, -
£GG (0) ëas n o l tl UP radial d istr ibut ion, -
£sbb "smal l" bubble hold up, -
£tranSS ga s hold up at reg ime transition point, -

EQCEQC gas hold up in the centre of the column, -

eecc mean hold up in the central zone, according to Bums and Rice (1997), -

eeBB mean hold up in the buffer zone, according to Burns and Rice (1997), -
££GG total gas hold up, -
eLL liquid hold up, -
00 radial coordinate, (r/R), -
7(0)) function defined by Eq. (5.29), -

rjrj LL dynamic viscosity of the liquid, Pa s 

r)r)mm molecular v iscosi ty, Pa s 
77,, turbulent viscosity, Pa s 
rj^rj^  turbulent viscosity in the presence of bubbles, Pa s 

7 } t ss single phase turbulent viscosity, Pa s 

AA height filled with tracer, m 

vLL kinematic viscosity of the liquid, m2/s 

v,, turbulent kinematic viscosity, m2/s 

ppGG gas phase density, kg/m3 

pLL liquid phase density, kg/m3 

App difference between the liquid and the gas density, kg/m3 

<T<T surface tension, N/m 
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TWW wall shear stress, N /m 
££ friction coefficient according to Zehner (1982), 

DimensionlessDimensionless criteria 

Eö Eö 

Fr Fr 

M M 

Pe Pe 

ReReb b 

ReRet t 

Ta Ta 

We We 

Eötvöss number 

Froudee number 

Mortonn number 

^ ( P L - P GK K 

ff u2 

°°33PI PI 

Peclett number 

ReRe Reynolds number 
(p(pLLuDuD77) ) 

^ L L 

ReRe modified Reynolds number 
fpfpLLuu22-"D^ -"D^ 

\ \ 
K K 

Reynoldss number regarding to the bubble 
ffPXdA PXdA 

turbulentt Reynolds number 

r r 

fuD.fuD. ^ 

Tadakii  number 

Weberr number 

^^  a 
ffgdgd22

hPL hPL 

KKVV<<  J 

ddbbVVb b 
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Ondankss de eenvoud wat betreft constructie, bedrijfsvoering en onderhoud zijn gas-
vloeistoff  bellenkolommen lastig om op te schalen. De hydrodynamica wordt sterk beïnvloed 
doorr de geometrie van de reactor, de systeemeigenschappen, de druk en de aanwezigheid van 
oppervlaktee actieve stoffen. De doelstelling van dit proefschrift is het ontwikkelen van een 
systematischee aanpak voor het opschalen van gas-vloeistof reactoren, waarbij met 
bovengenoemdee effecten rekening wordt gehouden. De stijgsnelheid van afzonderlijke 
gasbellenn en de interactie tussen de gasbellen, beide als functie van de afmetingen van de 
reactorr en de fysische eigenschappen van het systeem, spelen een sleutelrol in deze strategie 
voorr een volledige beschrijving van de hydrodynamica in bellenkolommen. Deze aanpak voor 
hett opschalen van gas-vloeistof reactoren is weergegeven in Figuur 0.1. 

Kenmerkenn voor  de stijgsnelheid van afzonderlijk e gasbellen 

Dee zwerm gasbellen in een bellenkolom wordt in twee groepen onderverdeeld: 'kleine' en 
'grote'' gasbellen. Voor beide groepen bellen zijn de schaaleffecten experimenteel onderzocht. 
Dee stijgsnelheid van de 'grote' bellen, met beldiameters boven de 20 mm, die de 
hydrodynamicaa in het heterogene stromingsregime bepalen, is sterk afhankelijk van de schaal 
vann de reactor. Deze bellen stijgen harder in reactoren met een grote diameter vanwege de 
relatieff  kleinere wandeffecten. Dit wordt aangetoond in het voorbeeld van Figuur 0.2, waarbij 
eenn gasbel van 34 mm diameter opstijgt in twee kolommen van verschillende diameters. 

Honderdenn afzonderlijke gasbellen van verschillende afmetingen werden geïnjecteerd in 
reactorenn van uiteenlopende diameters om de bijbehorende stijgsnelheid te bepalen. Een 
gasbell  van 40 mm diameter in een kolom van 0.05 m diameter stijgt bijvoorbeeld met een 
snelheidd van 0.25 m/s terwijl diezelfde bel een snelheid heeft van 0.45 m/s in een kolom van 
0.633 m (Figuur 0.3). Dit opmerkelijke schaaleffect wordt kleiner naarmate de diameter van de 
reactorr groter wordt omdat de invloed van de reactorwand langzaam verdwijnt. 

Onzee experimenten hebben verder aangetoond dat een 'grote' bel in een stromingsregime 
opstijgtt waarin de invloed van de viscositeit van de vloeistoffase te verwaarlozen is. De 
stijgsnelheidd van een gasbel in water is dus even groot als die in Tellus olie met een 75 keer 
groteree viscositeit dan die van water. 

Bel-bell  interactie 

Inn een industriële gas-vloeistof reactor hebben we te maken met een groot antal gasbellen 
diee zich gelijktijdig in de reactor bevinden. 'Grote' gasbellen ondergaan een versnelling in het 
zogg van een 'grote' gasbel die zich daarboven bevindt ('vooruitlopende bel'). De volgende stap 
inn het onderzoek is dus de beschrijving van de bel-bel interactie. 

Dee stijgsnelheid van een achterliggende bel ('achtervolgende bel') wordt groter naarmate 
dezee zijn 'vooruitlopende bel' nadert. We definiëren de versnellingsfactor AF als de 
verhoudingg tussen de stijgsnelheid van een 'achtervolgende bel' en zijn stijgsnelheid als 
afzonderlijkee bel. Deze versnellingsfactor bereikt een maximale waarde als de 
'achtervolgendee bel' zijn 'vooruitlopende bel' raakt. In Figuur 0.4 is de versnellingsfactor als 

173 3 



Samenvatting Samenvatting 

functiee van de afstand tussen de twee gasbellen grafisch weergegeven. In deze Figuur is te 
zienn dat de stijgsnelheid van een gasbel in het zog van een 'vooruitlopende bel' in een water-
luchtt systeem met een factor 4 verhoogd kan worden. De versnellingsfactor is afhankelijk van 
dee vloeistofeigenschappen. Zo wordt bijvoorbeeld de grootte van het zog achter een bel 
bepaaldd door de viscositeit van de vloeistof. 

Stijgsnelheidd van de 'grote' bellenpopulatie 

Inn het heterogene stromingsregime van een gas-vloeistof reactor is elke 'grote' bel in feite 
eenn 'achtervolgende bel'. De stijgsnelheden van bellenzwermen zijn met behulp van 
zogenaamdee gasontwijkingsexperimenten bepaald. Uit de experimenteel verkregen resultaten 
konn een model worden ontwikkeld, waarmee de gemiddelde belgrootte en de stijgsnelheid van 
dee bellenzwerm als functie van de superficiële gassnelheid en de systeemeigenschappen kan 
wordenn voorspeld. Dit model, mede gebaseerd op de Davies-Taylor-Collins relatie voor de 
stijgsnelheidd van afzonderlijke 'bolkap'-bellen, vervult een sleutelrol in de strategie voor het 
opschalenn van bellenkolommen. Het model bevat tevens de eerder genoemde 
versnellingsfactorr (AF) waarmee met bel-bel interacties rekening wordt gehouden. Deze 
versnellingsfactorr is afhankelijk van de superficiële gassnelheid van de 'grote' bellen en de 
fysischee eigenschappen van de vloeistoffase. Karakteristieke stijgsnelheden voor 
bellenzwermenn zijn weergegeven in Figuur 0.6 voor een superficiële gassnelheid van 0.2 m/s 
enn een belgrootte van db = 0.038 m. In dit figuur zien we dat de stijgsnelheid vanaf een 
bepaaldee kolomdiameter een plateau bereikt. Het schijnt alsof er boven deze diameter geen 
opschaalproblemenn meer zijn. In dit proefschrift wordt echter aangetoond dat dit niet 
noodzakelijkerwijss het geval is. 

Schaalafhankelijkheidd van de vloeistof circulatiesnelheid 

Inn het heterogene stromingsregime neigen de 'grote' bellen zich te concentreren in het 
middenn van de kolom. Deze bellen trekken vloeistof mee omhoog. Als de bellen aan de top 
vann de reactor ontsnappen, stroomt de vloeistof weer langs de wand omlaag. Hierdoor ontstaat 
eenn radiaal snelheidsprofiel van de vloeistoffase. Omdat de zwermsnelheid van de 'grote' 
gasbellenn afhankelijk is van de schaal, mogen we verwachten dat ook de vloeistof 
circulatiesnelheidd wordt beïnvloed door de geometrie van de reactor. 

Voorr drie reactoren met verschillende diameter zijn in Figuur 0.7 de experimenteel 
verkregenn resultaten van de vloeistofsnelheden als functie van de straal van de reactor 
weergegeven. . 

Dee maximale vloeistofsnelheid treedt op in het hart van de kolom en is sterk afhankelijk 
vann de schaal. Voor de 0.174 m diameter kolom bedraagt de hartlijn-vloeistofsnelheid 0.5 m/s 
terwijll  die voor de 0.63 m diameter kolom al een waarde van 1.25 m/s bereikt. Reeds in deze 
relatieff  kleine reactoren heeft de diameter een enorme invloed op de hartlijn-vloeistofsnelheid 
diee dan verder moet worden opgeschaald naar industriële reactoren met afmetingen van circa 
6m.. In Figuur 0.8 zien we dat het genormeerde, radiale snelheidsprofiel van de vloeistoffase 
onafhankelijkk is van de kolomdiameter. Dit resulteert in een bruikbare opschaalregel, die 
inhoudt,, dat de intensiteit van de vloeistofcirculatie alleen een functie van de hartlijn-
vloeistofsnelheidd is. 

Dee hydrodynamische verschijnselen in een gas-vloeistof reactor zijn onderling sterk met 
elkaarr verbonden en blijken veroorzaakt te worden door de gasbellen. In Figuur 0.9 wordt de 
zwermsnelheidd van de 'grote' bellen vergeleken met de hartlijn-vloeistofsnelheid. Naast de 
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experimenteell  gevonden waarden voor de hartlijn-vloeistofsnelheid zijn in deze grafiek ook 
tweee correlaties uit de literatuur opgenomen. Het verschil in snelheid tussen 1.5 m/s (Zehner, 
1982)) en 4 m/s (Riquarts, 1981) van deze twee correlaties voor een kolom van 6m diameter is 
opmerkelijkk en kan niet worden verwaarloosd. 

Alleenn met behulp van CFD simulaties, welke zijn beschreven in het proefschrift van van 
Batenn (2000), is het mogelijk om de vloeistof circulatie snelheid in grote kolommen te 
voorspellen.. De resultaten van de CFD simulaties voor de hartlijn-vloeistofsnelheid voor 
reactorenn tot 6m diameter zijn weergegeven in Figuur 0.10. Op basis van deze CFD simulaties 
kunnenn we concluderen dat de correlatie van Riquarts (1981) de voorkeur verdient. 

Schaalafhankelijkheidd van de gasfractie 

Dee sterk toenemende vloeistofcirculatie bij toenemende reactordiameter (zie Figuur 0.10) 
verminderdd de gasfractie in de reactor omdat de gasbellen worden versneld door de vloeistof. 
CFDD simulaties, beschreven in het proefschrift van van Baten (2000), geven ons de 
mogelijkheidd om de gasfractie in reactoren van verschillende kolomdiameters te berekenen. 
Figuurr 0.11 laat de resultaten van deze CFD simulaties zien voor het systeem water-lucht bij 
eenn superficiële gassnelheid van 0.3 m/s. 

Schaalafhankelijkheidd van de axiale dispersie in de vloeistoffase 

Dee laatste stap in onze aanpak voor het opschalen van gas-vloeistof reactoren (zie Figuur 
0.1)) is de axiale dispersie in de vloeistoffase. Als de gasbellen aan de top van de reactor 
ontsnappen,, stroomt de vloeistof weer langs de wand omlaag en zorgt voor axiale menging. 
Dee radiale verdeling van de vloeistofsnelheid is gekoppeld aan de axiale dispersiecoëfficiënt 
vann de vloeistoffase. Voor de bepaling van de axiale dispersiecoëfficiënt als functie van de 
kolomdiameterr en de superficiële gassnelheid, zijn een groot aantal experimenten uitgevoerd 
waarbijj  gebruik werd gemaakt van de 'pulse-response' methode. De axiale dispersiecoëfficiënt 
werdd berekend met een model voor ééndimensionale axiale dispersie. 

Ditt resulteerde in een model voor de axiale dispersiecoëfficiënt dat de hartlijn-
vloeistofsnelheidd als karakteristieke snelheid en de kolomdiameter als karakteristieke lengte 
bevat.. Dit, door dimensieanalyse verkregen model stelt ons in staat de axiale 
dispersiecoëfficiëntt voor grote kolomdiameters op eenvoudige wijze te voorspellen (zie 
Figuurr 0.12). 

Dee constante van 0.31 in dit model is een best-fit constante van alle experimentele data, 
Dee experimenten werden uitgevoerd met het systeem lucht-water. Omdat de hartlijn-
vloeistofsnelheidd voor het systeem lucht-water gelijk is aan die van het systeem lucht-Tellus 
olie,, kan het geïntroduceerde model ook voor dit soort systemen worden toegepast. 

Inn Figuur 0.13 zijn de hartlijn-vloeistof snelheden en de axiale dispersiecoëfficiënten voor 
eenn bepaalde superficiële gassnelheid van 0.2 m/s in één grafiek samengevoegd. Ook hier 
zienn we, dat de resultaten van laboratoriumexperimenten maar een relatief klein gebied 
bestrijkenn die ver van industriële reactorafmetingen liggen. De grafiek Iaat zien, dat het 
voorgesteldee model goed overeenkomt met het veel toegepaste model van Baird and Rice 
(1975). . 

Hett in dit proefschrift beschreven werk verschaft een gestructureerde aanpak bij het 
opschalenn van gas-vloeistof reactoren in de industriële praktijk. 
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