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Chapter 1 

General Introduction 

Reactive separation units which combine reaction and separation of species as a single step 

in a process form an exciting area of chemical engineering research. In this thesis, the use 

of such a unit —the pressure swing reactor— is evaluated for the operation of irreversible 

series reactions. 

In this chapter, a general introduction into this subject is given. Various types of reac

tive separators are introduced. Adsorptive reactors, including the pressure swing reactor, 

are discussed in more detail. In a review of the research on pressure swing reactors, we 

will show that operation of irreversible series reactions using adsorptive reactors and in 

particular using the pressure swing reactor has hardly been evaluated. Potential operating 

principles applicable to series reactions are listed and linked to the various chapters of this 

thesis. 
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1.1 Reactive Separations 

Conversion of chemical reactions is often limited by thermodynamic equilibrium and are 

seldom 100% selective to the desired product. Therefore reactions are always combined 

with separation and purification steps. 

Reaction and separation are traditionally viewed as separate steps in a chemical pro

cess. This paradigm is still mainstream in the chemical industry. Moreover, in the current 

chemical engineering curriculum, the classification of reaction and separation as separate 

parts is presently taught as the first step in the hierarchical approach to conceptual design 

of chemical processes (see for instance Figure 1.2.6 in Douglas (1988) or Figure 1.3 in 

Coulson et al (1991)). 

However, the combination of reaction and separation as a single step in a process has 

arisen considerable interest in chemical engineering research. In this thesis, the use of the 

pressure swing reactor, a reactive separator, is evaluated for operating irreversible series 

reactions. 

Reactive separations potentially offer the following advantages: 

• Increased conversion of reactants. 

• Improved selectivities and yields of desired products. 

• Reduced requirements for external energy supply or cooling capacity. 

• Reduced capital expenditure by process intensification. 

• More favorable reaction conditions may be possible, resulting in longer lifetime of 

equipment and less catalyst deactivation. 

Some of these advantages can be illustrated by a simple example. Consider the re

versible decomposition reaction: A ?i B + C. When traditionally operated, conversion of 

A into B and C proceeds till chemical equilibrium is reached at a limited conversion of 

A. A, B and C will all be present in the reactor effluent (Figure 1.1). A separation train 

and the recycle of A to the reactor are required to obtain pure products B and C. If we 

can separate B and C right after they are formed, the reverse reaction is prevented and the 

entire process is accomplished in a single step. 

Separations and reactions either require heat or release it. If the reaction is exothermic 

and the separation is endothermic (or vice versa), integration of reaction and separation 

may reduce the requirements for external heat supply or cooling. This is usually a sec

ondary effect in in-situ separations. Examples can be found in adsorptive reactors: The 
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waste 

A ,. A ^ = B + C 
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Figure 1.1: Reactive separation versus traditional process design. Left: Tra
ditional design involving three units, a recycle stream and a waste stream. Right: 
Process with reactive separation using a single unit only. 

heat of adsorption (Yongsunthon and Alpay, 1998a) or an external heat source (Yongsun-

thon and Alpay, 1998b, 1999) can provide the heat to drive endothermic reactions. This 

principle is also used in the coupling of two reactions (Agar and Ruppel, 1988b; Seiler and 

Emig, 1997). 

There are several operating principles which can be applied to realize the benefits of 

combining reaction and separation. The operating principles listed below are not all aimed 

at separating the reaction products. An in-situ separation technique may control the mass 

transfer of reaction species, leaving, entering, or locally concentrating in the reactor. 

Removal of reaction products In reversible reactions, the removal of one, or all, re

action products from the reactive phase will suppress the reverse reaction and result in a 

higher conversion. This may enable lower operating temperatures or smaller equipment. 

This operating principle is by far the most widely applied. 

For both reversible and irreversible reactions, or combinations of them, removal of 

reaction products may suppress undesired sequential reactions —and thus increase the 

reaction selectivity— due to the low concentration and short residence time of products in 

the reactive phase. 

A secondary effect may be that product removal gives rise to local temperature (Yong

sunthon and Alpay, 1998a) or pressure gradients (Arumugam and Wankat, 1999; Byrne 

and Wankat, 2000) which also influence the equilibrium constant. 

Controlled addition of reactants Traditionally all reactants are pre-mixed in a single 

feed stream. Reactants may also be fed in a staged and controlled manner, thereby keeping 

the average concentration of the staged species low. This may suppress side reactions. 
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Furthermore one may circumvent the use of the stoichiometric excess of one reactant, that 

would lead to a recycle stream. Also, the controlled addition of a reactant may prevent 

entering regions of explosion limits, or circumvent the uncontrolled rise of reaction rates 

(run-a-way). In reactive separation units the separation interface may act as a barrier which 

allows controlled addition. 

Another advantage of this principle is that a reactant can be transfered to, or stored 

in, the reactive phase in the desired chemical state. By making available the reactant 

in this state only, selectivity may be enhanced. Examples include hydrogen supply via 

Pd-membranes (Hsieh, 1996) or oxygen supply via solid oxide membranes (Eng and 

Stoukides, 1991 ) or solid oxygen carriers (Cavani and Trifiro, 1999). 

Reactant staging/accumulation It can be beneficial to accumulate (or stage) a reactant 

in the reactor vessel over time: By staging of reactants one can increase the residence time 

of a reactant and thus increase its conversion. This application is in wide spread use in 

chromatographic reactors. 

By accumulation of a reactant, one can form a buffer of this species, thus rendering 

the process less sensitive to fluctuations in feed concentration of an other reactant. An 

application of this principle is found in the selective catalytic reduction of NO with NH3. 

In this example the buffer of NH3 is created by chemisorption in the reactor and the buffer 

may "peak shave" any fluctuations in the feed gas concentration of NO and thus allow for 

a constant NO conversion. (Agar and Ruppel, 1988a; Eisma et al, 2000). 

By reactant storage one can control the local molar ratio of species inside the vessel. 

In this way one can deplete the reactor from a reactive impurity. 

Above, we have listed various operating principles that can be used. An alternative 

classification of operating principles is to distinguish separation promoting the reaction, 

and reaction promoting the separation. This distinction can best be illustrated by the 

shifting of an thermodynamic equilibrium by removal of products. The example of the 

equilibrium limited dissociation reaction outlined in Figure 1.1 belongs to the first group. 

An example of the second class to accelerate mass transfer by reaction to overcome an 

unfavorable phase equilibrium. In the reactive absorption process for NO removal (Zapfel 

et al, 1997), NO is reduced at the liquid interface to overcome the unfavorable phase 

equilibrium (low solubility of NO). 
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Seactive separation units Many different separation techniques are used in chemical 

industry which may be combined with reaction. These are listed in Table 1.1. Each sepa

ration principle is shortly described below. This treatment is not exhaustive, but is included 

as a basis for further reading. 

Table 1.1: Separation principles that can be applied for reactive separations. 
Separation principle Separation unit Reactive separation unit 
pervaporation distillation column reactive distillation 
dissolution extraction unit reactive extraction 
absorption absorption or stripping section reactive stripping 
permeation membrane module membrane reactors 
adsorption adsorber column adsorptive reactors 

Among the different types of reactive separators, reactive distillation systems are al

ready successful in the chemical process industries (Krishna, 1999). The only large-scale 

commercial application of reactive separation is a reactive distillation process: The manu

facture of methylacetate (Agreda and Partin, 1984) by reactive distillation has replaced all 

competing traditional plant designs. A significant amount of research has been devoted to 

all aspects of reactive distillation (Taylor and Krishna, 2000). Other major applications in

vestigated include the production of MTBE and ETBE (Smith and Lawrence, 1989, 1990) 

from iso-butene and methanol/ethanol. 

The concept of reactive extraction was pioneered by Sharma and Nanda (1968). Ex

amples of studied applications include Morpholine production (Pahori and Sharma, 1991) 

and an esterification reaction to produce butyl acetate (Minotti et al, 1998). 

Absorption is the transfer of one or more components of a gas phase to a liquid in 

which is it soluble. Stripping refers to the reverse. Applications of reactive absorption 

include gas purification: H2S and C0 2 removal (Kohl, 1987; Pacheco and Rochelle, 1998) 

and NO reduction (Zapfel et al., 1997) and olefin/paraffin separation with copper and silver 

ions dissolved in the liquid phase (Safarik and Eldridge, 1998). 

The prediction of vapor-liquid and liquid-liquid phase equilibria is a well developed 

area in chemical engineering. This has allowed the detailed modeling of the above men

tioned reactive separation units. The development of these reactive separation units is 

therefore more mature than membrane reactors and adsorptive reactors. For adsorptive re

actors, the necessary quantitative prediction of multicomponent sorption equilibria is less 

developed. 

In the field of membrane reactors, the use of permselective organic polymeric mem-
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branes has been pioneered by Jennings and Binning (1960). Since organic polymeric mem

branes can only withstand mild conditions, applications have been focussed on enzyme-

catalyzed reactions. Reviews in this field are given by Belfort (1989) and Prezeres and 

Cabrai (1994). Compared to organic polymeric membranes, inorganic membranes and 

metal membranes are more thermally stable. The coupling of reaction to separation by 

these type of membranes has been mostly studied for hydrogen-generating and consuming 

reactions. A comprehensive overview is given by Hsieh (1996). 

Simultaneous separation by selective adsorption and reaction is accomplished in ad-

sorptive reactors. These include the chromatographic reactor, the (simulated) moving bed 

reactor and the pressure swing reactor. An extensive overview of research on adsorptive 

reactors will be given in the Section 1.2. 

1.2 Adsorptive reactor technology 

In this section, the roots and current status of adsorptive reactor technology will be re

viewed. Figure 1.2 shows the successive developments that have preceded this technology. 

The various (reactive) adsorption technologies indicated will be discussed with somewhat 

more emphasis on pressure swing reactors. 

1.2.1 Separation by Adsorption 

The IUPAC definition of adsorption is "The Enrichment of one or more components in an 

interfacial layer". In the present context, one of these phases is necessarily a solid and the 

other a fluid. This work is restricted to adsorption from the gas phase. 

The historical development of adsorption science is well covered by Sing (1997) and 

Rouquerol et al. (1999). An overview with a focus on engineering aspects can be found 

in: (Ruthven, 1984, 2000; Keller II et ai, 1987) and with emphasis on chromatography in: 

(Rodrigues et ai, 1991). The first account of an adsorption-regeneration experiment was 

given by Scheele (1780)*. 

I filled a retort half full with very dry pounded charcoal, and tied it to a bladder 

emptied of air. As soon as the retort became red-hot at the bottom, the bladder 

would no longer expand. I left the retort to cool, and the air returned from the 

bladder into the coals. 

*This quote was taken from the Ph.D. Thesis of Alpay (1992). 
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igure 1.2: The roots and current versions of adsorptive reactors. 

Before that, the adsorbent properties of materials as clay, sand and wood charcoal were 

ilized by the ancient Egyptians, Greeks and Romans. Furthermore the ability of certain 

naterials to remove color from solutions was already known in the fifteenth century. Early 

applications of batch wise adsorption include: bone char for decolorizing sugar solutions 

/hieb, was done commercially in the late eighteenth century (Keller II et ai, 1987), and 

wood charcoal for air purification in hospital respirators in the mid nineteenth century 

• lantell, 1946). 

In the beginning of the twentieth century quantitative measurements of adsorption 

isotherms were undertaken, and the publication of Langmuir's monumental papers (1916; 

1917; 1918) formed the onset of the development of models to interpret adsorption data. 

Adsorption has further gained momentum by the discovery of synthetic zeolites as a new 

file:///SMBR
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class of sorbent materials in the late 1950s (Milton, 1959). 

There are two views describing the birth of chromatography". In one view, the first 

chromatographic experiment was reported in 1905 by Tswettin. Another view is the pre

sentation of Talbot Day in 1900 where he claimed that "crude oil forced upward through a 

column packed with limestone changed in color and composition". The theory of adsorp

tion chromatography was developed in the 1940s. 

Immediately following the development of analytical gas chromatographic methods 

in the 1950-1960, considerable interest arose in its use in large-scale separation. Large-

scale chromatography is a batch wise wise separation technique (Wankat, 1987). This is a 

disadvantage of this reactor. 

In chemical engineering, the first large scale, bulk gas adsorption processes were com

mercialized almost simultaneously in the early 1920s in the form of the removal of alcohol 

and benzene from a gas stream by Bayer AG (Kast, 1981) and the recovery of ethane and 

higher hydrocarbons from natural gas by Union Carbide (Marcinkowsky and Keller II 

1982) 

In continuously operated adsorptive separation units two directions can be distinguished. 

One is based on the moving adsorption front and has lead to pressure swing adsorption, 

and the other is based on staged counter-current operation, and has lead to moving bed 

technology. 

Pressure swing adsorption Skarstrom ( 1960) and de Montgareuil and Domine ( 1964 ) 

are generally considered the inventors of pressure swing adsorption (PSA). Earlier re

ports of PSA-like processes are nevertheless given by Finlayson and Sharp (1932) and 

Kahle (1941). In continuous adsorption processes, the adsorbent must bind components 

reversibly so that the adsorbent can be used over and over. Therefore an adsorption process 

always consists of adsorption and regeneration steps. 

During adsorption one component is selectively adsorbed. In a packed bed a front is 

therefore formed that slowly migrates towards the product end. From the feed point up 

to the adsorption front, the feed gas mixture is in equilibrium with a saturated sorbent 

while further downstream, the gas phase contains non-adsorbing components only and the 

sorbent is not saturated. 

The adsorbed component is removed during regeneration. Although the operation ol 

T h e following quotes are taken from the introduction section of: (Rodrigues et ai, 1991 ). 
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e h bed is batch-wise, the system as a whole is continuous, and operates in a cyclic steady 

state. One may distinguish two dominant regeneration procedures: 

• Thermal-swing adsorption: In this process, the bed is regenerated by raising the 

temperature. The most convenient way is by purging the bed with a pre-heated gas. 

• Pressure-swing adsorption: In this cycle the regeneration is accomplished by reduc

ing the total pressure and the bed is purged at low pressure. 

All PSA processes developed up till now are derived from the 2-bed, four step cycle 

inally used for air drying (Figure 1.3). In general the following trends in the develop-

nts of these processes may be observed: 

• Kinetic selectivity. It was recognized that besides thermodynamic selectivity, differ

ences in adsorption kinetics could be used in adsorptive separation. An early account 

of kinetic separation is the separation of air using zeolite 4A (de Montgareuil and 

Domine, 1963). Nitrogen production is nowadays practiced by kinetic adsorption 

using molecular sieving carbons (MSC) exploiting the fact that oxygen diffuses a 

factor 50 faster into MSC than nitrogen (Kärger and Ruthven, 1992). 

• Multi bed PSA. By using a part of the product gas to repressurise another bed (Batta. 

1971), gas compression costs are reduced and the degree of separation is improved. 

to bed 2 

feed 

— 1 Î - -*-! )rodu 
• i 

ct 1 ( 

1 II III IV 

V . • 

from bed 2 

delivery end 

exhaust 

IV 

feed end 

both ends 

time 

Figure 1.3: The Skarstrom PSA cycle. 
Top: process steps, Bottom: pressure 
profile. Legend: I: pressurization, II: ad
sorption, III: depressurization, IV: purge. 
Bed 2 is operated out of phase. 
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This goes at the expense of process simplicity since a larger number of intercon

nected beds are used. Multi bed PSA processes using up to twelve beds are nowa

days used for hydrogen purification. 

• Rapid PSA. The RPSA cycle (Figure 1.4) was first published by Turnock and Kadlec 

(1971). The RPSA process cycle is shown in Figure 1.4. By using much smaller par

ticles and shorter cycle times, a large pressure drop over the bed and a continuously 

changing axial pressure profile are obtained with a maximum pressure appearing 

in the middle of the bed. A continuous delivery of product gas is realized, which 

permits the use of a single bed. The productivity of the RPSA is higher than for a 

PSA. A disadvantage is the reduced quality of separation. 

In RPSA units, the residence time is significantly different for the adsorbed versus the 

non-adsorbed species. The adsorbed component is concentrated near the feed end, where 

pressure changes rapidly and the flow rates are high. The non-adsorbing component moves 

towards the product end of the bed and exits via the product stream. The flow rate of the 

product stream is relatively low compared to that of the feed and exhaust stream. By 

consequence the residence time of the non-adsorbing component is large compared to that 

of the adsorbing component. This is an important aspect in the rapid pressure swing reactor 

as will become apparent in Section 1.3. 

Pressure swing adsorption is a widely used technology for bulk separation and purifi-

product 

JL 1 

feed 

delivery end 

J feed end 

exhaust 

III 

at delivery 

at feed/exhaust 

time 

Figure 1.4: The RPSA cycle. Top: pro
cess steps, Bottom: pressure profile. 
Legend: I: pressurization, II: delay, III: de-
pressurization The delay step is optional 
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cation of gasses. Major applications are: air separation, moisture removal from air and 

.Rural gas, separation of normal and iso alkanes, natural gas dew-pointing, hydrogen re

covery and purification (Yang, 1987; Ruthven et al, 1994). PSA technology has also been 

aluated for the separation of alkenes and alkanes (Yang and Kikkinides, 1995; Rege 

et al, 1998; Zhu étal., 2000). 

Moving bed adsorbers A typical chemical engineering approach to a large-scale sepa-

itionis to devise a steady-state counter-current system, since in that case all regions of the 

iibent bed are effective in the separation all the time and the time and location averaged 

driving force for separation is highest. In adsorption, such a device is the true moving bed 

I rocess where the sorbent flows counter-currently to the gas. This system has not been a 

uccess due to problems associated with solids movement, like attrition. Similar concepts 

sing rotating systems, like the wheel TSA (Keller II, 1995), are mechanically complex. 

These difficulties have been overcome by the development of the simulated moving 

bed. Rather then moving the solids, the position of feed and product streams are periodi-

illy moved in the direction of the gas flow. For an observer positioned at the feed flow, 

the solids appears to have moved opposite to the gas and thus counter-current movement 

of the solid is simulated. When a port reaches the end of the (series of) columns, the cycle 

•starts. Commercial applications of this process include the Molex, Parex and Sorbex 

processes of UOP to separate linear and branched alkanes, para-xylene, and meta-xylene 

:spectively (Ruthven and Ching, 1989). 

All three adsorptive separators (large scale chromatography, pressure swing adsorp

tion, and moving bed adsorbers) have also been studied for combined separation and re-

Lion, leading to the chromatographic reactor, the simulated moving bed reactor and the 

essure swing reactor. Chromatographic reactors and simulated moving bed reactors are 

discussed in Sections 1.2.2 and 1.2.3 respectively. Pressure swing reactors are discussed 

in Section 1.3. 

1.2.2 Chromatographic reactors 

i chromatographic reactors, a packed bed is filled with both a catalyst and a sorbent. They 

are operated batch wise. A pulse of reactant is introduced and reacts while propagating 

through the reactor. Adsorption affinities for the reactant and products differ and therefore 

all components can be obtained sequentially in pure (but diluted) form. In case there are 

two reactants, one of the reactants is usually the eluent, to avoid separation of the reactants. 
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The principle of the chromatographic batch reactor has been pioneered by Dinwiddie and 

Morgan (1961) and Magee (1961, 1963). 

There are several drawbacks to the chromatographic reactor. Firstly, a high amoun« 

of eluent (liquid or gas) is needed to perform the separation, and the products are highly 

diluted. Secondly, the unit is operated batch wise. Thirdly, during migration through the 

vessel only a small portion of the sorbent is used simultaneously and overall sorbent use is 

low. 

Several advantages over traditional reactions have been demonstrated in chromato

graphic reactors (Loureiro et al, 1992). These include: (1) the increase of conversion 

in equilibrium limited reactions (Gore, 1967), (2) the selectivity towards the intermedi

ate product in series reactions (Liden and Wamling, 1989). The inclusion of a reaction 

may also improve the separation by (3) increasing the breakthrough time of the reactant 

(Loureiro et al, 1990), as illustrated by the use of impregnated metals to eliminate CNC1 

by decomposition after adsorption in carbons masks (Soares et al, 1995). 

1.2.3 (Simulated) moving bed reactors 

The advantages of moving bed separators over large scale chromatography equally apply 

for the corresponding adsorptive reactors. By manipulating gas- and solid flows, different 

velocities for reactants and products can be realized. The improvements listed above for 

chromatographic reactors have also been demonstrated for moving bed reactors: principles 

(1) and (2) by selectively adsorbing the products (Takeuchi et al, 1978), and principle 

(3) by selectively adsorbing the reactants (Takeuchi and Uraguchi, 1977; Petroulas et al, 

1985). 

Takeuchi and Uraguchi (1977) already noted for the moving bed principle that, al

though pure product was obtained, part of the reactant was not converted and remained 

adsorbed on the sorbent. Therefore a purge gas needed to be introduced below the feed 

point in a stripping* section to increase the overall conversion. 

Moving bed reactor technology has developed and in current technology at least four 

different zones can be distinguished. These are illustrated in Figure 1.5 for a moving bed 

reactor with the reversible decomposition reaction A ^ B + C as an example. The adsorp

tion affinities rank B > A > C:T In zone I the gas flow rate is higher than in all the other 

sections, which is necessary in order to remove the more strongly adsorbed product B from 

'Takeuchi and Uraguchi termed this the exhaust section instead of stripping section. 
TThis illustrative example was taken with minor modifications from: (Dünnebier et al, 2000). 
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Figure 1.5: Schematic representation of 
a moving bed adsorptive reactor for the 
reaction A ï± B + C. Top: Concentra
tion profiles of A, B, and C. Left: Po
sition of the feed and product streams. 
The adsorption affinities rank B > A > 
C. A single zone can consists of multiple 
beds. The moving of the solids can be sim
ulated by moving the ports in the direction 
of the gas flow (here: upwards) see text. 

adsorbent. The regenerated sorbent is obtained at the bottom. In zone II components 

B and C are formed. The less strongly adsorbed product C is desorbed and transported 

aids with the carrier gas, whereas B is held on the adsorbent and transported to the 

extract port. The extract stream contains the more strongly adsorbed product B and carrier 

Zone III also features the decomposition of component A. Component B is retained 

and thus component C can be collected at the raffinate port. In zone IV the carrier gas 

i cleaned by adsorption of component C onto the regenerated sorbent and transported 
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towards zone III. 

On laboratory scale, both true-, and simulated-moving bed reactors have been built, 

but on pilot plant scale, only simulated moving beds have been used (Dandekar, 1998). 

In case the conditions (usually temperature) required by the catalyst and the sorbent 

are too far apart, a single zone in a moving bed reactor may be replaced by a separate 

reactor and separator vessels in series. A clear disadvantage of this modification is that 

significant cooling and heating equipment is required to maintain the difference in temper

ature conditions. An advantage is, that the adsorption section can be further split in two 

and intermediate product retrieval of very strongly adsorbed species is possible (Bjorklund 

andCarr, 1995). 

There is a significant amount of recent patent literature on simultaneous reaction and 

adsorption processes using simulated moving bed reactors on pilot plant scale in industry 

(Funk et al, 1995, 1996a,b; Dandekar et al, 1998). 

1.2.4 Reverse flow reactors using mass storage 

Reverse flow reactors (RFR) which use mass storage have many similarities with pressure 

swing technology. The reverse flow reactor proposed by Haynes et al. (1992) to operate 

endothermic reactions shares many concepts with the thermal swing reactor evaluated by 

Yongsunthon and Alpay (1998b). In most RFR applications, storage of species is directly 

on the catalyst by chemisorption (Agar and Ruppel, 1988a) compared to physisorption on 

a separate adsorbent in most adsorptive reactor applications. 

Reverse flow reactors form an offspring from research on forced unsteady state op

eration of catalytic reactors. The notion that the most proper method of operation for a 

fixed bed reactor is the steady state has been challenged in the past few decades. The peri 

odic variation of operating variables in reactors was pioneered by Douglas (1967) and for 

various cases process improvement (selectivity, productivity) has been shown. In forced 

unsteady state operation one may roughly distinguish two operating modes*: 

• Periodic operation may improve conditions on the catalyst scale. Examples include: 

the improvement of intrinsic reaction rates (Zhou et al, 1986) or the suppression 

of fluctuations in self-oscillating systems (Qin and Wolf, 1995; van Neer and Bliek, 

1999). This area is not related to adsorptive reactors. 

*A comprehensive overview of the field can be found in the proceedings of the three subsequent congresses on 
Unsteady State Processes in Catalysis: Novosibirsk (Matros, 1990), St. Louis (Silveston, 1996), St. Petersburg 
(Matros and Strots, 1999). 
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• Periodically operating reactors may improve conditions on the reactor scale. The 

major examples are riser reactors (Contractor et ai, 1987) and reverse flow reactors 

(Boreskov et ai, 1979). The latter option is most frequently used to store reaction 

heat. Instead of heat, mass may also be accumulated, thereby establishing the stag

ing of reactants mentioned in Section 1.1. In FUSO* literature, they are referred to 

as "Unusual types of Reversed Flow Operation (..) utilize adsorption capacity (..) 

instead of its heat capacity" (p 9 in Matros and Bunimovich, 1996). 

1.3 Studies on pressure swing reactors 

In this section we will discuss the state of the art in the pressure swing reactor, rapid pres

sure swing reactor, and the temperature swing reactor1". Modeling studies have revealed 

various advantages of pressure swing reactors over traditional reactors. Simulations are 

efficient way to provide insight into the behaviour of combined reaction and separa-

i under cyclic operation. Details of modeling studies on PSR/RPSR are listed in Table 

1 2. A number of reaction systems has been studied experimentally under pressure swing 

cperation. These are listed in Table 1.4. 

In the discussion we will focus on the operating principles employed and to which 

i tent they are affected by the cyclic operation. First we will give an overview of the 

r odeling and experimental research on reversible reactions. Next the work on irreversible 

reactions is summarized. Finally we will review some new operating parameters unique to 

vsure swing reactors. 

1.3.1 Reversible reactions 

Two types of reversible reactions can be distinguished: 

(1) Reactions with a single product: V\A <^ VQB. The parallel scheme: C î i A ^ B 

and cases with multiple reactants:1 A + B f ^ C also belong to this group. 

(2) Reaction with multiple products, like: VAA ^ VßB + VcC. 

F esults for both groups will be discussed separately. 

'FUSO: forced unsteady state operation 
'Pressure swing reactors (PSR) are also termed as pressure swing adsorber reactors (PSAR) or sorption 

c manced reaction process (SERP) in literature. Rapid pressure swing reactors (RPSR) are also termed as rapid 
sure swing adsorption reactors (RPSAR). 

+In case the adsorption affinity of the reactants differs significantly, this class of reaction scheme's has 
erent characteristics (Alpay. 1992). 
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RPSA cycle & reactions with a single product The use of RPSR for group ( 1 ) reactions 

was studied by Vaporciyan and Kadlec (1987,1989) and Alpay (1992) in modeling studies. 

Vaporciyan and Kadlec showed that by adsorption, the product (B) is removed from the 

reactive phase and the reverse reaction is suppressed. During the depressurization step, the 

very high gas flow rate further suppresses the reverse reaction. Overall supra-equilibrium 

conversion could be obtained. They further showed that co-adsorption of A influences 

the conversion as for a higher adsorption affinity of A, the residence time of A reduces 

(see section on RPSA). In all cases of reactant co-adsorption reported, the sorbent was 

thermodynamically selective towards the product. 

The opposite trend was reported by Alpay (1992), who showed that a higher conversion 

of reactant (A) is obtained by preferential adsorption of reactants (A) over products (B). A 

possible explanation for this difference was put forward by Alpay: He considered a non-

dilute system whereas Vaporciyan and Kadlec included an adsorbing inert into the system. 

Table 1.3: Model assumptions in parametric studies on PSR. 
No. Assumption No. Assumption 
1 no radial gradients 6a instantaneous adsorption equilibrium 
2a isothermal operation 6b linear adsorption kinetics 
2b non-isothermal operation 7a linear isotherm 
3 dilute reactants 7b Langmuir isotherm 
4a plug flow of gases 8a Instantaneous reaction equilibrium 
4b axially dispersed plug flow 8b The reaction rate is first order in 

reactant partial pressure 
5a no axial pressure gradient 9a perfectly mixed sorbent/catalyst 
5b pressure profile by 

momentum balance 
9b distribution of catalyst sorbent 

The footnotes to Table 1.4 
a: This reference was not available. In this work, reaction and separation are not integrated in 
a single step, but performed sequentially. Adsorption and reaction conditions could not be madt 
compatible (Kneabel, 1999). 
b: The RPSA cycle has three steps: feed, delay and exhaust (Figure 1.4). 
c: The proposed PSA cycle was adsorption, counter-current depressurization, purge with inert 
purge with product, backfill with product. The unit was not run continuously but the individual 
steps were tested sequentially. 
d: Sorbent screening for this system is also described in (Alpay et ai, 1996). 
e: Sorbent equilibria and kinetics are described in (Ding and Alpay, 2000b). 
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However, the discrepancy may also arise from the different definitions used for conversion 

of A. Alpay considered the product stream only (see Figure 1.4), defining conversion as 

the amount of reactant A removed from the product stream. In contrast, Vaporciyan and 

Kadlec calculated conversion from the composition of all in- and out-going streams. In 

the study of Alpay, strong adsorption of A will lead to enrichment this component into the 

exhaust stream. As a result, a low concentration in the product stream may not arise from 

a supra-equilibrium conversion of A, but instead may in part be attributed to the effective 

separation of A and B. 

For reactions of group (1), the influence of pressure on the chemical equilibrium is 

of crucial importance. In case VB > VA the reverse reaction is favored by low pressures. 

Alpay showed that separation reversal may occur for fast reactions as the desorbed A is 

rapidly converted to B and as a result the non-adsorbing component B is obtained in the 

exhaust stream. 

RPSA cycle & reactions with multiple products For reactions with multiple products 

(group (2)), the separation of one product from the other by selective adsorption will inhibit 

the reverse reaction. This was demonstrated in an early paper on pressure swing reactors 

(Vaporciyan and Kadlec, 1987). Alpay (1992) showed that strong adsorption of A will 

enable the recovery of the non-adsorbing product at higher purity. In case reactant A is not 

adsorbed it will also be obtained in the product stream. However cases were studied at low 

conversion and therefore large fractions of A are present in all streams. Cheng et al. (1998) 

optimized a similar case where one of the products is the only adsorbing component. By 

optimizing the product flow rate, and cycle times, a 32% increase in conversion while 

maintaining a 95% purity of the non-adsorbing product in the product stream. 

PSA cycle & reactions with a single product Operation of the reversible reactions in 

a PSR receive much attention. Reactions of group (1) have been studied in modeling 

(Alpay et al, 1994; Falagiarda et al, 1996) and experimental (Kneabel and Cussler, 1996; 

Falagiarda et al, 1996) studies. 

For operation of reversible reactions of group (1) in the PSR, Alpay et al (1994) 

showed that for intermediate reaction rates, enhanced conversion can be obtained by ad

sorption of the product (B). The inclusion of a purge step in a cycle will further increase 

the conversion. These authors also showed that an optimum adsorption affinity exists A 

too strong adsorption of the product, may hamper effective removal by regeneration and 
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thi e verse reaction is favored. Falagiarda et al. (1996) studied the difference of co- versus 

counter-current regeneration for this case. Co-current regeneration proved to be superior 

si a high product concentration is obtained over a wider range of conditions. Falagiarda 

el further found that the highest yield is obtained by operating a CSTR under a pressure 

% cycle. In a CSTR the regeneration is most efficient and the reverse reaction is most 

effe, tively suppressed during regeneration. 

The operation of methanol synthesis from synthesis gas has been studied in various 

ad ptive reactors. Methanol adsorption isotherms on amorphous silica/alumina are re

pt d in a paper by Kuczynski et al (1986). They explicitly mention that formation of 

di ihylether (DME) was not observed. Therefore the conversion of methanol to DME 

\\ neglected in the modeling work on a SMBR by Kruglov (1994). A true moving bed 

sy: \m based on this sorbent combined with methanol synthesis was patented by Westert

erp (1988). However, Falagiarda et al. (1996) reported in an experimental screening for 

sorbents for methanol to use in the PSR that high yields of DME were obtained, thereby 

re ring the system unsuitable. 

PS cycle & reactions with multiple products Operation of reversible reactions with 

in, iple products (group (2)) in the PSR has been studied in simulation studies (Chatsiri-

we h et al, 1994; Alpay et al, 1994) and experimentally (Gluud et al, 1931; Han and 

H 'son, 1994, 1997; Goto et al, 1993; Carvill et al, 1996; Anand et al, 1996; Alpay 

et . 1994; Hufton et al., 1999; Ding and Alpay, 2000b). 

eparation of reaction products may gives rise to supra-equilibrium conversion. How-

e\ in case the number of moles increases by reaction, the location of chemical équilib

rai is most favorable at low pressure. Since simultaneous reaction and adsorption takes 

p at high pressure, the enhancement in conversion over a steady state reactor operated 

at w pressure, will be less. For reactions involving a large increase in the number of 

m< s (A <=t B + 3C) steady state operation at low pressure yields better performance in 

all cases studied (Alpay et al, 1994). 

For these reactions an optimum adsorption capacity exists, similar to that for reactions 

o) oup (1) (Alpay et al, 1994). The conversion of A also showed an optimum with 

re ct to the amount of purge gas used (Chatsiriwech et al, 1994). Employing a short 

pi ; step of purge gas provides a better regeneration, but a too long purge step will not 

improve the regeneration, and deteriorate the separation by forcing reintroduced product 

gas into the exhaust stream. 
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The use of pressure swing reactors to drive the water gas shift reaction to completion 

for hydrogen production has received a lot of attention. This has been presented by Gluud 

et al. as early as 1931. CaO has been studied as a reversible binder of C0 2 (Silaban 

et al, 1992, 1996). Han and Harrison (1997) reported on a PSA process for hydrogen 

production at high temperatures throughout the cycle. Carbon dioxide was complexated at 

823 K in the solid bulk via carbonation of the CaO in dolomite. Calcination of CaC03 was 

performed by sweeping with nitrogen at 1023 K. The water gas shift reaction is exothermic 

and thus the conversion of CO is favored by low temperatures. Due to the in-situ removal 

of C0 2 by adsorption, the reaction temperature can be significantly higher than employed 

in the traditional shift process, thus, no shift catalyst is required. The same system at 

somewhat lower temperature of 773 K was studied by Han and Harrison (1994), bui a 

regeneration mode was not presented. 

Hufton et al. (1999) disclosed a hydrotalcite sorbent for C0 2 that reversibly adsorbs 

significant amounts of C0 2 at a temperature of 673 K. These authors propose to produce 

hydrogen by steam-methane reforming and water gas shift reaction in a single step using 

a mixture of SMR catalyst and sorbent in a five step PSA cycle. The overall reaction from 

CH4 to H2 is endothermic. A steady state reactor, containing a SMR catalyst only, would 

require much higher temperatures (918 K) to yield the same conversion. Hufton et al. 

further stressed that the product backfill step is important for optimum performance. A 

similar system with hydrotalcite sorbent and a nickel (SMR) catalyst system at 723 K was 

studied in more detail by Ding and Alpay (2000b) who showed increased conversion in 

adsorption breakthrough experiments. 

Operation of the the reverse water gas shift reaction in an adsorptive reactor was stud

ied by Carvill et al. (1996). Under batch operation pure CO production was predicted. 

The dehydrogenation reaction for toluene production was studied by Alpay et al. (1994). 

Simulations of a PSR unit were shown. Model parameters were based on independently 

measured catalyst and sorbent properties. In this case, the influence of pressure on the 

equilibrium constant was crucial. Adsorption is favored by high pressure, but due to ihe 

stoichiometry of the reaction, the conversion is favored at low pressure, and the yield of a 

steady state PFR at low pressure always exceeds that for a PSR. 

The concentration swing effect of the purge gas can dominate the regeneration step 

over the pressure- or temperature swing. For a reaction operated in a temperature swing 

reactor (TSR), the optimum regeneration temperature was below the adsorption tempera

ture and regeneration was largely accomplished by a swing in partial pressures, rather than 
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by mperature (Yongsunthon and Alpay, 1998b). 

Hybrid PSA/RPSA cycle Lu and Rodrigues (1994) studied the operation of reversible 

re ions of group (2) in a hybrid PSA/RPSA. Like in the RPSA, small sorbent/catalyst 

pa les were used and significant pressure profiles developed over the axial reactor axis. 

C oared to the RPSA cycle shown in Figure 1.4, the exhaust step was replaced by a 

counter-current purge like those used in PSA cycles. As a result, product extraction is not 

ce mous and considerable pressure fluctuations exist at both the feed and the product 

end of the bed. Conversion beyond the steady state limit was also shown for this system, 

further investigated an alternative purge step, where purge gas is introduced at both 

ei of the reactor and withdrawn in the middle. This yields an even higher conversion. 

In this case, both ends of the bed are enriched in reactant and non-adsorbing product, 

while the adsorbed product is effectively removed from the middle of the reactor during 

the purge step. 

TSA cycle The operation of endothermic reversible reactions of group (2) in a tem

perature swing reactor has been studied by Yongsunthon and Alpay (1999, 1998b). By 

ad ption of a reaction product higher conversion compared to an optimally operated adi-

abatic PFR could be obtained. The external heat source used to regenerate the bed could 

all Tovide the heat to drive the endothermic reaction. These authors show that by heat 

in ration large capital savings are achievable. 

1.3.2 Irreversible reactions 

The operation of irreversible reaction scheme's in the RPSR has been studied by Vapor-

c! and Kadlec (1989) for the reaction 2A -> B -» C. where adsorption affinities rank 

B A > C. They showed that adsorption of A influences the reaction rate as on increase 

of : adsorption affinity of A the residence time of A reduces (see section on RPSA) and 

the onversion of A drops. Reaction can also deteriorate the separation as for moderate 

conversion levels, the reaction zone moves towards the product end of the bed. Thus, the 

re; on intermediate B nor the product C can be separated by adsorption. For even higher 

rsions (and for infinite reaction rates: (Vaporciyan and Kadlec, 1987)) the situation 

resembles a feed mixture of B and C which are separated by the adsorbent according to 

ordinary RPSA behaviour. 

! PSR, the irreversible reaction of A— B̂ was studied by Kirkby and Morgan (1994), 
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who assumed that B adsorbed only. They demonstrated the role of pure reactant gas as 

a sweep gas. When operated with low flow rates during the adsorption step, and small 

amounts (or none) of purge gas, a fast sweep of A during the pressurization step concen

trates component B near the product end of the bed. As a result, component B is obtained 

in the product stream at high concentrations. 

When using higher amounts of purge gas, the product end of the bed is sufficiently 

regenerated and B is obtained in the low pressure product stream. Identical trends were 

found when replacing the purge cycle with a backfill cycle. 

The sole experimental paper application of an irreversible reactions in a pressure swing 

reactor is by Vaporciyan and Kadlec. They describe the oxidation of CO in a RPSR and 

show that the reaction rate can be increased due the removal of CO. In the case at hand, 

the reaction rate is inversely proportional to CO. Pure product streams were not obtained. 

Experimental evidence for separation reversal was given. 

1.3.3 Specific Operating Variables for Cyclically Operated Reactive Separators 

In cyclically operated units a number of special operating parameters exist that are not 

normal for steady state operated reactors or periodically operated separators. Examples of 

these are listed below: 

Location and choice of feed and product streams In PS R systems the entering streai ns 

may either be a feed stream or a purge stream. Reactants may either be introduced in either 

one of these two, or in both. For example, for esterification in a moving bed (Funk et al, 

1995) it is proposed to introduce acid in the feed stream and alcohols in the desorbent 

stream. The removal of a product stream from the middle of a pressure swing reactor 

was explored by Lu and Rodrigues (1994), as was mentioned earlier. The concept of 

connecting in- and out-going streams at intermediate axial positions in the bed was further 

developed by Yongsunthon and Alpay (1999) in their study on reactions in a TSR. They 

included it in an overall optimization structure and demonstrated that performance could 

be further improved by allowing intermediate product removal and feed. 

Distribution of sorbent and catalyst over the bed As in PSR a physical mixture of 

a catalyst and a sorbent is used, a non-homogeneous distribution of sorbent and catalyst 

is easily realized. The implications of this are however difficult to assess a priori. For 

the equilibrium limited reaction A + 2 B ^ C, Falagiarda et al. (1996) conclude that a 
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pe ctly mixed catalyst and sorbent selective towards C produces the highest conversion, 

as product C should be removed directly upon formation. In contrast, for the equilibrium 

d decomposition reaction A ^ B + C , Lu et al. (1993b; 1994) concluded that the 

f alternating layers of a mixture of sorbent for C and catalyst with sorbent only, lead 

to iter performance than the used of a homogeneous physical mixture throughout the 

ee and Kadlec (1988) performed an optimization study regarding the distribution of 

i st and sorbent for the reaction: C «^ A <̂  B, with the objective to maximize selectiv-

it) wards product B. The optimal distribution of catalyst and sorbent is shown in Figure 

1.6. The sorbent is selective towards C over B. For the same reaction and pressure swing 

cj .an improved selectivity towards B was predicted for a perfectly mixed catalyst and 

nt selective for B over C (Vaporciyan and Kadlec, 1989). The selectivity enhance-

mi found by Lee and Kadlec seems to arise from the staging of preferred reactants A 

an C. Since the unit is operated according to a RPSA cycle (Figure 1.4), the adsorbed 

K ants are concentrated near the reaction zone, whereas the non-adsorbing component 

Feed stream in, 
Exhaust stream 
out 

(Product stream 
out 

10% 

Catalyst: Da=10 

Sorbent: 

relative adsorption capacity 

comp. A= 5 

comp. B= 5 

comp. C= 38 

90% 

Catalyst: Da=0.1 

Sorbent: 

relative adsorption capacity 

comp. A= 38 

comp. B= 5 

comp. C= 38 

Figure 1.6: The optimal distribution of catalyst and sorbent in a PSR. (run 20 in Lee 
Kadlec, 1988) The reaction is C <=± A <=± B The conversion of A and selectivity towards 

B - optimized. Legend: Da: Damköhler number reaction, the definition of the relative 
ad rption capacity is given in the footnote on page 26. The imposed cycle is shown in 

• 1.4. 
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B penetrates the adsorption zone more deeply, away from the reactive part. The selectivity 

found by Vaporciyan and Kadlec, however, arises from removal of the desired product B 

by adsorption. 

The observed optimum may not be the true optimum for this system, since the con

ditions studied by Vaporciyan and Kadlec (1989) have not been evaluated and results ob

tained with a perfectly mixed catalyst and sorbent are not included as a reference case. 

However the mathematical model used by Lee and Kadlec is similar to that of Vaporciyan 

and Kadlec (1989) rendering a comparison possible. Optimal distribution of an sorbent se

lective for C and the catalyst yields a selectivity of 1.773 towards B which is significantly 

higher than the maximum selectivity of 1.48 as reported in case of a homogeneous mix

ture with a sorbent selective for B. However the sorbent selectivities were slightly different. 

The accumulation capacity* of A:B:C was 5:5:38f for the distributed mixture and 10:36:1 

for the homogeneous case. Thus, an optimal distribution of catalyst and sorbent results in 

a higher selectivity towards B with less difference in adsorption affinity between B and C. 

Integration of sorption and catalysis In most PSR studies the packed bed is assumed 

to exist of a physical mixture of a catalyst and a (physi-) sorbent. Sorption and catalysis 

may also be integrated in a single material, be it that sorption is in that case often based 

on chemisorption. Funk et al. demonstrated for both esterification (1995) and hydrolysis 

(1996a) in a SMBR that Amberlyst 15 and Amberlyst 36 may act both as a catalyst and a 

chemisorbent for water and methanol respectively. 

Similarly, Sad et al. (1996) used Pt+Sn loaded and Cd exchanged 4A and 13X zeo

lites for the simultaneous dehydrogenation, isomerisation and separation of n-butane in a 

chromatographic reactor. They showed that a compromise must be found between catalyst 

selectivity towards isobutene, and the chromatographic separation by the solid. 

Dandekar (1998) points out that there may be a considerable difference, in the prob

ability of spillover between reaction and sorption taking place over different particles, or 

reaction and (chemi-)sorption over different sites on the same particle. If a product species 

produced in the catalyst pellet and is adsorbed on a neighboring site, it will hardly diffuse 

back to the bulk phase. This is beneficial for obtaining high purity streams. However, 

'The accumulation capacity is defined as the ratio of the amount of a component in the gas and solid phase 

over the gas phase only in equilibrium: ( ï±£ML Waporciyan and Kadlec, 1989). 
fThe parameter values in the paper (4:4:37) were converted to the definition used by Vaporciyan and Kadlec 

(1989). 
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w a the reaction product is stored in a sorbent not being the catalyst, the likelihood of 

reverse reaction is minimized. This is desirable from a reaction point of view. 

/.. 4 Application areas for, and alternatives to PSR, in in-situ separation 

To place the PSR in the proper perspective, it is useful to list some important features for 

thi • technology. 

Operating temperature Being a member of the family of adsorptive reactors, PSR is 

limited to comparatively low temperature applications in order to maintain sufficient ad-

ion capacity for the sorbent. Dandekar (1998) mentions an upper temperature limit 

ol '>0-300°C. Separation of normal and branched C5 and C6 hydrocarbons is practiced 

in PSA at 300°C and 15 bar (Silva and Rodriques, 1998; Minkkinen et ai, 1993) and in 

a SMBR at 225°C and pressure of 80 bar (Dandekar et ai, 1998). In these cases, the high 

temperature might be chosen to enable a vapor phase process; Minkkinen et al. (1993) 

mentions that "The use of a molecular sieve in liquid phase adsorption and desorption is 

i e difficult than in the vapor phase". However, common pressure swing adsorption pro-

es involving permanent gasses or light hydrocarbons, operate at ambient temperature. 

Simulated and true moving bed reactors —being based on separation by adsorption— have 

essentially similar limitations as far as the operating temperature is concerned as the PSR. 

The comparatively low operating temperature met in PSR may well require the use 

italysts. Alternative technologies may also set specific requirements to the tempera-

tu range to be utilized. In reactive distillation the temperature profile is coupled to the 

boiling points of the species involved. In this case as well, the acceptable temperatures 

are normally quite limited. Another alternative is the use of membrane reactors, where 

for inorganic membranes typically far higher temperatures are acceptable than mentioned 

above. 

It has been proposed in literature to use adsorptive reactors for the oxidative coupling 

of methane. Very significant performance improvement have been demonstrated using sep

arate reactor and adsorption vessels in series and operated on a simulated moving bed cy-

c ITonkovich et al, 1993; Tonkovich and Carr, 1994; Bjorklund and Carr, 1995; Kruglov 

. 1996; Machocki, 1996). However the temperature in reactor is much higher than in 

ti adsorber and therefore an integrated process in not feasible and significant intermediate 

c ng and heating is required in the proposed operation. 
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Large interfacial area In the pressure swing reactor, separation is accomplished by se

lective adsorption on porous solids, which offer a large interfacial area. This is a distinct 

advantage compared to membrane reactors where it is difficult to combine high permeabil

ity and permselectivity. However, by adsorption on a sorbent, the species are not removed 

from the vessel, —like in a membrane module— but will be obtained during the regener

ation phase. Therefore true steady state operation is never possible in adsorptive reactors. 

Cyclic operation There have been several solutions to alternate adsorption and regen

eration phases. The true moving bed and wheel TSA unit are technologies which may be 

simple in concept, but have proven very difficult to scale up. The simulated moving bed 

and pressure swing adsorber are cyclically operated separation units, and their design in

volves a complex layout and periodically operated valves. Despite this unsteady operation, 

they have found widespread use in the chemical process industries. This may facilitate the 

acceptance of their reactive counterparts. 

Compression duties In pressure swing reactors, a significant pressure difference ex

ists between the feed- and high pressure product stream on one hand and the purge- and 

low pressure product stream on the other. The lower pressure is usually close to ambient 

pressure. In case of recycles or higher operating pressures further downstream, expen

sive compression of the gas is required. A large pressure swing range will improve the 

separation, but increase the costs of gas compression. 

Availability of suitable sorbents Clearly, sorbents demonstrating a sufficient selectivity 

must be available to render PSR feasible. Further sorption must be largely reversible 

and regeneration should not require high temperatures. Further, the equilibrium loading 

should be sufficiently pressure dependent to avoid large pressure ratios in the pressure 

swing cycle. 

It is interesting to compare thermodynamic selectivities the sorbent has to meet for a 

pressure swing adsorber and a moving bed adsorber. In case a selective sorbent is identified 

for a given reaction, both reactors can be used*. 

Pressure swing separation of air for the production of O2 is based on a difference in 

sorption equilibrium of approximately a factor 3 (NaY) to 7 (LiY) (Mellot and Ligniéres, 

'In the comparison given below, we define the selectivity of the sorbent as the ratio of the slopes of the 
adsorption isotherms. In case the adsorption isotherms are non-linear, the ratio at the feed gas condition is taken. 
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1997) and produces oxygen of « 95 % purity (Farooq et al, 1989). Industrial units rarely 

produce oxygen with a purity exceeding 93% (Monereau, 1997). Several authors have 

- ied reversible reaction with multiple products in a PSR. They all have assumed abso-

1 selectivity between the products. Co-adsorption of a reactant has been investigated in 

case. In the methylcyclohexane (MCH) dehydrogenation a sorbent selectivity of 10 

w found for MCH over toluene on clay based sorbents, and co-adsorption of MCH could 

be neglected. 

Its important to realize that in most cases the purity of one product stream only is de

liberately sought in PSA applications. For example: In the case of separation of normal 

at lso alkanes, sorbent selectivity of zeolite 5A is absolute. However, a pure stream of 

non-adsorbing product is obtained only, and a mixture of normal and iso alkanes is recy-

c to the isomerization reactor (Silva and Rodriques, 1998). Co-current depressurization 

steps can be included to improve the purity of the low pressure product stream. Separation 

of 50%/50% CO/H2 mixture over activated carbon by such a pressure swing adsorption 

c e, resulted in both streams with purity over 90%. The sorbent selectivity ranged from 

i o 15 under operating conditions. 

In contrast, simulated moving bed reactors may separate products on the basis of small 

differences in sorption equilibria. The separation of fructose and glucose in a simulated 

n ing bed may result in a purity of 99% in both streams for a thermodynamic selectivity 

I only 1.88 (Dünnebier et al, 2000). Full separation of para-xylene from other xylenes 

and ethylbenzene is based on a sorbent selectivity of 1.67 (Ruthven and Ching, 1989). 

vh et al (1998) derived criteria for sorbent selectivity. They also considered reactions 

with multiple products. In the single stage true moving bed model, supra-equilibrium con-

\ ion can only be achieved by removal of the products. The suppression of the reverse 

ion by spatial separation of the products cannot be accounted for in a single stage 
n lei. 

A direct or conclusive comparison of moving bed and pressure swing as separation 

t tiques in adsorptive reactors has not been made here. A thermodynamic adsorption 

s< ctivity below 2, successfully used in staged counter-current operation is not sufficient 

6 ny pressure swing process. It is therefore fair to say that moving bed reactors can 

ve full separation of both components at the expense of dilution into a carrier and 

a rge number of stages. PSA cycles usually yield the non-adsorbing product at high 

purity only. A benchmarking in this sense has been carried out exclusively for reversible 

! sions and might not hold for irreversible reactions. 
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Potential applications The operation of several reactions have been evaluated in oth ;i 

reactive separation units, but not in the PSR. Some of these may be feasible in the PSR as 

well. These are discussed below. 

Esterifications and transesterifications reactions have been studied in the chromato

graphic reactor (Sardin and Villermaux, 1979; Mazotti et ai, 1996, 1997) and the simu

lated moving bed reactor (Funk et al., 1995; Kawase et ai, 1996). Amberlyst 15 was used 

a a sorbent for water. Also hydrolysis of esters with selective sorption of the methanol 

on Amberlyst 36 was carried out in the simulated moving bed reactor (Funk et al, 1996a; 

Sircar and Rao, 1999). A desorbent ( 1.4-dioxane) was needed to regenerate the sorbent. 

Separation of (hydro)isomerization products of alkanes by pressure swing adsorption 

is well known. Simultaneous isomerization of pentane of hexane and separation in re

verse flow reactors with alternating layers of sorbent (zeolite 5A) and catalyst (Pt on H-

mordenite) (Barnes, 1988) and mixed sorbent and catalyst in the simulated moving bed 

reactor has been proposed. In the latter case, simultaneous isomerization and separation 

of n-hexane, 2-methylpentane and 3-methylpentane to form 2,2-dimethylbutane and 2,3-

dimethylbutane was proposed using a mixture of silicalite and platinum on mordenite. 

Appropriate temperature and pressure ranges of 150°C to 250°C and 7.5 to 17.2 bar re

spectively are mentioned (Funk et al., 1996b; Dandekaref ai, 1998). These systems might 

also be tried in pressure swing reactors. 

In biotechnology, the isomerization of glucose/fructose (Hashimotot et al, 1983) by 

using a mixture of immobilized glucose isomerase and resin selective for fructose has been 

studied in the simulated moving bed reactor. Other examples are listed by Dünnebier et al. 

(2000) who also put forward that "the simulated moving bed reactor is to und its first 

industrial applications especially for biochemical reactions". These systems are carried 

out in the liquid (water) fluid phase. Therefore regeneration by pressure swing is not 

feasible. 

The methathesis of propene to ethene and 2-butene was studied by van de Graaf et al. 

(1999a,b) in a zeolite membrane reactor with a rhenium catalyst. The silicalite membrane 

selectively permeates 2-butene. In an adsorptive reactor concept the 2-butene might be 

selectively removed by adsorption. 

Many hydrogénation and de-hydrogenation reactions have been studied in membrane 

reactors (Hsieh, 1996). In dehydrogenations hydrogen storage can be accomplished by 

sorbents (CaNi$, see Table 1.4). The equilibrium limited hydrogénation of mesitylene 

has been studied in a simulated moving bed reactor (Bjorklund and Carr, 1995; Ray and 
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( r, 1995). Here, the chromosorb 106 sorbent selectively adsorbs the reactant (MES) 

o the product (TMC) and supra-equilibrium conversion arises from retention of the 

r tant in the vessel. The reverse dehydrogenation reaction may also be carried out in 

an adsorptive reactor. By effective removal of MES, the undesired hydrogénation reaction 

n. be suppressed. 

The coupling of reaction with selective adsorption based on kinetic selectivity has not 

bf 1 addressed in the literature. Separation by kinetic separation is only possible within 

a limited range of residence times. Therefore the successful combination of simultaneous 

re tion and kinetically selective adsorption is expected to be even more difficult than 

ion combined with thermodynamically selective adsorption. 

In reversible equilibrium limited reactions, possible applications have been sought in 

K ; ion systems which show a comparatively large difference in adsorptive properties be-

tv n reactant and product or between mutual products. Examples of these have been 

ioned earlier: methanol synthesis, reverse water gas shift reaction and ammonia syn-

s. This approach should also be taken to identify irreversible reaction scheme's as 

cations for the PSR. These might include reactions with a substantial change in geom-

eti like ring opening reactions, or the saturation of a double bond within a rigid molecule. 

1. This thesis 

In this chapter we have shown that the use of pressure swing reactors to overcome thermo-

d\ lamic equilibrium in reversible reactions is well documented. Hardly any reports exist 

01 e use of the pressure swing reactor to operate irreversible series reactions. This thesis 

ares the use of a pressure swing reactor to operate an irreversible series reaction with 

the goal to seek a high selectivity towards the intermediate product. The first question is 

if the proposed operating principle can be put to work under cyclic operation. The second 

i) don is whether the requirements (sorbent capacity, selectivity) the sorbent has to meet 

ar oalistic. 

The reactor models used in this thesis are fairly simple. This has been done intention-

all We have used simple models since we feel that the use of a more detailed model 

would not be justified at this stage. We have undertaken parametric studies to identify 

iting regimes for irreversible reactions in pressure swing reactors. The use of more 

ed models to describe catalyst kinetics, multi-component adsorption equilibria and 

cs, fluid flow and heat transfer is justified only in the evaluation of a specific reaction. 

For two simple irreversible series reaction scheme's, the effect of in-situ adsorption of 
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Step 1: Simultaneous reaction and separation of B at high pressure 

A(+D) , I A,B,C(+D) 

Step 2: Recovery of B during regeneration at low pressure 

A,B, 
C(+D) 

Figure 1.7: Principle I: Removal of the intermediate product. 

one of the components are summarized in Tables 1.5 and 1.6. The corresponding principles 

are illustrated in Figures 1.7 and 1.8. 

For scheme: A —> B —> C, the removal of the intermediate product (principle I) is 

expected to enhance selectivity towards this product. The principle is illustrated in Figure 

1.7. At high pressure A is converted to B and adsorbed on the sorbent, thereby suppressing 

the sequential conversion of B towards C. In the regeneration step, product B is obtained. 

Sheikh et al. (1998) derived criteria for selectivity enhancement using this principle in a 

single stage true moving bed, but these authors did not investigate the system under cyclic 

operation. The application of this principle in the PSR is investigated in a parametric study 

in chapter 2. 

Table 1.5 indicates that, adsorption of A will have a negative effect on the integral 

Table 1.5: Options for selectivity improvement towards B 
for the series reaction A —> B —> C. 

Primarily adsorbing component 
Feed A B C 
A only 
A in excess of B 
B in excess of A 

Negativea 

Negative3 

Not feasible'1 

Principle I No effect 
Not feasibleb No effect 
Principle I No effect 

a: Block A from part of the reactor 

b: Cannot adsorb excess gas 
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sir selectivity. In the PSR, a concentration front is required to achieve separation. This 

front implies that the reactant is blocked from the reactor. This disadvantage is encountered 

i! rious other cases of reactive separators: The depletion of acid in the bottom trays of a 

ve distillation column for esterification will promote undesired conversion of alcohol 

to hers. Another example is found in the RFR reactor for SCR. The absence of NH3 

; product end of the reactor will cause NO to react to nitrate species instead of N2 

ia etal, 2000). 

For scheme A —> B —> C, principle I can also be applied as shown in Table 1.6. 

Another way to increase the selectivity towards B for this system is possible by operating 

ation and reaction separated in time. This principle is illustrated in Figure 1.8. The 

fe is a mixture of A and B. By selective adsorption A is removed from the stream and ac-

lated in the vessel. After depressurization, reactant D is introduced as purge gas and 

re s with A in the B depleted reactor. Selectivity enhancement arises from the staging 

2 desired reactant. Furthermore the conversion of A drives the adsorption equilibrium 

ds desorption and thus accelerates regeneration. The latter principle is an example of 

:tion promoted separation. The operating mode is an example in which reactants are 

fee at different staging during the cycle. The application of this principle is investigated 

under isothermal conditions in chapter 3. 

Isothermicity is the most stringent assumption imposed in chapters 2 and 3. In chapter 

Table 1.6: Options for selectivity improvement towards B for the series 
reaction A B C. 

adsorbing component 
Feed A B C D 
A + D mixed No usea Principle I No effect No effect 
A + B + D No use3 Principle Ib No effect No effect 
A only, purge Not feasible0 Principle Id No effect No effecte 

withD 
A in excess B , Principle II Not feasible0 No effect No effect 
purge with D 

a: The reactants are separated. 

b: This is only feasible if the amount of B in the feed is relatively small. 

c: Adsorption of the bulk component will is not feasible. 
d: During the regeneration half-cycle at low pressure. The effect on selec
tivity will be small. 

e: Controlled addition of D by desorption. No selectivity effect expected. 
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4 we study the system from chapter 3 under non-isothermal conditions. We investigate 

whether the advantages proven under isothermal operation still hold. Also, the fact that 

reactant A needs to desorb prior to being able to react is an example of controlled addition 

of reactants. This controlled addition may improve the controllability of this reactor. This 

concept of controlled addition is also addressed in chapter 4. The appendix to this chapter 

is devoted to the occurrence of cyclic steady states with periods much longer than the 

operating cycle found for some of the cases studied in this chapter. 

In chapter 5 we seek to illustrate the advantages of the pressure swing reactor pre

dicted in chapter 3 and 4 by using the selective hydrogénation of ethyne in ethene as a 

model reaction. For this reaction selectivity towards ethene is crucial and the reactor is 

operated under conditions that enable significant adsorption on porous solids. To this end, 

sorbents are experimentally screened for this use. A discrepancy for sorbents based on jc-

complexation between our results and those reported in literature was found and resolved. 

This is described in appendix A of this chapter. 

Step 1 : Romoval of A by adsorption at high pressure 

Step 2: Reaction assisted desorption by purge with D at low pressure 

A,B,C,D 

Figure 1.8: Principle II: Staging of the desired reactant and reaction 
assisted desorption. 
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Notation 

10I description unit 

k an 

AC dimensionless adsorption capacity 

definition: I ) 

K Henry coefficient molkg~'Pa_ 1 

R Gas constant J m o r 1 K~' 

T Temperature K 

I 

e void fraction 

p sorbent density kg m " 3 

Abbreviations 

pressure swing adsorber 

P pressure swing reactor 

R; reverse flow reactor 

R rapid pressure swing adsorber 

rapid pressure swing reactor 

SI R simulated moving bed reactor 

T> ! true moving bed adsorber 

TSA temperature swing adsorber 

T' temperature swing reactor 

vacuum swing adsorber 

N( Most chapters in this thesis have been written in a form suitable for publication 
in «rational scientific journals. Consequently overlap exists between some chapters, 

Ily in the introductions and description of the reactor models. 





Chapter 2 

S activity Enhancement in Series Reactions by Removal 

of the Intermediate Product and PSA operation 

Pre re swing operation of a packed bed reactor filled with a physical mixture of catalyst 

ent can potentially be used to enhance yields and selectivity in either equilib-

riur limited or competitive sequential reaction paths. Presently, we address the use of the 

PSR reactor for selectivity improvement in competitive sequential reactions by removal of 

the 21-mediate product. It will be shown that selectivity enhancement for a competitive 

sequential reaction is indeed feasible, but when using alternative cycles to the classical 

Skarstrom variant. Using mathematical modeling, preferred operating regimes are identi

fied and discussed. A classical plug flow reactor and a pressure swing reactor are compared 

on : basis of their selectivity-conversion behavior and productivity. 

!J this chapter have been published as: A.J. Kodde and A. Bliek, "Selectivity En-

ement in consecutive reactions using the Pressure Swing Reactor", Stud. Surf. Sei. 

Cat., 109,419-428(1997) 

37 
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2.1 Introduction 

In situ separation is a well known method to improve the performance of chemical re

actors. Equilibrium-limited reactions can be driven to completion by separation of the 

products, and the removal of the intermediate product from the reactive phase in consecu

tive reactions may improve the selectivity towards this product. These principles have been 

demonstrated in membrane reactor technology (Agarwalla and Lund, 1992; Hsieh, 1996). 

In-situ separation can also be achieved by selective adsorption on an adsorbent. Compared 

to a membrane, a mixture of catalyst and adsorbent offers a much larger interfacial area 

although the component is not permanently removed from the unit and is obtained in the 

regeneration step. Regeneration is possible by lowering of the overall pressure. With the 

alteration of high and low pressure, a pressure swing cycle is imposed on the unit and the 

pressure swing reactor (PSR) is operated in cyclic mode. The PSR, membrane reactors, 

simulated- and counter current moving beds are all equivalent competitive techniques for 

in-situ separation in catalytic reactors. 

In the present contribution we explore the possibilities to enhance the selectivity in a 

consecutive reaction: 

A —> B reaction I 

B —> C reaction II 

through pressure swing operation. In the case investigated, the feed is pure A and B is 

the desired product. Potentially interesting applications include hydrogénations which are 

catalyzed at temperatures suitable for adsorbents. 

For cyclically operated systems, such as the PSR, the number of operating variables 

is substantial and its characteristic cycle invariant state (CIS) cannot be determined in a 

straightforward manner but requires some iterative method. Thus, optimization of individ

ual parameters requires an excessive computational effort. In earlier work a general frame

work has been developed for the design of PSA cycles for adsorber columns (Ruthven 

et al, 1994; LaCava et al, 1998). Phenomena like separation reversal (Vaporciyan and 

Kadlec, 1989), where the product composition is determined by reaction kinetics rather 

than sorption equilibria, indicate that different design rules apply for PSR as compared to 

PSA units. 

Sheikh et al. (1998) have derived analytical solutions of a single stage model of a 

generalized moving bed adsorptive reactor. For the consecutive reaction studied here, 

they show that selectivity enhancement can be obtained when product intermediates (B 
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HP product 

III 

Feed LP product 

Figure 2.1: Single bed version of the 
Skarstrom cycle. Cycle steps: I: pressur-
ization, II adsorption, III depressurization, 
IV purge, S: stirred storage tank. The PSR 
is filled with a mixture of catalyst (O) and 
adsorbent (•). 

in the example given above) is preferentially adsorbed. In this work we emphasize that 

the generation mode (co-current versus counter-current) is important and show that a 

trad; onal PSA cycle does not yield a superior intermediate product selectivity compared 

to a steady state plug flow reactor (PFR) whereas a newly developed cycle does. The 

infli :nce of key operating parameters is presented. 

2.2 Model Development 

Factors which influence the performance of a PSR unit are discussed in the section below. 

Each is evaluated on its relevance to this study. 

ough all pressure swing cycles have common characteristics, there can be one or 

more pressure-equalization steps, co- or counter-current, blow down-, purge- and backfill-

steps and arrangements ranging from 1 to 12 beds. In this exploratory study the starting 

point ; the single bed version of the classical four step Skarstrom (1960) cycle, where part 

of the product gas is stored in a storage tank and used as purge gas later on (Figure 2.1). 

An alternative cycle with co-current blow down and purge steps has also been investigated. 

The parameters in the packing of the bed are the overall ratio of adsorbent and catalyst and 

the 'ibution profile. A non-uniform packing is easily realized but its influence is hard 

to predict a priori. A perfect mix of the catalyst and sorbent is assumed. The effective ad-

sorpt on capacity is demarcated by the adsorption equilibrium within the boundaries of the 

imposed pressure cycle and is determined by the multi-component adsorption isotherm and 

the pre \sure range. A Langmuir type isotherm is assumed. The isotherm parameters used 

in thi work represent very modest adsorption capacity. The Henry constant of the isotherm 

(6 6 mol kg~'Pa~') is in between the values for Nitrogen on zeolite 5A (3.08 10~6 

file:///sure
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mol kg~'Pa" ') and ethene on activated carbon (8.39 1(T5 mol k g ^ P a - 1 (Valenzuela and 

Myers, 1989, page 92)). The flow rate during the adsorption step governs the conversion 

and was set to ensure a low conversion. Fast sorption rates were assumed, thereby closely 

approximating the instantaneous sorption equilibrium case. Mass transfer is described by 

the linear driving force model. The reaction kinetics dictate the intrinsic selectivity of the 

system. We opted for a simple model system in which both reactions are first order in the 

reactant concentration and both elementary reaction rate constants are equal. This implies 

that the catalyst is always in quasi steady state. The extreme case of adsorbent selectiv

ity, where solely the intermediate product adsorbs is investigated here. Heat effects have 

a very complicated influence on the reactor performance as the adsorption isotherms and 

reaction kinetics are strongly non-linear functions of temperature. Isothermal operation is 

assumed to facilitate interpretation. 

In the previous section the following assumptions have been made: (1) Perfect mixing 

of the catalyst and adsorbent particles, (2) The adsorption isotherm is of the Langmuir 

type, (3) Mass transfer resistance is described by the Glueckauf and Coates linear driving 

force model, (4) Reactions are first order in reactants partial pressures, (5) The interme

diate product adsorbs exclusively, (6) Isothermal operation. Supplementary to the choices 

described above, the following assumptions are made: (7) Ideal gas law is obeyed, (8) 

Axially dispersed plug flow in the bed, (9) Negligible pressure drop over the bed, (10) Bed 

of constant voidage, bulk density and particle size, (11) No radial concentration gradie its. 

(12) Feed gas consists of pure A. 

The PSR is compared to a PFR with identical catalyst weight and hourly space veloc

ity. Reactor characteristics are quantified in terms of the conversion of A, the select! iry 

towards B and the productivity. 

The following equations hold. 

P\ b,,dt yRgasTj dz {RgasTJ +1J'dz2 [ v 

+pbsdSf^b + Ri i=\...N-l (2.1) 

N-l 

yN = l - X -v' (2.2) 

< < <^ U 1 dP P dv " / „_,b x 
{eb + £"{l - £ J ) ) V * = - W ck + g (P^rb+*) (2.3) 
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Table 2.1: Boundary conditions in the PSR models. 

PFR & Skarstrom cycle 
step I step II step III step IV 
i Z=L z=0 z=L z=0 z=L z=0 z=L 

alternative cycle 
step III step IV 

7=0 z=L z=Ç> z=L 
(c) (a) (c) (c) (c) (c) (a) 
(d) (b) (e) (b) (d) (b) (e) 

(c) (c) (a) (c) 
(d) (b) (e) (b) 

n dyi 

a: D- -z— 
dz 

v(v/-v;.in) 

b: equation 2.3 

dy 
C dz 

= 0 
z 

d: v = 0 

e V = Vfixed 

3D; ^(ni)=Srh = 5^^-(n,-ni) (2.4) 
01 rparticleEP 

mbByBP 
•H = 

3P 

adsorption P = fhigh 

pressurization — = Cup 

(2.5) 
1 + bByBP 

RA = -kyAP RB = +kyAP - kyBP Rc = +kyBP (2.6) 

The pressure ramp is imposed: 

dP 
depressunzation =— = Cdown 

purge P = flow (2.7) 

For the gas-phase the boundary conditions differ for each process step. At the end of 

the i: ictor three different cases occur: either a feed flux or a product flux may exist, or 

the reactor end may be closed. Each case is described with the appropriate Danckwerts 

conditions. The resulting equations are listed in Table 2.1. 

The conversion is given by 

V Ix^sUeamsn\v\yAPdt
 n ox 

X A = 7 D—T, { ' 
Jx VfeedVAJeecM feed"' 
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where n is +1 for in going and -1 for out going streams. The selectivity is defined as 

c .lx^ü^m,n\v\yBPdt 
i ß = ~ T v M — D T , (2-9> 

JxJ^tieamsn\v\yAPdt 

The separation factor is defined as 

„ JrVupyB.upPdt/^Vupy^HpPdt 
Jx VLPyB,LpPdt/Jx vLPyc,LpPdt 

A separation factor smaller then one implies that B is concentrated in the low pressure 

product stream. The productivity is given by the feed processing rate: 

1 /' P 
QA = - VfeedVA.feed Ö ~^dt ( 2 - ' ' ) 

T Jx RgWT 

This choice will be discussed later-on. 

The PFR is described by equations 2.1 to 2.6 and the boundary conditions for ie 

adsorption step with the accumulation terms set to zero. The entire conversion range in 

the PFR was covered by varying the superficial gas velocity. 

The model was solved with the gPROMS package running on a IBM RS6000. 1 lie 

axial axis was discretized using second order orthogonal collocation on 20 elements. The 

resulting set of ODE's was solved by numerical integration. Starting from an initial s te 

where the gas phase was either filled with a pure inert or component A, the cyclic ste !y 

state (CSS) was calculated by successive substitution and convergence checked by the 

overall material balance. The CSS was typically reached after 50-100 cycles. 

The overall balance converged until round-off errors in the output format (10~5). Small 

numerical oscillations occurred during the pressurization in the gas phase concentration of 

C. The accuracy of the numerical method was checked by comparing with results obtained 

using second and third order discretization on up to 80 elements for two PSR cases. The 

difference in predicted performance (XA, SB) was insignificant (< 0.1%). 
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sble 2.2: Operating parameters for the PSRa 

Parameter Unit Value Parameter Unit Value 

Pa"1 1.36 10~6 T K 298.15 

Dß,m mV1 io-8 
ta s 10 

Dz 
2 - 1 

m s irr5 tiv s 10 

k mol m - 3 s - ' P a - 1 io-6 
Vfeed m s"1 5 10 - J 

m mol kg"1 4.458 Spurge m s 5 10- 2 

/'high Pa 3 105 
Efe - 0.35 

' l ow Pa 1 105 
EP - 0.85 

•' particle m IQ- 3 
Pbed kg m - 3 592.62 

The numbers are used in all series unless stated otherwise. 

Table 2.3: Parameters varied in the series. 
Si S Parameter studied Fixed in seriesa Varied in seriesa b 

Skai ström process cycle 
cycle time vPurgc=5xl0"3 m s " 1 t„=trv= 0,-> 5, 10,30,60, 

120,240, 500, °° s 

Alte 

A 
B 

mative process cycle 
sorption rate, no purge 
sorption rate, no purge 

trn= 10 s, trv=0 s 
tin=20 s, trv=0 s 

DB ,m=10-9 , -> 1 0 " 8 m 2 s - ' 
D B . m = 1 0 - 9 , ^ 2 x l O - 9 , 
l O ^ n r x s " 1 

C 
D 

recycle ratio 
upper pressure 

tiv=0,-> 3, 6, 9 s 
P h i g h = 3 x l 0 5 , ^ 5 x l 0 5 , 
9x^l0 5Pa 

E 
F 

purge gas velocity 
cycle time (slow purge) 

R=l/3 
Vpurge=5xl0-3 m S~' 

t r v = 3 , ^ 6 , 12,30 s 
t I V = t n = 3 0 , ^ 60, 120,240, 

t iv=0.1- t n =3,->6, 12,24, 
48 ,96 , » s 

G cycle time (fast purge) 

t r v = 3 , ^ 6 , 12,30 s 
t I V = t n = 3 0 , ^ 60, 120,240, 

t iv=0.1- t n =3,->6, 12,24, 
48 ,96 , » s 

H catalyst activity k = 1 0 - 6 , ^ 2 x l 0 - 6 , 
5 x l 0 - 6 , 1 0 - 5 , 2 x l 0 " 5 

mol m - 3 s~' P a - 1 

a: All other numbers are given in Table 2.2. 

b: The arrows indicate the sequence of numbers listed and correspond to the arrows in 

Figures 2.2, 2.4, 2.5 and 2.9. 
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2.3 Results 

In order to properly compare the PSR and PFR, one needs to take conversion, selectivity, 

productivity and separation into account. Selectivity will be emphasized as improvement 

of this parameter is sought. 

2.3.1 Selectivity 

Skarstrom cycle We started out to analyze the PSR operated according to the classical 

four step Skarstrom cycle as depicted in Figure 2.1 for various cycle times. The selectivity 

decreases compared to the PFR. The highest conversion is reached in the steady state limit 

(fn^rvt °°). In the lower limit (fn/r\4 0) hardly any sorption of B takes place. 

All shown cases have similar characteristics and the behavior of the PSR under the 

Skarstrom cycle was further explored by investigating a single case. In Figure 2.3 the 

trajectory of component B is shown. During pressurization the feed end of the bed is 

purged and species B concentrates at the product end of the reactor. This process continues 

during the adsorption step as B has to be formed before it can adsorb and a linear incr >e 

of yB over the unit is observed. As opposed to the ordinary PSA, B desorbs over the si 

two-third of the reactor as shown in Figure 2.3. The counter currently operated blow down 

and purge steps are very inefficient as B has to pass the relatively clean adsorbent at the 

feed end on its way to the reactor exit and migration of B is retarded by equilibration with 

the sorbent. As a result, B is concentrated in the middle of the reactor and the resulting 

increased residence time of B leads to a low selectivity. 

As B is concentrated at the product end of the unit a co-current blow down may remove 

it more effectively. Co-current purging will further prevent re-adsorption at the feed end of 

the unit and thus reduce the amount of B purged during the subsequent pressurization. In 

PSA adsorbers co-current depressurization steps are used to recover the mechanical energy 

of the high pressure gas and increase the purity of the adsorbed component, but it is n er 

used to obtain the adsorbed component. This alternative cycle employing pressurization, 

adsorption, co-current depressurization and co-current purge steps has no analogue in PSA 

separation. 
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Figure 2.2: Selectivity towards B versus 
conversion of A in the PSR operated un
der the Skarstrom cycle. Line: PFR, A: 
PSR, Parameters: Tables 2.2 and 2.3. The 
arrows indicate the sequence of the mark
ers in the PSR series. This sequence corre
sponds to the sequence of the values listed 
for series A in Table 2.3. 
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Figr e 2.3: Concentration profile of component B under the Skarstrom cycle. Left: 
gas : ase, Right: solid phase. Parameters: Tables 2.2 and 2.3 (tn=trv=30 s), Legend: +: 
Sta ;ycle, end of A: pressurization, O: adsorption, 0: depressurization, D: purge step. 
The small maximum in v# at the start of the cycle results from the gPROMS reinitialisation 
algi ihm. 
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Figure 2.4: Selectivity towards species 
B versus conversion of A. Line: PFR, 
Markers: PSR. Parameters: Tables 2.2 and 
2.3, Series: A: A, 0: B, +: C , D: D, • : 
Et 
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Figure 2.5: Selectivity towards species 
B versus conversion of A, obtainec by 
variation of the adsorption step ti ne. 
Line: PFR, Markers: PSR Parameters: Ta
bles 2.2 and 2.3, Series: +: F, D: G.t 

Alternative cycle The selectivity of the PSR operated under this alternative cycle can 

indeed be lifted above the steady state (PFR) limit as shown in Figure 2.4 and 2.5. The 

characteristics of all cases shown are qualitatively similar and one case will be explored 

further. Selectivity enhancement is not reached in all cases which shows that the choice 

of operating parameters is critical for this cycle. The influence of individual operating 

parameters will be discussed to identify the operating window for selectivity enhancement. 

The nearly constant concentration gradient of VB in the gas phase (Figure 2.6) re ra

bies the behavior in case of a PFR. The purge effect of the feed is clearly illustrated by 

the drop in the amount adsorbed of B (nB) during pressurization in Figure 2.6 and is i uch 

smaller than in case of the Skarstrom cycle. During the adsorption step the increase of ng 

and the limited rise of y# are evidence of an effective removal of B from the gas phase, ur

ing depressurization, desorption of B causes an increase of the gas phase fraction which 

is effectively removed by co-current depressurization and purge steps. Readsorption of B 

from purge gas is limited as illustrated by the marginal increase of the amount adsorbed B 

t: The arrows indicate the sequence of the markers in the PSR series. This sequence corresponds i the 
sequence of the values listed for each series in Table 2.3. 
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Fig*. 2.6: Concentration profile of B in the PSR under the alternative cycle. Left: 
gas phase, Right: solid phase. Parameters Table 2.2, Legend: +: Start cycle, end of A: 
pre. ization, O; adsorption, 0: depressurization, D: purge step 

(riß) near the feed end. 

The simulations reveal that during the adsorption cycle the major part of species B as 

formed on the catalyst is adsorbed (RJ 55%). As both the mass transfer rate (Figure 2.7) 

and the reaction rate only barely decrease during this step, the fraction of B that adsorbs 

upoi: formation remains nearly constant over the cycle. The system remains far from equi-

libri o as the gas fraction rises to 5% at the reactor end compared to 15% if no adsorption 

woi ike place. Thus the adsorption capacity of the bed exceeds by far the amount of B 

form d during the adsorption cycle. As a result adsorption takes place right after formation 

over the entire reactor length instead of over a limited region as in the case of a moving 

ration front. 

;re 2.7 further illustrates that the amount adsorbed depends on the coverage of the 

adsorbent at the start of the high pressure half-cycle as a more efficient purge gives a higher 

mass transfer rate during the adsorption step. 

es A and B in Figure 2.4 represent cases where the sorbent is regenerated by de-

pres ization only. The highest selectivities correspond to the highest mass transfer rate. 

eries F and G shown in Figure 2.5, the adsorption and purge times are varied at 

cons, UU purge ratio of 1/3. The highest conversion corresponds to infinite adsorption and 

purge step times. The short residence time during the purge step (series G) is necessary to 

lift i -selectivity above the steady state (PFR) limit. 
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Figure 2.7: Sorption rates during the 
adsorption step in the PSR under the 
alternative cycle. Parameters: two cases 
from series C (Table 2.3) 0: R=l/3, A: 
R=l; Legend marker: open: start adsorp
tion step, closed: end of adsorption step. 
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Figure 2.8: Sorbent loading versus ax
ial distance in the PSR under the alter
native cycle. Parameters: 0: series C (Ta
ble 2.3) with R=l/3, m= 4.456 mol k 
A, R=l/3, m=8.916 mol kg"1. Legend 
marker: open: end of purge step, closed: 
end of adsorption step. 

In series C the purge ratio is varied between zero and one. Both the conversion and se

lectivity increase with the purge ratio, but an increasing fraction of the product is obtained 

at low pressure. 

In series E, the purge time is increased and simultaneously the purge gas velocity is 

lowered to keep the purge ratio constant. A longer purge time improves regeneration, but 

the increased residence time decreases the selectivity. 

Even through the driving force for adsorption increases, a larger adsorption capacity 

does not significantly alter the performance of the PSR in terms of selectivity and con

version as compared to the base case. Figure 2.8 shows that the amount adsorbed and 

desorbed during operation (i.e. The difference between maximum and minimum loading 

shown.) is similar for both cases. 

Increasing the pressure range leads to a higher selectivity, but conversion drops (se

ries D). Since the conversion is related to the amount fed at high pressure, the increased 

pressure difference results in a lower conversion during the low pressure half-cycle. Fur

thermore the amount of feed gas needed to pressurize the unit increases which leads to a 

lower conversion of A. 
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Figure 2.9: Selectivity towards species 
B versus conversion of A. Legend: D: al
ternative PSR cycle, lines: PFR. The ar
row indicates the sequence of the markers 
in the PSR series. This sequence corre
sponds to the sequence of the values listed 
for series H in Table 2.3. The arrow in
dicates the sequence of the markers in the 
series and corresponds to the sequence of 
the values listed in Table 2.3. 

selectivity hardly depends on the equilibrium loading window of the sorbent as 

just shown in Figure 2.8. Therefore the increased selectivity observed for higher pressure 

ratios may be attributed to the improved regeneration during the depressurization step as 

the Hint of gas blown out increases with the pressure range. 

influence of the operating parameters discussed before illustrates that selectivity 

improvement requires a high purge gas velocity and high mass transfer rates thereby com-

bininj an efficient regeneration with a minimal increase of the residence time. In that case 

the selectivity improvement realized during the high pressure half-cycle by adsorption is 

not "teracted during the regeneration half-cycle. 

; difference in selectivity observed between the PSR and PFR shows a maximum 

with respect to the cycle time at 240 seconds (series G in Figure 2.5). The case with the 

shortest cycle shown in series G is also the R=l/3 case of series C. For this case, Figure 

2.7 rly shows that the amount adsorbed is solely limited by sorption kinetics. 

n increasing the adsorption time, the (de-)pressurization time becomes negligible 

and as these affect the selectivity in a negative manner, the overall selectivity improves. 

Eventually on using longer step times the sorbent will become equilibrated within the 

adsi lion step and the selectivity enhancements diminishes. 

Thus far we only studied low single pass conversion. This is a natural choice for 

opene ing series reactions when selectivity is of paramount importance. Figure 2.9 shows 

howe. er that selectivity enhancement by pressure swing operating can be obtained over 

the whole conversion range. 
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Figure 2.10: Productivity with respect 
to reactant A versus conversion of A. 
Legend: Line: PFR Markers: PSR, o : 

Skarstrom cycle, Alternative cycle: A: se
ries A, 0: series B, +: series C, 0: series 
E, D: series F, V : series G (parameters see 
Table 2.3) 
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Figure 2.11: Separation factor versus 
conversion of A. Legend: PSR: 0; 
Skarstrom cycle, Alternative cycle: A: se
ries A, 0: series B, +: series C, 0: series 
E, D: series F, v : series G (parameters see 
Table 2.3) 

.0 

ç> 

Ö : 

X 
A O 
: o 

- A o V 

0 o- > % •yff 

2.3.2 Productivity 

The productivity of a single PSR vessel is compared to a single PFR reactor. In Figure 

2.10 the productivity of the PSR and PFR are compared on the basis of equal catalytic 

activity per unit volume. This would typically be the case when the catalyst and sorbent 

functions are integrated in a single particle. The productivity of the PSR is clearly lower 

than the PFR. During the regeneration the feed flow to the PSR is interrupted and the purge 

gas velocity is high to minimize reaction. 

In case the PSR vessel is assumed to be filled with a mixture of catalyst and sorbent par

ticles and both reactors are compared on the basis of equal reactor volume, the difference 

in productivity will even be greater as the catalyst in the PSR is diluted with adsorbent. 

For instance, in case of a 50vol%-50vol% mixture of sorbent and catalyst, the produc; > in 

of the PFR at equal conversion of A would be twice as high as shown for the produc i vity 

of the PFR in Figure 2.10. 
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2.3 Separation 

Qua- ..eady state operation results in separation factors higher than one, as the low pres

sure product stream passes the reactor twice. This is indeed observed. Adsorption equilib

ria predict concentration of B in the low pressure stream and thus separation factors lower 

then one. Figure 2.11 shows that selectivity enhancement is correlated with separation 

fact«', below one. 

When operated under the Skarstrom cycle, the separation factors range from 0.1 to 2. 

This i an example of separation reversal (or inversion) which has been reported previously 

by SL eral others (Kirkby and Morgan, 1994; Vaporciyan and Kadlec, 1989). However in 

a strom cycle none of the cases show selectivity enhancement. 

On evaluating the PSR as a separator, one must bear in mind that for low conversions 

(XA~:5%) the separation factor (SB/C) is the ratio of quotients based on two small values 

:fore is very sensitive to the operating parameters. 

The PSR is not a very good separator as all exiting streams are mixtures. For the 

representative case shown in Figure 2.6, the fraction of component B in the high pressure 

and lev» pressure streams are ~6% and 15% respectively. In a PSR sharp concentration 

front- a prerequisite in PSA units in order to obtain at least one high purity stream - are 

abi 

2.4 tscussion 

Isothermicity is the most stringent assumption used in this work. Figures 2.6 and 2.8 both 

show that the amount of species adsorbed throughout the cycle is much larger then the 

amount formed over a single cycle. Thus, there is a large reservoir of undesired reactant B 

pic • in the vessel. 

However when temperature effects are taken into account, the large reservoir of reac-

tants present throughout the cycle implies that a tight control on the reactor temperature 

is required. Especially in the case of exothermic reactions, the cooling capacity must be 

suffic' .it to prevent general heating of the unit. A general heating of the unit would release 

rvoir of adsorbed reactant. 

2.5 mclusions 

We have studied the use of the pressure swing reactor to enhance the selectivity in a series 

reactit A —> B —> C by removal of the intermediate product from the reactive phase. 

When PSR unit is operated according to a Skarstrom cycle, the feed and product end of 
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the reactor are periodically cleaned as they are purged with feed and high pressure product 

gas respectively. As a result the intermediate component is concentrated in the middle part 

of the reactor and its residence time is increased which in turn decreases the selectivity of 

the overall unit towards this product. 

When using co-current depressurization and purge steps, the concentration of the in

termediate product increases towards the product end over the whole cycle. Selecti ity 

enhancement is obtained provided that effective regeneration can be accomplished with

out significant increase of residence time. 

Whereas a significant selectivity increase is obtainable for the PSR versus PFR. his 

goes at the expense of productivity. This is simply related to the quasi continuous nature of 

the PSR process. Further, the product streams obtained in a PSR are not pure, in much the 

same way as for a PFR. The selectivity enhancement may however still be sufficiently im

portant to render PSR the preferred reactor configuration for low temperature consecutive 

reactions. 

Notation 

Roman 

bi 

(-•down 

(-up 

Dijn 

DZ 

k 

L 

m 

N 

Hi 

P 

QA 

''particle 

R gas 

Ri 

SB 

>b 

Pa"1 

P a s - 1 

-l 

adsorption affinity of component i 

rate of pressure rise during pressurization step 

rate of pressure decline during depressurization step Pa : 

gas-phase diffusivity of component i in the mixture m2s~ ' 

axial dispersion coefficient 

reaction rate constant of reaction I and II 

reactor length 

saturation capacity 

number of components 

solid phase loading of component i 

pressure 

productivity (eqn.2.11) 

particle radius 

universal gas constant 

reaction rate of component i 

sorption rate of component i 

selectivity towards B (eqn.2.9) 

2 - 1 

mzs ' 
mol m" ̂ P a ^ s " 1 

m 

mol m -3 

mol kg - 1 

Pa 

mol nf -2s-1 

m 

J mol~ K-1 

mol m" -3 s"1 

mol m" ̂ s - 1 
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SB separation factor (: eqn.2.10) -

t time s 

ti duration of step i in a cycle s 

T temperature K 

V superficial velocity m s 

XA conversion of A (eqn.2.8) -

yt molar fraction of component i in the gas phase -

z axial distance m 

Greek 

e* inter particle void fraction -

£,, intra particle void fraction -

X total cycle time s 

Pbed packed adsorbent density kgr 

Sul 

i 

'pts 

component 

I pressurization step 

II adsorption step 

III depressurization step 

IV purge step 

feed feed stream 

purg'. purge stream 

in in-flowing stream 

Supersi :ripts 

* equilibrium 





Chapter 3 

eîectivity Effects on Series Reactions by Reactant 

Storage and PSA Operation 

This work evaluates adsorptive reactors used to improve the operation of a sequential reac

tion scheme, A —> B —> C, for the total removal of A from a stream with an excess of B. 

In the adsorptive-reactor concept, the reactor is filled with a physical mixture of catalyst 

and an -idsorbent, the latter being thermodynamically selective toward primary reactant A. 

In this case, the sorbent is periodically regenerated using the principles of pressure swing 

adsorption and purged with secondary reactant D. This concept is restricted to low temper

ature to have sufficient adsorption capacity. Improved reaction selectivity arises from the 

accumulation of A in the unit. The reaction of A maximizes the driving force for regener

ation and thus accelerates the regeneration half-cycle. The adsorptive reactor is compared 

to a conventional plug-flow reactor (PFR) and to a PSA & PFR unit in series. Reaction 

selectivity improved and recovery of pure B over these alternative reactors under realistic 

conditions are demonstrated. The volume-based productivity is lower than that of a PFR 

but higher than that of a PSA. The purge gas flow rate can be manipulated to balance the 

sorpn flux and reaction rate, thereby maximizing the conversion of A. The influence 

of differences in sorption kinetics is discussed and the required sorbent characteristics are 

identified. 

Published with minor modification as: A. J. Kodde, Y. S. Fokma, and A. Bliek, "Selectivity 

in Series Reactions by Reactant Storage and Pressure Swing Operation", AlChE J. 46(11) 

2295-2304 (2000). 

55 
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3.1 Introduction 

Pressure-swing adsorption (PSA) is an established separation technology based on selec

tive, reversible adsorption of one or more components in a gas mixture onto an adsorb at 

(Ruthven, 1984; Ruthven et al, 1994; Yang, 1987). Selective adsorption may either be 

based on differences in sorption equilibria or on different sorption kinetics. PSA opérai m 

consists of alternating adsorption and regeneration steps, and the unit is run in a c] 

invariant state. The design of PSA units is not straightforward due to the large numbe of 

operating parameters and its intrinsic dynamic character. Although a few rules of the ih 

are known, detailed simulation is essential for design (LaCava et ai, 1998). 

Vaporciyan and Kadlec (1987) were the first to extend PSA to chemical react, rs, 

thereby employing in-situ separation of products/reactants during chemical convers >n. 

They proposed to use a mixture of a catalyst and a sorbent in the reactor vessel and it

erate it under a pressure-swing cycle. Such a reactor is now known as the pressure-sv rig 

reactor (PSR), pressure-swing adsorber reactor (PSAR), sorption-enhanced reaction 

cess (SERP), or adsorptive reactor. The in-situ separation can be used to improve he 

performance of a chemical reactor. Several operating principles can be utilized. 

Equilibrium-limited reactions can be driven to completion by separation of the reac

tion products. In contrast to equilibrium-limited reversible reactions, irreversible react >ns 

have received little attention in PSR research and the focus has been on rate improven nt. 

Alpay studied the reaction A —> B in a rapid PSR, where the adsorption affinity of A ic-

tates the residence time in the vessel and thus conversion (Alpay, 1992). Vaporciyan nd 

Kadlec (1989) showed that the rate of CO oxidation can be increased by adsorbing 0. 

since the reaction rate is inversely proportional to the CO partial pressure. 

In the present work we focus on sequential irreversible reactions, where select ity 

toward reaction intermediates is the crucial parameter. An example is the selective hy

drogénation of ethynes (Derrien, 1986). In chapter 2 we have shown that by select :ly 

adsorbing the reaction intermediate B in a sequential reaction scheme: A —> B — C. 

selectivities beyond those obtained in a steady-state operated plug-flow reactor can be ob

tained under pressure-swing operation. 

In the sequential irreversible reaction scheme: A —> B —> C, where selectivity to ird 

B is the crucial parameter, separation of B and D by selective adsorption of B can also 

increase the selectivity toward this product. The soundness of this principle was illusi: sted 

for batch operation in a chromatographic reactor (Liden and Wamling, 1989). 

In case of a feed mixture with both A and B present, application of the prec ng 
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principle has some pitfalls. Component B from the feed can saturate the sorbent and 

üze the operating capacity of the sorbent. 

For such systems we propose to enhance the selectivity toward B by reactant storage. 

When feeding a mixture of A and B, A will accumulate in the reactor vessel by adsorption 

onto the sorbent, and is thus not available for reaction; A will be absent before the adsorp

tion front. These conditions are unfavorable for operation as the availability of the desired 

reactant A is reduced. We therefore propose to start the reaction as the adsorption front of 

A reaches the product end and reactant D is introduced as purge gas in the regeneration 

step. At this moment the ratio of A over B present in the vessel is much more favorable 

than the feed composition, resulting in improved reaction selectivities over an ordinary 

PFR Secondly, the conversion of A by reaction will further lower its gas-phase concentra

tion, and thus maximize the driving force for regeneration and improve the productivity of 

the unit. With the proposed operation, separation and reaction are integrated in space, but 

separated in time. 

l this work we investigate whether this operating principle can be put to work in a PSR 

unit and employed to yield improved performance over traditional reactor configurations. 

3.2 : eactor models 

Three reactor configurations are compared in this work: (1) A PSR reactor where equal 

volumes of catalyst and adsorbent are perfectly mixed, (2) a PFR with an identical amount 

of catalyst as in (1), (3) a PSA with the sorbent followed by a PFR with the catalyst. The 

stream enriched in A from the PSA is fed to the PFR. 

A reactor model was derived using the following assumptions: (1) Isothermal opera

tion; (2) Ideal gas law is obeyed; (3) Axially dispersed plug flow in the bed; (4) Negligible 

pressure drop over the bed; (5) Adsorbent and catalyst of constant voidage, bulk density 

and particle size; (6) No radial concentration gradients; (7) Perfect mixing of the catalyst 

and adsorbent particles; (8) Adsorption isotherm of the Langmuir type; (9) Mass-transfer 

resistance is described by the linear driving-force model; (10) Reactions are first order in 

reactant partial pressures; (11) The specific time constant for catalytic reactions is negli

gible to that of other processes in the reactor. Lsothermicity clearly is the most stringent 

assumption and will be relaxed in chapter 4. 

In parametric studies, it is convenient to write the governing equations in their corre

sponding dimensionless form. The adsorption step (Phigh> v(prod)) and PSR reactor length 

(L) are used as a reference state. The resulting variables and parameters are given in the 



58 Chapter 3 

notation section. 

The single-species mass balance reads: 

| t a P ) = _p|.(v,,) + i|lw_zf | (e, ) 

+viARi +Vi,2R2 i=\...N (3.1) 

The overall mass balance reads: 

+Z,vuÄi+Z,-v,-2/?2 (3.2) 

Sorption kinetics using the linear driving force model: 

— ( 0 / ) = O , ( e ; - e , ) i=l...N (3.3) 

The sorption equilibrium using the Langmuir isotherm: 

M
 KA'/P 

The reaction rates: 

R]=K]yAyDP2 (3.5) 

R2 = AT2VBVDP2 (3.6) 

The pressure ramp is imposed: 

dP r 

jr~ = 4>press pressunzation 

P = 1 adsorption 
3P , 
T— = Cjdepress depressunzation 

P = Q purge (3.7) 

The boundary conditions are given in Table 3.1. The PFR model is the steady state equiv

alent of the PSR model with the boundary conditions for the adsorption stage. The PSA 

model is identical to the PSR model without reaction terms. 

The PSA and PSR units in this study are operated in the single-bed version of the 

four step Skarstrom cycle (Skarstrom, 1960)(Figure 3.1). For the PSA, part of the product 

gas is temporarily stored in a well-mixed tank. During pressurization/depressurization a 
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Table 3.1: Boundary conditions for the vessel model? 

press. ads 
x=0 x=1 x = 0 x=] 

depress. 
x = 0 x = l 

purge 
x = 0 x = = 1 

(a) (a) 
V eqn. 3.2 V = 0 eqn. 3.2 V = l 

(b) 
eqn. 3.2 V = 0 

(c) 
eqn. 3.2 V = -v 

x=0 x = l 

W | (> ' ) = ^V(v,--v,(feed)) 
(b) |(y*) = 0 

(c) £fo) = o ï(y/)=AV(y,- -y,-(purge)) 

a: See Figure 3.1 

mt pressure ramp rate was assumed. The gas-flow velocities at the product end of 

the bed were fixed. 

lie PFR model is the steady-state equivalent of the PSR in the adsorption step with 

no adsorbent present and half the reactor length. The PSA model is equivalent to the PSR 

model with no catalyst present and half the reactor length. 

The performance indicators used for all units are the conversion of A (XA), the reaction 

selectivity (R1/R2), and the productivity (Pr). Productivity is based on the amount of 

feed gas processed per time and multiplied by the reference state f e
 a

v,c
pi°.. '"gl' ) has units 

of molfeed s_ I kgads-1 for the PSA and PSR and molfeed s_1 kgcat
_1 for the PFR unit. 

Further performance indicators are the product stream purity of A over A,B & C (PUA), 

the recovery of B (/?VB). The definitions of these are given below. 

The cumulative flux of a component in a stream is defined as an auxiliary variable: 

Jj (stream) ±3'iVx=0Ax=lP^T (3.J 
' cyc le 

product 

s L 
'(PSA); 

feed 

depres. 

purge 
(PSR) 

1 , _ x = 1 

purge 

Figure 3.1: The Skarstrom cycle for 
pressure swing operation. For the PSA 
S represents a ideally mixed storage tank 
where part of its contents is used as purge 
gas at low pressure. For the PSR compo
nent D is introduced via the purge feed at 
low pressure. 
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where the cycle time is given by xcycle = xpres + xads + Tdepres + xpurge. The net consumption 
of a component over one cycle is given by 

A7,- = 7,-(feed) -7,-(prod.) + 7,-(purge) -7,(exh.) (3.9) 

The performance indicators defined in terms of 7 and A7 are: 

XA = Tl^ed) (3-'°) 

R , R A7A _ ./;cycle Jo' KiyAyDPdxdT 
AJc fXcyclJo K2yByDPdxdT 

Pr{PSA) = ^A-B^(feed) ^ 
~cycle 

Pr(PFR) = X Vx=0vv(feed)P (3.13) 
i=A,B 

(3.11) 

(3.14) PuA(prod.) = / A ( p r 0 d - ) 
X,=A,B.c^(prod.) 

o i A\ 7B(prod.) 
RMpm±) = Mtet) (3-15) 

PMA(exh.) = - / A ( e x h - } « 161 
I/=A,B.C^'(exh.) 
7B(exh.) 

A K B ( Œ h 0 = TBTfëed) ^ 

The inventory of species /' in the vessel is given by: 

Ai = f (xfQi + yiP)dX (3.18) 

The initial state is a vessel completely filled with reactant D. The relaxation to cyclic 

steady state is calculated by successive integration. Convergence to the cyclic steady state 

is assumed on the basis of the following balances: 

A7A + A7B + A7C = 0 

A7A + A7C - A7D = 0 

The first expression represents a check on the conservation of the main reactant/product 

and the second is a check on the consumption of auxiliary reactant D. Convergence was 

assumed when the residues equaled 10~7 (ten times the integration accuracy) 
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3.3 Numerical solution of the model 

The model was implemented in gPROMS Version 1.6 (Process Systems Enterprise Ltd, 

London, U.K.). The built-in schemes for discretization for problems with flow reversal 

(central finite differencing or orthogonal collocation) proved unsuitable. In contrast to the 

c; s in Chapter 2 steep concentrations gradients are encountered in the cases described 

in this chapter and application of the built-in scheme's resulted in significant numerical 

llations in the composition profiles. Therefore a second-order upwind scheme (see 

Gaskell and Lau, 1988, Table 1) was manually implemented in the gPROMS environment. 

The discretization scheme was formulated on a staggered grid (Analogous to the treatment 

in Patankar (1985, page 80ff)). On a staggered grid the axis is divided into small volumes. 

Component fluxes are defined at the border of two adjoint volumes whereas pressure tem

perature and composition are defined at the centre of the volume. A staggered grid is 

preferred since the boundary conditions of the balances are expressed in terms of fluxes. 

axial reactor axis was discretized using 200 equal volumes. An IBM RS6000 43P 

workstation, SP2 platform and a Pentium III PC were used in the simulations. 

3.4 Model parameters 

The objective of the unit is to remove all A from the feed stream which consists of 10% A 

in B, and obtain high recovery of B. To enable a proper comparison the allowed impurity 

level of A in the product stream is fixed at 5 ppm for each case. The adsorption step is 

terminated when the preset purity of the product stream is reached. Likewise, the régén

érât!' n time is coupled to the extent of regeneration (PSR) or to the amount of product 

stream gas (PSA). 

The parameters are given in Table 3.2 and discussed below. The Peclet number in 

industrial adsorbers is usually high. Reaction occurs in a PSR when A or B and D are 

both present in the gas phase. During pressurization and adsorption this situation only 

occi s at the unretended front, and thus the extent of reaction depends strongly on the 

Peclet number. In reality the reaction zone may be broader due to the finite residence 

time of the species on the catalytic surface. Therefore a relatively small Peclet number of 

A as chosen for the PSR system. This Peclet number still gives rise to mass transfer 

predominantly by convection, and requires a reasonable number of grid points using non-

dedicated algorithms. 
Drior to presenting the results on the bench marking of the reactor configurations dis

cussed here, we need to address the matter of the comparison basis for these reactors. For 
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Table 3.2: Parameters in the simulations. 
symbol 

XA...D 
4>A 

OB...D 

KB 

KC 

K D 

KX 

K2 

Pe 
Q 

'opres 

Sdepres 

'tads 

Spurge 

y A (feed) 
ƒ B (feed) 
vc(feed) 
3>D(feed) 
jA(purge) 
3>B (purge) 
yc (purge) 
yo(purge) 

I 
PSR cases 

II III 
20 
0.5 
0.5 
10 
2 
1 
0 
2000 
200 
200 
"I 
3 

J_ 
30 -n 
(a) 
(b) 
0.1 
0.9 
0.0 
0.0 
0.0 
0.0 
0.0 
1.0 
(d) 

20 
0.5 
0.5 
10 
2 
1 
0 
20000 
2000 
200 
~T 
3 J_ 
30 
_ 9i 

(a) 
(b) 
0.1 
0.1 
0.0 
0.0 
0.0 
0.0 
0.0 
1.0 
(e) 

20 
0.5 
5 
10 
2 
1 
0 
2000 
200 
200 

3 

J_ 
3 0 1 

-H 
(a) 
(b) 
0.1 
0.1 
0.0 
0.0 
0.0 
0.0 
0.0 
1.0 
(d) 

IV 
PSA cases 

V 
40 
0.5 
0.5 
10 
2 
1 
0 

50 

(a) 
(c) 
0.1 
0.9 

P«A(prod.) 
PMß(prod.) 

2(f) 

40 
0.5 
5 
10 
2 
1 
0 

50 

VI 
PFR cases 

VII 

_i 
6 

(a) 
(c) 
0.1 
0.9 

P«A(prod. 
P«B(prod. 

2000 
200 
100 

0.05 
0.45 
0.00 
0.50 

20000 
2000 
100 

0.05 
0.45 
0.00 
0.50 

variable variable 

a: 

b: 

d: 

e: 

f: 

The step is terminated when the following criterion is met: PwA(prod) > 5 10""6 

The step is terminated when the following criterion is met: AA < 10"3 

The step is terminated when the following criterion is met: 

L/(purge)/ZJ(prod.) = 0.7 

Values used: 0.5,-)-1,2,5,10,20,50,100 

Values used: 1,^2,5,10,20,50,100,200,500,1000 
Optimal value see Figure 3.2. 
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the PSR, we have consistently assumed a total volume VR, with the volume fraction taken 

up by the catalyst and the sorbent each being 0.5. For the PSA & PFR and the single PFR 

two options exist: 

The PSA (filled with adsorbent) and PFR (filled with catalyst) each take up a volume 

equal to 1/2VR and the single PFR takes up a volume equal to 1/2VR. In this case 

the volumes of catalyst and/or sorbent are equal for all reactor configurations. 

The PSA (filled with adsorbent) and PFR (filled with catalyst) and the single PFR 

each take up a volume equal to VR. In this option the residence time at reference 

conditions is equal for all vessels. 

i -ingle PFR the performance hardly depends on the choice of reference state since 

the flow and corresponding actual Peclet numbers are high. 

In the one-dimensional model at hand, reactor volume is linked to reactor length. In 

option a), the reference flow rate is divided by two to maintain an equal residence time. 

Since the axial dispersion coefficient is assumed constant, the Peclet numbers are altered. 

For the isothermal PSA, option b proved to be only slightly superior. Therefore, the PSR 

was compared to the PSA (in the PSA & PFR in series) on the basis of equal amount of 

sorbents (option a). The parameter values used for the PFR and PSA are also listed in 

Table 3.2. 

i Table 3.3 the sorbent properties selected for the present case are compared to values 

! in experimentally verified simulations of equilibrium-based PSA systems. The values 

foi .ii ration capacity (%*) and adsorption kinetics ($,•) used in the base case are within the 

range of experimental values reported in the literature. The most important comparison is 

the retention factor ( ^ ^ ^ p 2 ^ ) which is influenced by both adsorption and process 

para neters. The resulting retention factor is comparatively high, but much higher values 

(nC6 on zeolite 5A) have been reported. The resulting sorption selectivity chosen in the 

base case is very modest compared to the PSA systems. 

The reaction selectivity ratio (k\/k2) of the catalyst was fixed at 10. Since the molar 

i of A to B in the feed is set at 9, a net conversion of B already becomes apparent at 

low conversion levels. 

n the PSA and PFR in series case, the purpose of the PSA unit is to purify the feed 

ra and optimize the A to B ratio in the exhaust stream. The purge gas velocity was 

i at its optimal value (i|/ = 2), as both the recovery of B in the product stream 
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Figure 3.2: The influence of purge gas flow rate (\\i) on PSA performance. Legend: 
+:Tads. °̂ purge> A:Pr, V: ÄVßCprod.), 0:PuA(.exh.), Parameters: PSA case IV in Table 3.2 

(A'- : prod.)) and the enrichment of A in the exhaust stream (PuA(exh.)) reside at their 

local maxima (Figure 3.2). 

b keep realistic gas-flow velocities in the pessurization step, the pressurization rate 

(Cores I is set to a low value. The depressurization rate (Çdepres.) is fast to minimize initial 

slip of A. 

3.5 Results 

3.5.1 Reactor performance: recovery, selectivity and 

productivity 

The overall performance of the PSR is compared to the PSA and PFR in series and the 

PFR in Figures 3.3, 3.4, and 3.5 which show the recovery of B, reaction selectivity and 

productivity respectively. 

gure 3.3 the three configurations are compared as separators by plotting purity 

versu! recovery. For the PSR, A is removed by adsorption and over 80% of B is recovered 

at high purity in the high pressure half-cycle. This combination of recovery and purity can

not be obtained in a PFR. The recovery of B in the product stream of the PSA unit is much 

lowei. as part of this gas is used as purge gas. Due to the selective adsorption, A is accu

mulating in the PSR, and the ratio of A over B present in the vessel (AA/Aß-see eqn.3.18) 

rises from 0.111 to 0.57 during the adsorption step. 

Figure 3.4 compares the three configurations as reactors by comparing conversion with 
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Figure 3.3: Purity of A versus recovery 
for various reactor configurations. Leg
end: dotted line: PFR case VI,Vu, +:PSA 
& PFR case IV prod, stream, continuous 
line:PSA & PFR case IV exh. stream , 
• :PSR case I and II prod, stream, A: PSR 
case I exh. stream, O; PSR case II exh. 
stream. Parameters: see Table 3.2. 

cc 

cc" 

0.0 
0.4 0.6 0.8 1.0 

V(-) 

Figure 3.4: Reaction selectivity versus 
conversion of A. Legend: dotted line li e: 
PFR case VI.VII, continuous line: PSA & 
PFR case IV , A:PSR, case I o:pSR case 
II. Parameters see Table 3.2. The numbers 
correspond to the cases shown in Figure 
3.6. The arrows indicates the sequence of 
the markers in the series. This sequence 
corresponds to the sequence of the values 
for \\i listed in Table 3.2. 

reaction selectivity. In the PSR the reaction takes place almost exclusively in the regener

ation step. At the onset of pressurization, the vessel contains predominantly D. The feed 

velocity during pressurization is dominated by the net consumption of moles during re

action at the concentration front of B until all D is converted. Since A is retarded, it is 

hardly converted at this stage. The regeneration behavior can be manipulated both by the 

catalyst activity and the residence time of the reactants. The residence time of the reactants 

is directly related to the purge-gas velocity. High conversions can only be obtained when 

both parameters are large compared to the desorption rate of A and B (see Figure 3.4). For 

high purge-gas flow rates the PSR demonstrates an overall selectivity to B far in excess of 

that observed for both the PFR and the PSA and PFR in series. 

A second advantage of the PSR is that it leads to acceleration of the regeneration by 

conversion of the desorbed gas. The resulting shorter purge times and more thon gh 

regeneration enhances the productivity of the unit. Figure 3.5 shows that this is indeed the 
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Fi- 3.5: Productivity versus conver
sa: V for different rector configura
tions. Legend: dotted line: PFR case VI, 

SR case I O, PSR case II, continu-
ie PSA case IV Parameters see Ta-

bl '.. For PFR case VII the productiv-
ii'. ten times the value for PFR case VI 

e re. 

2.5 

2.0 

X 1 5 

sz 
x 
». 1.0 
< 

0.5 

0.0 
0 1 2 3 4 5 6 7 8 

A A / ( " ) 

Figure 3.6: Outgoing flow of A during 
regeneration in a PSR. Legend: i:\j/=10, 
ii:\|/=50, iii:\|/=1000 Parameters: PSR case 
II (Table 3.2). The letters refer to the cases 
shown in Figure 3.7. 
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case. The PSR has much higher productivity compared to the PSA. The required purge 

tin1 hardly depends on purge-gas velocity (Tpurge ~ 19.5) and is close to the theoretical 

num (Tpurge = ç - ^ o g ( A"'*** ) ~ ' 8 ). The productivity of the PSA unit is limiting 

in SA & PFR in series. Therefore its productivity is independent of conversion. The 

the highest productivity. In the PFR the molar fraction of A in the gas phase is 

in the order of a few percent, whereas it is usually below 0 .1% during regeneration in the 

PSR. Compared to the PSA & PFR case, which is the traditional choice for maximizing 

selectivity, the PSR offers a productivity improvement by a factor of three. 

Optimal operation: balancing the sorption flux and reaction rate 

A net optimum exists in conversion with respect to purge-gas velocity (Figure 3.4). 

This can be understood by the dynamics of the regeneration. Figure 3.6 shows qualitative 

diffei aces in regeneration behavior for the three cases. In case i a significant initial out

flow of unconverted A is observed until two-thirds of A is removed, followed by a period 

of aeration without outflow of A. In the optimal case slip only occurs in the depres-
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Figure 3.7: Profiles in the reactor during regeneration. Legend: A:yD, ° : desorption 
flux of A (SA), V:RI , 0: flow of A (FA). Parameters: PSR case II, A,B:\|/=10, C:\\f=50, 
D:\|/=l 000. For each case the extent of regeneration is illustrated in Figure 3.6. 

surization step. In the case of higher purge flows, the out-going flux of unreacted A is 

constant in time. These three cases are illustrated in Figure 3.7. 

In the case where purge gas velocity is too low, it takes a significant time for D to 

penetrate through the reactor. During this time, desorption of A is balanced by the reaction 

after this front only (Figure 3.7A). The slip of A drops once D reaches the end of the vessel 

(Figure 3.7B). 
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The maximum conversion of A is reached when sorption and reaction are balanced 

throughout the regeneration. This case is shown in Figure 3.7C. 

Upon a further increase in the purge-gas flow, the reaction rate can no longer balance 

sorption flux. This results in significant outflow of A throughout the regeneration 

•gure 3.7D). Thus, optimum conversion can be reached by balancing the adsorption 

kinetics and the catalyst activity. The conversion of A is constrained by the amount of A 

;d during depressurization and the molar fraction present in the gas phase at the end 

of the adsorption step. 

3.5.3 Combined thermodynamic and kinetic sorption 

selectivity 

Simc the sorption rate is a key parameter in PSR operation, kinetic selectivity can be ex-

pli d. Swift removal of adsorbed B may result in additional enhancement of the reaction 

selectivity. This was evaluated by a series of simulations where the sorption rates of B 

and C were ten times that of A resulting in a system that is thermodynamically selective 

A and kinetically selective toward B (PSR case III in Table 3.2). 

e 3.8 shows that the selectivity improvement is comparable to the non-kinetic 

case 'SR case I). A slight improvement is found over the non-kinetic case at low purge 

ve s. but the conversion of A is lower. Compared to the base case the ability of the 

sorbent to separate A and B is reduced, and hence the accumulation of A in the vessel 

by -sorption drops from A A = 8 to around 6. This reduces the potential for selectivity 

enhancement. The underlying phenomena are discussed shortly. Upon depressurization 

or. 

of 

xA/(-) 

Figure 3.8: The influence of kinetic se
lectivity on reaction selectivity ratio 
(R\/R2) versus conversion (XA) for two 
PSR systems. Legend: dotted line: PFR 
case VI, continuous line: PSA & PFR case 
IV,V, A: PSR case I, A: PSR case III. For 
the PSA & PFR cases IV and V the two 
lines overlap in this graph. The numbers 
in the graph correspond to cases shown in 
Figure 3.9. The arrows indicates the se
quence of the markers in the series. This 
sequence corresponds to the sequence of 
the values for \|/ listed in Table 3.2. 
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the initial rise of yA observed in the base case is absent, due to the fast desorption of B 

(not shown). As a result the extent of reaction 1 (A ±> B) during the initial stage of the 

purge step is reduced. Later on B is nearly fully removed and the selectivity rises to end 

at slightly higher values. The latter two phenomena are illustrated in Figure 3.9, which 

shows that the initial drop in selectivity is reversed in course of the regeneration. 

Hence, the increased reaction selectivity during the major part of the regeneration cycle 

is largely counteracted by a reduced accumulation of A during the adsorption cycle and 

the unfavorable onset of the regeneration half-cycle. 

As mentioned before, the inclusion of kinetic selectivity toward B reduces the ability 

of the sorbent to separate A and B. On a tenfold increase in catalyst activity compared to 

the kinetically selective case discussed above (PSR case III, A in Figure 3.8), the required 

purity of the product stream cannot be met. This is illustrated in Figure 3.10, which shows 

the resulting concentration profiles of component A (yA) during pressurization in the cyclic 

o 
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0 2 4 6 8 10 

extent of reaction 2 / (-) 

Figure 3.9: The development of the re
action selectivity during the regenera
tion for kinetically and non-kinetically 
selective cases. The incremental reac
tion selectivity is given by the slope of 
the lines. Legend: The numbers are also 
shown in Figure 3.8. continuous lines & 
a: PSR case I (Figure 3.8: A), dotted lines 
& b: PSR case III (Figure 3.8: A), i: V|/=5, 
ii: y=100. 
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Figure 3.10: Profiles of the molar gas 
fraction of A (yA) over the reactor dur
ing the pressurization step in case of 
combined kinetic and thermodynamic 
sorption selectivities. A to J: The lines 
are plotted starting at T=0.195 with incre
ments of 0.1 untill T=1.095, Parameters: 
PSR case III modified with Ki=KixlO, 
K2=K2xlO, \|/=2. K: PSR case III, v|/=2 
after an identical total amount of feed gas 
was fed (x =3.5). 
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steady state. 

The in-going flow rate is comparatively high due to the high net consumption of moles. 

Due to differences in sorption kinetics, retention of B is now dominant and A accumulates 

at the interface with D. This results in molar gas fractions of A above the feed-gas com-

ion. The high conversion rate of A (Ri) results in the swift penetration of A through 

thi tor while it simultaneously reacts. In the course of pressurization, the superficial 

gas velocity drops and now thermodynamics determine the relative retention of A over B. 

This results in a broad concentration front of A. 

ie reactor end, the concentration of A reaches a maximum of 300 ppm early in the 

ation process. Subsequently it drops to about 10 ppm at the start of the adsorption 

ind then rises again. As a result, the purity limit of 5 ppm can never be met and the 

ai ion step is terminated right after its minimum step time (xads = 1). 

3.5.4 Performance criteria for the sorbent 

For the performance of the PSR, the ability of the sorbent to selectively retain A in the 

unit of paramount importance. In this section, the minimum requirements for sorbents 

dressed. Sorbent capacity and selectivity were systematically investigated by vary

ing x; -ind KB respectively. An increase in the sorbent capacity leads to higher reaction 

se ivities, but it lowers the maximum attainable conversion (Figure 3.11). The retention 

ratio :.l A to B f ̂  at x = TadsJ increases with increasing adsorbent capacity, which leads 

to higher reaction selectivities. The flux of desorbing species (SA) is proportional to the 

tion capacity (% )̂ and will also increase. As shown in Section 3.5.1 a high con-

0.0 
0.6 0.7 0.8 0.9 1.0 

V(-) 

Figure 3.11 : Influence of sorbent capac
ity on the performance of the PSR. Leg
end: dotted line: PFR case VI, continuous 
line: PSA & PFR case IV, PSR case I mod
ified with: D: tA...D = 10; A: %l...D = 20 

O: 1A. 
4 0 > + : %A...D = 1 0 ° ; ( c a s e s 

shown here: V|/=5,-> 10,20,50,100). 
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version can only be obtained when both the purge flow velocity and catalyst activity are 

large compared to the desorption rate. This situation is no longer encountered for when 

the sorbent capacity increases and the sharp maximum in the conversion of A versus the 

purge gas flow velocity disappears. 

When the adsorption affinity of B becomes less, the reaction selectivity and the maxi

mum attainable conversion of A in the PSR increase (Figure 3.12). The former is directly 

related to the decreased accumulation of B in the unit in the adsorption step. The lat

ter results from the decreased amount of D consumed in the conversion of B during the 

regeneration, which results in swifter penetration of D into the reactor. 

There is no single generic criterion to determine which one of the investigated reac

tor configurations is optimal. The parameters of PSR case I represent the case where the 

reaction selectivity at the maximum conversion is just higher than the alternative reactor 

configurations (PSR case I, A : \\i = 50 in Figure 3.4). A sorbent with lower capacity or se

lectivity should be operated at a much higher purge velocity to obtain reaction selectivities 

beyond the alternative reactor configurations, and the resulting conversion drops sharply. 

The base case presented in this study reflects the case where the sorbent properties are only 

just appropriate to justify PSR operation. 

In this work, we assume the PSR contains equal volumes of catalyst and sorbent. For 

higher catalyst activities than assumed in this base case, the balancing reaction rate and 

sorption flux can be achieved by using less catalyst; thus the dilution of sorbent by catalyst 

particles decreases and the criterion on the sorbent with respect to its capacity (%?) cap be 

relaxed to minimally approach half the value given here. 

Figure 3.12: Influence of sorbent selec
tivity on the performance of the PSR. 
Legend: dotted line PFR case VI, contin
uous line PSA & PFR case IV; PSR case 
I modified with: +: KB = 5; o: KB = 2, 
A: KB = 1, D: KB = 0 ; (cases shown here: 
\|/=5,-> 10,20,50,100). 
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In the case of lower sorbent capacities (%A...D = 1 0 ) t h e required purity of the product 

m could not be met in PSA and therefore the PSR data should be compared to the 

PFR only. In the PSR the purity of the product stream is reached as a result of reaction, 

] induces a more thorough regeneration in the PSR concept. 

3.6 Discussion 

In the PSR a moderate pressure ratio in the pressure swing cycle is generally sufficient, as 

sorbent operation is largely driven by partial pressure reduction. This adds to the viabil-

the concept. A similar observation was made by Yongsunthon and Alpay (1998b) 

in a study on temperature swing adsorptive reactors. They found that optimal operation 

required a regeneration temperature below the adsorption temperature, as the desorption 

rgely driven by concentration swing. 

The PSR concept is restricted to low temperatures and easy separation of D from A,B, 

and C. The former is necessary to meet the sorbent capacity requirement, and the latter to 

remove D from the exhaust stream. 

We have shown that the purge-gas flow rate can be used to balance the reaction rate 

and desorption kinetics. The sorbent-to-catalyst mixing ratio and temperature level can 

also be used to achieve this balance. 

ie Skarstrom-cycle is usually applied in pressure swing adsorption to obtain a pure 

product stream only. In this study a large recycle ratio was needed in order to meet the 

required purity. Also the resulting enrichment of A in the exhaust stream was limited to 

approximately 35% (yA(exhaust)Ä; 0.135). There is a great deal of room for improve-

oth the PSA and PSR in this study: a co-current depressurization step may be 

included to increase the fraction of A in the exhaust stream (Cen and Yang, 1986). This 

mprove the purity of the low pressure product stream which contains the adsorbed 

com lonent. A co-current depressurization step in the PFR & PSA in series configuration 

seems very beneficial. However, co-current depressurization, will have a negative effect 

on tr : sharpness of the concentration front, and the purity of the high pressure product 

n will be compromised. In the PSR studied, the desired reactant A is accumulated 

in the reactor. A co-current depressurization step will be effective in a further removal of 

B in the reactor. A larger part of the desired reactant is, however, accumulated in the gas 

pha.v instead of in the adsorbed state and will be swept out by the purge gas rather than 

converted. For the PSR, variation of purge-gas flow velocity within the purge step can 

be u ;ed to tune the corresponding residence time of the reactants during the regeneration. 
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However, the use of more sophisticated pressure swing cycles is beyond the scope of this 

work. 

The PSR concept can also be used to improve an existing PSA separation application. 

The inclusion of a catalyst will lead to a more thorough regeneration in a shorter regen

eration time. Furthermore, systematic variation of the adsorption capacity has shown that 

due to a more thorough regeneration, the requirements on sorbent capacity for the required 

separation can be relaxed. Finally, a reactive purge gas will increase the recovery of the 

components in the product stream. 

3.7 Conclusions 

In this work we have addressed the use of a packed bed filled with a mixture of a sorbent 

and a catalyst, and operated in a pressure-swing mode. The PSR concept is compared to 

both a plug-flow reactor (PFR), a pressure-swing separation, and a plug-flow reactor in 

series (PFR & PSA). In the case presented here, the unit is used to carry out the reaction 

scheme A H? B ±? C. The feed stream is a mixture of A and B, and the objective is 

to remove A from the feed by selective adsorption, and then to introduce reactant D to 

selectivity react A and D in the B-depleted reactor. 

As a reactor, we have shown that the superior selectivity performance of the PSR 

concept was seen for realistic sorbent properties, and hence the PSR concept is viable in a 

practical sense for low temperature reactions in particular. 

As a separator, the inclusion of a catalyst will allow sorbent regeneration to be earned 

out in a time close to the theoretical minimum, which leads to a factor « 3 improvement in 

the productivity compared to the PSA. The productivity is, however, lower than that of the 

single PFR unit. 

A maximum conversion level in the PSR is obtained when the sorption kinetics and 

the reaction kinetics are balanced. 

For the realistic parameters (PSR case I) in this study, the selectivity at maximum 

achievable conversion in the PSR is just higher than the PFR or PFR & PSA. These pa

rameters limit the region where optimal conversion and a small selectivity improvement 

are combined. In the case of larger sorbent selectivities and higher sorbent capacities, the 

selectivity enhancement of the PSR at optimal conversion increases. 
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Notation 

All symbols used are grouped in this section. In the third column the unit is given for 

symbols containing dimensions. For dimensionless symbols the definition is given. 

Roman 

A, amount of component (' inside the reactor eqn. 3.18 

b adsorption affinity Pa"1 

D, 

FA 

axial dispersion coefficient 

axial flux of component A 

? - 1 
ITTS 

av.vA P 32VA 

dx Pe dx2 

J,(s) cumulative flux of component i in stream s eqn. 3.8 

k reaction rate constant mol kg c~' s^1 Pa~' 

Kj amount catalyst & catalyst activity 
e'p'kjP^LRT 

eg^hi2hv(prod) 

K] adsorption rate constant s"1 

L reactor length m 

P 

P 

Pe 

pressure 

dimensionless pressure 

axial dispersion coefficient 

Pa 
P 

Aiigh 
v(prod)L 

£>ax 
Pr productivity eqns. 3.12,3.13 

P purity of stream s with respect to 

component ; 

eqns. 3.14,3.16 

q solid phase concentration mol kg~' 

R gas constant J m o r 1 KT1 

ft recovery of component (' in stream 5 eqns. 3.15,3.17 

R1/R2 

SA 

reaction selectivity 

desorption flux of component A 

eqn. 3.11 

Ya a e A 

t time S 

T absolute temperature K 

V superficial gas velocity m s - 1 
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X 

XA 

length 

conversion of A 

v(prod) 
z 
L 
eqn. 3.10 

y molar gas fraction -

z axial distance from reactor feed m 

Greek 

ê volume fraction of phase j m j mto.3al 
e, amount adsorbed 

m j mto.3al 

V,/ 

P 

I 

Sdeprc 

Spres 

o, 

x;1 

adsorption equilibrium 

stoichiometric coefficient of component i 

in reaction j 

mass density 

time 

depressurization rate 

pressurization rate 

adsorption rate 

amount adsorbent & capacity 

V purge flow 

Q pressure ratio 

Superscripts 

* equilibrium value 

a adsorbent 

c catalyst 

gas phase 

sat saturation 

Subscript* 

i component (A,B.CD) 

j reaction (1,2) 

ads. adsorption step 

Phizhbi 

kg m 3 

fv(prod) 
L 

' l o w ' h i g h 

Pingh v(prod)rdepres 
' n i g h ' l o w L 

Phigh v(prod)?, 

v(prod) 
£apaqfRT 

e^high 
v(purge) 
v(prod) 
' l o w 

pres 
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de] ;s. depressurization step 

high upper pressure 

low lower pressure 

pri pressurization step 

pu purge inlet stream step 

merits 

exh. exhaust stream at Piow 

pr< product stream at Ph;gh 

feed feed stream 

purge inlet stream 

PSR pressure swing reactor 

PFR plug flow reactor 

PSA pressure swing adsorber 





Chapter 4 

peration of Exothermic Series Reactions in Pressure 

Swing Adsorptive Reactors 

In the present work we evaluate the use of adsorptive reactors, combining reaction and in 

situ separation by adsorption, to enhance the selectivity toward B in sequential, irreversible 

reactions of the type A —> B —> C. 

In the case investigated a feed mixture consisting of A in excess B is fed at high pres

sure whereby component A is adsorbed in order to separate it from B. In a subsequent 

re e step A is desorbed at low pressure and may react with purge gas D. In this way 

the co version of species B is effectively counteracted. 

Temperature may affect the intrinsic catalyst selectivity, it influences the sorbent ca-

paciiv rmd it may allow for more efficient sorbent regeneration. The net effect can not 

be assessed intuitively and thus - following previous work on the use of the PSR under 

isothermal conditions - we have now incorporated explicitly the temperature gradients that 

develop as a result of the exothermicity of the reaction and adsorption. We have also 

the various cooling strategies that may be adopted. A comparison is made be-

ihe PSR and two reference cases: a simple cooled plug flow reactor (PFR) and a 

pre-separation by a pressure swing adsorber (PSA) followed by a PFR. 

i'e show that the adsorptive reactor system can be a viable alternative reactor configu

ration in case of exothermic series reaction as it may allow increased intermediate product 

ity. 

79 
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4.1 Introduction 

Adsorptive reactors provide a means of combining chemical reactions with in situ sepa

ration. In this case the separation principle is selective sorption, whereas in other exam

ples of in situ separation the separation principle may be based on selective permeation 

(membrane reactors), selective evaporation (reactive distillation), or selective dissolution 

(reactive extraction). 

In adsorptive reactors one mostly deals with a physical mixture of a catalyst and a se

lective sorbent. One of the reasons for this is that application of such reactors is limited 

to low temperatures in order to allow for sufficient (physisorption) capacity of the sorbent. 

This often renders the use of catalysts necessary. Following the adsorption step, regenera

tion of the sorbent may be accomplished either by lowering the overall pressure (pressure 

swing) or by increasing the temperature (temperature swing). 

In situ separation may be used to drive equilibrium reactions to completion. This 

principle has been extensively investigated for pressure swing reactors (for an overview: 

see Carvill et al., 1996, or Chapter 1 ). The use of adsorptive reactors for irreversible series 

reactions has received much less attention. Selectivity towards the intermediate product 

in an irreversible series reaction can be enhanced by removal of the intermediate product 

(Chapter 2 and Sheikh et al, 1998) or by reactant storage on the sorbent (Chapter 3). 

For the latter case, we previously evaluated the use of the PSR to carry out the reactions 

scheme A —> B —> C. For a mixed feed stream of components A and B the objective is 

to remove A from the feed by selective adsorption and then to introduce D to selectivity 

react A and D in the B depleted reactor. The applicability of this system was proven for 

isothermal operation. 

In general temperature effects may significantly affect the performance of adsorptive 

processes. In equilibrium controlled PSA processes even small temperature fluctuations 

lead to a lower efficiency as compared to isothermal operation (Unger et ai, 1997). For 

this reason we have further extended previous work on the use of PSR reactors for consec

utive irreversible reactions to exothermic reactions and non-isothermal conditions. Various 

methods have been proposed to absorb the heat released, i.e. by external cooling or by the 

admixing of high heat capacity inert solids to the bed. In the present case we will deal with 

external cooling, by using a multi-tubular fixed bed. Factors investigated are the degree of 

cooling and co-current versus counter-current cooling. 

In general the operation of exothermic irreversible series reactions, like hydrogénations 

and oxidations, may result in run-a-ways and low selectivity. This undesired behavior 
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may be counteracted by staged (controlled) feeding of reactants. Membrane reactors have 

been proposed earlier to this end (Hsieh, 1996). In the concept studied here, accumulated 

iv, : A must desorb from the sorbent before it can react on the catalyst surface. This 

may limit the rise of the reaction rate by controlled addition of reactant and thus reduce 

the cooling requirements. 

'e will demonstrate that the heat generated by exothermic reactions does not neces

sarily render the PSR concept inviable. Temperature can be used as an additional forcing 

function in temperature swing adsorptive reactors, as high temperature purge gas may be 

instrumental in the efficient regeneration of the sorbent. By optimal integration of reac

tive separation and heat integration, considerable room for improvement over traditional 

processes is possible (Yongsunthon and Alpay, 1999). 

In exothermic consecutive reactions the heat of reaction may be utilized to accelerate 

sorbent regeneration, the disadvantage being that the sorbent capacity suffers from any 

temperature rise in the bed. In the present study we have explicitly addressed the temper

ature gradients that develop as a result of the heat of sorption and reaction. This allows us 

to study the net effect of the increased regenerability and decreased sorbent capacity. 

ie performance of a PSR will be bench marked against two reference cases: (i) a 

multi-tubular plug flow reactor (PFR) containing only a catalyst and cooled co- or counter 

currently, and (ii) a combination of a PSA vessel containing a sorbent to separate A, and 

A is subsequently fed to a multi-tubular PFR containing the catalyst. 

wo cases will be reviewed, i.e. case a) where the catalyst selectivity drops with in

creasing temperature and case b) where the catalyst selectivity is independent of tempera

ture. Case a represents a class of reactions were the temperature rise must be restricted to 

maintain high catalyst selectivity in all reactor alternatives. In case b, temperature merely 

has an impact on the sorbent capacity. 

4.2 Reactor Configuration and Process Cycles 

Three reactor configurations are compared in this work as illustrated in Figure 4.1 : (i) a 

PSR reactor where equal volumes of catalyst and adsorbent are perfectly mixed, (ii) a PFR 

with an identical catalyst as in (i), (iii) a PSA with the sorbent followed by a PFR with the 

catalyst. In the latter configuration, the exhaust stream, enriched in A from the PSA is fed 

to the PFR. 

e PSA and PSR units in this study are operated in the single bed version of the 

four step Skarstrom cycle (Skarstrom, 1960)(Figure 4.3). For the PSA, part of the product 
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product 

(i) PSR 

- cyclic operation 

- cooling isco current 

with purge gas 

- pressure swing 

"~'pF^ 

- steady state operation 

- counter or co current 

cooling 

- operation at upper 

pressure 

PFR + PSA 

cyclic operation 

cooling is co current 

with purge gas 

pressure swing 

steady state operation 

counter or co current 

cooling 

operation at lower 

pressure 

^(prod.) =1 

product 

Figure 4.1: Reactor configurations compared in 
this work, (i) PSR, (ii) PFR, (iii): PSA & PFR in 
series. • : sorbent, O: catalyst. 

x = 1 _ _ ( 
VJ/W J l 

_tubes with 
catalyst/sorbent 

-cooling medium 

x=0_ 

Tin.yin 

Figure 4.2: Schematic repre
sentation of the cooled reactor 
model. 

gas is temporarily stored in a well mixed tank. During pressurization/depressurization a 

constant pressure ramp rate was assumed. The gas flow velocities at the product end of the 

bed were fixed. 

The multi-tubular fixed bed reactor consists of tubes filled with catalyst and sorbent 

surrounded by a cooling medium (Figure 4.2). During adsorption, cooling is counter-

current whereas during depressurization and purge it is effectively co-current. 

4.2.1 Model equations 

A reactor model was derived using the following assumptions: ( 1 ) Ideal gas law is obeyed, 

(2) Ideal mixing in the gas phase, (3) Axially dispersed plug flow in the bed, (4) Neg

ligible pressure drop over the bed, (5) Adsorbent and catalyst of constant voidage. bulk 

density and particle size, (6) No radial gradients in concentration, flow or temperature, 

(7) Perfect mixing of the catalyst and adsorbent particles. (8) Adsorption isotherm of the 

Langmuir type, (9) Sorption kinetics are described by the linear driving force model. (10) 

Reactions are first order in reactant partial pressures, (11) The specific time constant for 

catalytic reactions is negligible to that of other processes in the reactor, hence the cata-
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pres 

product 

S I 
(PSA); 

I ^ J 

purge 
(PSR) 

clepres. purge 

Figure 4.3: The Skarstrom cycle for 
pressure swing operation. For the PSA 
S represents a ideally mixed storage tank 
where part of its contents is used as purge 
gas at low pressure. For the PSR compo
nent D is introduced via the purge feed at 
low pressure. 

lyst is assumed to be in a quasi steady state, (12) Thermal equilibrium between gas and 

solid phase, (13) The axial dispersion coefficient is constant, (14) All heat capacities are 

constant, (15) Shaft work is neglected, (16) The adsorption enthalpy is independent of 

coverage. On the cooling system we assume: (17) The heat capacity, flow rate and density 

of the cooling medium are constant, ( 18) The overall heat transfer coefficient is constant, 

(19) The cooling medium moves in plug flow. 

• parametric studies it is convenient to write the governing equations in their corre

sponding dimensionless form. The conditions during the adsorption step (Phigh, v(prod)), 

PSR reactor length (L) and volume based gas phase heat capacity (^p- x CpA are used 

as reference state. All used symbols are listed in the notation section. The single species 

ma lance reads: 

ft 
t.v/pc 

(Fy.) dx 

+V;in +V/.2/-2 

m dx 1 P dx ^ x*i> 
i= 1...N (4.1) 

The o' erall mass balance reads 

3 

*<"> = a, V)-£z?^(e,) 

+ XVMrl +ZV'-2r2 (4.2) 

Ideal gas law: 

P 
p£ = — 

T 
(4.3) 
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Sorption kinetics using the linear driving force model: 

|c(e,) = o /(e;-e,) (4.4) 

The sorption equilibrium using the single component Langmuir isotherm: 

(4.5) 

(4.6) 

(4.7) 

0 , K/K-1-0, ,P 

l + K,eß'(T-Ov,-P 

The reaction rates: 

n ^ e - ß U - r - O ^ D P 2 
for: A + D-ïB 

r2 = A: 2É' _ | 32(T- 1 )V B ) ,Dp 2 for: B + D-^C 

where ß*j < ß | for case a and ßj = ß!j for case b. 

The energy balance: 

f « -a -c NT *n\
 3 T P8 32T r ^ T 

AÏ+XvMj+I>u(T-inr, 

A|.+ Xvi,2J+Xv^(T-l)U 

36* 

r ( T - T w ) 

Ä 3P 
(4.8) 

The reaction enthalpy term is split into three terms. This somewhat unusual form results 

from the assumption of constant molar heat capacity of the gas phase. The Ac: term repre

sents the true change of enthalpy in the system due to reaction. The X;V;j term represents 

the enthalpy loss due to the net consumption of moles at Tref. Since one mole of species 

represents an energy of CpgT a net consumption of moles will have a net temperature ef

fect even if AH? is set to zero. The X,-v,-j (T — 1) term reflects the temperature dependency 

of the reaction enthalpy. 

The energy balance over the cooling medium reads: 

A (Tw) = -vi/w ~ (Tw) + — E w r (T - Tw) (4.9) 
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Tabie 4.1: Boundary conditions for the reactor model. 

pres. ads. depress. 
x = 0 x - 1 x = 0 x = 1 A- = 0 x = 1 

purge 
JC = 0 A - = l 

(a) (a) (b) (c) 
eqn. 4.2 F = 0 eqn. 4.2 F = l eqn. 4.2 F = 0 eqn. 4.2 F = - \ | / 

(purge) 
(d) (d) (e) (f) 

Tw (g) (g) (g) (g) 
x=0 x=l 

p^K(yi)=PemF(yi-y,(ked)) 

| ( > v ) = o | ( > v ) = o 
pg| (v , )=Pe mF(v,-y , (purge)) 

(d 

(e) 

| ( T ) = f t h F ( T - T ( f e e d ) ) | 0 0 = o 
| ( T ) = 0 

(f) | ( T ) = 0 ! ( T ) = / ¥ h F ( T - T ( p u r g e ) ) 

eqn. 4.9 T w =T w ( in ) 

The ; s sure ramp is imposed: 

dP 

dx - Çpre 

vP 

dx 

p = 1 

^depress 

P = Q 

pressunzation 

adsorption 

depressurization 

purge (4.10) 

boundary conditions are given in Table 4.1. The PFR model is the steady state 

equivalent of the PSR model at the adsorption stage. The PSA model is identical to the 

PSR Hiodel without the reaction terms. 

4.2.2 Performance indicators 

The : formance indicators used for all units are the conversion of A (XA), the reaction 

selectivity (R1/R2) and the productivity (Pr). The performance of the various reactor con-

figurations will be compared on the basis of equal reactor volumes. This will be discussed 

in Section 4.5.1. Thus the productivity is based on the amount of feed gas processed and 

multiplied by the reference state f I s r *"gh ) n a s u n ' t s °^ m°l(feed) s~' m~3 . Further 

performance indicators are the product stream purity of A over A,B & C (PuA), and the 
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recovery of B (RVB). The definitions of these indicators are given below. 

The cumulative flux of moles and enthalpy of a component in a stream are defined as 

an auxiliary variable: 

//(stream) = / ±yiFx=0/\x=idT (4.11) 
'cycle 

ß(stream) = / ±FTx=0Ax=]d% (4.12) 
•'Tcycle 

where the cycle time is given by xcycle = Tprcs + Tads + Xdepres + Tpurge- T h e n e t consumption 
of a component over one cycle is given by: 

AJt = Ji (feed) - ƒ, (product) + /, (purge) - /,• (exhaust) (4.13) 

The amount of enthalpy released due to reaction: 

Qj,rcac= A^Rjdxdx (4.14) 
lx cycle 

The amount of enthalpy released by adsorption: 

3 
QiMs= %-Af—{qj)dxd% (4.15) 

cycle ' 3x 

The amount of enthalpy removed by the cooling medium: 

ßcooi=/ fr(T~Tw)dxdx (4.16) 

The net change in enthalpy over one cycle is given by: 

Aß = ß(feed) - ß(product) + ß(purge) - ß(exhaust) 

+ % ßj\reac + £ ß*,ads " ßcool (4.17) 

j i 

The performance indicators defined in terms of J and Ai are: 

A/A 
X A = TKfeed) (4-18> 

_ / D A./A Jw l e Jo KiyAyDPdxdT 
R\/Ri = xy - = 7 ^ n (4-19) 

A i c I,cycltJoK2yByDPdxdx 

Pr(PSA) = ^ ^ M ^ l ( 4 2 0 ) 

•̂cycle 
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ZV(PFR) = S Fx=o>v(feed) (4.21) 
;=A.B 

Pu A(prod.) = - MV™^ (4.22) 

= ^B(Prod.)-/B(purge) forpsA 

7B(feed) 

The inventory of species i in the vessel is given by: 

At= f (X*Qi+yiPë)dx (4.24) 
Jo 

QA = f ' ( p« + Ea + ~c + Xx/6/ J tdx (4.25) 

The total cooling duty removed by the coolant in Joule per cycle is given by: 

vwpwCp"T„s[ (T"\x=0-Tl)dT 

The energy fluxes in and out of the reactor are measured by dimensionless numbers F T 

nount of heat transfered to the cooling medium is: 

with regard to the reactor reference AL-^f^CpëTre(. Using this reference, the dimension-

Awv(prod) pwCpw f „ , , Duty = IP V J> / v w ( r •%) (4.26) 

«'rcf r 

4.3 Numerical solution of the model 

The model was implemented in gPROMS version 1.6F (Process Systems Enterprise Ltd, 

London, UK). Discretization of the axial domain was implemented using an upwind scheme 

on a staggered grid, y, and Tw were discretized using the second order scheme (Table 1 in 

Gaskell and Lau, 1988) and T was discretized using the first order scheme. 

The energy balance equation is not written in flux notation since it is expressed in 

temperature and not in enthalpy. However we wish to substitute the boundary conditions 

into e nergy balance for the first and last grid cell. This requires a flux term. Therefore the 

convective flow term was rewritten as: 

F | - ( T ) = | - ( F T ) - T | - ( F ) (4.27) 
ox ox ox 

Where T in the first term on the right hand side is approximated using an upwind scheme. 
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pg appears in the accumulation term in the overall mass balance and is therefore in

terpreted by gPROMS as an differential variable. However p° is calculated using equation 

4.3 which yields a value for pg and not for ^ (p°). This results is a model with a too high 

index and is circumvented by implementing the time derivative of equation 4.3: 

In the component balance pg is defined at the interface of the volume and was approx

imated by the average of the values in the adjoining volumes. 

An IBM RS6000 SP2 platform and a Pentium III PC were used in the simulations. 

The initial state is a vessel completely filled with reactant D at the lower pressure. The 

relaxation to cyclic steady state is calculated by successive integration. Convergence to 

the cyclic steady state is assumed on the basis of the following balances: 

X-V/.,A/,=0 \/j 
i 

and the convergence of Aß to zero. Convergence was assumed when the residues equaled 

1CT7 (10 times the integration accuracy). 

All results shown for the counter-currently cooled PFR were simulated by a dynamic 

model, thereby establishing its stable character. The approach to steady state was checked 

by comparison with a steady state model. In both cases, data at all conversions are 

obtained by continuous adjustments of 0.1 per cent on F | v = l . Typical relaxation times 

were less then 2 x. For the cases of multiplicity shown here, the transition from one branch 

to another could be simulated by the dynamic model. The steady state model did not 

converge to a solution on another branch starting from a different one. 

4.4 Model parameters 

The values of the dimensionless parameters used throughout this work are listed in Table 

4.2. In this section they are derived. 

The reactor model is based on the isothermal case studied previously (Chapter 3 and 

most model parameters used are taken from this study. These and all additional parameters 

are listed in appendix 4A. The magnitude of the dispersion coefficient and bed conductivity 

are such that convection is the dominant heat and mass transfer mechanism. 

Water has been assumed as the cooling medium. The overall heat transfer coefficient 

(£/) was set at 50 W m"- K"1 in the base case. This value is reasonable within the values 

found for PSA system in literature which range from: 0.028 (H2/CH4 PSA Kumar, 1094), 
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Table 4.2: Parameter values used in the simulations.3 

Symbol PSR PFR PSA Symbol PSR PFR PSA 

' D 20 40 Pem 200 200 200 
10 10 ft>h 600 600 600 

KB 

KC 

2 
1 

2 
1 

a 
Spres 

l 

I 
3 

l 

I 
3 

KD 0 0 yA(feed) 0.1 0.05 0.1 

..B 1.33 1.33 yB(feed) 0.9 0.45 0.9 
0.67 0.67 yc(feed) 0 0 

K 0 0 yD(feed) 0 0.5 

..D 0.5 0.5 Tln 1 1 1 
8 8 ''•ads (c) (c) (c) 
4 4 Sdepres 

l 
"3 

i 
3 

~^ 150 300 Spurge 

\|/(purge) 
(d) 
(f) 

(e) 
2000 4000 

Spurge 

\|/(purge) 
(d) 
(f) ig 

3 200 400 ^A (purge) 0 Pu A (prod.) 
6.7 6.7 yB (purge) 0 PuB (prod.) 
150 300 vc (purge) 0 
(b) (b) yD (purge) 1 
8 8 T,„ 1 1 

r (h) (i) (h) in 1 1 1 

S 1 1 1 xf 10 (i) 10 
•—W 1719 1719 1719 cooling mode (k) (i) (k) 

a: All values of the varied parameters are listed in the footnotes to this table. 

b: for case a: ß*j =6, for case b: ^=8 

c: The step is terminated when the following criterion is met: Pu^prod.) > 5 10~6 

d: The step is terminated when the following criteria are met: A\ < 10~3 and QA < 310 

e: The step is terminated when the recycle ratio reaches a pre-set value: 
irge)/I7(prod.). values used: 0.4, 0.5, 0.6, 0.7 

f: Values used: \|/(purge)= 0.1666,^0.333, 0.666, 1.666, 3.333, 5, 6.666, 15, 16.666, 
3,50,66.666 

g: Optimal value see Figure 4.9 

h: Values used: F = 0 , ^ 2.6.32,20,63.2,200.632.2000,» 

i: Values used: F = 2105,5104,3104,2104
; 104,2103,0 

j : Values used: \f= 1, 10, 25, 102, 104 

k: Co-current flow of cooling medium with the purge gas 

1: °>oth co- and counter-current flow of cooling medium are tested 
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2.016 (0 2 VSA Kumar et ai, 1994) and 150.5 (H2/N2 PSA Kumar, 1994). Combined with 

other parameters listed, this yields a value of 33 for the cooling capacity (T). The value 

for r have been varied over a wide range around this value of 33. 

To cover the entire range from near-adiabatic to isothermal operation, we have in s-

pendently varied the cooling capacity (T) and the residence time of the cooling medium 

(Ow). In practice, enlargement of cooling capacity while keeping the residence time and 

total cooling flow constant may be accomplished by using a larger number of narrower 

tubes. 

4.5 Results 

The performance of the PSR will be compared to the two reference cases, and evaluate in 

terms of integral (cycle-averaged) reactor selectivity, productivity and the cooling capacity 

required. In this comparison we will incorporate two sets of kinetic constants for ie 

consecutive reaction at hand: one case where the intrinsic catalyst selectivity drops or 

increasing temperature and one case where this selectivity is temperature invariant. Finally 

we will compare the performance of the PSR for the two sets of kinetic constants (ca a 

versus case b). 

In order to compare the PSA and PSR at equal impurity level in the (high press e) 

product stream, we coupled the duration of the adsorption step to the purity of this str, 

Thus, the adsorption step is terminated once the pre-set impurity level (5 ppm) of the IP 

product stream is reached. Therefore we have not assessed the recovery and product; ly 

as a function of the impurity level. In the PSR, the regeneration of the sorbent and co< 

down of the unit are required to maintain sufficient sorption capacity. Similar to the p 

condition mentioned before, this prerequisite was imposed directly. The purge step time 

was terminated once the regeneration was nearly complete and the bed sufficiently coo d, 

In this work, performance in the cyclic steady state is considered only. For son ;t 

the cases presented here, the convergence towards the cyclic steady state is not straigh 

ward. The characteristics of these cases are discussed in appendix 4B. 

4.5.1 Comparison basis for reactor alternatives 

In the non-isothermal case we need to reconsider the matter of the comparison basis for 

these reactors. For the PSR, we have consistently assumed a total volume VR, with the 

volume fraction taken up by the catalyst and the sorbent each being 0.5. For the PSA & 

PFR and the single PFR two options exist: 
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i The PSA (filled with adsorbent) and PFR (filled with catalyst) each take up a volume 

equal to 1/2VR and the single PFR takes up a volume equal to 1/2VR. In this case 

the volumes of catalyst and/or sorbent are equal for all reactor configurations. 

i The PSA (filled with adsorbent) and PFR (filled with catalyst) and the single PFR 

each take up a volume equal to VR. In this option the residence time is equal for all 

vessels. 

In the one-dimensional model at hand, reactor volume is linked to reactor length. In option 

a), the reference flow rate is divided by two to maintain an equal residence time. Since 

the axial dispersion coefficient is assumed constant, the Peclet numbers are altered. For 

both options, the resulting parameter values are given in Table 4.3. In the isothermal PSA 

1er 3) option b proved to be only slightly superior whereas in the adiabatic PSA 

option b significantly outperformed option a. Therefore, equal reactor volume (option b) 

was chosen as the basis for comparison in this work. 

Performance: selectivity 

The conversion vs. selectivity of each of the three reactor configurations is compared in 

Figures 4.4 and 4.5. For each configuration we have analyzed the impact of the reaction 

kinetics (case a and b, Table 4.2) and used the options: adiabatic operation, isothermal 

operation and (finite) cooling. 

ir the PSR, selectivity does not decrease monotonically with conversion, but a distinct 

optimum conversion exists. In the optimal case the sorption flux and conversion rate of 

component A are balanced throughout the regeneration (Chapter 3). Lower conversions 

result from additional slip of unreacted A. A too high purge gas flow rate causes slip during 

the reaction whereas a too low purge gas velocity causes significant slip before the reaction. 

1 hie 4.3: Comparison of reference cases for PSA and PFR with the PSR. 

comparison ea ec L v(prod) Pem Peh Ki <i> xä r 
basis (-) (-) (m) (ms"1) (-) (-) (-) (-) (-) (-) 
PSR (VR) 0.3 0.3 1 0.1 200 600 2000 0.5 20 20 
PSA 

l/2VR 0.6 - 0.5 0.05 50 300 - 0.5 40 10 
VR 0.6 - 1 0.1 200 600 - 0.5 40 20 

1/2VR - 0.6 0.5 0.1 100 300 4000 - - 10 

R - 0.6 1 0.1 200 600 4000 - - 20 
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Figure 4.4: Integral reactor selectivity 
(as defined in eqn. 4.19) versus con
version of species A. Case (a): Intrinsic 
catalyst selectivity decreases for higher 
temperatures. Upper left: isothermal, 
Upper right: cooled (T=63.2), Lower left: 
adiabatic. Legend: continuous line PSA & 
PSR, dotted line PFR, A: PSR. The lines 
were obtained by varying F at x = 1 for the 
PFR and PSA & PFR. Parameter values: 
see Table 4.2. The arrows indicates the se
quence of the markers for the PSR. This 
sequence corresponds to the sequence of 
values for \|/(purge) listed in Table 4.2. 

Complete conversion can never be obtained since slip of unreacted A is unavoidable during 

the depressurization step. 

For all cases the PSA & PFR outperforms the single PFR. For moderate and low con

version the highest reaction selectivity is obtained for PSR. but for high conversion —in 

part not achievable in the PSR— the best selectivity is obtained in the PSA & PFR. When 

going from adiabatic, to cooled and finally isothermal operation, the performance of the 

PSR gradually improves over the PSA & PFR concept, albeit for a still limited conversion 

range. 

When the intrinsic catalyst selectivity drops with increasing temperatures (case a, Fig-
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Figure 4.5: Integral reactor selectivity 
(as defined in eqn. 4.19) versus conver
sion of species A. Case (b): Intrinsic cat
alyst selectivity is independent of tem
perature. Upper left: isothermal, upper 
right: cooled (r=63.2), lower left: adi-
abatic. Legend: continuous line PSA & 
PSR, dotted line PFR, A: PSR. The lines 
were obtained by varying F at x = 1 for the 
PFR and PSA & PFR. Parameter values: 
see Table 4.2. The arrows indicates the se
quence of the markers for the PSR. This 
sequence corresponds to the sequence of 
values for \|/(purge) listed in Table 4.2. 

u 1.4) one may observe that the PSA & PFR outperforms the PFR under all circum-

es. However, the relative positions of the PSA & PFR and the PSR with regard to the 

:rsion-selectivity behavior are changed. Again, achievable conversion in a PSR is re

stricted, but for a significant range of conversions the selectivity of the PSR is superior. As 

lit the operating window for selectivity enhancement widens for the non isothermal 

operation compared to the isothermal case. Especially for the cooled reactor shown for 

ase, the PSR behaves close to its isothermal behavior whereas the PSA & PFR and 

the PFR behave nearly identical to the adiabatic case. This results in a substantial enhance

ment of reaction selectivity for the PSR compared to the other reactor configurations. 
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0.0 0.2 0.4 0.6 0.8 1.0 

V(-) x A / ( -

Figure 4.6: The influence of cooling capacity on reactor selectivity (left) and temper
ature (right) for the cooled PFR. The lines are obtained by varying F @ x=l. Legend: 
continuous lines: co-current, dotted lines: counter current; (a): isothermal, T = (b):2 105, 
(c):5 104, (d):3 104, (e):2 104, (f):104, (g):2 103, (h): adiabatic; \|/w=100. 

4.5.3 Cooling strategies 

In the previous section we have compared reactors at equal cooling capacity. Now we will 

demonstrate the impact of varying cooling capacity (T) for each reactor individually. This 

allows us to quantify which cooling requirements are necessary to operate the unit. For 

all reactors alternatives the temperature rise should be restricted and general heating of the 

cyclically operated units should be avoided. 

PFR For the PFR the influence of the cooling capacity for case a is shown in Figures 4.6 

and 4.7 were the influence of cooling capacity (T), coolant flow rate (\|/w) and operating 

mode (co- versus counter-current) are shown. 

Figure 4.6 shows that nearly adiabatic operation is obtained for T < 2 103 whereas 

isothermicity is obtained for T > 2 105. Figure 4.7 shows that for the case with T= 2 104, 

\|/vv= 10 and co-current cooling, the maximum temperature rise is approximately 100°C 

(Tmax=1.35). This case represents approximately the minimum cooling required for the 

PFR. Surprisingly, co-current coolant flow is preferable in this case since the tempera

ture rise is lower compared to the counter-current case. Furthermore, stable operation is 

obtained under all conditions for co-current cooling, whereas this does not hold for the 

counter-current cooling mode. 
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Figure 4.7: The influence of the cooling medium flow rate on reactor selectivity (left) 
am' temperature (right) for the cooled PFR. The lines are obtained by varying F @ x=l. 
L rid: continuous lines: co-current, dotted lines: counter current; (a): isothermal, \j/w= 
(b 04, (c):102, (d): 25, (e): 10, (f): 1, (g): adiabatic, T = 2 104, The + marks on lines (d) 

;)for counter current mode are borders of a region with multiple steady states. The 
box in the top figure shows the region shown in Figure 4.8. 

Figure 4.8: Inset to Figure 4.7 (left). 
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Contrary to a non-reacting fluid in a heat exchanger, the "hot stream" of reactive gas 

heats up while flowing through the reactor and will reach its highest temperature near the 

reactor outlet. The coolant medium is heated near the product end (x=l ) of the bed. In case 

of counter-current cooling and a large heat transfer coefficient, the coolant temperature 

may significantly exceed that of the feed gas at the feed position, in which case it becoi 

a dominant heat source rather than a sink. The result is a temperature rise of the feed 

gas and a temperature excursion may occur. Since this heat is generated by the reaction 

itself near the product end an in situ feed-effluent heat exchanger (FEHE) is obtained. 

Non stable behavior in FEHE systems is well known (Bildea and Dimian, 1998) and is 

also shown in Figure 4.7. As a result in some cases not all conversions are obtainable 

under counter-current cooling and the reactor may jump to the ignited state when perturbed 

during operation. 

PSA In Figure 4.9 the recovery of product B is given for a PSA versus the purge gas flow 

rate (\|/(purge)) and the recycle ratio ( M f e g r ) , for isothermal and adiabatic operation. 

The optimal purge gas flow rate is \|/(purge) = j for all cases shown. The minimum recycle 

ratio of purge gas required to obtain a preset impurity level of A in the product gas B is 

lower for isothermal than for adiabatic operation. For instance when we allow only 5 ppm 

A in the product gas B, the recycle ratio required for isothermal and adiabatic operation 

are 0.5 and 0.6 respectively. For lower recycle ratios the required product purity level c in 

only be met at the expense of the product recovery, which then sharply decreases. 

At the optimal purge gas velocity (y (purge) = i ) but a purge time in excess of what 

u.a 

- . - O - — G - _ 
G "G. 

^^ 0.4 ~o 
•— B - B - — D ~ - Q — Q _ 
- — 1 

B - B - — D ~ - Q — Q _ 

,—, - • T3 
O 0 3 
a. 

m > * - - T 
CL 0.2 

A 

0.0 0.5 1.0 1.5 

y(purge) / (-) 

2.0 

Figure 4.9: Recovery of product B ver
sus the purge gas velocity for different 
recycle ratios. Legend: Open mark
ers isothermal, filled markers adiabatic. 
Recycle ratio: XJ(purge)/XJ(prod)=A:0.4, 
O:0.5, D:0.6,V:0.7. 
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Hired to reach the preset purity level ( | ^ ^ y = 0.6;0.7^ the performance of the 

isothermal and adiabatic case are nearly equal and not affected by temperature gradients 

and thus the cooling requirements are much less stringent. The PSA operated at minimum 

!e ratio is in particular sensitive to \|/(purge). 

The performance of the optimally operated cooled PSA (\|/(purge) = | , ^' (,p"^e) = 

0.5 ) is sensitive to the cooling capacity (T) and the purge gas velocity (\|/pllrge)- The 

influence of cooling capacity (T) for this case is shown in Figure 4.10. The variation of the 

amount of species A accumulated (AA/AB) and the recovery of B (RvB) with the cooling 

capacity (T) are similar. Thus by enlarging the cooling capacity the accumulation of A in 

the unit is increased, thereby improving the recovery of B. Temperature gradients hardly 

in] nee the overall performance for cooling capacities above F « 60 and therefore this is 

approximately the minimum cooling requirement to ensure optimal operation for the PSA. 

es with r > 60 are not the trivial case of near-isothermal operation. For all cases 

;n Figure 4.10 maximum temperature excursions are T=1.03 (pressurization) and 

T=0.97 (depressurization) in a large part of the reactor. Only for cases with V > 60, the 

g capacity is sufficient to cool the adsorber to T « 1 during the adsorption step and 

idsorption capacity is used during the adsorption step. 

PS] Figure 4.11 shows the conversion vs. reactor selectivity of the PSR as a function 

of tl cooling capacity (T) for the two cases at four values of the purge gas flow rate 

Ml rge))- The isothermal and adiabatic operating lines connecting cases at different 

purge gas flow rates are included as reference in the figure. The unit is operated nearly 

0.6 
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> 
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Figure 4.10: Recovery of product B 
and accumulation of A versus cool
ing capacity of the optimally oper
ated PSA. Case: XJ(purge)/£J(prod)=0.5, 
y0purge)=l/3. Legend A: RvB(prod.), V: 
AA/AB at the end of the adsorption step. 
The filled markers on the left and right 
vertical axis represent the adiabatic and 
isothermal cases respectively. 
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isothermally at cooling capacities above T=2 103 and nearly adiabatically below V = 2. 

This range corresponds to that of the PSA and is orders of magnitude lower than that 

for the PFR. The transition from isothermal to adiabatic is not smooth, suggesting that 

several underlying phenomena govern the overall performance. The cooled PSR may show 

superior selectivity as compared to its adiabatic and isothermally operated versions (see 

Figure 4.11, series ii, series iii(O) and iv(O) ). Figure 4.11 is key to the formulation of 

minimum cooling requirements for the PSR, it will be discussed in more detail below. 

The maximum conversion shifts to higher purge gas flow rates in the adiabatic case 

compared to the isothermal case. This is illustrated in Figure 4.12 where the reactor pro

files are compared for the isothermal and adiabatic case at equal purge gas flow rate. In 

the case shown, the desorption flux exceeds the rate of conversion of A near reference 

temperatures. In both the isothermal and the adiabatic case, near the feed end (x PSO.7), a 

significant portion of desorbed A is not converted but moves towards the product end (x=0) 

of the reactor. In the adiabatic case the temperature gradient in the reactor bed ensures an 

additional conversion towards the product end. This is clearly illustrated by the reduced 

0.5 

0.0 
0.4 0.5 0.6 0.7 0.8 0.9 

V(-) 
0.4 0.5 0.6 0.7 0.8 0.9 

x A / ( - ) 

Figure 4.11: Integral reactor selectivity versus conversion of A for a cooled PSR. Left: 
case a, Right: case b. Legend: continuous lines, variation of \j/(purge), data previously 
shown in Figure 4.5 and 4.4: a: isothermal, b: adiabatic dotted lines with markers: 
variation of T at \|/w=10 (values of T see Table 4.2). Series at different purge gas flow 
rates \|/(purge): i.O: 0.666, ii,V: 6.666, iii,o: 33.333, iv,A: 50. The arrows indicates the 
sequence of the markers for the PSR. This sequence corresponds to the sequence of values 
for T listed in Table 4.2. 
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flux of A in the reactor. Therefore the overall conversion is higher despite the fact that 

sorption and reaction are not balanced at feed temperature. 

For series i, ii and iii of case a in Figure 4.11, the accumulation of A and the integral 

reactor selectivity versus cooling capacity are shown in Figure 4.13. The influence of the 

cooling capacity on the accumulation of A (AA/AB) is similar to that of the optimally 

operated PSA (compare series V in Figures 4.13 and 4.10). The degree of accumulation is 

higher in the PSR compared to the PSA, as is explained below. 

The PSR is more thoroughly regenerated compared to the PSA since component B is 

smoved. In the PSR, both the sorbent is regenerated and the temperature is restored, 

operation guarantees a sufficient sorbent capacity at the onset of adsorption. Temper-

effects in the adsorption step are largely due to the heat released by adsorption of B 

'iressurization step, 

lie regeneration step, a part of the reaction heat is used to provide the heat for 

•ion. Table 4.4 shows that the enthalpy required for desorption is an significant heat 

sink for the reaction enthalpy. 

-eries i, the variation of the integral reactor selectivity (Ri/R2) with respect to the 

ig capacity (T) can solely be attributed almost entirely by the degree of accumulation 

of A in the adsorption step. Except for the amount flushed out, before full penetration of 

re ant D, all A and B present at the end of the adsorption step are fully converted. The 

1.3 
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Fi 4.12: Profiles in the PSR during regeneration in the isothermal (left) and adi-
ab£ iright) case. Legend: • : dimensionless temperature (T), O; desorption flux of A 
(S T: reaction rate 1 (n), 0: flow of A (FA). Parameters: Series iv from Figure 4.11 
(\|f(purge)=50), time: 1 xxads into the purge step. 
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Figure 4.13: Integral reactor selectiv
ity and accumulation of A versus cool
ing capacity (case a). Upper left: 
V(purge)=0.6666 (series i), upper right: 
\|/(purge)=6.666 (series ii), lower left: 
V(purge)=50 (series iii). For series: see 
Figure 4.11. Legend: V: AA/AB at the 
end of the adsorption step, o : R,/R2, The 
filled markers on the left and right vertical 
axis represent the adiabatic and isothermal 
cases respectively. The scale of the right 
vertical axis is adjusted to put the markers 
of T and • for the isothermal case on the 
same spot. 

Table 4.4: Comparison of cumulative reaction enthalpy released and adsorp
tion enthalpy consumed during regeneration for selected PSR cases. 

Cumulative enthalpy of 
V(purge) r tf reaction3 adsorptionb 

adsorption / reaction 
0.6666 (series i)c 0 8 47.3 18.0 0.382 
6.666 (series ii) 63.2 6 124.6 26.4 0.212 
33.33 (series iii) 632 6 76.2 27.4 0.319 

50 (series iv) 63.2 6 57.4 26.8 0.467 
a: Defined as: j J = ! J I J ^ ^ IxA)Rjdxdxdj 

b: Definedas: Jl=l23 . / ^ ^ fxXfAf - £ (q,)dxdxd, 

c: The series are shown in Figure 4.11 
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resulting conversion and selectivities are determined by the amounts of A and B present in 

the reactor once D is present. 

For series ii and iii, when reducing the cooling capacity, the decrease in integral reactor 

selectivity is larger than the decrease in accumulation of A. This can be explained using 

re 4.14. In series iii and iv the purge gas flow velocity is too high. Near the feed end 

of the bed (x=\ ) the conversion rate of A (n ) is largely dictated by the desorption flux of A 

Due to the increased temperature near the product end (x=0), part of the previously 

de bed A is converted. However the conversion rate of A is restricted by the amount 

of A present and is weakly dependent on temperature. For reaction two fo) a different 

situ.,; ion is encountered. Here the desorption flux of B is larger than the conversion rate of 

B. Therefore r2 depends on flow, temperature and the molar fraction of B in the gas phase 

and the increased temperature near the product end of the bed (x=0) has a strong effect 

on n Overall, the temperature increase results in an increase in r? whereas rj is limited 

by the low amount of reactant A present in the gas phase. As a result on decrease of the 

cooling capacity (T), the drop in R1/R2 is larger than the decrease of the amount of species 

A accumulated during the adsorption step (AA/AB). 

re 4.11 shows that the decrease in integral reactor selectivity and the increase in 

conversion of A result in an overall performance close to the isothermal operating line for 
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Fig«,••> 4.14: Profiles in the cooled PSR during regeneration. Left: component A, 
right: component B. Legend: • : dimensionless temperature T, O; desorption flux (top: 
SA, bottom: SB), • : reaction rate (top: n , bottom: n) 0: flux (top: FA, bottom: FB), 

-ri (bottom only). Parameters: Series iii, V|/(purge)=33.333, T=63.2, \|/(purge)=10, 
time: I xxads into the purge step, (for series: see Figure 4.11) 
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cooling capacities up till the case T=63.2. For case b the overall performance can even 

exceed that of the isothermal case. This shows that the cooling requirements is equal to 

that of the PSA. 

4.5.4 Performance: productivity 

For isothermal systems we have previously demonstrated that the productivity of a PSR 

may be up to a factor of three higher than the corresponding PSA & PFR configuration. 

This is related to the conversion of A in the purge step, leading to a fast desorption and 

thus to very efficient regeneration of the sorbent in a purge time close to the theoretical 

minimum value. 

For non isothermal operation, the purge step must be continued until both the sorbent 

is regenerated and the temperature in the bed is sufficiently low to allow the adsorption 

cycle to be started. When the time necessary to cool the bed is limiting an extended purge 

time is required, leading to a dramatic drop in productivity. When one would revert to a 

shorter purge step, the overall heating of the bed would results in a severe loss in adsorption 

capacity. 

When comparing the productivity of the PSR and the PSA in the PSA & PFR con

figuration (Figure 4.15), it is apparent that the advantages earlier reported for isothermal 

conditions also hold for non-isothermal operation as long as the cooling capacity T >»; 60. 

This is not obvious as even for this cooling capacity still significant axial temperature gra

dients develop (for example see Figure 4.14). 
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Figure 4.15: Productivity versus cool
ing capacity for the PSR and PSA. Leg
end: A: PSR series iii, i|/(purge)=33.333; 
O: PSR series ii, V|/(purge)= 16.666; D: 
PSR series i, y(purge)=0.666. V: PSA 
y (purge) = \, XJ(purge)/XJ(prod>0.5. 
Open markers: criterion on amount of A 
in the reactor (AA) for purge step time is 
most stringent; ©, ffl: criterion on cooling 
of the reactor for purge step time is most 
stringent. The filled markers on the left 
and right vertical axis represent the adia-
batic and isothermal cases respectively. 



Pr jciple II: Accumulation of the desired reactant (non-isothermal) 103 

In both the isothermal and non-isothermal cases, the productivity of the PFR unit re

mains much higher. 

Influence of the catalyst in terms of its selectivity versus temperature behavior 

The performance of the PSR is only moderately affected by the intrinsic selectivity behav

ior of the catalyst, as is obvious when comparing the cases a and b (Figure 4.11). This is in 

ig contrast to the behavior observed for a PFR, where the differences between case a 

are more pronounced. See the difference between the isothermal (= case b) integral 

selectivity and conversion of A for case a in Figures 4.6 and 4.7. 

an adiabatic PSR at maximum conversion (Figure 4.11, lines b and c), the catalyst 

temperature —averaged over the bed position and cycle, and weighted by the reaction 

would yield an intrinsic selectivity which is 40% lower for case a than for case b. 

egral reactor selectivity difference observed is however only 3%. This illustrates 

thai the overall reactor behavior may be distinctly different from what might be expected 

on the basis of the intrinsic properties of the catalyst. It is interesting to have a closer look 

at the underlying explanation for this behavior. 

that for all series shown (series i to iv in Figure 4.11) the corresponding points of 

case a and b differ mainly in conversion of A (XA) and hardly in integral reactor selectivity 

(Rj ' i. 

The drop in selectivity observed at high purge gas flow rates in the non-isothermal case 

compared to the isothermal case was discussed in Section 4.5.3 on page 97. Temperature 

Figure 4.16: Cumulative slip of A ver
sus the regeneration of the sorbent in 
the PSR. Legend: continuous lines case 
a, dotted lines case b, I: isothermal, II: 
cooled (r=20), III: adiabatic. Parameters: 
series iii from Figure 4.11. 
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gradients cause a rise in reaction rate 12 whereas ri is limited by the desorption rate of its 

reactant A. 

As is apparent from Figure 4.16, the slip of species A versus the sorbent regeneration 

is nearly identical for cases a and b, for both the isothermal, the cooled and the adiabatic 

PSR. For the non-isothermal cases a difference in slip of species A becomes apparent at 

low amounts of A present, and at the same time the cumulative amount of A slipped out 

hardly increases. This is due to the fact that now conversion of initially slipped A takes 

place near the reactor outlet. 

To a large extent the reaction rate in the PSR is desorption limited. Hence the influence 

of local temperatures on reactivity and selectivity is far less than would be expected on the 

basis of the intrinsic kinetics (expressed in i\ and Q). This also means that the PSR per

formance is not much influenced by differences in intrinsic kinetics or intrinsic selecth v. 

which is in contrast to what is observed for a PFR. 

4.6 Discussion 

In this chapter the PSR reactor was evaluated for exothermic reactions and non-isothermal 

conditions. The resulting temperature gradients that develop in the reactive bed influence 

both the reaction rates and the sorption capacity. In view of the latter, cooling of the 

bed is necessary. Sufficient cooling of the bed requires that the purge step is continued 

until the initial bed temperature during the adsorption cycle is basically restored. In cases 

this requirement is met, the impact of temperature on the adsorption and regeneration 

steps in the cycle are decoupled. The impact of temperature on conversion and selectivity 

result from the following phenomena: i) During the pressurization and adsorption step 

the temperature rise is mainly due to adsorption. This temperature rise limits the extent 

of accumulation of A and thus decreases the basis for improved reaction selectivity by 

reactant storage. The influence of cooling capacity on accumulation of A (AA/AB ) is 

comparable to that in the corresponding PSA. ii) During regeneration the axial température 

gradients in the bed lead to a shift of the main reaction zone towards the product end. 

Consequently, the residence time of the intermediate species B is shortened and selectivity 

increases for similar conversion levels, iii) The desorption rate and the reaction rate of 

A during the purge step need to be balanced in order to prevent slip. A balance between 

these two is obtained at higher purge rates under non-isothermal conditions, as a result of 

the higher overall reaction rate. 

In case the purge gas velocity is too low, the extent of reaction depends on the amount 
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of reactants present and not on temperature. In case of a high purge gas velocity, the 

reaction rate of B —> C increases with temperature whereas the rate of A ——> B is restricted 

by the desorption rate of A. This results in an additional selectivity drop. 

[he operation of exothermic reaction in the PSR by reaction-assisted regeneration 

n distinguish two advantages: i) Reaction maximizes the driving force for desorption, 

ii) Reaction provides the heat required for desorption. In this work we have balanced 

the desorption flux and the conversion rate of component A. Consequently the reaction 

enthalpy released exceeded the enthalpy required for desorption. 

The net effect of the above mentioned phenomena is that the PSR can be operated in 

such a manner that superior selectivity may be observed. 

We have extended our evaluation of the PSR to exothermic reactions and non-isothermal 

operation. The basis for the PSR is a concurrent reaction and the adsorption of reactants 

or intermediate products. At first sight one would expect that any temperature rise in the 

bed due to reaction would lead to a decrease in sorption capacity to such an extent that the 

en principle would break down. However, by adopting a proper cooling strategy one 

ise the temperature rise to shorten the regeneration cycle. Hence, the PSR concept 

may also be viable in case of exothermic, irreversible reactions. 

literature the exploitation of temperature effects in periodic separation/reaction pro

cesses has been proposed earlier in temperature swing operation (Yongsunthon and Alpay, 

1998b, 1999) and reverse flow reactors (Matros and Bunimovich, 1996; Haynes et ai, 

1992) for the operation of endothermic and/or equilibrium limited reactions. We conclude 

that the adsorption-reaction system should also be considered as a viable reactor alterna

tive for irreversible exothermic reactions which can be operated at low temperature such 

as hydrogénations. 

leration of exothermic reactions in a cooled PFR may lead to non-stable operation 

and thermal run-a-ways. In the PSR the reaction rate is limited by the presence of reactant 

(gi 'iied by desorption) and is therefore not much dependent on temperature. Further

more since PSA operation is basically a sequence of batch steps, one can easily extend the 

step to allow the bed to be cooled sufficiently, 

important assumption made in this work is that the sorption rate, incorporated in 

th tear driving force coefficient, is temperature independent. This would typically be 

the case when sorption is limited by film transfer or macro pore and Knudsen diffusion, 

but would be less appropriate for sorption that is controlled by kinetics or by activated 

dif on. However, also in the latter case, it qualitatively resembles the one studied here. 
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Since the activation energy for desorption is generally (much) smaller than for reaction, 

any temperature rise tends to have only a moderate effect on a desorption limited reaction. 

Especially in case at hand where the driving force for desorption is already maximized by 

the conversion of the desorbed species and can hardly be increased by a temperature rise. 

4.7 Conclusions 

In this study we have investigated the performance of a cooled packed bed filled with 

a physical mixture of a sorbent and a catalyst, and operated in a pressure swing mode. 

This PSR concept is compared to both a plug flow reactor (PFR), and a pressure swing 

separation plus a plug flow reactor in series (PFR & PSA). In the case presented the unii is 

used to carry out an exothermic series reaction A ±? B ±? C. The feed stream is a mixture 

of A and B and the objective is to remove A from the feed by selective adsorption and then 

to introduce reactant D to selectively react A and D in the B depleted reactor. 

An improved selectivity may be brought about for the presently studied reaction as a 

result of accumulation by in-situ sorption in a PSR of one of the reactant species. For 

isothermal operation this was demonstrated before, but is also observed for the cooled 

PSR with exothermic reactions. This is not obvious, as — in spite of external cooling 

— significant temperature gradients exist. Hence, the reduced adsorption capacity due to 

enhanced temperature in the bed does not necessarily render the principle infeasible. 

When exothermic reactions are carried out in a PSR, general heating of the bed must 

be avoided, as is the case for a PFR. Therefore the bed must be cooled and purge times 

must be extended to attain a fully regenerated sorbent, and a sufficiently cold bed. When 

desorption is the rate limiting step, this goes without loss in productivity. The cooling 

capacity required for the PSR are comparable to those for the PSA unit in the PSA & 

PFR option and are orders of magnitude lower then those required for both PFR units 

(both isolated and within the PSA & PFR option). The cooling strategy is important to 

guarantee reactor stability and prevent runaways. For a PFR, reaction rates can only be 

controlled over the catalyst temperature. In contrast, in the PSR a kind of self control is 

exerted by the fact that reactants need to desorb prior to being able to react. This renders 

the PSR far less sensitive to runaways than the PFR. 

In the case that temperature gradients not only affect the sorption capacity, but also 

diminish the intrinsic catalyst selectivity, the non-isothermally operated PSR can at n 

superior selectivity over the PFR for a wider operating regime. This arises from the fact 

that the PSR is far less sensitive than the PFR to temperature rises. 
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Under all conditions, the PSA & PFR and the PSR, have a reduced productivity as 

compared to the PFR. This is due to semi-batch operation of the former configurations and 

much lower gas phase fractions of A and & B present. Therefore, the PSR is only relevant 

in cases were reaction selectivity is vital. 
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Notation 

All symbols and dimensionless numbers used are listed in this section. 

Symbols 

symbol description unit 

Roman 

b adsorption affinity Pa~' 

Cp heat capacity Jmor 'K" 1 

D,, axial dispersion coefficient 2 - 1 

rrrs 
dw diameter of individual reactor tube m 

i activation energy J mor1 

A#ads enthalpy of adsorption J mor1 

An reac reaction enthalpy J mol"1 

kj reaction rate constant of reaction j at Tret- mol kg"1 s~ ' P a - 2 

keff thermal conductivity Wrrr 'KT 1 

#LDF adsorption rate constant S " 1 

I reactor length m 

P pressure Pa 

1 solid phase concentration mol kg~' 

R gas constant J mor ' K"1 

t time S 

T absolute temperature K 

U overall heat transfer coefficient J m ^ K - ' s - 1 

V superficial gas velocity m s~' 

y molar fraction in the gas phase -
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z axial distance from reactor feed 

Greeic 

Vij stoichiometric coefficient of component i 

in reaction j 

p mass density 

m 

kgrrf 

Dimensionless numbers 

symbol definition 

Roman 

4 a A///,ads 
Ai CpZTTef 

AH<j 
AJ 

J AJ CpZTie{ 

Ai eqn. 4.24 
v1-

F 
VRT F 

v ( p r o d ) ^ 

dFvj 1 32y, 
Fi dx + Pem dx2 

Ji(s) eqn. 4.11 

Kj 

ecpcfc;(rref)P£ghLtfrref 
Kj eg^highv(prod) 

P 
P 

Phigh 

v(prod)LC/7gPhigh 
Peh kef(RTre( 

v(prod)L 
kef(RTre( 

v(prod)L 
Pem öax 
Pr eqns. 4.20,4.21 

PUj(s) eqn. 4.22 

Q(s) eqn. 4.25 

rj 
eqns. 4.6,4.7 

RVi(s) eqn. 4.23 

R1/R2 eqn. 4.19 
aa9i 

Si X[
 3 T 

Th, 
r(feed) 

T 

Tref 

,7ref 
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T 
?ref 
Tw (in) 

"THY 

i 
z
 rrcf 

X z 
XA eqn. 4.18 

Greek 
AH? 

Pi RTKf 
Efx 

ß; 
j 

RTref 

r AUL r 
£gQ>gpgdwv(prod) 

£J m j mtoiai 

e, „sat 
1i 

K, P\àghbi{Tmi) 
A w 

p^C/ j* 

£lpcCvc 

eap^Cva 

egp^Cpg 
PTrei 

PrefT 
f v (prod) 

?ad.sv(prod) 

L 
fpurgeV(prod) 

L 
* low ' n igh 

Ps 

X 

tads 

: 

Spr-

1> , 

l i 

/ F (prod.) 
1" '>d-) W .{ = ] 

Ph\°h v(prod)rdepres 
"high — "low L 

-Phigh v(prod)rpres 

^LDF,;F 
X 

v(prod.) 
£°p*qfRTle{ 

eS^igh 
'prod.) 

F (prod.) 
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\|/(purge) 
F (purge) 
F(prod.) 

n f w V 

Q 

v(prod) 
' low 

fhigh 

Superscripts 

* equilibrium value 

a adsorbent 

c catalyst 

g gas phase 

sat saturation 

w cooling medium 

Subscripts 

i component (A,B,C,D) 

j reaction (1,2) 

ads. adsorption step 

depres. depressurization step 

high upper pressure 

in in-going stream 

low lower pressure 

pres. pressurization step 

purge purge step 

ref reference state 

Arguments 

exh. exhaust stream at Piow 

prod. product stream at Phigh 

feed feed stream 

purge purge inlet stream 

PSR pressure swing reactor 

PFR plug flow reactor 

PSA pressure swing adsorber 
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Table 4A.1 Dimension-holding parameters for the PSR model. 
Symbol Unit Value Symbol Unit Value 
Column Gas parameters 
e mgas m tot 0.4 Dax 2 - 1 

irr s 
5 10"4 

L m 1 keff W m ^ R " 1 1 
vfaa - 0.5 Cpgas J r a o r ' K " 1 50 
Reference state Pg mol m~3 121 

Prel Pa 3 105 Sortent 

Tref K 298 Pa kgm3 1200 
v(prod) m s - 1 0.1 Cp* J k g - ' K - ' 1100 

tref s 10 Catalyst 
Cycle Pc kg m3 1200 
tpres s 20 Cpc Jkg" 1 K - 1 1100 

'ads s 500 Cooling 
tdepres s 20 U J n T ^ K r V 1 50 

Phigh Pa 3 105 Aw/A - 1 
Mow Pa 1 105 

Pw kmol m~3 55 

tpurge s 200 Cpw kJkmoU'K-1 75 
v(purge) m s"1 1 Tw K 298 
T(feed) K 298 vw m s - 1 1 
T(purge) K 298 dw m 0.025 

Symbol Unit A B C 
mol kg ~r~ 
10- 6 Pa- ' 
s"1 

kJ mol 

D 

b(rref) 
KLDF 
A//;„k -l 

2.5 2.5 2.5 0 
33.333 6.6666 3.3333 0 
0.05 0.05 0.05 
-20 -20 -10 
reaction 1 reaction 2 

k(7ref) mol kg 's ' Pa" 
Eact 

AZ/reac 

kJmoU1 

k J m o r 1 

3 10-1U 

15?20e 

-100 

3 10" 
20 
-100 

TT 

a: vfa: Volume fraction of the adsorbent 

b: For case a 

c: For case b 
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Appendix 4A Parameter values with dimensions. 

Several non-standard dimensionless numbers are used in this study. For clarity the 

ring two tables list an identical parameter set. In Table 4A.1 the parameters have 

dimensions. In Table 4A.2 they are dimensionless. The bracketed numbers are round-off 

are used in the simulations. 

Table 4A.2: 
4A.1. 

Corresponding dimensionless parameters to Table 

Symbol Calc (Used) Symbol Calc (Used) 
Pem 200 Q 0.3333 
Peh 605.4(600) Çpres 0.3333 
~ a 163.5(150) Sdepres -0.33333 
Hc 163.5(150) 'tads 50 
R/Cp£ 0.16629 Spurge 20 
T(feed) 1 \|/(purge) 3.3333 (var.) 
T(purge) 1 r 33.04 (var.) 
Symbol Calc (Used) 

B C D 
Aa 1.342(1.33) 1.342(1.33) 0.6711(0.67) -

t 18.58(20) 18.58(20) 18.58(20) 0 
K 10 2 1 0 

4> 0.5 0.5 0.5 -

ß3 8.072 (8) 8.072 (8) 4.036 (4) -
reaction 1 reaction 2 

K{TK() 
ß c 

Ac 

2006.95 (2000) 
6.054/8.072 (6/8) 
6.711 (6.7) 

200.695 (200) 
8.072 (8) 
6.711 (6.7) 
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Appendix 4B Non-straightforward convergence in 

non-isothermal PSA systems 

4B.1 Introduction 

In the main text of this chapter we have compared the integral reactor selectivity for opera

tion of a series reaction in the pressure swing reactor (PSR), a plug flow reactor (PFR) and 

a pressure swing adsorber (PSA) & PFR in series. The performance of the cyclically op

erated units was determined at their cyclic steady state, and the convergence towards this 

state was not discussed. In some of the cases presented in the main text, this convergence 

was not straightforward, and this is the subject of this appendix. 

In order to compare the PSA and PSR at equal impurity level in the (high pressure) 

product stream, we coupled the duration of the adsorption step to the purity of this stream. 

Thus, the adsorption step is terminated once the pre-set impurity level (5 ppm) of the HP 

product stream is reached. 

In the PSR, the regeneration of the sorbent and cooling down of the unit are required 

to maintain sufficient sorption capacity. Similar to the purity condition mentioned before, 

this prerequisite was imposed directly. The purge step time was terminated once the re

generation was nearly complete and the bed sufficiently cooled. This approach avoids 

the simulation of non-relevant operating schemes for the PSR which lead to successively 

higher bed temperatures. For the PSA, the amount of high pressure product gas used to 

purge the bed at low pressure is an important operating variable. Therefore the purge step 

was terminated once a pre-set recycle ratio is reached. In summary, the duration of the 

adsorption and purge steps are not fixed in the simulation of both the PSR and PSA. 

The use of a purity specification during the adsorption step effectively implies that 

a primitive control structure is implemented in the PSA model. Note that this "control" 

has no counter-part in industrial practice where all PSA units are designed and operated 

on cycles with fixed process step times and switching times are not coupled to on-line 

monitoring of the composition of exiting stream or the temperature of the adsorber bed. In 

practice, monitoring of product properties is done at intervals far exceeding the cycle time. 
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Cheng et al. (1998) also imposed a fixed product purity in their evaluation of a rapid 

pi ire swing adsorber. They added the required purity as an additional constraint in their 

optimization problem. In contrast to our approach, the "control" is not incorporated in the 

model, but iterations which yield higher impurity levels are discarded in the optimization. 

The cyclic steady state is calculated by dynamically simulating a sequence of (succes-

omplete cycles. The results from the last finished cycle are used as initial conditions 

for the next. This successive substitution method (or Picard iteration) simulates the dy-

of the actual process including the "control" mentioned previously. In the start-up 

'SA, there usually is a gradual build-up or decrease of sorbate species on the sorbent 

or heat stored by the solid interior, from cycle to cycle. At first sight the "control" is ex-

pecto J to enhance convergence. When starting from an clean sorbent, the adsorption step 

will be lengthened until the concentration front reaches the product end of the bed and a 

[a uild-up of sorbent species is accomplished within a single cycle. 

r the PSR cases presented in this study, this is indeed the case as the PSR reaches its 

eye steady state in less then 10 cycles in all cases studied. For the PSA, the convergence 

rate different and will be discussed in more detail in this appendix. Presently we will 

dei i rate that the convergence behavior of a non-isothermally operated PSA unit is not 

neo irily straightforward. 

4B.2 Model parameters 

The one dimensional non-isothermal model of the PSA is fully described in Section 4.2.1 

of the main text. The model equations are 4.1 to 4.5 and 4.8 in this section. The numerical 

solution of the model is fully outlined in Section 4.3. The number of grid points used was 

200, The results from the adiabatic PSA case shown here were calculated using both 200 

and 400 grid points. The difference was negligible. 

Reproduction of some previous claims of non-standard dynamic behavior in PSA sys

tems often depends on model details scattered throughout the publication. In contrast, the 

full list of parameter values used for the case shown in Figures 4B.3 and 4B.4 is given in 

Table 4B.1 for clarity. 

( nvergence was measured by calculating the net accumulation of species (AJ,, eqn: 

4.131 and enthalpy (Aß,-, eqn: 4.17) over a single cycle. The choice of these parameters 

is arbitrary. The cyclic steady state is usually characterized in terms of the periodicity 

of the conserved variables (Nilchan and Pantelides, 1998). In this case they would be 

YA.B i! \.B,T Vx. Therefore a common method is to quantify convergence as the size of 



116 Chapter 4 

Table 4B.1: Dimensionless parameters of the adiabatically operated PSA 
at optimal recycle ratio and purge gas flow rate. 

Symbol Value Symbol Value Symbol Value 
A B 

Pem 200 Q 0.3333 ß 8 8 
Peh 600 Spres. 0.3333 A 1.33 1.33 
5 300 Sdepres. -0.33333 X 40 40 
R/CpZ 0.16629 ^ads variablea 

K 10 2 
1 purge 1 spurge variableb 

* 0.5 0.5 
Tfeed 1 T purge 0.33333 yfeed 

Ypurgc 

0.1 0.9 
5 10~6 bal. 

a: The adsorption step is terminated when the impurity level of the product 
stream reaches a pre-set level: PuA(prod.) > 5 10~6 

b: The purge step is terminated when the recycle ratio reaches a pre-set value: 
U (purge) /L/(prod.) = 0.5. 

the difference vector of these variables (Croft and Le Van, 1994a; van Neer et al, 2000). 

However, the measure of convergence used presently, offers the advantage that the num

bers expressing convergence have a physical relevance and may provide insight into the 

convergence dynamics. 

4B.3 Results 

Generally, convergence of the PSA slows down significantly for the adiabatic case com

pared to the isothermal and cooled cases. This can be explained by comparing the ratio 

of the buffer capacity of the solids inventory over the integral heat transfer capacity of the 

gas phase per cycle, and the integral adsorption capacity of the sorbents over the integral 

mass transfer capacity of the gas phase per cycle. This ratio is much larger for heat than 

for physisorbed species. As a result the build-up of stored heat requires many more cycles. 

For the optimally operated PSA unit treated in Section 4.5.3 of the main text, the case 

is somewhat different. The performance of the optimally operated PSA for isothermal and 

adiabatic operation are given by respectively o and • at Y|/pUrge = 0.3333 in Figure 4.9 on 

page 96. The performance versus cooling capacity (T) for this PSA is shown in Figure 

4.10 (page 97) in the main text. 

Figure 4B.1 shows the convergence versus the cooling capacity for the cases shown 

in Figure 4.10 in the main text. The figure clearly shows that convergence for these cases 

slows down significantly for the adiabatic case compared to the isothermal and cooled 
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0 200 400 600 800 1000 

cycle no. / (-) 

Figure 4B.1: Convergence rate of the 
PS for several cooling capacities, o: 
a< itic. T= +: 6.32, o : 20, A: 63.2, D: 
2I 7: isothermal, \|/w=10. Only the pos
itiv values are shown. The dotted lines 
connect the periodic maxima. 

0 100 200 300 400 500 600 

cycle no. (-) 

Figure 4B.2: Convergence rate of a 
cooled PSA with and without "control". 
Open makers: AQ > 0, closed markers 
AQ < 0, xads and T, 

purge• A: conditional, 
D: fixed xads= 13.178 Tpurge= 19.767. Pa
rameters r=63.2, \|/w=10, case A in Figure 
4B.1. 

cas In most cases shown the AQ, A/, parameters converge to zero in a damped periodic 

fas >n. However the observed trend in convergence rate is not obvious since the cooled 

PSA case Utol=20 converges slower than both cases Utot=6.32 and Utot= 63.2. 

In Figure 4B.2 the convergence rate is compared for a cooled PSA with and without 

"control". For the case without "control", the duration of the adsorption and purge steps 

was pre-set to the values obtained for PSA with "control" in its cyclic steady state. The 

performance of the converged cases is equal. The case without "control" converges much 

faster and the convergence parameters do not change sign periodically. This shows that 

the slow convergence is caused by the primitive control incorporated in the model. 

!n the adiabatic case, the PSA with "control" (0 in Figure 4B. 1) does not seem to reach 

a c lie steady state at all since AQ does not approach zero. Figure 4B.3 shows that for 

thi ase the system reaches a cyclic steady state with a period of approximately 44 times 

the iiposed cycle period. We refer to this as a multi-cycle cyclic steady state. Within a 

sin le period of the solution the duration of the adsorption step slowly varies from cycle 

to cycle. Since it is reached by successive integration, it is necessarily stable. 
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400 800 

cycle no. / (-) 

1200 

Figure 4B.3: Adsorption step time ver
sus cycle number. The initial state is a 
clean bed. The dotted line shows the aver
age xads. Parameters: adiabatic case from 
Figure 4B.1. All parameters are listed in 
Table 4B.1. 

1000 2000 3000 

cycle no. / (-) 

Figure 4B.4: Adsorption step time ver
sus cycle number. The initial state is 
the cyclic steady state solution of the PSA 
with fixed adsorption step times. Parame
ters adiabatic case from Figure 4B.1. The 
dotted line shows the average xads-

For the adiabatic PSA case, the existence of another cyclic steady state with a period 

identical to the process cycle cannot be ruled out. To investigate this, we have first sim

ulated the adiabatic PSA with fixed adsorption step time which was set at the average 

adsorption step time of multiple-cycle cyclic steady state. The impurity level of the prod

uct stream in the resulting cyclic steady state was near 5 ppm. This solution is expected to 

be near a possible cyclic steady state solution with the same period as the imposed cycle 

for the model with "control". When using this solution as the initial state for the model 

with control the same multiple-cycle cyclic steady state was reached (Figure 4B.4). This 

result shows that the existence of a stable single-cycle cyclic steady state solution for the 

adiabatic PSA case shown here is unlikely. 

The simulation results presented here on the adiabatic case were obtained with both 

200 and 400 grid points and with two different initial states. The deviation of Aß hom 

zero within a single cycle (Aß > 10~3) are orders of magnitude larger than the numeri

cal accuracies (Aß < 10~6)). Therefore we can rule out an inaccuracy in the numerical 

simulation. 

Simulations with 0 < T < 6.32 have not been presented. Therefore we have not es-
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tablished a minimum value of F required to obtain multiple-cycle cyclic steady states. 

Furthermore, the existence of other solutions (both stable and unstable) cannot be ruled 

out. Both issues can only be effectively investigated by constructing bifurcation diagrams 

with F as a bifurcation parameter using dedicated software. This is beyond the scope of 

this work. 

4B.4 Discussion 

We have shown that adiabatically operated PSA units may reach a periodic state with a 

pel d time much larger than that of the imposed process cycle. This is the sole case were 

we have found this type of behavior. All other cases of the PSA reported in this chapter 

converged to a single-cycle cyclic steady state. These included other adiabatic cases and 

1 PSA units with various recycle ratios, purge gas flow rates. 

In reverse flow reactors non-linear dynamics resulting in operation regions with mul

tiple steady states are intrinsic to the reactor operation. Operating windows exhibiting 

multiple-cycle cyclic steady states have been the subject of systematic research (Khinast 

and Luss, 1997; Khinast et al, 1998; Rehâcek et al, 1992, 1998). For PSA systems, 

there have been reports on multiple cyclic steady states only (Farooq et al, 1988; Suh 

and Wankat, 1989; Ritter and Yang, 1991; Kikkinides etal, 1995; Rege et al, 1998; Sun-

daram and Yang, 1998). This is the first report of multiple-cycle cyclic steady states. For 

TSA multiple cyclic steady states (Davis et al, 1988; Levan, 1990) combined with period 

doubling (Croft and Le Van, 1994b) have been reported. 

However, for the PSA systems, reproduction of most of these systems proved to be 

difficult (Croft and Le Van, 1994b; van Noorden, 1999). Furthermore the case of Suh and 

Wankat (1989) is not a true multiple cyclic steady states since cases yielding identical 

product purity and recovery did have different feed velocities. The same holds for the 

study of Sundaram and Yang (1998). In the case of Stepanek et al (2000) multiplicity 

could be directly linked to the region of hysteresis in the adsorption equilibrium modeled. 

Both cases of true multiple steady states in the TSA included a "control" comparable 

to the one used here. In these cases, the adsorption step time was terminated once the 

concentration of one of the adsorbed components in the product stream reached 5% of its 

feed value. Croft and Le Van (1994b) put forward that "AU models exhibiting multiple 

cyclic steady state included either an important control strategy or (..) a specification met 

over a range of operating conditions". This is in agreement with the results found here. 

n the TSA cases reported in literature a region of period doubling was identified. 
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Presently, we have —for the first time to our knowledge— reported on a PSA case where 

the period of solution by far exceeds the period of the imposed cycle, in this case by a 

factor of «44. 

The coupling of a performance indicator (like purity, recycle ratio) to a single cycle 

parameter (Tads> Tpurge) may significantly lengthen the convergence time of a PSA, we have 

given the details of a case were it can lead to multiple-cycle cyclic steady states. In case, 

more efficient mathematical algorithms (Smith IV and Westerberg, 1992; Salinger and 

Eigenberger, 1996a,b; Nilchan and Pantelides, 1998; Stepanek et al., 1998; van Noorden 

et al., 2000) for the determination of the cyclic steady state would have been used, this 

solution would not have been found. 

Miscellaneous 

For all non-isothermal PSA cases discussed in this appendix, the complete gPROMS*. 

input file (gPROMS version 1.7) will be provided by the author upon request. 

'The gPROMS simulation package is owned and licensed by Process Systems Enterprise Ltd. 
WWW: http://www.psenterprise.com  

1 E-mail: akodde@its.chem.uva.nl. 

http://www.psenterprise.com
mailto:akodde@its.chem.uva.nl


Chapter 5 

orbents for the Selective Hydrogénation of Ethyne in a 

Pressure Swing Reactor 

In ihis work sorbents are experimentally screened for the operation of the selective hydro

génation of ethyne in the pressure swing reactor. The proposed operating mode is outlined. 

L ature data on sorbents are reviewed with respect to selectivity criteria previously for

mulated. Screened sorbents include silica, alumina, porous polymers, carbon molecular 

i and metal containing sorbents based on 7t-complexation and chemisorption. 

Promising sorbents based on 7t-complexation have been studied experimentally in de

tail. For these, a discrepancy found between our results and those reported in literature 

w: found and resolved. 

None of these sorbents exhibit a thermodynamic selectivity that would enable PSR 

operation. 

Molecular sieving carbon adsorbs ethyne approximately nine times faster than ethene. 

However this kinetic selectivity is insufficient to render separation by pressure swing op

es ion feasible. 

121 
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5.1 Introduction 

We seek to illustrate the selectivity enhancement predicted in earlier simulation work 

(chapters 3 and 4) for series reactions in the pressure swing reactor experimentally with 

the selective hydrogénation of ethyne in ethene as the model reaction. In the concept stud

ied a reactor vessel is filled with a physical mixture of hydrogénation catalyst and sorbent 

selective toward ethyne. In this work, sorbents are screened for this use. 

5.1.1 Selective hydrogénation of ethyne 

Traditionally ethyne is produced from other hydrocarbons by thermal cracking. The sep

aration from other cracking products is presently accomplished by solvent extraction pro

cesses employing liquid solvents such as dimethyl formamide (DMF) at ambient temper

atures. 

The removal of ethyne from the ethene stream obtained in cracking plants is an impor

tant step in the manufacture of polymer grade ethene. Small amounts of alkyne, in the parts 

per million range, affect the polymerisation catalyst. Thus the ethyne concentration in the 

product stream must be reduced to 5 ppm or less (Derrien, 1986). To this end selective 

hydrogénation in a fixed bed is commonly applied using palladium based catalyst: 

C2H2 i " i C2H4 ±% C2H6 

Selectivity towards ethyne hydrogénation is crucial since the ratio of ethyne to ethene 

in cracking products is very unfavorable (< 0.5% ethyne in ethene). Also the ethyne 

content has to be reduced to a very low level, while higher ethene losses are economically 

intolerable. The hydrogénation step can either be located after the elimination step of CO2 

or in the top stream from the de-ethaniser. These options are known as front-end and tail-

end hydrogénation respectively. The operating pressure for this process is around 25 bar. 

For optimizing selectivity, the reaction is operated at temperatures as low as 40°C. 

The high pressure and low temperature would allow one to revert to reversible ph-

ysisorption onto porous solids. Separation by selective physisorption onto a sorbent is a 

well known, and has widespread use in PSA technology (Ruthven, 1984; Ruthven et al, 

1994; Yang, 1987). Of more recent interest is the coupling of separation by physisorption 

and reaction. An overview is given by Dandekar (1998), and in a simulation study, we 

have shown that one can improve selectivity in series reactions by reactant storage via ad

sorption and PSA operation (Chapters 3 and 4). We now seek to illustrate this principle 

with the selective hydrogénation of ethyne. 
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In this case, the feed stream is ethyne in ethene in a near hydrogen free environment. 

This corresponds to the tail-end mixture were hydrogen is present in a substoichiometric 

amount with respect to ethyne. In the high pressure cycle, ethyne is selectively adsorbed 

and pure ethene is obtained in the product stream at high pressure. Following depressuriza-

tion, hydrogen is introduced as purge gas to react with the accumulated ethyne. Conditions 

during the purge step are similar to those in front-end hydrogénation for which the kinetics 

for an industrial ICI 38-1 catalyst are available (Schbib et al, 1996, 1999). 

The adsorbent utilized in this process should exhibit (1) high thermodynamic selectiv

ity to ethyne and (2) high reversible sorbent capacity. Furthermore (3) the sorption kinetics 

should enable thermodynamic equilibrium should be closely approached in the adsorption 

stage, and sorption kinetics should be the limiting step with the higher gas flow rates used 

in the regeneration stage. 

5.7.2 Separation by selective adsorption 

Separation by selective adsorption can either be based on differences in equilibrium (ther

modynamic selectivity) or uptake rates (kinetic selectivity). For thermodynamic selectiv

ity several separation principles, utilizing differences in properties of ethyne versus ethene 

can be applied: ( 1 ) Ethyne and ethene slightly differ in shape and a potential sorbent might 

have pores which exclude one but accommodate the other. (2) Ethyne is more polarizable 

than ethene. (3) The protons of ethyne are more acidic compared to ethene. (4) Ethyne 

and ethene differ in complexation behavior with metals. 

For kinetic selectivity, shape selectivity can also be used. In narrow pores, which 

can accommodate both ethyne and ethene, interaction between sorbate and the pore wall 

governs the diffusion rate. Differences in interaction strength can lead to large differences 

in uptake rates. 

Selectivity and reversibility of the adsorption will be reviewed. As stressed by many 

authors (for example: Tennison, 1996) selectivity of adsorption cannot be predicted on the 

basis of single component isotherms. Unfortunately literature data are available almost 

exclusively on single component isotherms. 

Literature on separation of ethyne and ethene in packed bed gas chromatography is 

very useful for screening of sorbents. In chromatography, retention is usually quantified 

in terms of partition- or distribution- coefficients. These are proportional to the Henry 

coefficient, used in adsorption literature. Thus, the ratio of partition coefficients for ethyne 

over ethene equals the thermodynamic selectivity of the sorbent in the low pressure limit. 
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5.2 Literature 

In this section accounts of selective sorption of ethyne over ethene in literature are re

viewed. Section 5.2.1 deals with thermodynamic selectivity and Section 5.2.2 reviews 

kinetic selectivity. 

5.2.1 Thermodynamically selective sorbents 

Shape selective sorbents can be used to exclude ethene from the micropores. The potential 

for this principle is low in the case at hand. The critical diameters of ethyne and ethene 

hardly differ as shown in Table 5.1 and even the 8 membered rings of zeolite Na-A can 

accommodate both molecules (Figure 5.1). On the basis of the minimum molecule dimen

sion criterion it is predicted that shape selectivity may occur, be it for an even smaller cage 

size. However, this criterion is not widely used. 

Ethyne and ethene differ in polarity. This gives a selectivity ratio of 1.89 for silica gel 

at 25°C (Lewis et al, 1950; Paniego and Pinto, 1977, 1980) and explains the selectivity 

found for wide pore zeolite Na-X (channel aperture ~0.78 nm). 

In the context of cryogenic air separation, alumina and composite zeolite/alumina are 

reported as sorbents for a pre-purification step to remove CO2, H2O and C2H2 from air 

(Golden et al, 1998). In this application trace amounts (ppm level) of ethyne contained 

in air must be removed to a very high extent (ppb) to prevent its accumulation in the liq

uid oxygen section of cryogenic distillation units. It is possible that ethyne adsorption is 

irreversible on these sorbents. Due to the very low concentration in the feed, significant ac-

o T' J-

Ê « 
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-v 
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Figure 5.1: Single component adsorp
tion isotherms at 298 K. Legend: open 
markers: C2H2, closed markers: C2H4, A: 
silica gel (Lewis et al, 1950), O; activated 
carbon (Lewis et ai, 1950), V: Na-A zeo
lite (Table 8.1 in Breck, 1974), D: Na-X 
zeolite (Table 8.1 in Breck, 1974). 
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Table 5.1: Parameters for adsorbate size. 
parameter reference adsorbate 

C2H2 C2H4 C2H6 

(nm) (nm) (nm) 
P(AY (Table 8.14 in Breek, 1974) 0.37 0.44 
a(A)b (Table 8.14 in Breek, 1974) 0.33 0.39 0.38 
o s

c (Ruthvenetal., 1973) d 0.1775 0.2063 
ac

e 0.341' 0.344« 0.372? 
ö M

h (Mittelmeijer-Hazeleger 
et ai, 1996) 

0.24 0.42 0.44 

a: Pauling equilibrium width. 
b: The kinetic diameter based on the Lennard Jones 6-12 potential. 

c: The structural diameter is based on the smallest cylinder through cen
ters of the atoms that can be drawn. 

d: All atom centers lie on a single axis. 

e: The critical diameter is the structural diameter plus the effective Van 
der Waals radii of the outer atoms minus the atomic radius, 
f: For ethyne, the Van der Waals radius of carbon determines ac. It is 
generally agreed that the Van der Waals radius of an atom depends upon 
how much it is compressed by external forces and upon substituent ef
fects. The value of 0.17 nm is usually referred to (Pauling, 1960). How
ever a range of 0.165-0.170 nm is given by Huheey (1983) and specifi
cally for carbon in ethyne an even larger value of 0.178 nm is reported by 
Bondi (1964). 

g: Hydrogen: Van der Waals radius: 0.12 nm, Atomic radius: 0.037 nm. 

h: The minimum molecule dimension. 

cumulation on the sorbent may not occur within the life time of the sorbent (for reversible 

C0 2 and H20 adsorption). 

The adsorption of ethyne and ethene on alumina has been measured by reversed flow 

chromatography by Yun et ai (1996). They observed partition ratio ' s for ethyne and ethene 

which differ by a factor 13-18 in the 90°C to 120°C range. The difference is attributed to 

Van der Waals forces. 

Wide bore alumina PLOT columns with finely dispersed salts (Na2SO"4 or KCl) show a 

very strong retention of ethyne* in temperature programmed GC. Particularly deactivation 

by Na2SO"4 is claimed to make the surface more polar. However retention ratios on this 

'Chrompack application notes: A00579 (KCl) and A00671 (Na2S04), 1997 



1 2 6 Chapter 5 

Table 5.2: Comparison of adsorbent requirements with CoCl2/Si02 n-
complexation sorbent at 25 Celsius? 

criterion Criterionb 0.5% C2H2 10% C2H2 

at 25 bar at 3 bar 

retention of C,H, ^ ~ E)pcqc^-RT > 200 547 VI 
£yc2n2P 

retention of C2H4
 r ' 2 4 < 29 9 82c 9 82c 

sorption rate C2H2
 LDF ss 0.5 0.07 3.3d 

a: Data from (Padin and Yang, 1997). 

b: As derived in chapter 3. 

c: The isotherm was linear and reported in the 0-1 atm range. This number is ob
tained by linear extrapolation. 

d: The value is derived based on the kinetic selectivity ratio of 47 reported for the 
NiCl2/Al203 sorbent at 60°C (Yang and Foldes, 1996). 

column differ only by a factor of 1.46 at 130°C *. 

For alumina based sorbents high selectivities reported by Yun et al. are promising. 

However reversibility can be a problem and this will be explored. 

Excellent selectivities for ethyne over ethene have been reported on Co2+, Fe2+ and 

Ni2+ chloride salts spread onto alumina, silica and MCM-41 based support materials 

(Yang and Foldes, 1996; Padin and Yang, 1997). The selectivity is attributed to selec

tive Tt-complexation of ethyne to the metal ion. Anion effects of the adsorption of ethyne 

by nickel halides were studied by ab initio molecular orbital calculations (Huang et al, 

1999) and provided further evidence as to the nature of the ethyne-nickel bond. The use 

of both Cu+ and Ag+ salts for olefin/paraffin separation has been widely reported (Yang 

and Kikkinides, 1995). However ethyne chemisorbs on silver and copper cations to form 

acetylides and these complexes are susceptible to detonation. 

Table 5.2 convincingly shows that the CoCl2 on Si02 sorbent could meet the require

ments formulated previously (Chapter 3 3). The thermodynamic selectivity of these sor

bents is far in excess of what is required. The experimental data are reported up till 1 

atm pressure. A conservative estimate is obtained by linear extrapolation of the ethene 

data since most isotherm deviate from linearity by levelling of to a saturation value. The 

'Chrompack Capillary column test report for column catalogue no. 7568 
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sorption kinetics of ethyne are slower than those used in the simulations 

Mayak studied the separation of lower hydrocarbons and permanent gases by micro 

porous heteropoly salts in gas solid chromatography (GSC). Ammonium tungstosilicate 

((NH4)4SiWi204o, Nayak and Pandey, 1990), 12-ammonium tungstophosphate ( ( N H ^ 

PW12O40, Nayak, 1990, 1995) and ammonium molybdophsophate ((NPUbPMonO^o, 

Nayak, 1991) were coated on non porous glass beads. Most data were presented in tem

perature programmed chromatograms and retention times cannot be related to adsorption 

selectivities. Only the partition coefficients on (NPL^PW^C^o are given and they differ 

by a factor of 1.82. This enables baseline separation in a GSC but is not sufficient for PSA 

operation. Therefore these sorbents will not be considered for the present application. 

The hydrogen atoms of ethyne are slightly acidic. Ethyne might selectively form 

hydrogen bonds with functional groups like the benzene rings or cyanide groups in the 

skeleton of porous polymers. GC data on porous polymers (Porapack and Chromosorb 

type) have been reported Gvosdovich et al. (1978). The results presented by these authors 

show stronger retention of ethyne compared to ethene, but do not permit a quantitative as

sessment. Therefore polar high surface polymers for thermodynamic selectivity at higher 

partial pressures are included in the screening. 

A different concept for removal of ethyne from ethene streams is presented by Kamin-

sky et al. (1998). These authors propose to chemisorb ethyne selectively on nickel or 

palladium catalysts in a hydrogen free environment. In this set up regeneration would 

proceed by a nitrogen purge purge to remove gaseous ethene, purge with hydrogen to 

hydrogenate chemisorbed ethyne, purge with nitrogen to remove gaseous hydrogen and 

saturation with ethyne-free ethene to pre-saturate the sorbent. There are some pitfalls to 

this concept. Since the adsorption capacity is based on the metal surface, metal loadings 

(1 wt% Pd) far higher than for ethyne hydrogénation catalysts (0.04 wt%) are proposed , 

and regeneration by hydrogénation is accomplished at high temperatures. This will give 

uncontrolled reaction rates during the regeneration. In the given examples regeneration 

times are very long (> 16 hours) which will reduce the productivity of the unit. 

In the PSR concept proposed here, regeneration is done at low temperatures and over 

a shorter time, and therefore the removal of irreversibly chemisorbed ethyne might not be 

complete. It therefore interesting to determine the reversible sorption capacity of these 

type of sorbents. 

Removal of ethyne by chemisorption is also reported by Kling (1991) and Hagen 

(1998), using a strongly acidic cation exchanged resin which binds both ethyne and ethene. 
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The sorbent is regenerated by purge with water vapor or oxygen to form the corresponding 

alcohol or aldehyde. Since no separation of ethyne over ethene is reported here, the use of 

strong acids is not further explored. 

5.2.2 Kinetically selective sorbents 

There is some potential for separation of ethyne and ethene based on kinetic selectivity. 

The kinetic diameter (a(A)) of ethyne and ethene (Table 5.1) differ. Kärger and Ruth ven 

(1992) have shown that the activation energy of activated diffusion correlates with the ki

netic diameter of the sorbate for several zeolites and activated carbons. Therefore kinetic 

selectivity may be observed in narrow molecular sieving carbons (MSC) or zeolites. A re

striction of the use of zeolites arises from the fact that ethyne rapidly polymerises on acid 

sites as shown by Bordiga et al. (1993) in H-ZSM5*. Hence, strongly or even moderately 

acidic zeolites cannot be used. Adsorption equilibrium on activated carbon is slightly se

lective with respect to ethene (Lewis et al., 1950). Therefore non acidic molecular sieving 

carbons will be tested. 

Based on the literature reviewed above, experimental screening for selective adsorp

tion of ethyne over ethene based on thermodynamics will include: (1) Co2+ and Ni2+ 

cation containing sorbents, based on selective complexation, (2) porous polymers, based 

on selective complexation through the acidic hydrogen of ethyne (3) alumina, based on 

reports of strong retention on acidic sites. (4) nickel and palladium metal catalyst differ

ences in reversible sorption capacity For kinetic selectivity (5) molecular sieving carbons 

as non acidic narrow pore sorbents will be investigated. 

5.3 Experimental 

5.3.1 Equipment 

Adsorption equilibria are measured gravimetrically in a Setaram 4325 TGA. Two different 

operating modes were used, shown in Figure 5.2. 

Except for the MSC samples, experimental set-up G-l was used. Samples of around 

130 mg were used. The TGA was evacuated at room temperature and refilled to 1 at

mosphere with argon. The argon gas flow was set at 100 STPml/min. The sample was 

heated at 5°C /min to the final temperature for outgassing, and kept under flowing ar

gon for several hours. A 20 kPa ethyne in argon or ethene in argon mixture is prepared 

* Recently, a preliminary report on frequency response-IR measurements by (Onyestyâk et al., 2000) indicate 
that ethyne does not react with H-ZSM5 at low temperature (273 K). 
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A^L 
MFC 

TGC85 

/ 

PC 

vent <• 

Figure 5.2: Thermo-gravimetric 
set-up with Setaram 4235 TGA 
unit. Top: G-l, Bottom: G-2. 
Legend: F: purification filter, MFC: 
mass flow controller, TIC: temper
ature indicator/controller, PL pres
sure indicator. 

by using Thermal Mass Flow controllers (Bronkhorst HI-TEC). In testing reversibility of 

adsorption, the mixture was replaced by pure argon. 

The G-2 set-up was used for measuring adsorption equilibrium and uptake rates on 

the MSC samples. The G-l and G-2 set-up differ only in flow direction. In the G-2 set 

up higher partial pressures of ethyne can be used and the dead volume before the sample 

is significantly less, as the feed flow is upwards. Argon flow is also led over the top to 

maintain inert atmosphere. Both gas streams leave the balance sideways. 

For characterization, N2 and CO2 physisorption was measured using a Sorptomatic 

1990 (CE Instruments) at 77 K and 273 K respectively. XRD diffractogram patterns were 

collected using CUR« radiation and a Philips PW 1380 diffractometer. Helium density 

was determined with a Micromeritics Multivolume pycnometer 1305. Hg intrusion was 

performed with a Pascal 440 (CE instruments) up to 4000 atm. 

5.3.2 Gases 

In the TGA set-up, argon carrier gas (Praxair, purity 99.999%) was purified over molsieve 

and oxygen filters (Chrompack). The hydrocarbons used were ethane (Praxair, purity > 
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99.3%), ethene (Praxair, purity > 99.7%) and ethyne (Praxair, purity > 99.6%). Acetone 

traces were removed from ethyne by an SiC>2 trap. 

5.3.3 Synthesis of the %-complexation sorbents 

All sorbents —except those based on 7t-complexation—were obtained directly from man

ufacturers (Table 5.3). 7t-complexation sorbents are based on Co2+ cations dispersed over 

a high surface area substrate. Dispersion is accomplished by spontaneous (thermal) mono

layer dispersion, as described in detail in literature (Xie and Tang, 1990). Spontaneous 

monolayer dispersion has been used to successfully prepare various sorbents capable of 

7t-complexation (Linlin et al., 1984; Yang and Kikkinides, 1995). 

Thermal monolayer dispersion involves heating finely divided powders of a metal salt 

and substrate at a temperature between the Tammann temperature (Thewis, 1962) and the 

melting point of the salt. Above the Tammann temperature adsorbed crystals in solid/solid 

adsorption phenomena are mobile on the surface. 

Excessive temperatures need to be avoided in order to prevent the metal salt form 

oxidizing or reacting with the substrate. As shown by Xie and Tang (1990), NiC^ can be 

dispersed to form a monolayer on Y-AI2O3 simply by heating at 70°C for 78 hours. 

The synthesis procedure was as follows: The precursor (silica or alumina, 75-150 /an) 

was outgassed for several hours at 200°C and < 5 Pascal to determine the dry weight 

and re-equilibrated in air for 24 hours at room temperature. The support was thoroughly 

mixed with the salt (CoCi2-6H20 Alldrich Chemicals 98%, < 45^/m), and placed in an 

open crucible in a furnace at 70°C for 80 hours with occasional stirring. 

The mixing ratios used were 0.743 g/g* on the silica (BET area 584 m2 g_1) and 0.217 

for alumina (BET area 207 m2 g_ 1). The numbers were based on the 0.88 and 0.36 g/g 

used by Padin and Yang (1997) but corrected for the lower BET area of the precursors 

used. 

5.3.4 Sorbent preparation 

All samples were outgassed in the TGA. Except for the metal catalyst, they were heated to 

the upper outgas temperature (Table 5.3) and kept there for at least one hour, and subse

quently cooled down to measurement conditions under argon flow. Following recommen

dations of Padin (1999), the 7t-complexation sorbents were not exposed to temperatures 

*gram C0CI26 H2O per gram of dry weight precursor 
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over70°C. 

The catalysts were heated to 400°C by 1°C min - 1 in H2/Ar (1:1) at total flow of 100 

ml min - 1 . The sample was kept at 400°C for 2 h. After one hour the gas was switched to 

100 ml min - 1 argon to remove all hydrogen from both the gas and the sample. The sample 

was cooled to reaction conditions under argon flow. 

5.4 Results 
In this section the results from the screening will be presented. The screening for a ther-

modynamically and kinetically selective sorbent is presented in Sections 5.4.1 and 5.4.2 

respectively. The characterization of the sorbents is presented were appropriate rather than 

in a separate section. 

5.4.1 Thermodynamically selective sorbents 

Characterization Only the in-house synthesized sorbents were characterised. The syn

thesized cobalt based sorbents were light blue with very few spots of purple powder of 

unspread CoCl2-6H20 still present. The visible appearance did not alter under storage 

in air for several months. XRD analysis revealed that the crystalline cobalt phase disap

pears upon spreading (Figure 5.3). These observations are in accordance with the results 

of Padin and Yang (1997). 

Adsorption equilibrium Adsorption equilibria for a variety of sorbents were assessed 

at 0.2 atm and 25CC (Figure 5.4). All selectivities (defined as the ratio of reversible single 

component amounts) range from 1.5 to 3. Silica shows the highest capacity and alumina 

2500 

2000 
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1000 

500 

MJ*JvmmMkh»»**iMh.m*. 

^""^nAKn^iKmiiiWi.!, 

0 10 20 30 40 50 60 70 80 
26 / (degrees) 

Figure 5.3: XRD diffractograms 
at various stages of the synthesis. 
Legend A: CoCl2-6H20 B: final 
sorbent (C0CI2 spread onto Si02) 
C: Si02. The values for A and B are 
shifted vertically by 400 and 200 
counts respectively. 
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05 

75 
E 
E 

2 3 4 5 6 7 

sorbent no. 

Figure 5.4: Sorption equilibrium at 19.8 kPa ethyne and ethene at 25°C. Black bar: 
ethyne, Open bar: ethene, The hatched area is irreversible adsorption on the freshly out-
gassed sample. Sorbent no.: 1: SiO?, 2: CoCl2/Si02, 3: y-Al203, 4: CoCl2/y-Al203;

1 5: 
NiCl2/y-Al203, 6: Hayesep T, 7: Porapack N, 8: Chromosorb 107, 9: 1 wt% Pd/Al203, 
10: 60 wt% Ni/Al203. (sorbent details see Table 5.3) a: C2H2: 26.3 kPa, C2H4: 24.2 kPa. 

the highest selectivity. When expressed per unit of volume the porous polymers show even 

lower capacities than silica and alumina. 

Chemisorption of ethyne and ethene on metallic palladium and nickel is partly irre

versible. The reversible capacity was determined after several adsorption/ desorption cy

cles. For the 1 %Pd on alumina catalyst the selectivity based on reversible capacity is 

comparable to that of the bare alumina. 

5.4.2 Kinetically selective sorbents 

Molecular sieving carbon (MSC) is a well known sorbent in air separation, where it is 

utilized to produce pure N2. Takeda 4K and 3K MSC are claimed to have micropores in 

the 0.3 to 0.4 nm range which corresponds to the size of the ethyne and ethene and might 

give rise to kinetic selectivity of ethyne over ethene. For Takeda 3 A a mean pore size, as 

determined by molecular probing, of 0.418 nm is reported by Schalles and Danner (1988). 
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'log (5.1) 

Characterization Table 5.4 lists selected properties of the MSC 3K-172 and 4K sor-

bents. The data show that micropores make up roughly 40% of the pore volume in both 

sorbents. The remainder are macro pores in the region of 100-1000 nm as determined by 

Hg intrusion. The Dubinin-Radushkevich plots of the CO2 physisorption data at 273.15 

K yield straight lines over the entire pressure range (Figure 5.5). The slope is related to 

the "characteristic energy"(Eo) of the pores via the Dubinin-Radushkevich equation (Rou-

querol et al, 1999, p. llOff): 

and D is given by: 

/ RT \ 2 

• D=2302[wJ f 1 ^ ^ 1 • 

where ^7-, Fsat, ß and P are the fractional filling of the micropore volume Wo, the sat

uration pressure, "scalar factor" and pressure respectively. The near perfect fit to the 

Dubinin-Radushkevich model shows that both sorbents have very uniform micropores and 

the "characteristic energy" of the 3K-172 is slightly larger compared to the 4K (Table 5.4). 

The difference can be attributed to narrower pores in the 3K-172 compared to the 4K. 

CO2 uptake on 3K-172 is significant, whereas hardly any adsorption is observed for 

N2. This was previously reported in literature for microporous carbons and has been at

tributed to the higher operational temperatures used for physisorption of CO2 and hence 

the higher uptake rates (Rouquerol et al, 1999, p. 263). 

6 9 12 

iog2(Psat/P) 

15 

Figure 5.5: Dubinin-Radushkevich plot 
of CO2 adsorption on MSC samples. T= 
273.15 K. Legend: +: Takeda 4K, A: 
Takeda 3K-172, The lines are fits with with 
equation 5.1. 
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Table 5.4: Selected properties of the MSC from Takeda. 

quantity symbol units 4K 
packed bed densitya 

Pbed g c m ve ; s e i 
skeleton density11 

Pskel. - 3 
6 ""carbon 

particle density0 
Ppar. g C mgrL 

pore volumed v 
v pore 

c m <* 
"""'pore 6 macropore volume0 cm3g~' 

micropore volumee cm3g~' 
micropore volume cm3g~' 
Dubn.-Rad.e(eqn5.1) D -
95% interval of D 

BET m-g 

3K-172 
0.704 0.683 
1.88 1.86 
0.98 1.03 

0.488 0.433 
0.303 0.272 
0.210 0.192 
0.167 g 6 

0.0995 0.0967 
0.0989 0.0954 
0.1002 0.0980 

397 g 

Specification of Takeda 

Measured by Helium density 

Measured by Hg intrusion 

\, 
P° r e " Pskel. Ppar. 

Measured by COo physisorption 

Measured by N2 physisorption 

Not measurable 

2.5 

2.0 

1.5 

É 1.0 

r-4 > $ . 
.<+ O»"1 

j%% 

£*€*-.** T=102°C 

0 20 40 60 80 100 120 

P / (kPa) 

Figure 5.6: Adsorption isotherm of 
C2H2 and C2H4 on MSC-5A. Legend: 
o: C2H2, +: C2H4, T=42°C, 72°C and 
102°C, measured by a volumetric tech
nique, see appendix A. 
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O 20 40 60 80 100 120 

P / (kPa) 

Figure 5.7: Adsorption isotherm of 
C2H2 and C2H4 on MSC-4K. T= 50°C, 
0: C2H2 D: C2H4, Open markers ad
sorption branch, closed markers desorp-
tion branch. 
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Figure 5.8: Adsorption isotherm of 
C2H2 and C2H4 on 3K-172 at vari
ous temperatures. Legend: C2H2 A: 
25°C,0: 50°C,0: 80°C. C2H4 +: 50°C. 
Open markers adsorption branch, closed 
markers desorption branch. Lines: Lang-
muir fits. 
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Table 5.5: Fitting parameters of C2H2 adsorption on Takeda 3K-172 molecular siev
ing carbon. 

p a 

*sat 

kPa 

Dub. Rad. 

Pliq. 
3 —1 

cnrg i 

Vsat 

cm g 

Langj nuir 
T 
°C 

p a 

*sat 

kPa 

ß x £ 0 

J m o r 1 
Qsat 

mmol g - 1 
Pliq. 

3 —1 
cnrg i 

Vsat 

cm g 
qSat 

mmolg -1 
b 

kPa"1 

25 
50 
80 

4892 
6745 
8056 

1061 
2194 
3572 

3.21 
3.40 
3.51 

0.516 
0.493 
0.467 

0.162 
0.180 
0.196 

2.20 
2.02 
1.69 

0.0405 
0.0249 
0.0155 

a: Psat below Pc was calculated using handbook data (appendix A in Reid et al., 1987). 

Above Pc the following correlation was used: Psat = Pc * ( j - ) (Table 2.5 in Yang, 1987). 

b: The liquid density was approximated using the linear relation proposed by Dubinin 
(1960). Since the triple point of ethyne is above one atmosphere, ethyne does not have a 
normal boiling point. Therefore a slight modification to the method was made. Instead 
of the liquid density at the sublimation point at 1 bar, the liquid density at the triple point 
was used. These temperatures differ only by approximately three Kelvin. Since the actual 
measurements are much closer to the critical temperature than to triple point temperature, 
the resulting values depend mainly on the constant b (0.05136 cm3mol_1) in the Van der 
Waals equation of state rather than on the liquid density at the triple point. 
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Adsorption isotherms The adsorption equilibria of C2H2 and C2H4 for 4K are shown 

in Figures 5.7 and 5.8 respectively. MSC 4A shows hardly any selectivity as already 

established for MSC 5A (Figure 5.6) and reported for activated carbons. The relaxation 

to equilibrium was very slow for both gases. For ethene, the single data point in the 

adsorption isotherm measurement took over 24 hours to equilibrate. 

Ethyne isotherms on 3K-172 MSC were fitted using both the Langmuir and Dubinin 

Radushkewich model (Table 5.5). For both models, fits on each temperature individually 

was good. Neither of the models showed a good combined fit on all data at three tem

peratures simultaneously. This was also the case for the Dubinin Astakov model. The 

values obtained using the DR model are slightly better since they yield a similar value for 

the saturation capacity (qsat) for all temperatures studied and the corresponding adsorption 

volume (Vsat) agrees with with the data obtained by C0 2 physisorption. 

Based on the individual fits the adsorption enthalpy could be derived which varies 

from 19.0 kJ/mol (q=0.2 mmol/g) to 21.7 kJ/mol (q=0.8 mmol/g). Since these data are 

only based on three temperatures their accuracy is limited. 

Kinetics of adsorption The response time of the TGA G-2 setup to an imposed step 

change in gas composition can be derived from the blank runs. It takes approximately 

300 seconds to reach the new level upon change (not shown). This corresponds to a time 

constant of « 100 sec. 

Uptake rates for 4K were too fast to be measured with the current set-up. In contrast, 

uptake rates on 3K-172 could be measured at four temperatures. The response was in

dependent of the gas flow employed. The uptake versus time upon a concentration step 

change from 0 to 20 % C2H2 and C2H4 in Ar was fitted to the following exponential 

function: 

l - « p [ ( * ( r - f 0 ) ] (5.3) 
q~-q0 

were qo, q^, to and k were all fitting parameters. Equation 5.3 describes the uptake rate 

well. The parameter k follows an Arrhenius dependency (Figure 5.9). The ratio of kc2H2 

over kc2H4 is 8.9 and constant over the temperature range investigated. The Eact derived 

are C2H2: -27.5 kJ/mol (95% b.i. -29.8 — -25.2 kJ/mol), C2H4: -26.2 kJ/mol (95% b.i. 

-26.4- -25.9 kJ/mol). 

Adsorption is significantly faster than desorption in all cases (Figure 5.10). The des-

orption curve fits poorly to a single exponent even if qo, q«,, tD are included as fitting 
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2.8 2.9 3.0 3.1 3.2 3.3 3.4 

103/T/(1/K) 

Figure 5.9: Uptake rates versus temper
ature for C2H2 and C2H4 over 3K-172 
MSC. o: C2H2, A: C2H4. 

0.0 
2 4 6 8 10 12 

time / (hours) 

Figure 5.10: Fractional uptake versus 
time following a concentration step 
change from 0-20 kPa C2H2 in Ar. Leg
end: i: adsorption (0 -> 20 kPa), ii: des-
orption (20 -* 0 kPa). T= 35°C. 

parameters. This difference in adsorption- and desorption uptake rates indicates that the 

governing diffusion constant depends on the loading. This is in agreement with the obser

vation that the uptake rate at higher loadings increases (not shown). 

5.5 Discussion 

Separation of ethyne/ethene by adsorption requires either a difference in sorption rate (ki

netic selectivity) or a difference in the adsorption isotherms (thermodynamic selectivity). 

Various sorbents were tested for the existence of either selectivity. 

In our screening pure silica showed the highest capacity for ethyne. Our single com

ponent data are in agreement with those reported in literature (provided the difference in 

sorption capacity is accounted for). Silica gel is one of the rare cases where multicom-

ponent equilibrium data for ethyne and ethene have been reported (Lewis et al, 1950; 

Valenzuela and Myers, 1989). The reported multi component data fit well to the extended 

Langmuir model and show insufficient selectivity. Alumina showed the highest thermody

namic selectivity towards ethyne. However both sorbents fall far short in meeting the re

quirements for the PSR application in terms of retention. A large difference was observed 

in sorption behavior for Jt-complexation sorbents measured by us and those reported by 
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Padin and Yang (1997). It has been found that these results were influenced to a significant 

extent by acetone impurities in ethyne. This issue is discussed in detail in appendix A. 

The porous polymers (Porapack N, Haysep T and Chromosorb 107) show only a lim

ited thermodynamic selectivity for ethyne. It will certainly permit separation in a GC but 

these sorbents cannot be used in PSA applications. 

We have not observed the high thermodynamic selectivity for alumina that was mea

sured by reversed flow chromatography (Yun et al., 1996). Alumina exhibits a heteroge

nous collection of acid sites, the high selectivity reported under very dilute conditions as 

in chromatography might be based on a small percentage of highly acidic sites. In our 

case much higher partial pressures were used and the equilibrium is based on the average 

affinity of all acidic sites. 

The kinetic selectivity on MSC 3K-172 is too low to enable PSA based separation. 

Commercial air separations utilize MSC for which a kinetic selectivity of a factor 46 is 

reported (Table 17.2 in Kärger and Ruthven, 1992). Kinetic separation of argon and oxy

gen using Bergbauw Forshung-MSC was shown to be feasible (Hayashi et al, 1985; Rege 

and Yang, 2000). Oxygen uptake is a factor 30 faster than argon on BF-MSC at 30°C (Ma 

et al, 1991). Both diffusivity ratios are substantially higher than the ratio of 8.9 found in 

this work. 

Our observation that the Arrhenius constants of the uptake rate for C2H2 and C2H4 on 

MSC 3K-172 are identical is a strong indication that surface barrier resistance is important. 

The manufacture of MSC is claimed to be based on controlled cracking of hydrocarbons to 

reduce the free diameters of the pore mouths (Srinivasan et ai, 1995). However the CO2 

physisorption data are also in good agreement with the slit model. 

For ethyne adsorption onto Takeda MSC 3K-172, the obtained activation energy (-27.5 

kJ/mol) for uptake rates is higher than the calculated adsorption enthalpy (-19.0 — 21.7 

kJ/mol) although the value of the adsorption enthalpy is not vary accurate. No reference 

literature data are available for comparison, except with data from Chihara el al. (1978) 

on ethene in MSC-5A were values of 35.6 kJ/mol and 22.2 kJ/mol were reported for the 

adsorption enthalpy (A/fads) and the activation energy of micro-pore diffusion (£act) were 

reported. Chihara et al. further found a ratio of roughly 0.6 for £act/A//ads for a wide 

range of n-paraffins and n-olefins. 

Our data on ethyne adsorption on 3K-172, where the activation energy exceeds the 

adsorption enthalpy, are in agreement with observations on N2 and O2 adsorption on mod

ified Takeda 4K. For Takeda 4K-HGK717 with pore mouths narrowed by deposition and 
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subsequent cracking of styrene, A//acis drops from 15.9 to 11.7 kJ/mol for both N2 and O2 

and £act rises from 5.9 and 10.9 to 27.6 and 31.0 kJ/mol for NS and O2 respectively. As a 

result the ratio of Eact/Affads increases sharply from 0.4 to 2.4 for O2 and 0.7 to 2.8 for N2 

(Chihara and Suzuki, 1979). The authors conclude that deposited carbon acts as a barrier 

to diffusion in micropores. For ethyne on 3K-172 presented here, the value for Eacl also 

exceeds A//ajs. The similarity between our results of ethyne on 3K-172 and Chihara and 

Suzuki on N2 and O2 on 4K-HGK717 indicates that the pore mouths of 3K-172 might have 

been narrowed in a similar fashion. Chihara and Suzuki also concluded that the difference 

in micro-pore diffusivities of O2 and N2 becomes smaller by narrowing the pore mouth. 

5.6 Conclusions 

The SiÛ2 sorbent shows the highest sorption capacity for ethyne. The alumina sorbent 

shows the highest selectivity for ethyne over ethene. There is currently no sorbent which 

permits the further research on the use of the pressure swing reactor in the selective hy

drogénation of ethyne. 

The excellent selectivities towards ethyne versus ethene reported in literature on sor-

bents based on reversible 7t-complexation are erroneous. 

The kinetic selectivity observed on MSC 3K-178 is not sufficient to allow kinetic sep

aration in a PSA. 
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Notation 
Roman 

D slope in Dub. Rad. plot 

E act activation energy 

E0 "characteristic energy" 

k uptake rate time constant 

^ L D F adsorption rate constant 

L reactor length 

P pressure 

Pc critical pressure 

P(A) Pauling equilibrium width 

Psat saturation pressure 

q solid phase concentration 

R gas constant 

T absolute temperature 

Tc critical temperature 

V superficial gas velocity 

V mass based volume 

w filled micro pore volume 

Wo total micro pore volume 

y molar gas fraction 

Greek 

ß "scalar factor" 

A// ads adsorption enthalpy 

e void fraction 

e, amount adsorbed ( - i ) 

p mass based density 

G sorbate diameter 

Subscript s 

sat saturation value 

o initial value 
oo equilibrium value 

J mor1 

J mol"1 

s"1 

s"1 

m 

Pa 

Pa 

nm 

Pa 

mol kg~' 

J m o r ' K~' 

K 

K 

m s 
l 

m3 g ' 

m3g_1 

mV' 

J mol 

kg m 

nm 

- 3 
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Appendix 5A Corrections on 7i-complexation sorbents for 

selective adsorption of ethyne over ethene* 

5A.1 Introduction 

As mentioned in Section 5.5 of the main text, a discrepancy exists between the results 

obtained with sorbents based on Tt-complexation as measured by us and those reported in 

literature. This appendix is devoted to this topic. 

Yang and Foldes (1996) first reported on the preparation of selective adsorbents for 

ethyne by spreading a monolayer of NiCF on y-alumina. Padin and Yang (1997) further 

extended this work to CoCF and FeCF supported on various substrates with high surface 

areas. 

Unfortunately, ethyne used by Yang and co-workers contained acetone as an impu

rity (Yang and Foldes, 1996; Padin and Yang, 1997). The "high-purity" grade of ethyne 

that is available from all industrial gas suppliers is labeled 99.8%. For safety reasons, 

however, ethyne is stored in acetone as a solvent. For a fresh cylinder (at "250 psi"), the 

actual concentration in the gas phase of acetone is approximately 5000 ppm, and the con

centration increases steeply while the pressure of the cylinder decreases, to as high as 25% 

as the pressure reaches 15 psig (Dickerson, 1999). It is clear, therefore, that the previous 

results of Yang et al. needed to be reexamined. 

5A.2 Experimental section 

5A.2.1 Preparation of the sorbents 

The principle of sorbent preparation by spontaneous monolayer dispersion and the ex

perimental procedure have been outlined in Section 5.3.3. Two sorbents were prepared, 

and their characteristics are given in Table 5A.1. Sorbent I represents an partly optimized 

'Published with minor modifications as: A. J. Kodde, J. Padin, P. J. van der Meer, M. C. Mittelmeijer-
Hazeleger, A. Bliek, R. T. Yang, NiCl2 on y-Alumina as Selective Adsorbents for Acetylene over Ethylene", Ind. 
Eng. Chem. to., 39(8), 3108-3111 (2000). 
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Table 5A.1: Comparison of synthesis parameters in the NiCli/AliCb sorbents. 

unit Sorbent Ia Sorbent II 
place of synthesis 

y-alumina 
manufacturer 

B.E.T. area 
pore size 
distribution 

salt 

mixing ratio 
NiCl2/Al203 

m-g 2 „ - l 

r - l 

The University of Michi- University of Amsterdam 
gan 
PSD-350 CK300 
Alcoa Separations Tech- Ketjen (Akzo Nobel) 
nology Inc. 
340 207 
trimodal with a significant no micropores, mesopores 
percentage of mesopores only (max at 5 nm) 
(> 2 nm) 
NiCl2 (Strem Chemical NiCl2-6H20 (Aldrich) 
Inc) 
0.44b 0.12 

a: Data from: (Yang and 
b: The optimum ratio of 
ethene selectivity. 

Foldes, 1996; Padin and Yang, 1997). 

salt over substrate was determined by maximizing ethyne over 

sorbent, whereas sorbent II is prepared from an off-the-shelf precursor. The synthesis pro

cedure was as follows: The alumina (75 - 150 /jm) was outgassed for several hours at 

200°C and < 5 Pascal to determine the dry weight and re-equilibrated with open air for 

24 h at room temperature. The support was mixed with the salt (< 45/ym) and thoroughly 

stirred. The mixture was placed in an open crucible in an oven at 70°C for 80 h with 

occasional stirring. 

5A.2.2 Equilibrium isotherm measurement 

Equilibrium isotherms on sorbent I and its precursor were measured gravimetrically, em

ploying a Cahn system 113 recording microbalance with temperature control. Approxi

mately 10 mg of the sample was loaded into the microbalance and heated to 110°C in dry 

helium to remove water from the sample. Any water present in the system would severely 

limit the performance of the sorbent. The total gas flow rate of the system was kept con

stant at 170 cm3/min, while the composition of the gas phase was varied using calibrated 

rotameters. Hydrocarbon/He mixtures were alternated with pure dry helium to check for 

reversibility of the adsorption. 

The hydrocarbons used were ethene (Matheson, minimum purity 99.5%) and ethyne 

(Matheson, minimum purity 99.6%). The helium gas used was of high purity grade ob-
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tained from Cryogenic Gases with a minimum purity of 99.995%. A 3A zeolite column 

was used to dry all of the gases used. 

Except for the acetone isotherm, the isotherms measured were fully reversible within 

5% of the maximum adsorbed amounts. Helium was used as the carrier gas and for sorbent 

regeneration. In the measurement of isotherms, upon each step change in concentration, 

buoyancy and friction forces were carefully calibrated prior to each measurement (Ackley 

and Yang, 1991). 

Adsorption equilibria on sorbent II and its precursor were measured volumetrically 

on a Sorptomatic 1990 (CE Instruments). The chemisorption version of the Sorptomatic 

1990 contains stainless steel tubing only and a controlled vent from the vacuum system. 

Therefore, all proper precautions for ethyne handling could be observed. The sample 

holder was thermostatted with a Haake DC 10 thermostat. Around 2 g of the sample was 

used for the adsorption measurement. 

To prepare an ethyne source free of acetone for volumetric experiments, ethyne (Prax

air, purity >99.6%) was led over a fully regenerated Si02 trap at low gas space velocity 

while the composition of the outgoing gas was monitored by on-line mass spectrometry 

(MS). Once the regeneration gas (nitrogen) was completely removed from the tubing and 

well before the detection of any acetone the gas was used to fill a 1.5 L lecture bottle up to 

2 bara. Ethene (Praxair, purity >99.7%) was used directly from the bottle. Reversibility 

of the adsorption was checked separately in a thermogravimetric analysis (TGA) setup. 

5A.3 Results 

5A. 3.1 Purification of ethyne 

As mentioned before, ethyne stored in cylinders is commonly dissolved in acetone. Re

moval of traces of acetone has been described in the literature. It could be removed by 

distillation in vacuo (Paniego and Pinto, 1977) or by scrubbing and subsequent drying 

(Lewis et al, 1950). We have devoted much attention to acetone removal and will show 

that it can conveniently be removed by adsorption in a S1O2 bed. Also as mentioned, the 

concentration of acetone exiting the cylinder changes depending on the pressure in the 

tank. A SiC>2 bed was used in this work to purify the ethyne. 

In the TGA setup, the acetone concentrations before and after flowing through the SiC>2 

filter were measured to determine the effectiveness of the SiOi bed. A gas Chromatograph 

equipped with a Porapack Q column with thermal conductivity and flame ionization detec

tors was used to measure the acetone concentration before and after the bed at 5000 (with 
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mass [amu] 

Figure 5A.1: MS spectra of the off gas 
during regeneration of the S1O2 filter 
for ethyne purification. A time window 
of 11 min is shown here. Helium was used 
as the purge gas. 

a new cylinder at 250 psi) and 6 ppm, respectively. 

In a separate experiment, the out-flowing regeneration gas from a saturated Si02 filter 

was monitored by MS, and the results are shown in Figure 5A.1. The data clearly show 

an initial release of ethyne (m/e: 26) from the inter particle voidage and prolonged des-

orption of acetone (m/e: 43, 58 and 15 in a ratio of 100:14:24). This proves that acetone 

accumulates in the filter. 

To determine the effect of the small concentration of acetone (6 ppm) which could 

not be removed by the Si02 trap from the ethyne gas, a single component equilibrium 

isotherm for acetone on the sorbent I was measured at 25°C (Figure 5A.2). As mentioned 

before, the acetone concentration in the ethyne source without the SiO? bed purification 

was measured at 5000 ppm (—0.5 kPa). At this partial pressure, acetone adsorption would 

dominate and overwhelm any ethyne adsorption on this material. At this partial pressure, 
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Figure 5A.2: Single-component equilib
rium isotherms on sorbent I. T= 25°C, 
D: C3H60, • : C2H2 and A: C2H4. The 
line through the acetone data is a fit with 
the Langmuir equation. 
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it can be observed from Figure 5A.2 that acetone adsorption would not be significant. 

Also, because the ethyne uptake was 100% complete in less than 5 min, the cumulative 

effect of acetone adsorption was also minimized. From the experimental conditions, the 

maximum amount of acetone in the sorbent was estimated to be less than 2x 10~6 mmol 

g"1, assuming that 10% of the acetone present in the gas flow through the TGA was 

cumulatively adsorbed by the sample over a period of 5 minutes. Therefore, it is clear that 

the adsorption data presented here are strictly due to ethyne adsorption on NiC^/AhC^. 

The preferential adsorption of acetone over ethyne by SiÛ2 is also clearly illustrated in 

Figure 5A. 1. 

5A.3.2 Adsorption equilibria 

In Figure 5 A.3 the adsorption selectivity for NiCl2/Al203 is compared with the bare AI2O3 

support for sorbents I and II, respectively. 

For sorbent I equilibrium capacities for ethyne and ethene on the AI2O3 support at 

25°C and 1 atm were established at 0.74 and 0.46 mmol g - 1 , respectively and on NiC^/ 

AI2O3 they were at 0.79 and 0.26 mmol g - 1 , respectively. Thus, the pure-component 

selectivity ratio of adsorption for ethyne over ethene increases from 1.6 to 3. 

For sorbent II the increase in selectivity is small. Equilibrium capacities for ethyne and 

ethene on the AI2O3 support at 25°C and around 1.1 atm were measured at 0.42 mmol g^ ' 
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Figure 5A.3: Single component equilibrium isotherms for C2H2 and C2H4 on 
N1CI2/AI2O3 and its A1203 precursor. Left Sorbent I, Right Sorbent II. T= 25°C, 
C2H2: A: A1203, A: NiCl2/Al203; C2H4: o: A1203, • : NiCl2/Al203. 
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(P = 111.3 kPa) and 0.30 (P = 112.8 kPa) mmol g"1, respectively, and on NiCl2/Al203 

they were at 0.37 mmol g"1 (112.6 kPa) and 0.24 mmol g~] (110.8 kPa), respectively. 

Thus, the pure-component selectivity ratio of adsorption for ethyne over ethene increases 

from 1.39 to 1.54. 

5A.4 Discussion 

The differences in sorption selectivity between sorbents 1 and II are not fully understood. 

For one, it may be attributable to the supports used. Sorbent I was prepared using a much 

higher surface area alumina (Table 5A.1). For sorbent II, the surface area of the alumina 

precursor obtained by mercury intrusion ( 194 m2/g) is almost the same as that measured 

by N2 physisorption (207 m2 g"1) and therefore it does not contain micropores. Second, 

the mixing ratio of salt and support differs. Because of the higher surface area, sorbent 

I could accommodate a much larger amount of NiCb and it was prepared based on an 

optimized mixing ratio whereas sorbent II was not. Third, the acidity of the alumina phase 

is likely to influence its ability to anchor the NiCb monolayer. However, NH3 temperature 

programmed desorption yielded very broad peaks (not shown) which offer no evidence for 

this hypothesis. 

When the NiCb monolayer is added on the support, the fraction of porous support 

per gram of sorbent is reduced. For ethene this causes a drop in the amount adsorbed per 

gram of sorbent for both sorbents. For ethyne the ability of the nickel phase to bind ethyne 

can counter this effect. As a result the capacity exceeds the bare support for sorbent I. In 

sorbent II it does not. For both sorbents the increase in selectivity arises mainly from the 

earlier flattening of the ethene curve. Therefore, the selectivity rises with pressure in the 

pressure range studied. 

The presence of adsorbed water severely reduces the ethyne adsorption on this sorbent. 

Ethyne adsorption at 0.2 atm and 25°C on a sorbent I with some adsorbed water and 

one fully dehydrated was measured at 0.15 and 0.36 mmol g - 1 , respectively. Ethyne 

adsorption was reduced by about half by the presence of small amounts of surface water. 

Water is primarily removed during the outgassing procedure. In a volumetric setup 

outgassing is always employed under vacuum of < 5 Pa, whereas in a TGA it is done 

under a dry helium flow. In principle, the volumetric procedure is more rigorous. Whether 

this might have altered the nickel dispersion is not known. 

It is obvious that further optimization of this system is required to develop a sorbent 

capable of separating ethyne from olefins and paraffins by cyclic adsorption processes such 



148 Chapter 5 

as pressure swing adsorption. 

7i-Complexation has gained momentum as a basis for the development of selective sor-

bents in olefin/paraffin separation (Yang and Kikkinides. 1995; Rege et al., 1998). Further

more, stable organometallic monometric Ni(II) complexes containing rc-bonded C2H2 are 

known (Hopkinson, 1978). 71-Bonding provides a plausible explanation for the Ni-C2H2 

bond. However, there is no direct evidence as to the nature of the coordinated ethyne in 

this study. 

In engineering literature, information on ethyne adsorption on Ni(II) is scarce. Kamin-

sky et al. (1998) studied the use of chemisorption to remove traces of ethyne from ethene 

streams. They concluded that 14 wt% Ni(II)0 on AI2O3 hardly complexes ethyne as com

pared to Ni(0) on AI2O3. The latter sorbent was obtained after deep reduction of the for

mer. However nickel metal chemisorbs ethyne and forms ethyl radicals in a hydrogen-free 

environment and, therefore, complexation is irreversible (Eischens and Pliskin, 1958). 

As mentioned, the sorbent properties were affected by sample preparation. Incipi

ent wetness impregnation is a better technique than thermal dispersion, and it has been 

used successfully for preparing selective sorbents for olefin/paraffin separations (Rege 

et al, 1998). This technique remains to be investigated for preparing selective sorbents 

for ethyne. 

5A.5 Conclusions 

Previous reports on sorbents produced by spreading transition metal salts over porous sup

ports with excellent selectivity towards ethyne over ethene (Yang and Foldes, 1996; Padin 

and Yang, 1997) were erroneous because of acetone contamination in the ethyne source. 

One of these sorbents, NiCb on Y-AI2O3, has been revisited. For NiCh on PSD alumina, a 

significant increase in the selectivity towards ethyne compared to the bare alumina support 

was measured. Hence, the selectivity-enhancing effect of the nickel phase is confirmed. 

However, the observed selectivity increase due to the presence of NiCh is only small for 

NiCi2 on CK300 alumina. Therefore, it appears that also the support and the synthesis 

procedure have a strong impact on the selectivity of adsorption. 

7t-Bonding provides a plausible explanation for the reversible nickel-ethyne bond for

mation. 
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Summary 

Reactive separation units, which combine reaction and separation in a single step, are an 

increasing area in chemical engineering research. These potentially offer the advantage 

over traditional reactors of higher conversion and selectivity and capital savings. Ad-

sorptive reactors are reactive separators that use selective adsorption to separate reaction 

species in-situ. In this thesis, the potential of an example of such a reactor, the pressure 

swing reactor (PSR), has been evaluated. 

Research on pressure swing reactors, and reactive separators in general, has mainly 

focussed on operation of reversible reactions: a favorable shift in the chemical equilib

rium is achieved by selective removal of reaction products, resulting in a higher overall 

conversion. In contrast to reversible reactions, the operation of irreversible reactions in 

any adsorptive reactors, has hardly received attention. In this thesis, the operation of irre

versible series reactions in a pressure swing reactor is evaluated. The applicability of two 

operating principles under cyclic, pressure swing operation has been investigated: 

• Removal of an intermediate product by adsorption 

• Staging of a desired reactant by desorption 

In simulation studies, the performance of the pressure swing reactor, containing a mixture 

of catalyst and sorbent, has been bench marked to two traditional reactor alternatives: 

(1) a steady state plug flow reactor with catalyst only and (2) a system with ex-situ pre-

separation consisting of a pressure swing adsorber (with sorbent only) for separation and 

a plug flow reactor in series. Performance is compared with respect to conversion, integral 

reactor selectivity, product purity and productivity. 

By removal of a desired intermediate product from the reactive phase in a series reac

tion, over-reaction to an undesired by-product is suppressed. However, the desired product 

is not obtained directly but it remains in the reactor vessel in an adsorbed state. We have 

shown in chapter 2 that the regeneration mode employed is crucial to selectivity improve

ment. Only for co-current depressurization and purge steps, the recovery of the desired 
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product was accomplished effectively. Whereas a significant selectivity increase is obtain

able for the pressure swing reactor over the plug flow reactor, this goes at the expense of 

productivity. This is due to the quasi continuous nature of the PSR process, since during 

regeneration there is no feed flow to the reactor. We have further found that both out-going 

streams for the PSR are mixtures of all components similar in composition to a plug flow 

reactor. By removal of the intermediate product, reaction and full separation cannot be 

achieved in a single step in the PSR. 

In chapter 3, the accumulation of a reactant as a means to selectively enhance its 

conversion has been investigated under isothermal conditions. In the concept studied, 

the sorbent is assumed thermodynamically selective with regard to this reactant. This 

reactant accumulates inside the vessel by adsorption and the reactor is depleted of the 

competing reactant. The sorbent is regenerated periodically by lowering the pressure and 

the reaction commences when a third reactant is introduced as purge gas. The third reactant 

is involved in the desired as well as in the undesired reaction. Improved reaction selectivity 

and recovery of the desired product have been demonstrated under realistic conditions. No 

monotonie relation between conversion and integral reactor selectivity was found in the 

PSR, but a distinct optimum in conversion exists. In the optimal case, the sorption flux 

and conversion rate of the primary reactant are balanced throughout the regeneration. A 

lower conversion results from slip of the desorbed reactant. A too high purge gas flow rate 

causes slip during the reaction, whereas a too low purge gas velocity causes significant slip 

before the reaction commences. 

The conversion of desorbed reactants maximizes the driving force for regeneration. 

Full regeneration of the sorbent is accomplished in a time just above the theoretical mini

mum. As a result the productivity of the PSR is higher compared to the PSA unit from the 

PSA & PFR in series. However, productivity in the PSR is significantly lower compared 

to the PFR. The main reason for this is that the gas phase concentrations of reactants are 

much lower in the PSR compared to he PFR. 

Temperature may affect the intrinsic catalyst selectivity, and it influences the sorbent 

capacity and reaction rates. The net effect in a PSR cannot be assessed intuitively and thus 

the temperature gradients that develop as a result of the reaction and adsorption have been 

incorporated explicitly in the simulations in a study on the operation of exothermic series 

reactions in the pressure swing reactor described in chapter 4. At first sight one might 

expect the heat of reaction to cause a general heating of the unit which would result in a 

break-down of the PSR concept due to the reduced sorption capacity. We have demon-
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strated that the heat generated by the reaction does not necessarily render the PSR concept 

inviable. External cooling is necessary, however, and purge times must be extended to 

attain a regenerated sorbent and a sufficiently cold bed. We show that when desorption 

is the rate-limiting step, this goes without loss in productivity compared to the isothermal 

case. 

External cooling is important for operation of exothermic reactions to guarantee reactor 

stability and prevent run-aways. In a PFR, reaction rates are predominantly controlled 

via the catalyst temperatures. In contrast, in the PSR, a self control is exerted by the 

fact that the reactant needs to desorb prior to reaction. As a result, the external cooling 

capacity required for the PSR is comparable to that of the PSA in the PSA & PFR in series 

configuration and is orders of magnitude lower than that required for the PFR units (both as 

stand-alone and in series with the PSA). Even for a cooled reactor, significant temperature 

gradients develop in the bed which affect various aspects of the cyclic operation. When 

the catalyst selectivity decreases with increasing temperature, the cooled PSR can attain 

superior selectivity over the PFR for a wider operating range compared to the isothermal 

PSR. 

The requirements a sorbent has to meet to obtain superior reaction selectivity over the 

reactor alternatives were established by the simulation studies described above. To operate 

a series reaction at enhanced selectivity in a PSR, a sorbent is needed which is thermody-

namically selective towards the primary reactant and which exhibits comparatively slow 

sorption kinetics. As part of this thesis work, the application of the PSR principles to the 

selective hydrogénation of ethyne in ethene has been studied experimentally in chapter 5. 

The removal of ethyne from the ethene stream obtained in cracking plants is an important 

step in the manufacture of polymer grade ethene. The reaction is industrially carried out 

at 25 bar and 40°C which would allow significant reversible sorption of the hydrocarbons 

onto porous solids. Promising sorbents based on rc-complexation have been reported in the 

literature. We have shown that these claims were erroneous. None of the screened sorbents 

exhibit a sufficient thermodynamic selectivity. A molecular sieving carbon has been found 

that shows kinetic selectivity towards ethyne. Its selectivity was, however, insufficient to 

render separation by pressure swing operation feasible. 

In this thesis, we have established the main criteria to apply PSR reactors successfully 

for irreversible series reactions. The current challenge is to find applications that fulfill 

these criteria. 





Samenvatting 

In reactieve scheidingsmodules worden chemische reacties en scheiding van het reactie

mengsel simultaan uitgevoerd. Binnen de chemische technologie is dit een groeiend on

derzoeksgebied. In vergelijking met traditionele reactoren bieden reactieve scheidings

modules mogelijkerwijs de volgende voordelen: hogere omzettingsgraad en productse-

lectiviteit en besparing op apparatuurkosten. Reactieve adsorptiemodules zijn reactoren 

waarin de in-situ scheiding van het gasvormige reactiemengsel plaatsvindt door selectieve 

adsorptie op poreuze vaste stoffen. Dit proefschrift behandelt een voorbeeld van een reac

tieve adsorptie module: de reactor met oscillerende druk (pressure swing). 

Onderzoek naar dit type reactoren, en naar reactieve scheidingsmodules in het al

gemeen, heeft zich tot nu toe voornamelijk gericht op toepassing in evenwichtsgelimi-

teerde reacties. Verschuiving van het chemische evenwicht wordt bereikt door selec

tief één van de reactieprodukten te verwijderen. In vergelijking met traditionele reac

toren is de omzettingsgraad hoger in dit type reactoren. Daarentegen is het uitvoeren van 

niet-evenwichtsreacties in reactieve scheidingsmodules nauwelijks onderzocht. Dit proef

schrift evalueert het uitvoeren van een onomkeerbare seriereactie in een pressure swing 

reactor. De toepasbaarheid van twee principes onder periodieke operatie is onderzocht 

met het oog op verhoging van de selectiviteit naar het tussenproduct. Deze principes zijn: 

• Verwijdering van het gewenste tussenproduct door middel van adsorptie 

• Gecontroleerde toevoeging van de gewenste reactant door middel van desorptie 

Door middel van computersimulaties is de prestatie van de pressure swing reactor, gevuld 

met een mengsel van katalysator en adsorbens, vergeleken met twee traditionele alter

natieven: (1) een stationair geopereerde propstroomreactor gevuld met louter katalysator 

en (2) een voorscheiding door middel van selectieve adsorptie in een adsorptiekolom onder 

oscillerende druk, gevolgd door een reactiefase in een stationair geopereerde propstroom

reactor. De prestaties zijn uitgedrukt in de omzettingsgraad, de reactieselectiviteit, de 

productzuiverheid in de productstromen en de doorzet. 
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Door middel van verwijdering uit de reactieve zone van het gewenste tussenproduct 

in een seriereactie wordt de vervolgreactie tot een ongewenst bijproduct onderdrukt. Het 

gewenste tussenproduct wordt echter niet rechtstreeks afgevoerd, maar in geadsorbeerde 

vorm opgeslagen in de reactor. In hoofdstuk twee laten we zien dat de manier waarop het 

product wordt verwijderd van het Sorbens, cruciaal is voor het verbeteren van de selec

tiviteit in de reactor. Alleen als de drukverlagings- en spoelstap in meestroom worden 

uitgevoerd is efficiënte regeneratie mogelijk. Hoewel een significante verbetering van de 

selectiviteit mogelijk is, gaat dit ten koste van de productiecapaciteit. Dit komt door het 

discontinue karakter van de pressure swing reactor. Er is geen voeding van reactanten 

tijdens de regeneratie van het adsorbens. Beide productstromen van de pressure swing 

reactor zijn mengsels van alle reactiecomponenten. Dit is vergelijkbaar met de product-

stroom van de propstroom reactor. We concluderen dan ook dat bij verwijdering van 

het gewenste tussenproduct middels adsorptie, reactie en volledige scheiding niet in één 

processtap bereikt kunnen worden in de pressure swing reactor. 

Door adsorptie kan een reactant geaccumuleerd worden in de reactor. Dit principe 

kan ook gebruikt worden voor verbetering van de reactieselectiviteit. In hoofdstuk drie 

is dit bestudeerd onder isotherme condities. In dit concept is het adorbens thermody-

namisch selectief voor de primaire reactant. Periodiek wordt het adsorbens geregenereerd 

door verlaging van de druk. De reactie start als een derde reactant, die zowel betrokken 

is bij de gewenste als bij de ongewenste reactie, wordt toegevoegd als spoelgas. Ver

beterde reactieselectiviteit en opbrengst van het gewenste product zijn aangetoond onder 

realistische omstandigheden. Er bestaat geen monotone relatie tussen omzettingsgraad 

en reactieselectiviteit in de pressure swing reactor, maar er is een scherp optimum in de 

conversie. In dit optimum is de desorptieflux van de primaire reactant gelijk aan zijn 

omzettingssnelheid gedurende de gehele regeneratie van het Sorbens. Lagere conversie 

van het reactant wordt veroorzaakt door de uitstroom van niet gereageerd reactant. In het 

geval van een te hoge spoelgassnelheid vindt deze uitstroom plaats gedurende de gehele 

regeneratie terwijl bij een te lage snelheid van het spoelgas er een significante uitstroom 

van niet-gereageerd reactant plaatsvindt voordat de reactie start. 

De chemische omzetting van gedesorbeerd reactant vergroot de drijvende kracht voor 

regeneratie. Regeneratietijden net boven het theoretische minimum zijn mogelijk. Hier

door ligt de doorzet van de pressure swing reactor hoger dan bij die van een adsorptiekolom 

en propstroomreactor in serie. De doorzet van de propstroom reactor is echter veel hoger 

dan die van de pressure swing reactor. De voornaamste oorzaak is de veel lagere gasfase 
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concentratie van de reactanten in de pressure swing reactor ten opzicht van de propstroom 

reactor. 

De temperatuur kan de selectiviteit van de katalysator beïnvloeden en heeft invloed 

op de adsorptiecapaciteit en de reactiesnelheden. Deze effecten zijn meegenomen in de 

studie naar het uitvoeren van exotherme reacties in de pressure swing reactor in hoofdstuk 

vier. Op het eerste gezicht lijkt de reactiewarmte een algehele opwarming van de module 

te veroorzaken die de adsorptiecapaciteit van de pressure swing reactor vermindert en het 

concept teniet doet. We hebben echter laten zien dat de reactiewarmte de uitvoering niet 

in alle gevallen onmogelijk maakt. Externe koeling van de reactor is echter noodzakelijk 

en de regeneratietijd moet lang genoeg zijn om het Sorbens te regenereren en de module 

voldoende af te koelen. We hebben laten zien dat deze extra voorwaarde niet ten koste 

hoeft te gaan van de doorzet die bereikt wordt onder isotherme omstandigheden. 

Externe koeling is belangrijk voor het stabiel uitvoeren van exotherme reacties en 

het voorkomen van een ongecontroleerde omzetting. In een propstroomreactor wordt de 

reactiesnelheid voornamelijk gecontroleerd via de temperatuur van de katalysator. In de 

pressure swing reactor is echter een extra controlemechanisme aanwezig doordat één van 

de reactanten moet desorberen voor hij kan reageren. Het voornaamste gevolg hiervan 

is dat de benodigde externe koelcapaciteit van de pressure swing reactor vergelijkbaar is 

met die van de adsorptiekolom in de scheider en reactor in serie optie. De benodigde 

externe koelcapaciteit van de pressure swing reactor is veel lager dan die benodigd is 

voor de propstroom reactoren (zowel voor de losse propstroom reactor als voor de prop

stroom reactor in serie geschakeld met de scheider). Zelfs in een gekoelde pressure swing 

reactor ontwikkelen zich behoorlijke temperatuurverschillen. Deze beïnvloeden verschil

lende aspecten van de pressure swing reactor. In een casus met afnemende katalysator 

selectiviteit bij oplopende temperatuur is, ten opzichte van de isotherme casus uit hoofd

stuk drie, het operatiegebied waarbinnen de pressure swing reactor een betere integrale 

reactorselectiviteit heeft vergroot. 

De eisen waaraan een Sorbens moet voldoen in de pressure swing reactor voor het 

behalen van hogere reactieselectiviteiten ten opzichte van de alternatieve reactoren zijn 

bepaald in de hierboven besproken simulatiestudies. Voor toepassing van het tweede 

principe is een sorbens nodig dat thermodynamisch selectief is naar de primaire reactant 

en dat een relatief trage adsorptiekinetiek heeft. Als onderdeel van dit promotieonderzoek 

is de selectieve hydrogenering van ethyn in overmaat etheen in een pressure swing reactor 

experimenteel onderzocht. De verwijdering van ethyn uit etheengas geproduceerd in kra-
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kers is een belangrijke stap in de productie van etheen. De reactiecondities (25 bar druk 

en 40°C) zijn gunstig voor adsorptie op poreuze stoffen. Veelbelovende adsorbensia voor 

ethyn, gebaseerd op reversibele 7r-complexatie zijn beschreven in de literatuur. We hebben 

echter laten zien dat deze resultaten onjuist zijn. Geen van de onderzochte adsorbensia 

bezit voldoende thermodynamische selectiviteit. Een macroporeuze kool is gevonden die 

kinetische selectiviteit voor ethyn vertoont. Deze selectiviteit is echter onvoldoende om 

scheiding op basis van oscillerende druk mogelijk te maken. 

In dit proefschrift zijn de voornaamste criteria afgeleid voor een succesvolle toepassing 

van de pressure swing reactor in de operatie van irreversibele seriereacties. De volgende 

uitdaging is om voorbeeldreacties te vinden. 



Samenvatting voor familie en vrienden 

Tijdens mijn afstudeeronderzoek in 1995 heb ik mijn moeder eens danig laten schrikken. 

Ik probeerde haar in begrijpelijke taal uit te leggen waar ik mee bezig was. Ze begreep 

echter dat ik huisdieren mishandelde! Ik had verteld dat ik aan een assessmentprocedure 

voor "katten" werkte. In de procedure onderzocht ik kandidaten door er voortdurend tegen

aan te trappen. Mijn afstudeerbegeleiders en ik waren er namelijk van overtuigd dat dit de 

meest effectieve methode was om zo snel mogelijk zo veel mogelijk over de kandidaat-

kat te weten te komen. De "kat" in mijn verhaal was echter geen huisdier, maar jargon 

voor katalysator. Een katalysator is een stof die scheikundige reacties versnelt, zonder zelf 

verbruikt te worden. Daarnaast voetbalde ik ook niet met potjes gevuld met dit poeder, 

maar veranderde ik plotseling de verhouding van de reagerende stoffen. Mijn promotie

onderzoek staat nu beschreven in dit boekje. Alle formules en grafieken wekken misschien 

de indruk dat dit onbegrijpelijke kost is voor een niet-scheikundige. In deze samenvatting 

wil ik echter opnieuw een poging wagen om uit te leggen waar ik de afgelopen jaren aan 

heb gewerkt. 

Scheikundige reacties vinden bijna nooit spontaan plaats. Zo verbrandt aardgas alleen 

bij de hoge temperatuur die heerst in een vlam. Katalysatoren worden gebruikt om schei

kundige reacties onder minder extreme omstandigheden snel te laten plaatsvinden. Zo zet 

de drie-weg-katalysator een aantal vervuilende stoffen in het uitlaatgas van benzinemo

toren om in minder- of niet-schadelijke stoffen. Katalysatoren die reacties tussen gassen 

versnellen bestaan vaak uit kleine metaaldeeltjes die verspreid liggen in sponsachtige kor

reltjes. 

Het resultaat van een scheikundige reactie is meestal een mengsel van stoffen. Hierin 

zitten resten van de uitgangsstoffen, het gewenste product en afvalproducten. Dit mengsel 

moet vervolgens gescheiden worden. Eén van de manieren om gasmengsels te scheiden is 

door hechting (adsorptie) van één van de stoffen uit het mengsel op een hechtend oppervlak 

(adsorbens). Alledaagse voorbeelden hiervan zijn bijvoorbeeld Bison vochtvreter of de 

zakjes die in een vuurwerkverpakking zitten. Deze artikelen adsorberen selectief water-

damp uit de lucht. 
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Adsorbentia nemen gassen op tot ze verzadigd zijn. Alle plaatsen op het oppervlak 

waar het gas kan hechten zijn dan bezet. Daarna wordt er niets meer opgenomen en dus 

ook niets meer gescheiden. Hoe hoger de druk van het gasmengsel, hoe meer er gead

sorbeerd wordt. Vervolgens moet het oppervlak weer schoongemaakt worden. In een 

scheidingsvat volgen scheidings- en schoonmaakstappen elkaar voortdurend op. Je kunt 

een adsorbens schoonmaken door het te verwarmen. Bison vochtvreter moet bijvoorbeeld 

ook af en toe in de oven worden gezet. Bij verwarming laat het gas weer los van het op

pervlak. Een andere manier om het gas los te maken, is verlaging van de druk van het gas. 

Deze laatste methode wordt vaak gebruikt. In het vat wisselen hoge en lage druk elkaar 

dus steeds af. Daarom noemen we dit een "pressure swing" vat. Pressure swing wordt 

bijvoorbeeld gebruikt op de meeste intensive care afdelingen van ziekenhuizen. Daar staat 

in de buurt van ieder bed een vat met een adsorbens dat ter plaatse lucht scheidt in stikstof 

en zuurstof en zo de zuurstof voor de beademing levert. 

In een conventioneel pressure swing vat vindt alleen adsorptie plaats. Ik heb een 

stap verder gezet door korrels katalysator en adsorbens te mengen. Hierdoor kunnen de 

scheikundige reactie en de scheiding van het gasmengsel gelijktijdig plaatsvinden. Ik 

ben niet de eerste geweest die dat heeft gedaan, maar heb wel als eerste gekeken naar 

de toepassing hiervan voor een bepaalde groep scheikundige reacties: de seriereacties. 

In de eenvoudigste seriereactie vinden twee scheikundige reacties na elkaar plaats. De 

uitgangsstof wordt omgezet in een tussenproduct. Het tussenproduct reageert vervolgens 

verder tot het eindproduct. In de gevallen die ik heb bestudeerd was het tussenproduct 

echter het gewenste product. 

Omdat scheiding en scheikundige reactie tegelijk plaatsvinden, beïnvloeden ze elkaar 

ook. In het ideale geval kunnen ze elkaar stimuleren. Ik heb gekeken naar twee mo

gelijkheden. In het eerste geval wordt het tussenproduct onmiddelijk geadsorbeerd nadat 

het gevormd is. Hierdoor kan het niet verder reageren tot een ongewenst product. In het 

tweede geval adsorbeert de uitgangsstof aan het oppervlak. Hierdoor hoopt deze stof zich 

op in de reactor. Deze ophoping bevordert vervolgens de omzetting tot het gewenste pro

duct. In mijn proefschrift heb ik geëvalueerd wat de mogelijkheden zijn om deze principes 

toe te passen in de pressure swing reactor. 

Ik heb bijvoorbeeld onderzocht wat het beste tijdsinterval is om hoge en lage druk 

af te wisselen. Vergelijk het eens met de volgende situatie. Je kampeert en hebt een 

koelbox en twee koelelementen. Het is warm en je wilt je drank zo koel mogelijk houden. 

Eén koelelement houdt de koelbox koel, terwijl het andere in de vriezer ligt. Je kunt 
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ervoor kiezen met één koelelement de koelbox lang te koelen. Dan krijgt het andere de 

tijd om koud te worden in de vriezer. Wellicht is het echter beter de koelelementen vaker 

te verwisselen. Het ene warmt dan steeds maar een beetje op in de koelbox en terwijl het 

andere een beetje afkoelt in de vriezer. Het is niet direct te voorspellen welke methode 

beter is en hoe lang je moet wachten met verwisselen om gemiddeld het koudste resultaat 

te verkrijgen. Een vergelijkbare situatie geldt in een pressure swing reactor. Ook daar kun 

je nauwelijks voorspellen wanneer de reactor in de praktijk optimaal presteert. 

Om het gedrag van een pressure swing reactor beter te begrijpen en te voorspellen, 

heb ik een beschrijving gemaakt van zo'n reactor. Hierbij heb ik de essentiële kenmerken 

van de reactor in wiskundige vergelijkingen beschreven (een model) en de vergelijkingen 

vervolgens met een computer opgelost. Zo kon ik snel voor veel gevallen (bijvoorbeeld 

een hele reeks verschillende verwisseltijden) de prestatie van de reactor uitrekenen. 

Ik kan concluderen dat de adsorptie van het tussenproduct inderdaad de vervolgreactie 

vertraagt. We moesten dan wel een ietwat ongebruikelijke schoonmaakmethode gebruiken 

om ons gewenste tussenproduct te verzamelen. Het lukte echter niet om dit product dan 

ook nog zuiver in handen te krijgen. Ook met de tweede methode, het ophopen van de 

uitgangsstof, kregen we meer van het gewenste tussenproduct. Hier lukte het wel om een 

deel van dit product zuiver in handen te krijgen. Ik heb tevens vastgesteld dat de eisen 

waaraan het adsorbens moet voldoen, hoog zijn, maar niet onhaalbaar. 

Bij al deze resultaten, bleef het echter altijd de vraag of ik het model niet te eenvoudig 

had gemaakt en daarmee niet meer representatief voor een echte reactor. Ik heb daarom 

ook geprobeerd aan te tonen dat de voorspellingen klopten met één specifieke seriereactie. 

Deze reactie was de omzetting van acetyleen naar etheen, waarbij het de bedoeling was 

dat de etheen niet verder reageerde tot ethaan. Deze reactie is een van de productiestappen 

in de fabricage van plastic zakken. Voor deze reactie was de katalysator al bekend, maar er 

was nog geen geschikt adsorbens. Een Amerikaanse onderzoeksgroep presenteerde echter 

onderzoek naar veelbelovende adsorbentia. Toen ik de gerapporteerde eigenschappen in 

mijn model stopte, bleken ze ruimschoots te voldoen. Ik heb de adsorbentia nagemaakt, 

maar bij ons bleken ze acetyleen slecht te adsorberen. Ten slotte bleek dat de Amerikanen 

een fout hadden gemaakt in hun metingen. De adsorbentia bleken helemaal niet zo goed. 

We hebben toen samen hun eerdere resultaten gerectificeerd. Ondertussen had ik zelf 

ook geen ander adsorbens gevonden dat goed genoeg was, en ik ben dan ook gestopt met 

verdere experimenten. 

Wetenschappers kunnen in mijn proefschrift lezen wat de mogelijkheden zijn om de 
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pressure swing reactor te gebruiken voor het uitvoeren van seriereacties. Zo kunnen ze 

bijvoorbeeld kijken of hun adsorbens en katalysator de juiste eigenschappen hebben. 

Voor alle duidelijkheid: ik heb niet aan koelboxen gewerkt. 
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door wie ik drukbestendig bleef en ik ben gelukkig af en toe door en met anderen van druk 
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er twee mensen gekomen zijn om jouw plek op te vullen, zegt eigenlijk genoeg. Beiden 

bedankt! 

Als eerste kolonist op C6.16' heb ik veel kamergenoten voor kortere tijd gehad: Profes
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elkanders werk zelf altijd sterk gevoeld en gewaardeerd. Tycho en Bart, ik vind het erg 

leuk dat wij drieën als C6.16' straks in de aula staan. 

Ik heb drie maanden met Jacques de Bruijn samengewerkt aan de modellering van een 

industriële adsorber. Ik heb een leuke tijd gehad op SRTCA en veel geleerd tijdens deze 

welkome afwisseling. Ik vind het erg leuk om er weer "terug" te zijn. Er is veel veranderd, 

maar de sfeer is goed gebleven. 
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Barbara, dat ben jij! 
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