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Introduction Introduction 

Introductio n n 

Mainn contribution s 

Thiss thesis brings the following contributions to the field of integration between 

designn and control: 

1.. Systemic, two-level approach to integrated design and control of chemical processes. This 

involves:: i) design of controllable basic flowsheet structures (BFS), the building blocks of 

chemicall  plants, and ii) coupling the BFS in a controllable flowsheet. The approach is 

compatiblee with the hierarchical methodology of conceptual design. 

2.. Guidelines for controllable design of a heat-integrated distillation system with 

prefractionator,, recommending the forward heat-integrated alternative. 

3.. Nonlinear approach to problems where state multiplicity and instability limits the range of 

controllablee designs. Desirable regions of operation and potential stability or operability 

problemss are found after dividing the space of design parameters in regions with different 

steady-statee and dynamic bifurcation diagrams. The approach is applied to heat-integrated 

chemicall  reactors, for which a design methodology is proposed. 

4.. Steady-state classification of ideal, binary distillation by rigorous application of the 

singularityy theory. In this way, all possible bifurcation diagrams are identified. The effect 

off  physical and design parameters on the location and extent of multiplicity region is 

presented. . 

5.. Introduction of plant Damkohler number (Da) to study the nonlinear behaviour of the 

reactorr separator-recycle systems. It is demonstrated that, for feasible operation, Da must 

exceedd a critical value Da", corresponding to a bifurcation point of the mass balance 

equations.. When Da is close to DaCT, control structures manipulating reaction conditions 

aree recommended. For large values of Da, reaction conditions may be kept constant. 

5 5 



Introduction Introduction 

Motivatio n n 

Inn an early paper, Ziegler and Nichols (1943) remarked that... 

".... it is important to realise that controller and process form a unit; credit or 

discreditt for results obtained are attributable to one as much as the other. A poor 

controllerr is often able to perform acceptably on a process which is easily controlled. 

Thee finest controller made, when applied to a miserably designed process, may not 

deliverr the desired performance." 

Thiss thesis addresses the problem of integrating conceptual design and plantwide 

control.. To give a comprehensive presentation, the thesis may be divided into three parts. 

First,, a systemic approach to integration between conceptual design and plantwide control is 

presented.. Afterwards, design of controllable basic flowsheet structures (BFS) is considered. 

Finally,, the nonlinear behaviour of reactor - separator - recycle systems is analysed, in order 

too account for the effect of BFS coupling on the overall controllability. 

Linearr  approach 

Thee most common approach to integration of process design and control is linear 

controllabilityy analysis. Because all process controllers seek to invert the process they control, 

anyy feature of the process which inhibits this mathematical inversion is a fundamental 

limitationn to control performance. Consequently, the controllability of a process design can be 

assessedd without the need to design the control system and simulate closed-loop dynamic 

behaviour.. Based on this ideas, many linear controllability indicators (Skogestad and 

Postlethwaite,, 1996) have been proposed and employed with good results. In this thesis, this 

diagnosis-orientedd approach is used to analyse the interaction between design and control a 

heat-integratedheat-integrated distillation system. Several designs alternatives are considered, their 

controllabilityy properties are analysed and guidelines for controllable design are derived. 

Nonlinearr  approach 

Nevertheless,, chemical plants are nonlinear systems. The nonlinearity of chemical 

processess manifests as parametric sensitivity, state multiplicity, instability, or oscillatory 

behaviourr (Seider and Brengel, 1991). These features can be predicted by singularity 

(Golubitskyy and Schaeffer, 1985) and bifurcation (Guckenheimer and Holmes, 1983) theories, 

whichh have been extensively applied in the field of chemical reaction engineering. However, 
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Introduction Introduction 

feww applications to design are reported (Russo and Bequette, 1995, Heiszwolf and Fortuin, 

1997,, Khinast et al., 1998). The ideas behind the synthesis-oriented nonlinear approach to 

integratee design and control are presented below. 

Generally,, the dependence of system's state vs. one distinguished operating variable 

(bifurcationn parameter) is presented in bifurcation diagrams. Then, codimension-2 bifurcation 

varietiess are computed. They divide the space of the remaining parameters into regions 

correspondingg to qualitatively-different bifurcation diagrams. This way, desirable regions of 

operationn and potential stability or operability issues are identified. Design alternatives near 

thee bifurcation varieties generally should be avoided. The reason is that die uncertainty of the 

designn parameters and the disturbances affecting the process may shift the operating point to a 

regionn where the qualitative behavior is different from the expected one. Then, undesirable 

phenomenaa may occur: loss of stability, reaction ignition or extinction, reverse sign of the 

gainn in control loops, etc. Moreover, close to bifurcation points, high sensitivity to 

disturbancess is expected. 

InIn this thesis, design and control of heat-integrated plug-flow reactors, binary 

distillation,distillation, and reactor-separator-recycle systems are considered by a nonlinear approach. 

Thesi ss overvie w 

Eachh chapter is written in the form of an article, including abstract, conclusions, 

literaturee references and notation sections. Thus, the chapters may be read independently. 

Chapterr  1. Integration of conceptual design and plantwide control 

PreviousPrevious work 

Inn the hierarchical approach to conceptual design (Douglas, 1988), the design process 

iss viewed as a hierarchy of activities in stages of increasing complexity. Because each stage 

inheritss information from its predecessors, the complexity is incremental and can be easily 

managed.. This approach proved successful in a broad range of applications. 

Thee plantwide control problem refers to design of the control loops needed to operate 

ann entire process and achieve its design objectives. However, it is not concerned with tuning 

andd behaviour of all control loops in a chemical plant, but rather with the control philosophy 

off  the overall plant (Skogestad and Larsson, 1998), with emphasis on the structural decisions 

(i.e.. what are the controlled outputs, manipulated inputs, measurements, control configuration 

andd controller type). 
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Introduction Introduction 

Duringg the last decade, many articles focussing on plantwide control have been 

published.. A partial list includes Price and Georgakis (1993), Ponton and Liang (1993), Price 

et.. al, (1994), Luyben et al. (1997), Ng and Stephanopoulos (1998), Zheng et al. (1999). 

Integrationn between plantwide control and conceptual design aims towards generation 

off  controllable design alternatives. Nevertheless, the above-cited papers invariably consider 

fixedd flowsheet structure and a fixed operating point. An exception is a study of reactor-

separation-recyclee processes performed be Lyman et al. (1996). The first step of their method 

wass the identification of the design decisions, which are related to flowsheet configuration, 

unitt sizing, and control structure. The authors recommend to keep the number of design 

decisionss small, a limit of six being suggested. Then, the effect of process design, control 

structuree and controller tuning on the dynamic performance was studied by designed 

experimentationn and extensive dynamic simulation. 

OriginalOriginal contribution 

However,, generating all design alternatives of a chemical process is a very difficult 

task,, because the number of design decisions is very large. Moreover, designed 

experimentationn requires huge modelling and simulation effort. Consequently, a better design 

methodologyy incorporating controllability aspects is needed. We remark that the difficulty of 

thee problem stems from the limited information available at the early stages of design, in 

contrastt with the considerable consequences of the decisions taken. 

Chapterr  1 addresses the problem of integrating conceptual design and plantwide 

controll  by a systemic approach. Process plants are represented as subsystems, called basic 

flowsheett structures (BFS), that interact through material and energy streams. Each BFS has 

associatedd control objectives that can be achieved by manipulating local variables. The task of 

thee plantwide control system is to coordinate the BFS, by setting their control objectives. This 

representationn reveals two steps for integrating conceptual design and plantwide control: 

1.. Design controllable BFS. 

2.. Couple the basic flowsheet structures in such a way that a controllable system is obtained. 

Thiss way, it is possible to consider the plantwide control at a fundamental level of the 

hierarchicall  procedure of conceptual design. More specifically, the recycle structure of the 

flowsheet,, the reactor, and the performance of the separation units (product purity or 

recovery)) establish the mass balance. The reactor and separation are assumed to be 

controllable,, but this is set as an explicit task for their design. Plantwide control structures can 
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Introduction Introduction 

bee proposed and their performance can be assessed based on steady state sensitivity analysis 

orr on more advanced tools. The methodology, summarised in Table 0.1, was applied to 

toluenee hydrodealkylation (HDA) plant. 

Tablee 0.1 Summary of integrating conceptual design and plantwide control. 

Conceptuall  design Locall  control Plantwidee control 

0.. Initia l information 
Chemistry. . 
Raww materials. 
Productt specification. 
Economicc constraints 
1.Input-output t 
Feedd streams and purification. 
Recyclee reactants and reversible 
by-products.. Purge and bleed 
streams.. Outlet streams. 
Overalll  mass balance. 

2.. Recycle structure 
Recyclee streams. 
Materiall  balance with recycles. 
Reactorr design. 

3.. Separatio n syste m 
Generall  structure. 
Vapourr recovery and gas 
separations.. Solid recovery and 
separations.. Liquid separation. 
Designn variables by 
optimisation. . 

Productionn range and grades 
Raw-materialss variability 

Reactorr control Identify plantwide controlled and 
manipulatedd variables. 
Proposee control structures, based on 
simplifiedd material balance. 
Behaviourr of the reactor-separator-
recyclee system: set constraints for 
thee design variables; identify 
disturbancess affecting the 
separationn section. 

Controll  of the separation Evaluate control structures for 
unitss economic optimum operating 

point t 

Ensuree that all control-related constraints found at level 2 are 
fulfilled. . 

4.Energyy integratio n 
Heatt exchanger network. 

5.. Implementatio n of proces s 
contro l l 

Ensuree that controllability 
iss preserved. 

locall  heat-integration and 
decouplingg through the utility 
systemm improves controllability 

Dynamicc modelling, controller tuning, and dynamic simulation. 
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Chapterr  2. Heat-integrated, complex distillation arrangements 

AA heat-integrated prefractionator / side-stream column configuration for ternary 

separationn was chosen as a case study for the diagnosis-oriented, linear approach to integrate 

designn and control of basic flowsheet structures. 

PreviousPrevious work 

Duee to the higher cost of energy during the last decade, there is an increased interest in 

heat-integrated,, complex distillation arrangements. These alternatives have, for some range of 

feedd composition, lower energy consumption than the conventional configurations (Petlyuk 

et.. al, 1965, Alatiqi and Luyben, 1985, Doukas and Luyben, 1978a, Cheng and Luyben, 

1985).. However, the dynamics and control of these systems is as important as energy saving 

(Freyy et. al, 1984, Doukas and Luyben, 1978b, Alatiqi and Luyben, 1986, Ding and Luyben, 

1990). . 

OriginalOriginal contribution 

Forr conventional distillation columns, rules endorsed by industrial experience lead to 

controllablee designs. More decisions, for which no guidelines are available, are involved in 

thee design of complex configurations. They affect the controllability properties, besides 

energyy consumption, total annual cost or other economic index. However, a fixed design was 

assumedd in the previous studies on controllability of heat-integrated complex distillation 

arrangements.. Hence, interaction between design and control was not addressed. 

Chapterr  2 (Bildea and Dimian, 1999a) investigates the interaction between design 

andd control of a heat-integrated prefractionator / side-stream column configuration for ternary 

separationn (Figure 0.1). For this arrangement, an important design decision refers to the split 

betweenn the light and heavy components to be performed in the prefractionator. According to 

this,, several designs are possible. They are presented and discussed, for both the forward and 

reversee heat-integration alternatives. Multi-input multi-output (MIMO) controllability 

analysiss is performed based on linear models. 

Forr the forward heat-integration arrangement, the design with a small prefractionator 

performss better. It has excellent controllability properties and good composition control can 

bee obtained using only temperature measurements. The reverse heat-integrated alternative is 

moree interactive. In this case, good control can be achieved only if at least one composition 

analyserr is available. Controllability is improved if a sharp split between the light and heavy 

componentss is performed in the prefractionator. 
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Figuree 0.1. Prefractionator  / side stream column configuration for  ternary 
separation n 

Chapterss 3-4. Nonlinear  approach to design of heat-integrated reactors 

PreviousPrevious work 

Fromm the rich literature about the nonlinear behaviour of reacting systems, only a few 

articless are dedicated to heat-integrated chemical reactors. Lovo and Balakotaiah (1992) 

computedd the uniqueness-multiplicity boundary of the tubular reactor with internal or external 

heatt exchange and CSTR with external heat exchange. For limiting cases, they presented 

analyticall  expressions of the ignition, extinction, and cusp points. Subramanian and 

Balakotaiahh (1996) classified the steady-state and dynamic behaviour of several distributed 

reactorr models, including the CSTR with external heat exchange and the tubular reactor with 

internall  heat exchange. 

OriginalOriginal contribution 

Whenn the work presented in this thesis was started, the author faced the unsuccessful 

simulationss of the toluene hydrodealkylation plant. A close look to the convergence process 

revealedd the cause: the heat-integrated reactor exhibited multiple steady states, and the 

ignited,, middle or extinguished steady state was found, depending on the tear-streams 

initialisation.. Then, the author realised the analogy between the dynamic behaviour of the 
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Introduction Introduction 

plantt and converging its steady state simulation by the direct-substitution method. Hence, it 

becamee apparent that nonlinearities play an important role in operability. Nevertheless, from 

thee previous studies it was not clear how the results of nonlinear analysis should be applied to 

designn controllable plants. Later, when the nonlinear study of the heat-integrated PFR was 

completed,, a methodology emerged: divide the space of the design parameters into regions 

withh different steady-state and dynamic bifurcation diagrams by computing loci of 

codimension-22 singular points, and identify desirable regions of operation and potential 

stabilityy or operability issues. Simultaneously with the work presented in this thesis, Khinast 

ett al. (1998) applied the same methodology for the continuously stirred decanting reactor. 

Chapterr  3 (Bildea and Dimian, 1998) studies the steady-state and dynamic behaviour 

off  the heat-integrated PFR. (Figure 0.2). A first-order, irreversible, exothermic reaction, and 

adiabaticc reactor operation is considered. 

4c c 

TTA A STEAMM GENERATOR 

T, T, 

FEHE E 

r. . 

4h h 

FURNACE E 

REACTOR R 

Figuree 0.2. Heat-integrated PFR. 

Thee steady-state and dynamic behaviour is classified by computing the hysteresis, 

isola,, boundary-limit, double-zero and double-Hopf varieties. State multiplicity, isolated 

solutionn branches and oscillatory behaviour are possible for realistic values of model 

parameters.. The influence of reaction kinetics and thermodynamics and FEHE efficiency on 

thee extent of multiplicity region is studied. Subsequently, it is discussed how the results can 

bee used to avoid operational problems and a design methodology is proposed. Three reaction 

systemss with different kinetic and thermodynamic characteristics are used as examples. 
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Chapterr  4 (Bildea and Dimian, 1999b, Bildea et. al, 2001) analyses a more complex 

system:: first-order, reversible, exothermic reaction, and adiabatic operation in a two-bed 

tubularr reactor. Again, steady-state and dynamic classification is achieved by computing the 

hysteresis,, isola, boundary-limit, double-zero and double-Hopf varieties. State multiplicity, 

isolatedd branches and oscillatory behaviour are possible for realistic values of model 

parameters.. Subsequently, it is shown how the results may be used to avoid operational 

problems. . 

Chapterr  5. Control of heat-integrated reactors 

PreviousPrevious work 

Controll  of heat-integrated reactors was considered mostly by linear techniques. 

Silversteinn and Shinnar (1982) evaluated the stability of a heat-integrated reactor using the 

frequencyy response of the individual equipment components. They considered the multiplicity 

regionn and concentrated on the intermediate, open-loop unstable operating point. Tyreus and 

Luybenn (1993) analysed a reactor / preheater process. Reactor dynamics (dead-time and 

inversee response) was captured by a transfer function containing a gain, a positive zero, dead-

timee and two first-order lags. Luyben et al. (1998) considered the control of the heat-

integratedd PFR, without steam-generator. Using nonlinear dynamic simulation, they showed 

thatt systems with low heat-integration (large furnace, small feed-effluent heat-exchanger) are 

easierr to control. 

OriginalOriginal contribution 

However,, the meaning of "large" or "small" units was unclear and extension to other 

reactionn systems was not obvious, because the results were presented in terms of dimensional 

variables.. Moreover, it was not evident how the designer can find the stabilisability limit in 

otherr way than performing extensive dynamic simulation. 

Chapterr  5 (Bildea et. al, 2000a) studies the interaction between design and control of 

aa heat-integrated PFR. A nonlinear, dynamic model is developed. It is shown that two design 

parameterss have to be set during conceptual design: FEHE efficiency and steam-generator 

duty.. Four different design alternatives, for which controllability problems are expected, are 

investigated.. Three different control structures are considered. Linear controllability analysis 

showss that systems with small steam-generator and large FEHE are difficult to stabilise. 

Bypasss around the FEHE can not be used to reject disturbances and there is no incentive to 

controll  both FEHE and furnace outlet temperatures. Next, the nonlinear behaviour of the 

13 3 



Introduction Introduction 

controlledd system is analysed by bifurcation theory. The range of the dimensionless design 

parameterss for which the system can not be stabilised is detected. The operating points are 

classifiedd according to their position relative to different bifurcation varieties (Figure 0.3). 

Doingg this, the meaning of "small" or "large" units becomes clear. The results are confirmed 

byy nonlinear dynamic simulation. 
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Figuree 0.3. Phase diagram in the space of design parameters. 
Cuspp and Hopf-and-pitchfork varieties divide the parameters space into regions with 
differentt conversion vs. controller gain bifurcation diagrams. 

Chapterr  6. Multipl e steady states in binary distillation 

PreviousPrevious work 

Thee possibility of state multiplicity and instability in ideal distillation was 

simultaneouslyy recognised by researchers at University of Trondheim and Technical 

Universityy of Denmark. Jacobsen and Skogestad (1990, 1991) pointed out the following 

sourcess of multiplicity: 1) the nonlinear transformation between mass and molar flow rates, 

andd 2) interaction between flows and composition due to energy balance. Nielsen (1990) 

presentss experimental purity vs. volume reflux rate diagrams, that prove the existence of 
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Introduction Introduction 

multiplee steady states. Kienle et al. (1995) and K0ggersbol et. al (1996) found experimentally 

multiplee steady states in the methanol-propanol separation. They computed the locus of limit 

pointss and presented different bifurcation diagrams. 

OriginalOriginal contribution 

However,, previous studies considered only one column design and only one mixture. 

Moreover,, they did not provide a complete classification of the steady state behaviour. 

Chapterr  6 (Bildea and Dimian, 1999c) analyses the multiplicity of states in binary 

distillationn by rigorous application of the singularity theory. The mass reflux flow rate is 

consideredd as bifurcation parameter. Codimension-2 varieties (Figure 0.4), dividing the feed 

compositionn (ZF) - boilup (V) parameter space into regions with different types of bifurcation 

diagramss (Figure 0.5), are computed. Finally, the effect of physical and design parameters on 

thee location and extent of the multiplicity regions is investigated. 

oo -I ' i 1 1 1 

00 25 50 75 100 

V V 

Figuree 0.4. Typical phase diagram for  ideal, constant molar  overflow, binary distillation . 
HH  - hysteresis; BL - boundary limit; DC - double cross; CL - cross-and-limit. Bold 
linee represents the unicity-multiplicity boundary. Different types of bifurcation 
diagramss existing in regions I - V are presented in Figure 0.5. 
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Ia ,b,cc Ila li b lie 

Ili aa nib 

2-3-22 J 2-1-2 1(L)-2(LM) 1(M)-2(LM) 

DD - total reboil 
OO - total reflux 
LL - lower solution branch 
MM - middle solution branch 
UU - upper solution branch 

Figur ee 0.5. Distillat e concentration vs. mass reflux bifurcatio n diagrams. 
Diagramss I - V correspond to regions I - V in Figure 0.4. 

Chapterr  7. Nonlinear  behaviour  of reactor  - separator  - recycle systems 

PreviousPrevious work 

Thee stand-alone reactor was the subject of most applications of nonlinear analysis in 

chemicall  reaction engineering. Although the effect of recycling a fraction of the reactor 

effluentt has been occasionally studied (Pareja and Reilly, 1969, Recke and J0rgensen, 1999), 

thee systems considered are not good examples for chemical reactors in recycle plants. 

Typically,, the reactor effluent is processed by the separation section. Hence, the composition 

andd temperature of the recycle stream are different from the reactor effluent. Moreover, often 

temperaturee controllers keep constant reaction temperature, or, for adiabatic reactors, constant 

temperaturee of the reactor feed. 

OriginalOriginal contribution 

Thee following points wil l argue that the nonlinear behaviour of reactor-separator-

recyclee systems is relevant for integrating conceptual design and plantwide control: 

1.. When integrating conceptual design and plantwide control, the need for quantitative 

informationn is in contradiction with the requirement of early consideration. These two 

IV aa IVb V 

2(MU)-1(U)) 2(MU)-1(M) 1(M) 
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Introduction Introduction 

itemss can be reconciled at the "recycle structure of the flowsheet" stage in the 

hierarchicall  design methodology. At this point, the reactor is the first unit to be 

consideredd in detail because the chemical species present in the reactor effluent 

determinee the separation section. Hence, because reactor modeling, sizing, and control 

aree considered before separation is addressed, the first available quantitative model of 

thee plant consists of black box separation and kinetic reactor, connected by recycle 

streams. . 

2.. The author considers that the essential task of plantwide control is to maintain the 

materiall  and energy balance of the whole process, while controlling the condition of the 

streamss leaving the plant (products, by-products, emissions, etc.). In most cases, the 

energyy balance can be controlled easily by diverting any imbalance towards the utility 

system.. Controlling the mass balance is more difficult, because every component (even 

traces)) fed into the plant or formed through a chemical reaction must leave the plant, as 

aa product or through a chemical reaction. These considerations emphasise the important 

rolee played by reactor design in controllability properties of the process. 

Chapterr  7 (Bildea et. al, 2000b) addresses the nonlinear behaviour of certain reactor-

separator-recyclee systems (Figure 0.6). 

Figuree 0.6. General structure of Reactor-Separator-Recycle systems. 
Eachh general stream (Plant feed; Reactor feed; Reactor effluent / Separation feed; 
Recycle;; Products) represents an arbitrary number of real streams. 
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Introduction Introduction 

Thee dimensionless mole-balance equations of reactor-separator-recycle system are 

parameterizedd by the plant Damkohler number (Da) and the separation specifications. When 

onee reactant is involved, it is demonstrated that reactant accumulation does not occur if Da > 

Da*,Da*, where the critical value Daa depends on separation performance. For Da - Da01, a 

transcriticall  bifurcation of the mole balance equations takes place. For high purity of product 

andd recycle streams, Da" = 1. These conclusions apply to the CSTR, PFR, first-order and n*-

orderr reactions. 

Further,, when two different control structures are compared, it is shown that their 

relativee performance depends on the design. Close to Daa (small reactor or slow kinetics), it 

iss necessary to change the reaction conditions when disturbances affect the process. 

Finally,, two different control structures for a second order reaction are discussed. In 

thesee cases, the critical value of the plant Damkohler number corresponds to a fold bifurcation 

off  the mole balance equations. 

Reviewingg several plantwide control studies that reported bad controllability, it was 

foundd that the designs considered are close to the critical value of the plant Damkohler 

number. . 
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Chapte rr  1 Systemi c Approac h to Integratin g Conceptua l 

Designn and Plantwid e Contro l 

Abstrac t t 

Thee problem of integrating conceptual design and plantwide control is addressed by a 

systemicc approach. Process plants are represented as subsystems, called basic flowsheet 

structuress (BFS), that interact through material and energy streams. Each BFS has associated 

controll  objectives that can be achieved by manipulating local variables. The task of the 

plantwidee control system is to coordinate die BFS, by setting their control objectives. This 

representationn allows to consider the plantwide control at a fundamental level of the 

hierarchicall  procedure of conceptual design. More specifically, when the recycle structure of 

thee flowsheet, the reactor, and the performance of the separation units (product purity or 

recovery)) are specified, the mass balance is established. Then, control structures can be 

proposedd and their performance can be assessed based on steady state sensitivity analysis or 

onn more advanced tools. Toluene hydrodealkylation (HDA) plant is used as a case study. 

23 3 



ChapterChapter 1. IntegratingIntegrating Conceptual Design and Plantwide Control 

Introductio n n 

Inn the traditional approach to process system design, the control engineer is involved 

onlyy in the late design stages. At this point, as the result of economic optimisation, the 

flowsheetflowsheet structure is established, most of the units are sized and the chemical engineer had 

definedd the control objectives. Then, the control engineer applies some methodology to design 

thee control structure. Finally, a nonlinear dynamic model of the plant is used to evaluate the 

performancee of the whole system. If the operability objectives can not be met (the process is 

nott controllable), then the design must be changed. In the fortunate case, changing only the 

equipmentt size or operating conditions restores controllability, but very often flowsheet 

structuree modification is needed. In these cases, there is no guarantee that the new design is 

thee optimal one. Moreover, the cost of the design changes quickly increases as the design 

progresses.. Consequently, plantwide control should be considered during the early stages of 

design. . 

Luybenn et al. (1999) define the plantwide control problem as "how to develop the 

controll  loops needed to operate an entire process and achieve its design objectives". One step 

inn their design methodology is inventorying the control degrees of freedom, that is the control 

valves.. Thus, they regard all control objectives as part of the plantwide control problem. 

Inn this article, we consider that distinction should be made between "local" and 

"plantwide""  control objectives. For example, controlling products purity of a distillation 

columnn is a local problem. However, the setpoints of the purity control structure can be 

changed.. Thus, the objectives of local control may be manipulated variables of plantwide 

controll  structures. This point of view was also expressed by Skogestad and Larsson (1998), 

whoo pointed out that plantwide control is not concerned with tuning and behaviour of all 

controll  loops in a chemical plant, but rather with the control philosophy of the overall plant. 

Duringg the last decade, many articles focussing on plantwide control have been 

published.. A partial list includes Luyben (1993), Price and Georgakis (1993), Ponton and 

Liangg (1993), Downs and Vogel (1993), Lyman and Georgakis (1995), Luyben et al. (1997), 

Ngg and Stephanopoulos (1998), Skogestad and Larsson (1998), Zheng et al. (1999). However, 

theyy invariably consider fixed flowsheet structure and a given operating point. Although the 

interactionn between design and control is well recognised, there are few indications about how 

too design processes having good controllability properties. Lyman et al. (1996) used designed 

24 4 



ChapterChapter 1. IntegratingIntegrating Conceptual Design and Plantwide Control 

experimentationn and extensive dynamic simulation to study how the process design, control 

structuree and controller tuning affect the dynamic performance of several reactor-separation-

recyclee processes. The first step of the proposed method is the identification of the design 

decisions.. They are related to flowsheet configuration, unit sizing, and control structure. The 

authorss recommend to keep the number of design decisions small, a limit of six being 

suggested. . 

However,, during the design of chemical plants, the number of design decisions is 

muchh larger, m this case, designed experimentation requires huge modelling and simulation 

effort.. For this reason, a better methodology is needed. Rather than evaluating all possible 

alternatives,, it is desirable to decompose the plantwide control problem into a hierarchy of 

decisionss (Zheng et al., 1999). At each level of hierarchy, alternatives are generated and only 

economicallyy attractive alternatives are kept for further consideration. This approach is 

motivatedd by the hierarchical procedure for conceptual process design (Douglas, 1988), which 

provedd successful in a broad range of applications. A similar approach was used by Fisher et 

al.. (1988), and Ponton and Liang (1993) to analyse the process (functional) controllability or 

too develop the control system. 

Thiss article presents a systemic methodology for integrating plantwide control and 

hierarchicall  conceptual design. Two ideas are central to our approach: 

1.. Process plants are represented as subsystems, called basic flowsheet structures (BFS), that 

interactt through material and energy streams. This representation reveals two steps for 

integratingg conceptual design and plantwide control: a) design controllable BFS and b) 

couplee the BFS in such a way that a controllable system is obtained. 

2.. The essential task of plantwide control is to coordinate the BFS by setting their (local) 

controll  objectives, in order to maintain the material balance of the whole process. 

Inn this article, we argue that controlling the mass balance is a key activity to develop 

successfull  plantwide control structures. Thus, any feasible control structure must maintain the 

materiall  balance of all components, including impurities and traces. Because the chemical 

reactorr is the place where chemical species are formed or destroyed, kinetic reactor modelling 

iss the pre-requisite for quantitative analysis of plantwide control structures. Note that detailed 

separationn modelling is not necessary, as usually we are able to design separation units with 

goodd controllability properties. However, analysis of the kinetic reactor - black box 
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separationn - recycle system can be used to test the validity of the well-controlled separation 

hypothesis. . 

Moreover,, it is shown that interaction of the chemical reactor with the separation 

sectionn through recycles and plantwide control 1) enhances the nonlinearity of the reactor and 

2)2) the genericness of balance equations is lost (from a strictly mathematical point of view). 

Consequently,, even simple reactors (like adiabatic PFR) may exhibit multiple steady states or 

bifurcationss not manifested by the stand-alone reactors. 

Thiss article is organised as follows: next section presents a systemic view of 

integrationn between conceptual design and plantwide control: chemical plants can be 

decomposedd into several sub-systems interacting through material and energy streams; control 

objectivess assigned to each subsystem are achieved using only local measurements and 

manipulatedd variables; the plantwide control coordinates the subsystems, by setting their 

(local)) control objectives. Then, the hierarchical approach to conceptual design is followed. 

Designn decisions are presented briefly. Activities related to design of the plantwide control 

systemm and its interaction with conceptual design are discussed. Finally, the methodology is 

appliedd to the toluene hydrodealkylation plant (HDA). 

Basi cc idea of the systemi c approac h 

Thee goal of integrated conceptual design and plantwide control is invention of design 

alternativess with good controllability properties. This is in contrast with the classical 

approach,, where the design alternatives are generated first, and their controllability is 

evaluatedd afterwards. 

Too provide a (partial) answer to this problem, we take a systemic approach. We 

considerr that a process plant consists of several subsystems interconnected through material 

andd energy streams (Figure 1.1). The subsystems will be called basic flowsheet structures 

(BFS),, defined as parts of the plant for which (local) control objectives are assigned and can 

bee achieved using only manipulated variables that are interior to the BFS. Unit operations are 

thee simplest BFS. Often, some units interact so strongly that they must be treated as one 

entity.. Examples are heat-integrated reactors, complex distillation arrangements, azeotropic 

distillationn with solvent recycle, etc. Delimiting the BFS depends on what design / modelling 

detailss are available and how the control objectives are assigned. However, we consider that 
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thee basic flowsheet structures can be identified based on engineering judgement, and do not 

addresss this problem here. 

Raw w 
materials s 

Chemicall  plant 

I I 
recycle e 

<^H <^H 
Heat-integratedd reactors 

Unit t 

JL L 

Azeotropicc distillation 
withh solvent recycle 

I I 

Products s 

By-products s 

Heat-integratedd distillation 

Purge e 

Figuree 1.1. Systemic representation of chemical plants. 
Thee plant is decomposed into basic flowsheet structures, that interact through material 

andd energy streams. 

Thee task of plantwide control is to harmonise the BFS in such a way that the whole 

systemm operates in a required manner. This is achieved by changing the control objectives of 

thee BFS. The controllability of the BFS is a necessary (but not sufficient) condition for the 

controllabilityy of the entire plant. Consequently, our approach to integrate design and control 

consistss of two steps: 

1.. Design basic flowsheet structures with good controllability properties. This is possible for 

unitt operations, where a lot of industrial experience exists. However, it is an open field of 

researchh for more complex sub-systems. Chapters 2 - 6 of this thesis deal with design and 

controll  of some BFS (heat-integrated distillation, heat-integrated reactors, distillation). 
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2.. Couple the BFS in such a way that a controllable system is obtained. Interaction between 

thee chemical reactor and the separation section, due to material recycle and plantwide 

control,, is the subject of Chapter 7 in this thesis. 

Integratin gg conceptua l desig n and plantwid e contro l 

Inn the following, the hierarchical approach to conceptual design will be followed, and 

control-relatedd design activities will be discussed. Table 1.1 presents a summary of the 

proposedd approach to integrating conceptual design and plantwide control. 

Initia ll  data 

Thee initial design data concerns reactions chemistry, raw materials, production rate, 

productt specifications and economic constraints. Control-related data must specify the 

requiredd production range, product grades, variability of the raw material. 

Input-outpu t t 

Typicall  design decisions taken at this level are related to feed purification, gas recycle 

andd purge, and removal or recycle of reversible by-products. They establish the number and 

compositionn of product streams. 

Pontonn and Liang (1993) affirm that throughput manipulation can be decided now. 

Theyy propose several alternatives: 

1.. Limiting reactant on flow control, inventory control in the direction of flow. This is the 

mostt appealing alternative, which works in many situations. However, when the limiting 

reactantt is recycled, the reactor must convert the entire amount fed in the process. Failing 

thiss (due to large feed, small reactor volume, or slow kinetics), the reactant will 

accumulatee in the system. 

2.. Product on flow control, inventory control in the direction opposite to flow. There are 

manyy circumstances in which this is not applicable. For example, if the product leaves the 

plantt as a distillate, then the column feed should control the level in the condenser drum. 

Suchh control scheme is unusual for distillation columns. 

3.. A control loop manipulating limiting reactant to control production rate. This strategy 

mayy work for rather simple processes, but it wil l fail for large plants, because of the 

significantt lag between feed and product streams. 

Pricee and Georgakis (1993 ) pointed an additional alternative: 
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4.. Use of an internal throughput manipulator (as reaction volume, temperature or pressure). 

Itt should be noted that, in recycle systems, the production rate is strictly related to the 

reactantt feed flow rate. For this reason, the feed stream cannot be on flow control, but 

mustt be used to keep constant reactant inventory. 

Amongg the previously discussed alternatives, the first and the last ones are the most 

attractive.. Their relative performance depends mainly on the reaction kinetics, reactor size 

andd the desired production rate. However, because at this level the reactor is not designed, the 

quantitativee information available does not suffice to take any plantwide control decision. 

Recyclee structure of the flowsheet 

Att this level, the number of reaction systems and recycle streams is established. 

Additionall  units (as compressor) may be also introduced. Separation sections are specified as 

productt recovery or purity. Flow rate and composition of the streams are expressed in terms 

off  several design variables, as reaction conversion, recycle flow rate or composition, etc. In 

thee hierarchical procedure, the values of the design variables are found at the next level, when 

thee cost of separation can be calculated. 

Now,, plantwide control can be considered. 

First,, several candidate controlled variables may be identified. They are not assigned 

too a particular basic flowsheet structure, hence they have a true plantwide character. Examples 

aree production rate, recycle composition, ratio between reactants at reactor inlet, etc. 

Secondly,, candidate manipulated inputs can be identified. When they are flow rates 

connectingg BFS, the choice affect the control of upstream and downstream BFS. As an 

example,, it was proposed (Luyben et al., 1997) to keep reactant recycle on flow control and to 

changee the setpoint of this loop when production changes are required. This implies that the 

inventoryy control of the upstream unit is in direction opposite to flow, while the inventory 

controll  of the downstream unit is in the direction of flow. Manipulated flows should be 

chosenn with care in order to avoid over-specification with respect to plant mass balance. 

Pontonn and Liang (1993) present a method to address this problem. Its application is not 

difficult,, because the plant representation is simple and number of streams to be considered is 

small.. A second category of plantwide manipulated variables is the setpoints of the BFS 

control.. Examples are reaction conversion, separation performance, etc. 

Thee choice of the controlled and manipulated variables can be based on engineering 

judgementt or on systematic methods. We recommend to consider the material balance. This 
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givess valuable insight into the number of control degrees of freedom, functional 

controllability,, I/O pairing for decentralised control. As an example, when two reactants are 

recycled,, the mass balance equations reveal that the recycle flow rate of the non-limiting 

componentt is not determined. Hence, it should be on flow control. 

Thee proposed control structures may be analysed by steady state simulation. In 

commerciall  simulators, unit operation input data or flow rate and composition of feed streams 

cann be varied in order to meet some "design specifications". Although the design 

specificationss are apparently similar to SISO feedback controllers, it does not mean that the 

finall  control structure has to be decentralised or the I/O pairing must be preserved. This 

approachh is advantageous because the nonlinear character of the process is intact. Sensitivity 

analysiss shows what plantwide manipulated inputs (setpoints of BFS control) are necessary. 

Variabilityy of the streams connecting BFS indicates what disturbances must be rejected by 

BFS.. This way, the designer can identify control objectives of the BFS, and set them as 

explicitt targets for BFS design. 

Besidess sensitivity, other nonlinearities deserve a special discussion. In the field of 

chemicall  reaction engineering, state multiplicity, instability and oscillatory behaviour are 

well-knownn phenomena (Seider and Brengel, 1991). They can be analysed using bifurcation / 

singularityy theories. Typically, bifurcation diagrams are used to represent system's state vs. 

onee distinguished operating parameter (called bifurcation variable), while the other operating 

parameterss are constant. Thus, the bifurcation diagram can be regarded as a cross-section of 

thee multi-dimensional state vs. parameters diagram, that is parallel to the bifurcation variable 

andd orthogonal to the others parameters. The situation is different when a plantwide control 

systemm is in place. In this case, changing only the bifurcation variable is impossible, because 

thee plantwide control system fulfil s its objectives by changing additional operating 

parameters.. Hence, the bifurcation diagrams are now cross-sections orthogonal to the control 

objectives.. This can lead to state multiplicity and instability even if the uncontrolled system 

hass a unique, stable state. 

Bifurcationn theory demonstrates that the number of steady states can change at fold, 

transcriticall  or pitchfork bifurcation points. These points are one-codimensional, that is the 

valuee of one parameter (the bifurcation parameter) is fixed. Fold points are generic for small 

changess of the additional parameters. In the general case (systems without special properties), 

thee transcritical and pitchfork bifurcations are not generic, that is they disappear for small 
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changess of the additional parameters. However, the plantwide control system achieves its 

objectivess by changing the additional parameters. This brings special symmetry properties, 

thee result being the genericness of the transcritical and pitchfork bifurcations. 

Separationn system 

Becausee of problem complexity, the separation system is usually decomposed into 

sub-systems,, as vapour, liquid and solid separation. For each sub-system, there are systematic 

proceduress to generate design alternatives. 

Forr many separation operations, there exist procedures, endorsed by industrial 

experience,, that lead to designs that are economically optimal and have good controllability 

properties.. However, there are also many cases where design procedures / guidelines are still 

needed.. In Chapter 2 of this thesis, a heat-integrated complex distillation arrangement will be 

considered. . 

Heatt  integration 

Pinch-analysiss can be used to develop heat-integration schemes. However, although 

arrangementss obtained by heat-integration are optimal from the viewpoint of investment and 

utilityy consumption, they may be barely operable. Reactor effluent travelling through the 

reboilerss of several distillation columns and then pre-heating the reactor feed is unlikely to be 

foundd in any real plant. 

Wee adopt the position that the heat-integration should be performed locally. When 

energyy can not be recovered by integration in one plant section, it should be used to generate 

steamm or power, and exported this way to other sections. In any case, the designer should 

checkk that heat-integration does not damage the process controllability. 
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Tablee 1.1 Summary of integrating conceptual design and plantwide control. 

Conceptuall  design Locall  control Plantwidee control 

0.. Initial information 
Chemistry. . 
Raww materials. 
Productt specification. 
Economicc constraints 

1.Input-output t 
Feedd streams and purification. 
Recyclee reactants and reversible 
by-products.. Purge and bleed 
streams.. Outlet streams. 
Overalll  mass balance. 

2.. Recycl e structur e 
Recyclee streams. 
Materiall  balance with recycles. 
Reactorr design. 

Reactorr control 

3.. Separatio n syste m 
Generall  structure. 
Vapourr recovery and gas 
separations.. Solid recovery and 
separations.. Liquid separation. 
Designn variables by 
optimisation. . 

Controll  of the separation 
units s 

Productionn range and grades 
Raw-materialss variability 

Identifyy plantwide controlled and 
manipulatedd variables. 
Proposee control structures, based on 
simplifiedd material balance. 
Behaviourr of the reactor-separator-
recyclee system: set constraints for 
thee design variables; identify 
disturbancess affecting the 
separationn section. 

Evaluatee control structures for 
economicc optimum operating 
point. . 

Ensuree that all control-related constraints found at level 2 are 
fulfilled. . 

4.Energyy integration 
Heatt exchanger network. 

5.. Implementatio n of proces s 
contro l l 

Ensuree that controllability 
iss preserved. 

locall  heat-integration and 
decouplingg through the utility 
systemm improves controllability 

Dynamicc modelling, controller tuning, and dynamic simulation. 
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Casee study : HDA plan t 

Thee toluene hydrodealkylation (HDA) plant has been used intensively as a reference 

casee study both for process synthesis (Douglas, 1988) and plantwide control (Fisher et al., 

1988,, Ponton and Liang 1993, Luyben and Tyreus, 1997, Ng and Stephanopoulos, 1996). 

Severall  control configurations have been proposed, but they differ in the choice of the 

controlledd outputs and manipulated inputs or they do not agree on the input-output pairing. 

Moreover,, no design details, nor dynamic simulation results have been reported. 

Initia ll  data 

Thee nominal production rate is 120 kmol/h benzene at a purity exceeding 99.95%. The 

feedd streams are pure toluene, and technical-grade hydrogen. Production flexibilit y of % 

iss required. The following vapour-phase reactions are considered: 

CC66HH 55-CH,-CH, + H2-+C6H6 + CH4 

2C2C66HH 66<^C<^CnnHH l0l0+H+H2 2 

Thee reactor is adiabatic. The reaction temperature must be kept below 980 K to 

preventt hydro-cracking reactions. The hydrogen / aromatics ratio at the reactor inlet must 

exceedd 5/1 to minimize coking. For the same reason, the reactor effluent must be quenched 

rapidlyy to 900 K. 

Input-outpu t t 

Att this level, the design decisions establish the number and composition of product 

streams.. The components in the reactor effluent are ordered by their boiling point, and 

assignedd to product (benzene, diphenyl) or recycle streams (toluene, hydrogen). Separation of 

thee gaseous components (hydrogen, methane) seems difficult. For these reason, when the two 

componentss are recycled together, a purge stream is necessary to avoid methane buildup. The 

input-outputt structure of the HDA plant is presented in Figure 1.2. 
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Recyclee Purge 
(hydrogen,, methane) (hydrogen, methane) 

Hydrogen n 
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Benzene e 

Diphenyl l 

Figuree 1.2. HDA plant: input-output structure. 

Recyclee structure of the flowsheet 

Thee difference of the boiling points of hydrogen and methane, and benzene, toluene 

andd diphenyl is very large. Consequently, it is easy to separate the gaseous and liquid 

componentss from the reactor effluent by a simple flash. Then, two recycles are identified: 

.. Gas recycle. The overhead of the flash contains unreacted hydrogen and methane. A 

compressorr is used to recycle it to the reaction section. A purge stream is necessary to 

preventt methane build-up. 

.. Liquid recycle. Separation of the benzene / toluene / diphenyl mixture by distillation is 

easy.. Traces of methane that remain dissolved after gas-liquid separation can be also 

removed.. Although recycling the diphenyl is a design option (because it is the product of a 

reversiblee reaction), its removal accounts for other heavy by-products. 

Att this level, the flowsheet is completed by inclusion of the adiabatic tubular reactor, 

andd the furnace needed to bring the reactants to reaction temperature. The recycle structure of 

thee HDA plant is presented in Figure 1.3. 
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ƒƒ,, feed 

(2)) m 

Methanee \ 
concentration/ / 

Figuree 1.3. Recycle structure of the HDA plant 
Controll  objectives are attached to various streams. Potential manipulated variables are 
presentedd in italics. 

Too perform the mass balance, a simple plant model is considered: perfect separation in 

alll  units and negligible side reactions. The following mass-balance equations can be derived: 

(1.1) ) 

tt22 tf 

^=~(F^=~(FKK-y-yw+w+FF22-y-ymm) ) 
y-ny-n Fi 

FT=F, , 1-X 1-X 

(1.2) ) 

(1.3) ) 

(1.4) ) 

FFPP = F2 (1.5) ) 

Fjj  and y^ denote the flowrate of stream j and the molar fraction of the k component (H -

hydrogen,, T - toluene) in the streamy, respectively; X is the reaction conversion. 

Iff  production rate and hydrogen/toluene ratio at the reactor inlet (ym/yrs) are defined, 

Eqs.. 1.1 to 1.5 have two degrees of freedom. Hence, the values of two design variables (not 
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anyy combination is feasible) must be specified. Douglas (1988) considers reactor conversion 

andd purge composition as design variables and optimises the economic potential of the plant. 

Wee use his results (X = 0.78, KHP = 0.424) as a starting point in this study. Table 1.2 presents 

thee flow rate, temperature, pressure and composition of various streams in the HDA plant. 

Althoughh some variables were computed after sizing the flash and the distillation columns, 

approximatee values can be assumed now and are presented here. 

Tablee 1.2. HDA plant: Mass and heat balance results. 
Thee complete flowsheet is presented in Figure 1.10. 
Streamm Flow rate Temperature Pressure Toluene Hydrogen Benzene Methane Diphenyl 

(kmol/h)) (°C) (bar) 
1 1 

2 2 

3 3 

4 4 

5 5 

6 6 

7 7 

8 8 

9 9 

10 0 

11 1 

12 2 

R R 

B B 

D D 

M M 

P P 

Rl l 

R2 2 

R3 3 

R4 4 

R5 5 

R6 6 

125 5 

229.5 5 

1739 9 

1803.9 9 

230.95 5 

1573 3 

166 6 

157.1 1 

157.1 1 

36.1 1 

34.5 5 

1350 0 

1350 0 

120.9 9 

1.6 6 

8.9 9 

223 3 

1739 9 

1739 9 

1739 9 

1803.9 9 

1803.9 9 

1803.9 9 

50 0 

38 8 

36.7 7 

21.8 8 

20.8 8 

20.8 8 

20.8 8 

199.9 9 

96.8 8 

125,6 6 

118.3 3 

20.8 8 

20.8 8 

85.8 8 

198.3 3 

31.4 4 

20.8 8 

514.7 7 

636.8 8 

688.2 2 

620.0 0 

550.0 0 

111.4 4 

1.2 2 

37.5 5 

34.5 5 

34 4 

34 4 

34 4 

34 4 

12.45 5 

1.4 4 

1.4 4 

1.2 2 

34 4 

34.5 5 

1.2 2 

1.3 3 

12 2 

34 4 

34.5 5 

34.5 5 

34 4 

34 4 

34 4 

34 4 

1 1 

0 0 

0.092 2 

0.027 7 

0.210 0 

0 0 

0.210 0 

0.222 2 

0.222 2 

0.963 3 

0.9998 8 

0 0 

0 0 

5000 PPM 

0.155 5 

0 0 

0 0 

0.092 2 

0.092 2 

0.020 0 

0.027 7 

0.027 7 

0.027 7 

0 0 

0.95 5 

0.455 5 

0.37 7 

0.004 4 

0.424 4 

0.004 4 

0 0 

0 0 

0 0 

0 0 

0.424 4 

0.424 4 

0 0 

0 0 

0.079 9 

0.424 4 

0.455 5 

0.455 5 

0.384 4 

0.370 0 

0.370 0 

0.370 0 

0 0 

0 0 

0.003 3 

0.097 7 

0.729 9 

0.004 4 

0.729 9 

0.770 0 

0.770 0 

1600 PPM 

1700 PPM 

0.004 4 

0.004 4 

0.9995 5 

0 0 

0.016 6 

0.004 4 

0.003 3 

0.003 3 

0.073 3 

0.097 7 

0.097 7 

0.097 7 

0 0 

0.05 5 

0.45 5 

0.504 4 

0.049 9 

0.572 2 

0.049 9 

0 0 

0 0 

0 0 

0 0 

0.572 2 

0.572 2 

0 0 

0 0 

0.905 5 

0.572 2 

0.450 0 

0.450 0 

0.526 6 

0.504 4 

0.504 4 

0.504 4 

0 0 

0 0 

0 0 

0.001 1 

0.008 8 

0 0 

0.008 8 

0.008 8 

0.008 8 

0.037 7 

0 0 

0 0 

0 0 

0 0 

0.845 5 

0 0 

0 0 

0 0 

0 0 

0.0008 8 

0.001 1 

0.001 1 

0.001 1 
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Att this point, control issues can be considered. There are five potential controlled 

variables:: production (FB), hydrogen / toluene ratio (ymlyn), pressure, purge composition 

0>HP),, and conversion (X). However, some of them might be left uncontrolled. For example, 

conversionn control is difficult, because of the dead-time associated with the plug-flow reactor. 

Moreover,, it requires composition analyser, which is expensive, require maintenance, and has 

unfavourablee dynamics. For these reasons, it would be desirable to develop a control structure 

inn which controlling reactor inlet temperature ensures almost constant reaction conversion. 

Thee following manipulated variables are available: toluene feed (F{), hydrogen feed 

(F2),, gas recycle (FR), purge (FP) and furnace duty (#,). When furnace duty is used as 

manipulatedd variable, it controls the reactor inlet temperature. The setpoint of this control 

loopp may be used, in a cascade manner, to control one of the previous variables. 

Next,, the reactor can sized. For the required conversion, mass balance equations 1.1-

1.SS are solved, and the flow rate and composition of the reactor inlet is found (results for 

X=0.788 are presented in Table 1.2). Then, the value of the reactor inlet temperature is chosen, 

andd the adiabaticc PFR equations are solved. In this study, the following kinetics was used: 

*,, = 5.943-1014 34138K1 <m3/kmol),y2  s"' 

Figuree 1.4 presents the conversion vs. reactor volume when the reactor inlet 

temperaturee was set to 910 K. It reveals that small reactors (say V< 30 m3) lead to unfeasible 

designs,, because the mole balance equations do not have a feasible solution (0 < X < 1). 

Moderatee conversion can be obtained, but for the same reactor volume high conversion is also 

possible.. It should be remarked that the behaviour of the HDA reactor placed in the recycle 

systemm is very different from the behaviour of the stand-alone reactor, which can exhibit only 

aa single, stable steady state. The state multiplicity identified here, which was not noticed by 

otherr researchers who studied the HDA plant, has deep implications on control. The unusual 

behaviourr on the intermediate branch, where larger reactor gives smaller conversion, indicates 

thatt this steady state is unstable. Hence, any control structure that keeps constant reactor inlet 

temperature,, reactor inlet hydrogen/toluene ratio, and purge composition, is unstable. When 

disturbancess affect the process, small deviations from the steady state are unavoidable. Let us 

considerr a conversion increase. Then, the recycle toluene flow rate decreases. The control 

structuree adjusts the hydrogen feed and gas recycle in order to keep constant hydrogen/toluene 
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ratioratio and purge composition, leading to smaller reactor inlet flow rate, larger residence time, 

andd further increase of conversion. 

1 1 

0.5 5 

30 0 

F1=120kmol/h h 
yH2=0.95 5 
yHP=0.4 4 

yH3/yT3=4.5 5 

yH3/yy T3=5 .... 

soo  VI [m 3] 70 

Figuree 1.4. Conversion vs. reactor  volume, for  fixed purge composition and hydrogen / 
toluenee ratio. 

Thee HDA plant exhibits state multiplicity. Moderate conversion can be obtained only 
att unstable steady state. 

Itt should be remarked that it is difficult to manipulate the gas recycle flow rate using 

thee compressor. Moreover, hydrogen loss is minimised when the flow rate of the gas recycle 

iss at its maximum value. Because operating the compressor at a flow rate smaller than its 

maximumm capacity requires recycling compressed gas back to the suction (Shinskey, 1988), 

theree is no benefit in terms of energy saving. Since the compressor is already installed, the 

investmentt cost is not affected. For these reasons, only control structures keeping constant gas 

recyclee will be considered further. 

Inspectionn of the mass balance equations gives more insight into control issues: 

 The only way in which fed toluene can leave the system is as benzene (Eq. 1.1). Hence, 

anyy strategy that will try to set the production rate without modifying the toluene feed will 

fail. . 

 Eq. 1.2 shows that the purge composition can be controlled using the hydrogen feed (F2) 

orr purge flow rate (Fp). 
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 The pressure is constant if the gas holdup remains constant. Because the number of moles 

off  gaseous components does not change in the reaction, hydrogen feed and purge flow 

ratess must be equal (Eq. 1.5). Consequently, assigning one of them for purge composition 

controll  leaves the other one for pressure control. 

 The remaining manipulated variable (furnace duty) can be used to control either the 

conversionn or the hydrogen / toluene ratio. Both controlled variables seem to be 

importantt Low conversion means more utility consumption for separation, while high 

conversionn affects reaction selectivity. Low hydrogen / toluene ratio leads also to 

undesirablee by-products. 

Thiss way, a large number of control structures have been excluded from further 

analysis.. Table 1.3 presents five control structures that were considered, denoted CS1 to CS5. 

Tablee 1. HDA plant: candidate control structures. 

Controll  structure Hydrogen/Toluene Purge composition Conversion 
ratio ratio 

CS11 Hydrogen feed 
CS22 Hydrogen feed - Setpoint of the furnace 

duty-reactorr inlet 
temperaturee loop 

CS33 - Hydrogen feed 
CS44 - Hydrogen feed Setpoint of the furnace 

duty-reactorr inlet 
temperaturee loop 

CS55 Setpoint of the furnace Hydrogen feed 
duty-reactorr inlet 
temperaturee loop 

Inn all control structures, gas recycle flow rate is constant; toluene feed is used to set the production; 
purgee flow rate is used to keep constant pressure. 

Thee control structures were evaluated by steady state sensitivity analysis using 

ASPENN PLUS®, where SISO control loops can be simulated by design-specification blocks. 

Figuree 1.5 presents thee most important results. 

 Without control, hydrogen / toluene ratio deviates considerably from the admissible range 

(Figuree 1.5a). Controlling the purge composition (CS3, CS4) reduces the variability of the 

hydrogenn / toluene ratio, but it is still low at high production rates. If this variable is left 

uncontrolled,, the plant must be overdesigned, in order to meet the specification yiü/;yT3=5 

underr the worst-disturbance conditions. 
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 For all control structures, the hydrogen lost with the purge is proportional with the 

productionn (Figure 1.5 b). When purge composition is controlled (CS3, CS4 and CS5), the 

hydrogenn loss is less sensitive to the production change. 

 The conversion (Figure 1.5c) and reactor outlet temperature (Figure 1.5d) strongly depend 

onn the production when both yynlyn and ym are controlled (CS5). This may affect 

negativelyy reaction selectivity. 

 For the design considered (conversion=0.78), CS5 requires high flexibility  of the 

separationn section (Figure 1.5e). At the lowest production, die liquid separation section 

handless 90 kmol/h benzene, 55 kmol/h toluene and small amounts of diphenyl. At the 

highestt production, die mixture consists of 150 kmol/h benzene, 15 kmol/h toluene and 

smalll  amounts of diphenyl. However, the variability of the stream entering the separation 

sectionn can be reduced if die system is designed for lower conversion, for example X=0.5, 

ass illustrated in Figure 1.5f. 

Itt may be concluded that, for the design considered, there is no incentive to control the 

reactorr conversion. Either the purge composition or the hydrogen / toluene ratio (but not 

both!)) should be controlled. In the first case, the whole plant must be overdesigned to work at 

hydrogenn / toluene ratio higher dian necessary. In the second case, increased hydrogen loss at 

highh production must be accepted. To control bodi variables, the plant must be designed for a 

lowerr conversion, with a higher load of me liquid separation section. Taking into account 

thesee results, control structure CS1 presents a minimum of disadvantages and will be further 

considered. . 

Thee operating point used during the previous sensitivity analysis was found by 

Douglass (1988) after the liquid separation had been considered. However, one could arrive at 

controll  structure CS1 based only on the mass balance equations and the fact that conversion 

controll  is difficult. In üiis case, die requirement of good plantwide controllability is a 

constraintt for further design optimisation. To illustrate this idea, the dependence of the 

conversionn versus reactor volume is presented in Figure 1.6, for fixed values of die gas 

recyclee flow rate and hydrogen / toluene ratio. 
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(a) ) 
-»-CSS 1,2 and 5 
^ C S 3 3 
^ C S 4 4 

-- No contro l 

120 0 
Productio nn / [kmol/h ] 

150 0 120 0 
Productio nn / [kmol/h ] 

120 0 

Productio nn / [kmol/h ] 

150 0 

710 0 

0 0 

670 0 
90 0 

(d) ) 
-»-CS1 1 
* C S 22 ^^< 
-A-CS33 ^*^\--H 
^CS44 ,^Ci====iS23 
-*eCS55 m^^3)k^^*s = 

120 0 
Productio nn / [kmol/h ] 

150 0 

(e) ) 

120 0 

Productio nn / [kmol/h ] 

0 0 

',120 0 

X=0.5 5 

(f) ) 

120 0 

Productio nn / [kmol/hr ] 
150 0 

Figuree 1.5. HDA plant. Control structure evaluation by steady state simulation 
Controll  structures 1-5 are presented in Table 1 There is no incentive to control 
reactorr conversion. For the design considered, control of both hydrogen/toluene ratio 
andd purge composition requires high flexibility  of the separation section. 
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Figuree 1.6. Conversion vs. reactor  volume, for  fixed values of the gas recycle flow rate 
andd hydrogen / toluene ratio. 

Forr small gas recycle, the operating point is stable only at high conversion. 

Again,, the system exhibits state multiplicity. The turning points of the volume -

conversionn diagrams represent the stability limit. Hence, it is possible to have moderate 

conversionn at a stable operating point only if the gas recycle is large enough. When the 

operatingg point is chosen by optimisation, the locus of the turning point must be considered as 

aa feasibility limit. 

Itt should be remarked that designs near the turning points are dangerous. Consider the 

stablee operating point X=0.55, FR=700 kmol/h. The reactor volume can be calculated, but the 

kineticc data is always uncertain. When the reaction rate is over-estimated, the real operating 

pointt falls at the left of the volume-conversion line, in the region where no feasible operating 

pointt exists. Then, although the control system does a perfect job, toluene accumulation 

occurs,, leading to infinite recycle. 

Resultss in Figure 1.6 assumed that all the unreacted toluene is recovered and recycled. 

Thee effect of losing a small fraction (I-a) of toluene is presented in Figure 1.7. For a> 

0.9,, state multiplicity is preserved. 
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-- or=0.9«. / 

a=0.98\ l \ \ 

ÖT=0.99-// \ 

^^^\S^>^^^^\S^>^ N»= 

FFAA = 120kmol/h 

^ H 3 ^ T 33 = 5 
VH2=0.95 5 
FR=7000 kmol/h | 

1 1 

oo 20 V / [ m 3 ] 40 

Figuree 1.7. Conversion vs. reactor  volume, for  fixed values of the gas recycle flow rate 
andd hydrogen / toluene ratio, when a fraction 1-arof the unreacted toluene is lost. 

Separationn system 

Thee synthesis of the liquid separation section (Figure 1.7) is easy. A stabilizer is 

necessaryy to remove methane traces. Then, the benzene - toluene - diphenyl mixture is 

separatedd in a light-first, two-columns sequence. Experience-endorsed guidelines are available 

too design the distillation columns: calculate the minimum reflux and the minimum number of 

trayss by the Underwood-Fenske method, set the number of trays N=2Nmjn and the reflux ratio 

/?=1.2/?mi„,, then use rigorous simulation to adjust N, R, and feed tray location, until the desired 

purityy is achieved. The results are presented in Table 1.4. 

Controll  of the distillation column is also easy. It should be remarked that the range of 

feedd disturbances affecting the separation section was obtained as a result of the sensitivity 

analysiss performed at the previous design level. This way, disturbance rejection can be set as 

aa distinct design specification. 
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Toluenee recycle 
4 4 

Too gas recycle 

From m 
reactor r 

Diphenyll # 

Figuree 1.7. Liqui d separation section of the HDA plant. 

Tablee 1.4. Design results for  the liquid separation section. 

Distillationn columns 

Numberr of stages (including condenser and reboiler) 

Feedd tray 

Distillatee vapour fraction 

Distillatee flow (kmol/h) 

Bottomss flow (kmol/h) 

Refluxx ratio 

Condenserr pressure (bar) 

Reboilerr pressure (bar) 

Columnn diameter (m) 

STABIL L 

7 7 

2 2 

1 1 

8.925 5 

--

0.75 5 

12 2 

12.45 5 

0.894 4 

PRODCOL L 

28 8 

14 4 

0 0 

120.98 8 

--

1.8 8 

1.2 2 

1.4 4 

1.574 4 

RECCOL L 

6 6 

4 4 

0 0 

--

1.583 3 

0.6 6 

1.2 2 

1.3 3 

0.634 4 

Heat-integration n 

Inn the HDA plant, energy recovery is possible by using the reactor effluent to preheat 

thee reactor feed, in a feed-effluent heat exchanger (FEHE). Apparently, there is no need for a 

furnace.. However, the furnace is required for start-up, and the purge is available as fuel. 

Whenn the furnace is included and a FEHE of reasonable size is used, there is heat excess that 
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mustt be removed. The exergetic advantageous solution is to place a steam generator before 

thee FEHE. The resulting heat-integration arrangement is presented in Figure 1.8. 

STEAM M 
GENERATOR R 

QUENCH H 

Figuree 1.8. Heat-integrated HDA reactor. 

Duringg conceptual design, furnace and steam generator duties, and FEHE efficiency 

aree of interest. Because one heat-balance constraint, two design decisions should be taken, for 

examplee FEHE efficiency and steam generator duty. They can be found optimising according 

too some economic criteria. However, it is known that auto-thermal reactors have complex, 

nonlinearr behaviour, including state multiplicity, isolated solution branches and sustained 

oscillations.. Indeed, a plot of the reactor conversion versus dimensionless furnace duty 

(Figuree 1.9) reveals state multiplicity, with the required operating point on the middle, 

unstablee branch. Consequently, the design and control of the heat-integrated PFR should be 

analysedd in more detail. 

45 5 



ChapterChapter 1. IntegratingIntegrating Conceptual Design and Plantwide Control 

11 -r 

XX 0.5 

0 0 
00 Oh 0.4 

Figuree 1.9. Dependence of conversion vs. dimensionless furnace duty for  the 
heat-integratedd PFR in HDA plant 

Dynamicc simulation 

Inn order to assess the performance of the plantwide control structure, we developed a 

SPEEDUP®® model, including reactor dynamics and rigorous distillation, in which all control 

loopss were implemented (Figure 1.10). The following scenario was used to evaluate the 

performancee of the control system: Initially, set the production rate to 120 kmol/h. After 5 

hours,, increase to 150 kmol/h. Later, reduce in two steps (at time 15, and 25 hours) to 90 

kmol/h. . 

Figuree 1.11. present the results of dynamic simulation. Production change can be 

easilyy achieved. The product purity is held on specification. Reaction selectivity remains high. 

Thee constraint related to hydrogen / toluene ratio is satisfied most of the time. 
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Figuree 1.11. Dynamic simulation results. 
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Conclusion s s 

-- The systemic approach reveals two steps for integration of conceptual design and 

plantwidee control: 

1.. Design controllable basic flowsheet structures. 

2.. Couple the basic flowsheet structures in such a way that a controllable system is 

obtained. . 

-- Controlling the mass balance is a key activity to develop successful plantwide control 

structures.. Any feasible control structure must maintain the material balance for all 

components,, including impurities. 

-- In the systemic approach, the effect of plantwide disturbances on the locally controlled 

basicc flowsheet structures can be assessed by nonlinear sensitivity analysis. Because it 

dependss on the plantwide control structure, this has to be specified before completing the 

design. . 

-- Disturbance rejection can be set as a distinct specification for BFS design. If the target of 

controllablee BFS appears unattainable, design modifications should be considered. 

-- The reactor placed in recycle systems and the stand-alone reactor have very different 

behaviour.. The nonlinear behaviour of reactor - separator - recycle systems should be 

furtherr investigated. 
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Chapte rr  2 Interactio n betwee n Desig n and Contro l of a 

Heat-Integrate dd Distillatio n Syste m wit h Prefractionato r 

Abstrac t t 

Thee relationship between the design and the control of a heat-integrated distillation 

set-up,, consisting of a prefractionator and a side stream main column, is analysed. The 

separationn of a pentane-hexane-heptane mixture with moderate purity requirements is 

considered.. Both forward and reverse heat-integration schemes are investigated. Different 

designss are possible, depending on the light/heavy split in the prefractionator and the heat-

integrationn scheme. They are similar with respect to energy consumption, but very different 

withh respect to dynamic behaviour. The differences are studied using frequency-dependent 

controllabilityy analysis, as well as carrying out closed-loop simulation, in the presence of 

largee feed composition disturbances. Thus, it is found that the forward heat-integration is 

muchh easier to control, and with only temperature measurements. The low-cost design with a 

smalll  prefractionator has the best closed-loop performance. The reverse heat-integration can 

bee controlled only if a composition analyser of the side stream is available; sharp light/heavy 

splitt in the prefractionator gives better disturbance rejection. The superior dynamic behaviour 

off  the forward heat-integration scheme was confirmed by the study of a high purity separation 

off  the benzene-toluene-xylene mixture. 
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Introductio n n 

Thee direct and indirect sequences are well-known conventional configurations for 

separationn of ternary mixtures by distillation. Due to the higher cost of energy during the last 

decade,, there is an increased interest in other alternatives. They include heat integration 

(Rathoree et al., 1974, Morari and Faith, 1980), thermal coupling (Petlyuk et al., 1965, Tedder 

andd Ruud, 1985, Alatiqi and Luyben, 1985, Nikolaides and Malone, 1988), and complex 

configurationss (Doukas and Luyben, 1978, Cheng and Luyben, 1985). These alternatives 

have,, for some range of feed composition, lower energy consumption than the conventional 

configurations.. As an example (Cheng and Luyben, 1985), for a 25/50/25 benzene - toluene -

xylenee mixture, the prefractionator / side-stream column (Figure 2.1) with reverse heat 

integrationn and low operating pressure consumed 45% less energy than the direct sequence. 

ABC C PF F 

Owl l 

a a c2 2 

AB B 

BC C 

A A 

B B 

Q Q w2 2 

Figuree 2.1. Prefractionator  / side stream column configuration for  ternary separation. 

Thee dynamics and control of these systems is as important as energy saving (Tyreus 

andd Luyben, 1978, Frey et al., 1984, Chiang and Luyben, 1985, Mizsey et al., 1998, Doukas 

andd Luyben, 1978, Alatiqi and Luyben, 1986). Ding and Luyben (1990) studied the 

controllabilityy of the prefractionator / side stream column with reverse heat integration. The 

controll  structure used concentration measurements and single-input single-output (SISO) 

loops,, including split-range control. For the low purity separation, the system was found 

controllable.. For the high-purity case, the system could handle only small disturbances. 
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However,, they did not study the controllability of the forward heat-integration arrangement. 

Moreover,, the relationships between the design and controllability properties were not 

analysed. . 

Thee fact that the design of a process determines its controllability is well recognised 

(Luybenn and Luyben, 1997). However, no applications to complex distillation configurations 

aree reported. In the previous studies, heuristic rules (endorsed by industrial experience) were 

appliedd to obtain an approximate design, which was later refined by rigorous methods. 

Afterwards,, the controllability analysis was performed. 

Forr conventional distillation columns, there are few design decisions to be taken and 

thee design is almost established once the product purity is specified. However, more decisions 

(forr which no guidelines are available) are involved in the design of complex configurations. 

Theyy will affect the controllability properties, besides energy consumption, total annual cost 

orr other economic index. 

Thiss work investigates the interaction between design and control of the heat 

integratedd prefractionator / side-stream column configuration for ternary separation. For this 

arrangement,, an important design decision refers to the split between the light and heavy 

componentss to be performed in the prefractionator. According to this, several designs arc 

possible.. They are presented and discussed, for both the forward and reverse heat-integration 

arrangements.. Multi-input multi-output (MIMO) controllability analysis is performed based 

onn linear models. For the particular mixture considered in this work and forward heat-

integration,, the design with a small prefractionator performs better. It has excellent 

controllabilityy properties and good composition control can be obtained using only 

temperaturee measurements. The reverse heat-integrated alternative is more interactive. In this 

case,, good control can be achieved only if at least one composition analyser is available. 

Controllabilityy is improved if a sharp split between the light and heavy components is 

performedd in the prefractionator. Finally, the performance of the proposed control structures 

iss evaluated by dynamic simulation. 

Throughoutt this work, A, B and C will denote the light, intermediate and heavy 

components,, respectively. For the particular separation investigated, they are pentane, hexane 

andd heptane, respectively. 
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Desig nn of the prefractionato r / sid e strea m colum n configuratio n 

Thee prefractionator / side stream column configuration is presented in Figure 2.1. 

Typically,, the design specifications are expressed as the purity of the product streams. Design 

decisionss refer to the range of operating pressures and the quality of the separation to be 

performedd in the prefractionator. 

Forr each column, a pressure profile, which is related to the heat-integration scheme, is 

assumed.. For forward heat-integration, heat transfer is possible when the distillate of the 

prefractionatorr is hotter than the bottom of the second column. This can be achieved if the 

pressuree in the prefractionator is high enough. If reverse heat-integration is of interest, the 

secondd column is the one to be operated at high pressure. Several design iterations may be 

necessaryy because the pressure profile depends on the design of the columns. 

Too design the prefractionator, the fractional recoveries of the light and heavy 

components,, F^  Z^A /F*BC,A '*ABCA
 and FBC 'ZKJC/FABC 'ZABCJC > respectively, are 

specifiedd (the first and second subscripts denotes the stream and the component, respectively). 

AA binary A/C separation is considered and the Underwood-Fenske method is used to find the 

minimumm reflux and minimum number of trays. Then the reflux ratio and the number of trays 

aree chosen (for example 1.2  Z?̂  and 2  N )̂. This gives an approximate design, due to the 

presencee of the intermediate component. Consequently, a rigorous method is used to adjust 

thee product and reflux flow rates until the desired A/C separation is achieved. At the same 

time,, the top and bottom concentrations of the intermediate component are obtained. 

Thee main column may be treated as two pseudo-conventional sections. The mass 

balancee equations give the flow rates of the product streams. The controlling feed (the one 

requiringg the largest reflux, Nikolai des and Malone, 1987) is found and the reflux ratio is set 

accordingly.. Then, an approximate design is found by a short-cut method. Finally, a rigorous 

methodd is used to refine the number of trays, feed and side stream locations. 

Dependingg on the specified recoveries for the light and heavy components in the 

prefractionator,, different designs are arrived at. Consider a ISO mol/s equimolar ABC feed. 

Lett the desired purity of the A, B and C products be 0.99,0.98 and 0.99, respectively. Assume 

thatt the B product should contain equal amounts of A and C, i.e. 0.5 mol/s. Then, the whole 

amountt of A (or C) that leaves the prefractionator with the bottom (or top) stream will end in 

thee side stream of the main column. Consequently, the maximum amount of A (or C) in the 

prefractionatorr bottom (top) is 0.S mol/s. 
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Tablee 2.1. Possible specifications for  the A / C split in the prefractionator . 
Thee feed consists of 150 mol/s equimolar ABC mixture. For product purity A: 99%; 
B:: 98%; C: 99%, the maximum flow rate of C in distillate and A in bottom is 0.5 
mol/s. . 

Distillatee (mol/s) 
A A 
C C 

Bottomm (mol/s) 
A A 
C C 

Designn I 

49.975 5 
0.025 5 

0.025 5 
49.975 5 

Designn II 

49.525 5 
0.475 5 

0.475 5 
49.525 5 

Designn ID 

49.525 5 
0.025 5 

0.475 5 
49.975 5 

Designn IV 

49.975 5 
0.475 5 

0.025 5 
49.525 5 

Too design the prefractionator, several specifications are possible. Table 2.1 displays 

fourr design alternatives. In the first one, a sharp A/C separation is performed in the 

prefractionator.. Alternatively (Design II), the quantities of light in bottoms and heavy in 

distillatee are close to their maximum allowed values, and sharp A/B and B/C split is required 

inn the main column. Other options investigated are: (IS) high recovery of the heavy 

component,, low recovery of the light component and (IV) low recovery of the heavy 

component,, high recovery of the light component. 

Thee alternatives have different operating parameters (reflux, condenser and reboiler 

duty,, etc.) and columns' size (number of trays, diameter). In addition, different controllability 

propertiess are expected. 

Heatt  integratio n consideration s 

Thee forward heat-integration will be discussed. The same considerations apply to the 

reversee heat-integration. 

Usually,, the heat-integration is attempted by combining in one heat exchanger the 

condenserr of the first column and the reboiler of the second column. In most of the cases, the 

dutiess do not match. First solution is to install auxiliary equipment. If there is a heat surplus 

(öcii  > 0*2)'a condenser is added to the first column. If there is a heat deficiency (Qci < Qw2), 

aa reboiler is added to the second column. In both cases, the capital cost is increased because 

additionall  equipment, but one variable (duty) is preserved to be manipulated in the control 

structure. . 
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Ann alternative solution is to change the columns' design to match the duties. For heat 

surplus,, the second column reflux may be increased and the number of trays decreased. This 

requiress higher reboiler duty. Because the additional duty is attained by heat integration, there 

iss no penalty in terms of energy consumption. Note that the option of decreasing Qcl may not 

workk due to the minimum-reflux constraint. If there is heat deficiency, Öclmay be modified 

byy increasing the reflux in the first column. The number of trays is decreased, but the reboiler 

dutyy (öwi) must be increased. Because this does not come by heat integration, there is a 

penaltyy in terms of energy consumption. As in the previous case, we remark that decreasing 

QQw2w2 may not always work. 

Thee systems investigated in this work are based on the perfect-match alternative. This 

wayy one manipulated variable (the duty of the additional condenser or reboiler) is missing. 

Thee inclusion of the auxiliary heat exchanger should lead to better controllability. However, 

thee improvement might be minimal because only small duty change will be available 

Additionall  energy can be recovered if various hot streams are used to preheat the 

prefractionatorr or main column feed streams. Because this article concentrates on the 

controllabilityy analysis, we included in our flowsheet only heat integration between the feed 

andd product streams. 

Desig nn result s 

Thee general design specifications were: 

a)) Feed: 41.66 mol/s, equimolar pentane / hexane / heptane mixture, at 25 °C and 1 bar. 

b)b) Product specification: pentane, 99%; hexane, 98%, impurified with equal amounts of 

pentanee and heptane; heptane, 99%; 25 °C and 1 bar. 

Thee following assumptions were made during the design: ideal vapour-liquid 

equilibrium;; 100% tray efficiency; saturated liquid reflux; columns feed: saturated liquid, 0.1 

barr pressure difference between the feed and the feed tray; 10 °C pinch temperature difference 

forr feed preheating; 10 °C temperature difference in heat-integrated reboiler/condenser; 

pressuree drops: 0.01 bar/tray, 0.05 bar in condenser, residence times of 5 min in reflux drums 

andd 10 min in reboilers; heat transfer coefficients of 500 W/(m2K) in the heat exchangers. 
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ABCJf f 

PF F 

AB B 

BC C 

HX33 (HX1 

Figuree 2.2. Prefractionator  / side stream column with forward heat integration. 

ABC C 
PF F 

-s~~i i 

XL L 

AB B 

BC C 

Figuree 2.3. Prefractionator  / side stream column with reverse heat integration. 
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Steadyy state design was performed in ASPEN PLUS® (ASPEN Technology Inc, 

1997a),, using RADFRAC™ models for the distillation columns. When pinch analysis was 

applied,, the feed preheating layout presented in Figures 2.2 and 2.3 was obtained. Table 2.2 

summarisess the results of column sizing. Table 2.3 presents the flow rate and composition of 

intermediatee streams. 

Tablee 2.2. Results of the design of prefractionator  / side stream column. 
Numberss in bold represent heat supplied / removed by heat integration 

Forwardd heat integration 
refluxx ratio 
totall  stages 
feedd tray (from top) 
side-streamm tray 
topp stage pressure (bar) 

reboilerr duty, 106 W 

condenserr duty, 106 W 

feedd preheat duty, 106 W 

totall  duty, 106 W 

Reversee heat integration 
refluxx ratio 
totall  stages 
feedd tray (from top) 
side-streamm tray 
topp stage pressure (bar) 

reboilerr duty, 106 W 

condenserr duty, 106 W 

totall  duty, 106 W 

Design n 
PF F 

2.007 7 
24 4 
12 2 

7.3 3 
1.323 3 

1.223 3 

0.529 9 

1.852 2 

0.891 1 
20 0 
10 0 

1 1 
1.059 9 

0.998 8 

I I 
C C 

2.393 3 
28 8 
6,20 0 
12 2 
1 1 
1.223 3 

1.223 3 

2.588 8 
34 4 
7,25 5 
15 5 
5.95 5 
1.812 2 

1.059 9 

1.812 2 

Design n 
PF F 

1.958 8 
12 2 
6 6 

7.1 1 
1.337 7 

1.242 2 

0.514 4 

1.851 1 

0.980 0 
10 0 
5 5 

1 1 
1.072 2 

1.030 0 

II I 
C C 

2.355 5 
30 0 
6,23 3 
12 2 
1 1 
1.242 2 

1.216 6 

2.568 8 
35 5 
6,26 6 
15 5 
5.4 4 
1.793 3 

1.072 2 

1.793 3 

Design n 
PF F 

2.144 4 
15 5 
10 0 

7.4 4 
1.336 6 

1.257 7 

0.573 3 

1.909 9 

1.016 6 
15 5 
9 9 

1 1 
1.065 5 

1.010 0 

m m 
c c 

2.405 5 
28 8 
5,20 0 
12 2 
1 1 
1.257 7 

1.233 3 

2.568 8 
35 5 
6,25 5 
15 5 
5.6 6 
1.794 4 

1.065 5 

1.794 4 

Design n 
PF F 

1.55 5 
19 9 
8 8 

7.0 0 
1.264 4 

1.172 2 

0.502 2 

1.674 4 

0.828 8 
15 5 
6 6 

1 1 
1.041 1 

0.992 2 

rv v 
c c 

2.166 6 
28 8 
6,20 0 
12 2 
1 1 
1.172 2 

1.149 9 

2.5 5 
35 5 
7,26 6 
15 5 
5.75 5 
1.790 0 

1.041 1 

1.790 0 
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Tablee 23. Flow rate and composition of the streams leaving the prefractionator . 

Forwardd heat integration 
Distillatee (mol/s) 
Pentanee (%) 
Hexanee {%) 
Heptanee (%) 

Bottomss (mol/s) 
Pentanee (%) 
Hexanee (%) 
Heptanee (%) 

Reversee heat integration 
Distillatee (mol/s) 
Pentanee (%) 
Hexanee (%) 
Heptanee (%) 

Bottomss (mol/s) 
Pentanee (%) 
Hexanee (%) 
Heptanee (%) 

Designn I 

18.47 7 
75.16 6 
24.81 1 
0.03 3 

23.19 9 
0.02 2 

40.11 1 
59.86 6 

18.89 9 
73.50 0 
26.46 6 
0.04 4 

22.78 8 
0.03 3 

39.03 3 
60.94 4 

Designn II 

18.76 6 
73.27 7 
25.91 1 
0.82 2 

22.91 1 
0.62 2 

39.41 1 
59.97 7 

18.54 4 
73.95 5 
25.22 2 
0.83 3 

23.13 3 
0.77 7 

39.84 4 
59.39 9 

Designn m 

18.01 1 
75.72 2 
24.21 1 
0.07 7 

23.66 6 
1.07 7 

40.28 8 
58.65 5 

18.06 6 
76.31 1 
23.46 6 
0.05 5 

23.61 1 
0.47 7 

40.74 4 
58.79 9 

Designn IV 

20.33 3 
68.28 8 
31.17 7 
0.55 5 

21.33 3 
0.03 3 

35.39 9 
64.58 8 

19.31 1 
71.88 8 
27.43 3 
0.69 9 

22.36 6 
0.05 5 

38.43 3 
61.52 2 

Controllabilit yy  analysi s 

Thee main control objective is to maintain the products' concentration at their setpoints. 

Thee composition of the feed stream is considered as disturbance. Because distributed control 

systemss implementing PID controllers are widespread in the chemical industry, decentralised 

controll  is of interest. In addition, an attempt is made to develop the control system using 

temperaturee measurements to infer the concentrations because composition analysers are 

expensive,, require maintenance and have unfavourable dynamics. The temperature-control 

trayss were selected to be close enough to product withdrawal, but still sensitive. Typical 

temperaturee profiles in the side stream column are presented in Figure 2.4. 
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Forwardd heat-integration, design II 
110 0 

00 2 4 6 8 10 12 14 16 18 20 22 24 26 28 30 

Stag e e 

Reversee heat-integration, design I 
180 0 

99 160 

00 2 4 6 8 10 12 14 16 18 20 22 24 26 28 30 32 34 

Stage e 

Figuree 2.4. Side stream column temperature profiles. 
OO - feed;  - side stream;© - temperature control. 

Thee performance of the control system can be improved if concentration controllers 

aree added. They may give, in a cascade manner, the setpoint of the temperature control loops. 

Therefore,, the analysis will try to assess both disturbance rejection and set point tracking 

propertiess of different system designs. To accomplish this task, the Closed Loop Disturbance 

Gainn (CLDG) and the Performance Relative Gain Array (PRGA), respectively, will be 

calculated.. For an excellent presentation of the controllability analysis tools, we refer to the 

bookk of Skogestad and Postlethwaite (1996). 
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Thee controllability properties of Design I and III (and Design II and IV) are similar, 

forr both forward and reverse heat integration schemes. For this reason, the results for Design I 

andd II will be presented comparatively. 

SPEEDUP®® (ASPEN Technology Inc, 1997b) was used to simulate the dynamic 

behaviourr of the different configurations. In all cases, levels were controlled by P-only 

algorithm.. The maximum allowed control error (fin«) and the maximum control action ( iw ) 

weree chosen as 50% of the steady state value of the controlled and manipulated variables, 

respectively.. The gain of the controllers was set to Kp = «„„  / ^ . For pressure controllers, 

thee maximum allowed control error was set to 0.1 bar and integral action (T\=0.2 h) was used. 

Smalll  adjustments of one of the operating parameters (reboiler duty) were necessary to get the 

samee stationary state as the one obtained by steady state simulation in ASPEN PLUS®. (The 

differencess may be due to the local thermodynamic model used byy SPEEDUP®). 

SPEEDUP®® allows two different types of dynamic simulation. In pressure-driven 

simulations,, the pressure-drop across the valves determines the flow rates. In the flow-driven 

case,, the flow rates are specified. The latter alternative assumes fast flow controllers and was 

usedd in this study. 

Thee state space linear model of the process was obtained using the CDI (Control 

Designn Interface) facility offered by SPEEDUP®: 

4&4& = A-x(t) + B.yb)+Bé-d{t) 
at at 

y( / )=CC ) (2.1) 

e(t)=r(t)-y(t) e(t)=r(t)-y(t) 

x,x, u, dy y, e and r are the vectors of the state variables, manipulated inputs, 

disturbances,, controlled outputs, control errors and setpoints, respectively. A, B, B& C, D and 

DiDi  are matrices of appropriate dimensions. In order to obtain meaningful controllability 

results,, the inputs, disturbances and outputs were scaled. In terms of scaled variables, the 

controll  objective is to keep \e(t] < 1, using \u(t] < 1, when disturbances |d(f)| < 1 affect the 

process. . 

Inn terms of transfer functions, the linear model of the process is given by: 

y(s)^G(s)-u(s)+Gy(s)^G(s)-u(s)+Gii{s)-d(s){s)-d(s) (2.2) 

where: : 

G(s)=C{sI-A)~G(s)=C{sI-A)~llBB + D (2.3a) 
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Gi(s)=C-(s!-A)-*.BGi(s)=C-(s!-A)-*.Béé+Dt+Dt  (2.3b) 

Linearr models were used only for controllability analysis. The full nonlinear model 

wass used to evaluate the performance of the control system. 

Prefractionatorr  / side stream column with forward integration 

Itt is necessary to control four concentrations in the product streams: B in top, A and C 

inn side stream, and B in bottom. If inferential control is used, it is necessary to control four 

temperaturess in the main column, corresponding to the four sections. Additionally, large 

amountss of light/heavy component going in thee bottom/distillate of the prefractionator makes 

thee separation in main column very difficult. Consequently, it may be desirable to control the 

compositionn of the streams leaving the prefractionator, controlling two temperatures in the 

strippingg and rectifying sections. 

However,, after closing the inventory control loops, only four manipulated variables 

aree left: prefractionator reflux flow rate and reboiler duty, main column reflux and side draw 

floww rate. Moreover, dynamic considerations discourage die use of prefractionator 

manipulatedd variables to control temperatures in main column. 

Itt was found that acceptable control could be achieved when only one temperature is 

controlledd in the prefractionator (Figure 2.5). Because the vapour dynamics are faster than the 

liquidd dynamics, the reflux ratio is kept constant and one temperature in the prefractionator 

bottomm is controlled by the reboiler duty. This loop gets the setpoint from a controller 

regulatingg the temperature in the bottom of the main column. 

Thee main column reflux and side draw flow rates are used to control temperature in 

thee top and between the side stream and the second feed, respectively. 

Tablee 2.4 gives the nominal values and scaling factors for the manipulated inputs, 

controlledd outputs and disturbances. The maximum change of the set point in temperature 

controll  loops was assumed to be 5 °C 

Whenn decentralised control is of interest, the input-output pairing may be evaluated 

usingg the Relative Gain Array, defined as: 

AA = G®(CT,) r (2.4) 
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compositionn controller 

Figur ee 2.5. Forward heat-integration. Control structure. 
Standardd notation is used. YC denotes ratio controller. 

I I 
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/ / 

Tablee 2.4. Control of prefractionator  / side stream column with forward heat 
integration.. Nominal values and scaling factors oi 

Designn I 

Designn II 

Disturbances s 

Variable e 

yii  (PF stage 22 temperature, °C) 
y22 (C stage 4 temperature, °C) 
y33 (C stage 17 temperature, °C) 
ujj  (PF reboiler duty,106 W) 
U22 (C reflux flow rate, mol/s) 
U33 (C side draw flow rate, mol/s) 

yii  (PF stage 10 temperature, °C) 
y22 (C stage 4 temperature, °C) 
y33 (C stage 17 temperature, °C) 
uii  (PF reboiler duty, 106W) 
U22 (C reflux flow rate, mol/s) 
U33 (C side draw flow rate, mol/s) 

Lightt in feed 
Intermediatee in feed 
Heavyy in feed 

outputs,, inputs 
Nominall  value 

167.3 3 
40.3 3 
81.8 8 
1.337 7 
33.22 2 
13.89 9 

161.2 2 
40.7 7 
78.6 6 
1.337 7 
32.69 9 
13.89 9 

0.333 3 
0.333 3 
0.333 3 

andd disturbances. 
Scalingg factor 

1 1 
0.5 5 
0.5 5 

0.674 4 
16.66 6 
6.94 4 

1 1 
0.5 5 
0.5 5 

0.674 4 
16.66 6 
6.94 4 

0.1 1 
0.1 1 
0.1 1 
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Forr both designs analysed, the chosen pairing corresponds to positive diagonal 
elementss in the RGA matrix. 

A,(0)) = 

A n(0)) = 

1.4833 -0.492 0.009 

0.0199 1.090 -0.109 

-0.5022 0.402 1.100 

2.3088 -1.326 0.019 

0.0822 1.155 -0.163 

-1.3166 1.171 1.145 

Close-to-onee diagonal elements denote littl e interaction. Small values in the RGA 

matrixx also indicate that model uncertainty is not a problem. 

Thee RGA_number, defined as: 

RGA_numberRGA_number = \\l-A{jco}\smn (2.5) 

hass small value and drops to zero for high frequency (Figure 2.6), showing that good control 

performancee is possible. 

3 3 
E E 

< < 
GC C 

0-01 1 

Frequenc yy / [rad/h ] 

2 2 

0.01 1 

Frequenc yy / [rad/h ] 

Figur ee 2.6. Forward heat-integration. RGA_number. 
Thee RGA_number has small values and drops to zero at high frequencies. 
Designn I is less interactive. 
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Designn I is (slightly) less interactive. However, because interactions can help the 

disturbancee rejection, it cannot be concluded that it is also better. 

Too analyse the disturbance rejection properties, the Closed Loop Disturbance Gain 

(CLDG)) is calculated: 

GGAA=G>G-=G>G-ll-G-Géé (2.6) 

wheree G is a matrix consisting of diagonal elements of G. 

Itss elements, g ,̂ give the apparent gain of the k*  disturbance on the i*  output under 

decentralisedd control. The necessary condition to avoid inputs constraints is: 

| *M|> |S« |.. Vk (2.7) 

Althoughh in both cases the inputs are powerful enough to reject disturbances (Figure 

2.7),, the second design is clearly better. 

Thee ability of the system to follow set point changes can be analysed using the 

Performancee Relative Gain Array: 

rr  = G Gl (2.8) 

Itss elements, jfj, show how the i*  manipulated input must change when the j * setpoint 

iss changed. More precisely, input saturation is not a problem if: 

ka|>|r*H* k|>> Vk, (2.9) 

wheree /fk is the scaling factor of the k*  setpoint. 

Figuree 2.8 shows the frequency dependent PRGA for the second design (the results for 

thee first design are similar). To allow comparison with the loop gain, they are multiplied by 

thee scaling factors for setpoint changes. 

Thee following conclusions can be drawn: 

 Fast change of the prefractionator bottom temperature (yi) can not be achieved with the 

availablee manipulated inputs (at high frequency, condition 2.9 is not satisfied for k=l). 

 Input saturation may occur in the third loop (at high frequency, condition 2.9 is not 

satisfiedd for i=3). 

However,, there are few negative implications on die controllability properties. If 

temperaturess are used to infer concentration, fast setpoint tracking is not a concern. When 

compositionn controllers provide the setpoint for the temperature control loops, the system will 
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bee almost all the time close to the desired operating point; hence, only small adjustments of 

thee temperature setpoints will be necessary. 

Designn I Designn ü 

0.001 1 

Frequencyy / [rad/h] 
0.001 1 

Frequencyy / [rad/h] 

Frequencyy / [rad/h] 

0.0011 -

Frequencyy / [rad/h] 

'„<**** » » 

0.0011 -
Frequencyy / [rad/h] 

0.001 1 
Frequencyy / [rad/h] 

Figuree 2.7. Forward heat-integration. Frequency dependent loop gain, g„ ) and 

CLDGelements,, £ * (  k=l,^  k=2,X k=3). 
Designn II has better disturbance rejection properties. 
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§§ 0.01 

0.0001 1 

Frequenc yy / [rad/h ] 

10000 -, 

Frequenc yy / [raoVhJ 

Figuree 2.8. Forward heat-integration, Design II . Frequency dependent loop gain gü (^) 
andd PRGA elements }(kRk(  k=l, A k=2, X k=3). 
Fastt setpoint change may cause input saturation. 

Inn conclusion, the prefractionator / side stream column with forward heat integration 

hass very good controllability properties. The practice of a small prefractionator (doing just the 

necessaryy separation) is justified (at least for the case analysed) by its better disturbance 

rejectionn properties. 
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Prefractionatorr  / side stream column with reverse integration 

Afterr closing the inventory control loops, four manipulated variables are left for 

temperaturee (composition) control: prefractionator reflux flow rate, main column reflux and 

sidee stream flow rate, and reboiler duty. There are six temperatures it may be necessary to 

control,, corresponding to the two sections of the prefractionator and the four sections of the 

mainn column. 

AA control structure, similar to the one developed for the forward integration scheme, 

cann be imagined (Figure 2.9). The reflux flow rate controls one temperature in the top of the 

prefractionatorr (no input is available to control the temperature in the bottom). In the main 

column,, the reflux ratio is kept constant and reboiler duty is used to control the bottom 

temperature.. One temperature located either above or below the side stream is controlled by 

thee side stream flow rate. 

However,, strong interactions make it unfeasible. A typical steady-state RGA matrix is: 

"1.1444 0.008 -0.153" 

A t(0)== -0.164 -0.001 1.165 

0.0199 0.990 -0.012 

PP from composition controller 

SPP from composition 
controller r 

Figuree 2.9. Reverse heat-integration. Unfeasible control structure using only 
temperaturee measurements. 

Standardd notation is used. YC denotes ratio controller. 
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Thee small values of the last two diagonal elements show strong interaction. Moreover, 

theirr negative sign means that the system is not decentralised integral controllable (Skogestad 

andd Postlethwaite, 1996), i.e. there exists no diagonal controller with integral action such that 

bothh of the following conditions are true: a) The closed loop system is stable, b) The gains of 

anyy subset of loops can be arbitrarily reduced without causing system instability. 

Addingg a fourth control loop, in which the main column reflux flow rate controlled top 

temperature,, did not help. Several other control structures were tried and it was found that the 

controll  of the temperature in the middle of the main column is responsible for the negative 

diagonall  elements in the RGA matrix. Hence, if only temperatures are measured, the side 

streamm flow can not be the manipulated variable in a control loop. However, keeping the side 

streamm constant is unacceptable, because any change of the feed flow rate of the intermediate 

componentt will result in impure products. 

AA successful control structure (Figure 2.10) can be developed if the flow rate of the 

sidee stream is used to control its composition. The nominal and scaling values of the 

controlledd outputs, manipulated inputs and disturbances are presented in Table 2.5. 

D—© © A A 
SPP from composition 
controller r 

SPP from composition 
controller r 

Figuree 2.10. Reverse heat-integration. Feasible control structure using side stream 
compositionn analyzer. 
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Tablee 2.5. Control of prefractionator  / side stream column with reverse heat integration. 
Nominall  values and scaling factors of outputs, inputs and disturbances. 

Variablee Nominal value Scaling factor 
Designn I V] (PF stage 4 temperature, °C) 

y22 (C stage 4 temperature, °C) 
y33 (C side stream purity, °C) 
y44 (C stage 27 temperature, °C) 
uii  (PF reflux flow rate, mol/s) 
U22 (C reflux flow rate, mol/s) 
U33 (C side draw flow rate, mol/s) 
U44 (C reboiler duty, 106 W) 

Designn II yi (PF stage 4 temperature, °C) 
y22 (C stage 3 temperature, °C) 
y33 (C side stream purity, °C) 
y44 (C stage 28 temperature, °C) 
uii  (PF reflux flow rate, mol/s) 
U22 (C reflux flow rate, mol/s) 
U33 (C side draw flow rate, mol/s) 
U44 (C reboiler duty, 106W) 

Disturbancess Light in feed 
Intermediatee in feed 
Heavyy in feed 

56.7 7 
104.1 1 
0.98 8 
168 8 

16.83 3 
35.94 4 
13.89 9 
1.814 4 

61.2 2 
98.7 7 
0.98 8 
165.6 6 
18.16 6 
35.66 6 
13.89 9 
1.790 0 

0.333 3 
0.333 3 
0.333 3 

1 1 
0.5 5 
0.02 2 
0.5 5 
8.33 3 
10 0 

6.94 4 
0.907 7 

1 1 
0.5 5 
0.02 2 
0.5 5 
8.33 3 
10 0 

6.94 4 
0.907 7 

0.1 1 
0.1 1 
0.1 1 

Forr both designs analysed, the chosen pairing correspond to positive diagonal RGA 

elements: : 

""  1.824 0.028 0.0O1 -0.853" 

2.7588 11.90 0.002 -13.66 

0.0366 1.273 0.445 -0.755 

-3.6188 -12.20 0.552 16.27 

A I(0)= = RGARGA _ numberi^) = 63.3 

An(0)) = 

1.2655 -1.625 -0.O5 1.364 

-0.2833 23.15 0.05O -21.92 

-0.0522 -18.66 0.151 19.56 

0.0688 -1.868 0.8O3 1.997 

RGARGA _ number(0) = 90.5 

Forr high frequencies, both RGA_numbers drop to zero, showing that control 

performancee is possible. 
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Designn I Designn II 
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Figuree 2.11. Reverse heat-integration. Frequency dependent loop gain,g„  ( $) and 
CLDGG elements, gdik (  k=l,A k=2,Xk=3). 
Inn Design E, the second manipulated input is not strong enough to reject the 
disturbances. . 
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Figuree 2.11 presents the closed loop disturbance gain. The main difference between 

Designn I and Design II is in the disturbance rejection properties of the second control loop 

(mainn column top temperature - reflux flow rate). In the first case, all disturbances can be 

properlyy rejected. In the second case, the maximum allowed change of the reflux flow rate is 

nott big enough to reject any of the three disturbances. There are also some problems with the 

firstt control loop (Design II performs slightly better). However, this loop is not directly 

relatedd to product purity. 

Thee frequency-dependent PRGA is similar to the forward heat-integration case. Input 

saturationn may occur in some control loops, if fast tracking is required for certain setpoints. 

However,, as previously discussed, this will rarely be the case. 

Wee conclude that the controllability properties of the prefractionator / side stream 

configurationn with reverse heat-integration are worse than for the forward integration scheme. 

Iff  only temperature measurements are available, good control is impossible due to strong 

interactions.. A feasible control structure, in which the composition of the side stream is 

measured,, was developed. The controllability properties are better if the prefractionator 

performss a sharp A/C split. 

Wee acknowledge the anonymous reviewer who suggested to ratio the side stream to 

thee reflux flow rate. The closed-loop performance of this strategy was investigated. It 

achievess good control of the top and bottom purity. However, there is a rather large (about 

2%)2%) steady state error of the side stream composition. Hence, when tight control of the 

intermediatee product purity is not required, this control scheme is also a good option. 

Close dd loo p dynami c simulatio n 

Thee performance of the proposed control configurations was tested using the 

SPEEDUP®® nonlinear model. A typical run required about 80 seconds, on a Pentium II 350 

MHzz computer. 

Designn I was analysed for the forward heat-integration configuration. For the reverse 

heat-integrationn arrangement, Design II was investigated. A lag time of 1 min was assumed 

forr temperature sensors. A dead time of 3 min was assumed for composition analysers. 

Controll  structures presented in Figures 2.5 and 2.10 were used. The parameters of the PI 

controllerss were found by trial-and-error. They are presented in Table 2.6. 
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Tablee 2.6. Controller  tuning. 

Forwardd heat integration 
Loopp 1 0.0139 106 W/K 0.2 h 
Loopp 2 16.66 (mol/s) / K 0.2 h 
Loopp 3 6.94 (mol/s)/K 0.2 h 
Loopp 4 (Column tray 27 temperature - Loop 1 setpoint) 5 K/K 0.2 h 

Reversee heat integration 
Loopp 1 
Loopp 2 
Loopp 3 
Loopp 4 

2.777 (mol/s)/K 
3.611 (mol/s)/K 0.2 h 
1.39mol/(s%)) 0.2 h 
0.9077 106 W/ K 0.2 h 

Thee control system performance, as deviation of the products' concentration from the 

designn values, is presented in Figure 2.12. Disturbances Di, D2 and D3 correspond to increase 

off  the feed concentration of pentane, hexane and heptane, respectively. In each case, one 

concentrationn was increased from 33.3% to 43.3%, while the other two were decreased to 

28.3%. . 

Iff  the magnitude of die disturbances is taken into account, the performance of the 

controll  system seems acceptable. The purity deviation is less than 0.5 % for all streams. The 

settlingg time is less than 0.5 hours for forward heat-integration and less than 2 hours for 

reversee heat-integration. It is noted that the steady state error in concentration can be removed 

iff  concentration controllers are used. 
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Forwardd heat-integration. Design II Reversee heat-integration. Design I 

Timee / [h] Timee / [h] 

0.01 1 

Q.. 0.005 \ D -, 
W W 

II o t a t m i i n i i H i m i i i i i i m t i i 
a. . 
oo -0.005 -

0.01 1 

22 -0.01 -

Q Q 

Timee / [h] 

ë ë 
a.a. 0.005 i 
CO O 

Q. . 

oo -0.005 
c c o o 
.SS -0.01 
a> > 

a a 
-0.015 5 

Timee /[h] 

D, , 

0.01 1 

a.. 0.005 -

11 « 
a. . 
00 -0.005 
c c o o 
11 -0.01 
0) ) 

O O 
-0.015 5 

^ ^ 

D, , 

Timee / [h] 

0.01 1 
i-i-
c c 
a.. 0.005 
w w 

oo -0.005 
c c o o 
|| -0.01 

a a 
-0.015 5 

~**Z***&^ ~**Z***&^ 

Timee / [h] 

D, , 

Figuree 2.12. Control system performance. 

AA pentane,  hexane, J  ̂ heptane. Disturbances Di, D2, D3, correspond to increase of 
thee feed concentration of pentane, hexane and heptane, respectively, from 0.33 to 0.43. 
Controll  structures are presented in Figures 2.5 and 2.10 (the composition-temperature 
cascadess were not used). Controller tuning is presented in Table 2.6. 
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Conclusions s 
Thee relationship between the design and the control of a heat-integrated distillation 

set-up,, consisting of a prefractionator and a main column with side stream, was analysed. 

Bothh forward and reverse heat-integration schemes were investigated. Detailed results are 

presentedd for the separation of an equimolar pentane-hexane-heptane mixture, with moderate 

purityy requirements. These results were confirmed by the high purity separation of the 

benzene-toluene-xylenee mixture. 

1.. Four different designs were investigated, both for forward and reverse heat-integration. 

Energyy integration took into account a total match of the reboiler and condenser of the 

first/secondd and second/first columns, respectively, as well as feed preheating with 

products'' excess enthalpy. Design I considered a tall prefractionator for sharp light/heavy 

split,, while Design II considered a shorter prefractionator for a moderate light/heavy split. 

Inn the other cases, the prefractionator was designed for high recovery of the light, or of the 

heavyy component, respectively. In all designs the number of stages varied significantly for 

thee prefractionator, but remained practically constant for the main column. 

2.. In all cases, the total energy consumption varied only slightly. Consequently, energy 

recoveryy cannot be a selection criterion between alternatives. However, the dynamic 

behaviourr showed significant differences. 

3.. MIMO linear controllability analysis in the frequency domain was performed to evaluate 

thee dynamic properties of alternative designs. Large disturbances in feed concentration of 

thee three components were considered. Among controllability indices, Closed Loop 

Disturbancee Gain (CLDG) and Performance Relative Gain Array (PRGA) were 

calculated.. The controllability analysis predicts, in all situations, better dynamic properties 

forr the forward heat-integration scheme compared with the reverse one. This behaviour 

wass tested by closed loop simulation with the full non-linear model. 

4.. For the preferred forward integration scheme, an efficient control structure, using only 

temperaturee measurements, was developed. The design with a short prefractionator has, 

byy far, the best performance. 

5.. The control of the reverse heat-integration scheme does not work with only temperature 

measurements.. The system is controllable only if the concentration of the side stream can 

bee measured. Moreover, better disturbance rejection is possible with a sharp light/heavy 

splitt in the prefractionator. 
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6.. The behaviour of a high purity separation of a benzene-toluene-xylene mixture was tested, 

similarlyy to the work of Ding and Luyben15, who developed a quite complex control 

structuree for the reverse heat-integration scheme. For forward heat-integration, the 

simplee temperature-based control structure works well. This confirms the better 

controllabilityy of the forward heat-integration arrangement. 

7.. It may be concluded that in general the forward heat-integration scheme is easier to 

control.. A possible explanation may be the absence of a positive feedback of energy, 

whichh is very likely in the reverse heat-integration scheme. 
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Chapte rr  3 Stabilit y and Multiplicit y Approac h to the Desig n 

off  Heat-Integrate d PFR 

Abstrac t t 

Thee non-linear behaviour of the heat-integrated plug flow reactor, consisting of feed-

effluentt heat exchanger (FEHE), furnace, adiabatic tubular reactor and steam-generator is 

studied,, considering a first order, irreversible, exothermic, adiabatic reaction. Bifurcation 

theoryy is used to analyse the relationships among design, reaction thermodynamics and 

kinetics,, and state multiplicity and stability. Hysteresis, isola and boundary limit varieties are 

computed,, and the influence of the activation energy, reaction heat and FEHE efficiency on 

thee multiplicity region is studied. The double-Hopf and double-zero bifurcation points divide 

thee parameter space in regions with different dynamic behaviour. State multiplicity, isolated 

branchess and oscillatory behaviour may occur for realistic values of model parameters. A 

designn procedure is proposed to ensure a desired multiplicity pattern and a stable point of 

operationn and to avoid high sensitivity. The procedure was applied to three reaction systems 

withh different kinetic and thermodynamic characteristics. 
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Introductio n n 

Inn the autothermal PFR, heat exchange between the effluent and the feed stream is 

usedd to preheat the feed. Apparently, for an exothermic reaction and adiabatic reactor 

operation,, there is no need of an additional heat source. However, there are several reasons to 

includee a heater (normally a furnace) and a cooler (normally a steam-generator) in the system: 

1.. A heater (furnace) is always required for startup. It may be placed upstream or 

downstreamm of the feed-effluent heat exchanger (FEHE). It is favourable to place the 

FEHEE before the furnace, as it will work at lower temperatures. Steam can be used to 

generatee power and/or be exported to drive separation units. This site integration solution 

iss more efficient than process-process heat integration, as proposed by Douglas (1988). 

2.. Often, a purge stream is available as fuel for the furnace. Consequently, a steam-generator 

hass to remove the heat excess. Placing the steam-generator before the FEHE allows heat 

recoveryy at higher temperature and is therefore preferable in view of exergetic 

considerations. . 

3.. In the autothermal PFR, multiple steady-states may exist. Operation in the multiplicity 

regionn may be desirable or unavoidable. The classical analysis of van Heerden (1958) 

showss that the middle steady-state is unstable. Some states may also lose stability due to 

Hopff  bifurcation and the system may exhibit oscillatory behaviour. In such cases, stable 

operationn is possible only if a control system is in place. If the furnace and steam-

generatorr are included, their duties are available as manipulated variables in temperature 

controll  loops. 

Thee inclusion of furnace and steam-generator leads to the structure presented in Figure 

3.1.. This structure will be called heat-integrated PFR. It should be pointed out that other series 

off  circumstances could easily lead to other equipment arrangements. 

Typicall  initial design data of the heat-integrated PFR are reactor type (empty tube or 

packedd bed), feed flow rate, reactor inlet temperature, and required conversion. Reaction 

kineticss and thermodynamics are also known. These data suffice to design the reactor. Next, 

thee designer has to size the furnace, steam-generator, and FEHE. This can be done by 

optimisingg some steady-state related economic criteria and/or considering the plantwide 

energyy balance. 
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FEHE E 

<7c c 

STEAMM GENERATOR 

4h h 

FURNACE E 

REACTOR R 

Figuree 3.1. Heat-integrated PFR 

However,, the operating conditions may be different. There is always uncertainty of the 

kineticc parameters. Feed flow rate or concentration may deviate from the design values. 

Disturbancess in feed temperature, furnace and steam-generator duties are unavoidable. Heat-

exchangee efficiency may change due to fouling. Therefore, the operating point may become 

unstablee and/or sustained oscillations may occur. Also, the system may exhibit high 

sensitivity,, which renders control difficult. Consequently, the design also must be assessed 

withh regard to steady-state multiplicity, stability and sensitivity issues. 

Manyy articles on non-linear behaviour of reacting systems have been published. The 

first-orderr reaction in CSTR, axial-dispersion tubular reactor, or catalyst particle are classic 

problemss in chemical-reaction engineering. Only a few articles are, however, dedicated to 

heat-integratedd chemical reactors. Lovo and Balakotaiah (1992) computed the uniqueness-

multiplicityy boundary of the tubular reactor with internal or external heat exchange and CSTR 

withh external heat exchange. For limiting cases, they presented analytical expressions of the 

ignition,, extinction and cusp points. Subramanian and Balakotaiah (1996) classified the 

steady-statee and dynamic behaviour of several distributed reactor models, including the CSTR 

withh external heat exchange and the tubular reactor with internal heat exchange. 

Althoughh singularity theory (Balakotaiah and Luss, 1982, 1984; Golubitsky and 

Schaeffer,, 1985) and bifurcation theory (Iooss and Joseph, 1981; Scott, 1993) are proven 
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tools,, few applications to design are reported. Heiszwolf and Fortuin (1997) presented an 

application-orientedd design procedure for unique and stable operation of first-order reaction 

systemss in a CSTR. Morud and Skogestad (1998) discussed the dynamics of an industrial 

(multibed)) ammonia reactor, where positive feedback due to heat integration led to oscillatory 

behaviour.. They showed that instability occured at a Hopf bifurcation point. Silverstein and 

Shinnarr (1982) evaluated the stability of the heat-integrated PFR using the frequency response 

off  individual equipment components. They did not, however, address the relationship between 

reactionn kinetics and thermodynamics and state multiplicity and stability. 

Thee goal of this work is to study the steady-state and dynamic behaviour of the heat-

integratedd PFR. We consider a first-order, irreversible, exothermic reaction, and adiabatic 

reactorr operation. We concentrate on the relationship between reaction kinetics and 

thermodynamics,, equipment design, and state multiplicity and stability. To achieve this goal, 

wee use elements of bifurcation theory. Moreover, we show how the results can be applied 

duringg the design, in order to ensure a desired multiplicity pattern, a stable operating point, 

andd to avoid high sensitivity. In the next section, we present the heat-integrated PFR model 

equationss and the types of bifurcation of interest. Afterwards, we classify the steady-state and 

dynamicc behaviour by computing the hysteresis, isola, boundary-limit, double-zero and 

double-Hopff  varieties. State multiplicity, isolated branches and oscillatory behaviour are 

possiblee for realistic values of model parameters. We investigate the influence of reaction 

kineticss and thermodynamics and FEHE efficiency on the extent of multiplicity region. 

Subsequently,, we discuss how the results can be used to avoid operational problems and 

proposee a design procedure. Three reaction systems with different kinetic and thermodynamic 

characteristicss are used as examples. The main ideas are reviewed in the last section. Details 

off  the computation of the bifurcation points are given in Appendix. 

Mathematica ll  mode l 

Thee dynamics of equipment in the heat-integrated PFR may be described by plug-

flow,, pseudohomogeneous models. The dimensionless equations are given below: 
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FEHEE (tube and shell-side): 

(3.1a) ) 

Furnace: : 

MM  * j£.+a (31b) 

Reacton n 

== -+Z>aexd-—' - (l-X) 
dtdt d$ 

Steam-generator: : 

he^Lhe^L = -^+B  Da  expf -£^_ 

(3.1c) ) 

) ) 

(3.2) ) 

withh the boundary conditions: 

6\(r,o)=é?0(r) ) 

0t(r,l)=0h(i-,O) ) 

eehh(T,i)=e(T,i)=ett(r,o) (r,o) 
<9r(rj)=6>(r,0) ) 

0c(r,l)=0s(r,l) ) 

X(T,0)) = 0 

wheree rand £are dimensionless time and coordinate, respectively. 

Thee model variables are dimensionless temperatures in the shell and tube-side of the 

FEHEE (6^ 61), furnace (6|,), reactor (#) and steam-generator (6>c), and conversion (X). The 

dimensionlesss parameters represent reactor residence time (Da), FEHE area (NTU), activation 

energyy (#, adiabatic temperature rise (B), furnace and steam-generator duties (oh, fic), feed 

temperaturee (6b), residence time ratios (M  ̂Mc, Mb Ms), and heat capacity ratio (Le). 

Thee choice of reference temperature T deserves a special discussion. Most of the 

previouss studies considered the Damkohler number (Da) as bifurcation parameter, and 

investigatedd the effect of feed flow rate change. However, feed flow rate can be easily 

controlledd during the operation; hence, variation of this parameter is unlikely. Uncontrolled 
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changess of feed temperature, furnace and steam-generator duties, and FEHE efficiency are 

moree probable. In the previous studies the feed temperature was chosen as reference (T = TQ), 

becomingg part of several dimensionless numbers. In this way, the dimensionless feed 

temperaturee was set to zero (0O = 0). When studying the steady-state behaviour with feed 

temperaturee as a variable, only one dimensionless parameter must depend on it; hence T = T0 

iss not a good choice. 

Iff  we consider isothermal operation of a fixed-size PFR, the reactant is almost 

completelyy converted (X=9933%) for Da = - l n ( l - X ) = 5. We choose the corresponding 

reactionn temperature as reference. This is not restrictive. The reactor can be sized when the 

reactorr inlet temperature, desired conversion, reaction kinetics, and thermodynamics are 

known;; hence, the residence time is known. Then the reference temperature T, for which 

Da=5,Da=5, can be calculated and used for dimensionless numbers. This way, changes of furnace 

orr steam-generator duty, feed temperature and concentration, and FEHE efficiency are 

reflectedd by independent changes of the model parameters: Qk, Qc, 6b, B and £, respectively. 

Heiszwolff  and Fortuin (1997) and Chen and Luss (1989) used a similar procedure setting 

yy = 25 and Da ~ 1, respectively. 

Too study the influence of flow rate on steady-state multiplicity and stability, its change 

mustt be concentrated in one parameter. This can be achieved by introducing new 

dimensionlesss variables: 

H=H= ~ÓT\ <3-3> 
pcpcppVk[T) Vk[T) 

pcpcppTVk{T) TVk{T) 

HH cc== JS-TZZ. (3.5) 

andd replacing in Eq. 3.1 NTU, Qh , and Qc by Da  H, Da- Hh ,and DaHc, respectively. 

Thee steady-state model is obtained by dropping the time derivatives in Eq. 3.1. After 

analyticall  integration of the FEHE, furnace, and steam-generator equations, the following 

boundaryy value problem is obtained: 

d6 d6 
—f—f = BDaexp 
d$ d$ 

rreeT T 
i+ei+e r r 

ee -e (oVi 
1—H - r^ JJ (3.6a) B B 
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f{df{dtt{0\e^Q^Qc^B,y,Da)={\-e)e{0\e^Q^Qc^B,y,Da)={\-e)eoo +(e„  -«&)+£  0r(l)-0r(O) = = O (3.6b) 

where e 

NTU NTU 
11 + NTU 

iss the FEHE efficiency. 

Thee reactor conversion is given by: 

Y .g,( i)-g,(o) ) 

(3.7) ) 

(3.8) ) 

Equationn 3.6 may be solved by a shooting technique: start with an initial guess for 

0r(o),, integrate to find 0r(l) , check the boundary condition, and update 0r(o) (for example, 

byy the Newton method). This way, the problem is reduced to one algebraic equation with one 

statee variable (reactor inlet temperature) for which we can apply the singularity theory of a 

singlee state variable (Golubitsky and Schaeffer, 1985). 

0.13 3 0.14 4 0.155 0.16 
Oh h 

0.17 7 0.18 8 

Figuree 3.2. Conversion vs. dimensionless furnace duty, for  different values of NTU. 
Da=5,Da=5, y=5, £=0.07, 6b=-0.6, Qc=0.15, M,=MS=0.75, Mh=Mc=0.2, Le=2000. 
Continuoss lines represent stable steady-state. Dashed lines represent unstable steady 
states.. Bold lines are the loci of fold and Hopf bifurcations. Points C, DH, DZ, I and 
BLjj  correspond to cusp, double Hopf, double zero, isola and boundary limit 
bifurcations. . 
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Thee S-shaped curves (bifurcation diagrams) in Figure 3.2 represent the conversion vs. 

furnacee duty (bifurcation variable), for a given set of values of Da, y, B, Q& fa M  ̂ M0 Mb 

MMss and he. Each curve is associated with a fixed value of NTU. The number of possible 

steady-statess changes at fold bifurcation points. The upper and lower branches of the fold 

curvee correspond to reaction extinction and ignition, respectively. The qualitative shape of the 

bifurcationn diagram changes when the second parameter (NTU) is varied. At the cusp point 

(C)) two fold points appear or disappear and the number of steady-states changes by two. The 

locuss of cusp points is called hysteresis variety. Note that if the furnace duty is fixed to 

öh=0-1455 (point I), the conversion does not depend on NTU. This corresponds to an isola 

bifurcationn when NTU (or e) is taken as bifurcation parameter. When the NTU parameter has 

veryy large values (NTU—*°°, £—>l) the bifurcation parameter on the ignition and extinction 

branchess reaches the asymptotic values Öh=0.15 and <2h=0.08 (not shown in Figure 3.2), 

respectively.. They are called boundary-limit points (BL). For a first-order reaction, the heat-

integratedd PFR exhibits at most three steady-states, hence the double-limit variety (where the 

qualitativee nature of the bifurcation diagram may also change) does not exist. 

Whenn multiple steady-states exist, the middle one is always unstable (dashed line). A 

steady-statee may also become unstable at a Hopf bifurcation point. Here a branch of 

oscillatingg solution arises. When a second parameter is varied, the number of Hopf bifurcation 

pointss may change. At the double-Hopf (DH) bifurcation point two Hopf bifurcation points 

appearr or disappear. At the double-zero (DZ) bifurcation point, one Hopf bifurcation point 

appearss or disappears. 

Detailss of the bifurcation points computation are presented in the Appendix. 

Steady-statee behaviour 

Inn this study we considered two cases. 

First,, we used as bifurcation parameter: 

QQ = {l-e)d0 + {Qb-£Qc) (3.9) 

Itt represents the system energy input and captures the influence of feed temperature, 

furnace,, and steam-generator duties on the steady-state. Note that fa Qh and Qc appear 

coupledd as Q in the steady-state equation 3.6 and they do not appear in the bifurcation 

equationss A3.6 and A3.9. 
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AA pitchfork bifurcation was identified. It corresponds to an isola bifurcation of the fold 

pointss locus and divides the e-B plane into two regions (Figure 3.3). 

Iff  the reaction is highly exothermic or the FEHE is very efficient (at the right of the 

pitchforkk line), state multiplicity is possible irrespective of the value of the reaction activation 

energy.. Otherwise (at the left of pitchfork line), state multiplicity is possible only for high or 

loww activation energy. 

0.4 4 

0.3 3 

B B 

0.2 2 

0.1 1 

0 0 

Foldd points 

1 0 ,, y 100 

0.22 0.4 0.6 0.8 

Figuree 3.3. Pitchfork bifurcation 
Att the right of the pitchfork bifurcation, multiple steady-states are possible 

irrespectivee of the value of activation energy. 
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Figuree 3.4 presents a cross section of the hysteresis variety in (y- B) plane, for 

differentt values of the FEHE efficiency. For fixed £, multiple steady-states are possible at the 

rightt of the hysteresis line. For fixed activation energy, an increase of either the FEHE 

efficiencyy or adiabatic temperature rise leads to multiplicity. The unicity region is larger for 

intermediatee activation energies. 

1000 -r 

Figuree 3.4. Cross section of the hysteresis variety in (y- B) plane for  different values of 
FEHEE efficiency. 

Forr fixed £, multiple steady-states are possible at the right of hysteresis line. 

Second,, we considered the FEHE efficiency (£) as bifurcation parameter. In this case, 

noo other parameters may depend on it. Hence 6b, oh and Qc may not be coupled as Q, and 

theirr effect must be investigated separately. 

Thee steady-state behaviour is more complicated. In addition to the hysteresis variety, 

onee isola and two boundary-limit varieties exist. Figure 3.5 presents a typical phase diagram 
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inn the (öcöh) space. The hysteresis and boundary-limit varieties are described by the 

followingg equations: 

{l-e')e{l-e')e00 + Qb-e'Qc=Q' (3.10) 

Öhh = Öc (3.11) 

Ch== Qc-B (3.12) 

wheree e and Q correspond to the cusp bifurcation. 

0.11 0.2 0.3 0.4 0.5 

Oc c 

Figuree 3.5. Phase diagram of heat-integrated PFR with FEHE efficiency as bifurcation 
parameter. . 

Da=5,Da=5, j=10, .8=0.2, 6b=-0.4. C - cusp, I - isola, BL - boundary limit. 
Thee different types of bifurcation diagrams existing in regions I - VEQ are presented in 
Figuree 3.6. 

Thee isola variety approaches asymptotically the BLi and BL/> varieties. This 

observationn together with the Eqs 3.10-3.12 can be used to sketch the phase diagram. The 

isolaa and hysteresis varieties intersect at a pitchfork bifurcation point. 
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Thesee singularities divide the parameter space into eight regions where qualitatively 

differentt bifurcation diagrams exist (they are presented in Figure 3.6). 

Figuree 3.6. Conversion vs. FEHE efficiency bifurcation diagrams. 
Diagramss I-VTA correspond to regions I-VUI in Figure 3.5. 

Inn region I there is a unique steady-state. Crossing the hysteresis variety to region n, 

twoo fold points appear and state multiplicity is possible. When the BLi variety is crossed to 

regionn HI, a low-conversion isolated branch appears and the multiplicity pattern becomes 1-3-

1-3.. The two branches coalesce when the isola is intersected and two fold points disappear. 

Hence,, in region IV, a low conversion branch exists for all values of FEHE efficiency, while 

highh conversion is possible only for high values of the e parameter. When moving to regions 

VV or VII , the high conversion branch disappears (at BL2), or multiple states appear on the 
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low-conversionn branch (at hysteresis), respectively. From region VII , the high conversion 

branchh disappears at BL2 (region VI) or the two branches coalesce at isola (region Vm). 

Notee that isolated branches exist between the BLi and BL2 varieties. 

Dynami cc behaviou r 

Dynamicc classification involves dividing the parameter space into regions where a 

differentt number of Hopf bifurcation points exists. Due to the large number of parameters, a 

completee classification is difficult. We consider the energy input as the bifurcation parameter 

andd restrict our analysis to the influence of the dimensionless adiabatic temperature rise. We 

focuss on high values of the FEHE efficiency, and thus high tube and shell residence times. 

Wee consider a catalytic reactor because its "wrong-way" behaviour is the cause of oscillations 

(andd hence of Hopf bifurcations). This is reflected in the large value of Le. 

Thee wrong-way behaviour of packed-bed reactors has been demonstrated by Mehta et 

al.. (1981) who used the plug-flow pseudohomogeneous model. Pinjala et al. (1988) and Chen 

andd Luss (1989) added more complexity. They showed that models including axial dispersion 

and/orr heterogeneity (1) account for state multiplicity inside the reactor and (2) predict 

smallerr and slower temperature peaks. The first matter is usually avoided in practice by the 

reactorr design, however, and the second item does not change the qualitative transient 

behaviour.. Besides, the heat-integrated PFR becomes a two-state-variables problem when 

heterogeneityy or axial dispersion is included; thus, the classification methodology is not 

applicable.. For these reasons, the use of the plug-flow pseudohomogeneous model is adequate 

forr the purpose of this work. 

AA typical phase diagram is presented in Figure 3.7. The double-zero locus is tangential 

too the cusp locus. The double-Hopf intersects the double-zero at a bifurcation point of 

codimensionn 3. The {s-E) space is divided into six regions where different types of 

bifurcationn diagrams exist. The bifurcation diagrams of conversion vs. energy input are 

presentedd in Figure 3.8. In region I, one stable steady-state exists. After crossing the double-

Hopff  locus, two Hopf points appear. In-between, no stable steady-state exists and the system 

exhibitss oscillatory behaviour. When the hysteresis variety is crossed, two fold points appear. 

Therefore,, in region HI there are multiple steady-states. Oscillatory behaviour is possible on 

bothh the ignited and extinguished branches. In region IV, one Hopf point disappears after 

crossingg the double-zero locus. In region V, a second Hopf point appears on the ignited 
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branch.. They both disappear when the double-Hopf variety is crossed; thus, in region VI 

steady-statee multiplicity is possible but not the oscillatory behaviour. 

Notee that the phase diagram may change (the double zero and double Hopf loci do not 

intersect)) when a third parameter is varied. 

0.99 -

0.85 5 

0.8 8 

0.755 -

0.7 7 

0.655 -

0.66 -

(VI) ) 

(1) ) 

(V) ) 

1 1 

(IV) ) 

DZ Z 

Xoïï) ) 
(ii)) \ C 

\\ DH 

0.044 0.06 0.08 
B B 

0.1 1 

Figuree 3.7. Phase diagram of the heat-integrated PFR with energy input as bifurcation 
parameter. . 

Da=5,Da=5, Y=5, Mt=Ms=0.75, Mh=Mc=0.2, L<?=2000. 
CC - Cusp. DH - Double Hopf. DZ - Double Zero. 
Thee different types of bifurcation diagrams existing in regions I-VI are presented in 
Figuree 3.8. 

Itt is expected that the steady-state and dynamic behaviour of the heat-integrated PFR 

wil ll  change when a control system (for example, manipulating furnace duty to control reactor 

inputt temperature) is present. In addition, we expect more complicated phase diagrams when 

moree detailed models are used for the furnace and steam-generator (for example with burn gas 

andd cooling water temperatures as parameters, instead of furnace and steam-generator duties). 
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(I) ) 

e e 

11 J 

HH 0 

0.155 -0.16 -0.06 6 

X X 

-0.16 6 

(HI) ) 

Q Q 
11 0 

-0.088 -0.1 

* * 

(IV) ) 

-a— — 

-0.05 5 

X X 

-0.09 9 Q Q 

(V) ) 

—II 0 

-0.055 -0.07 

(VI) ) 

Q Q -0.03 3 

Figuree 3.8. Conversion vs. energy input bifurcation diagrams. 
Diagramss I-VI correspond to regions I-VI in Figure 3.7.  Fold; D Hopf. 

Designn procedur e for the heat-integrate d PFR 

Inn this section we propose a design methodology for the heat-integrated PFR. We are 

nott concerned with detailed sizing of the equipment. We are interested in the values of FEHE 

efficiency,, furnace, and cooler duties. These can be obtained by optimisation according to 

economicc criteria, but certain restrictions arise when multiplicity, sensitivity, and stability are 

considered. . 

Wee propose the following design procedure for the heat-integrated PFR: 

Stepp 0. Initial data: Feed flow rate and concentration; reactor inlet temperature; conversion; 

reactorr type (catalytic or empty tube); reaction kinetics and thermodynamics. 
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Stepp 1. Size the reactor based on adiabatic PFR equations. 

Stepp 2. Choose the reference temperature. If T is chosen such that Da = 5, Figures 3.3 and 

3.44 can be used during step 3. Calculate the dimensionless activation energy and adiabatic 

temperaturee rise. 

Stepp 3. Select the FEHE, based on the following observations: 

.. When the heat-integrated PFR is designed for low conversion, the hysteresis variety is a 

conservativee boundary against runaway (Balakotaiah et al., 1995, Paul et al., 1997). In this 

case,, Figure 3.4 can be used to select FEHE efficiency so the (y, B) point is in the unicity 

region. . 

.. When the system is designed for middle or high conversion, autothermal operation may be 

off  interest. This is possible only when an ignited state exists. In this case, the (y, E) point 

mustt be in the multiplicity region of Figure 3.4. The extinction point gives the minimum 

energyy input required. 

.. Close to the hysteresis variety the system is very sensitive to change of feed temperature, 

furnace,, and cooler duties. 

.. The energy input is given by: 

QQ = {\-£)-9t(Ö)-£-BX (3.13) 

Stepp 4. Stability issues: The middle operating point is always unstable. The other operating 

pointss may be stable or unstable. Dynamic simulation may be used to assess the stability, but 

noo information about the extent of the stability region will be obtained. We recommend 

computingg the Hopf bifurcation points (which are on the boundary of the oscillatory 

behaviourr region) in order to find possible instability near the operating point. Note that 

workingg at an unstable operating point is not by itself unattractive, as a temperature controller 

mayy stabilise the system. Loss of stability due to disturbances or design-parameter uncertainty 

iss dangerous. If the dynamic behaviour is not satisfactory, the design must be changed. The 

followingg observations should be considered: 

.. Only for a small range of model parameters the whole ignited branch (high conversion) is 

stablee (region VI in Figure 3.7). A domain of oscillatory behaviour bounded by Hopf and 

extinctionn points (regions II I  and IV) is very likely. In this case, increasing the energy 

inputt wil l stabilise the system, without significant change of conversion. If the heat of 

reactionn is small, two Hopf points may bound the oscillation domain (region V). Li this 

casee decreasing the energy input may also stabilise the system. This solution may be 
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undesirable,, as the operating point wil l move closer to the extinction point. Also, the 

changee of the conversion will be more important. 

.. If the system is designed in the unicity region, oscillations are likely for highly exothermic 

reactions,, especially at intermediate conversion (region II in Figure 3.S). In this case, 

decreasingg the FEHE efficiency will ensure a stable and unique operating point. 

.. If no solution can be found, then some of the initial data have to be modified. 

Stepp 5. Choose feed-temperature, furnace, and steam-generator duties. When the FEHE 

efficiencyy is constant, the bifurcation behaviour depends only on the energy input ( 0 and 

doess not depend on the distribution of the energy input between feed-temperature, furnace and 

steam-generatorr duties. Consequently, these variables can be linked to plant energy balance, 

sitee integration, combined heat and power production, or low equipment cost considerations. 

Too prevent operational problems due to isolated branches when FEHE efficiency may change, 

operationn in region I or II of Figure 3.5 should be preferred. As these regions are at the left of 

thee BLi line, the following condition must be fulfilled: 

O<QO<Qcc<(0<(022-e-eoo)-~BX)-~BX (3.14) 

Notee that the ranges for furnace and steam-generator duties decrease when the FEHE 

efficiencyy increases. 

Wee shall illustrate the proposed methodology by three different reaction systems. The 

firstt one, propylene chlorination, is highly exothermic with moderate activation energy. Smith 

(1970)) gives kinetic parameters. With excess propylene, the reaction can be considered first 

order.. The second system involves a mild exothermic reaction with high activation energy, 

toluenee hydrodealkylation (Douglas, 1988). The third system is a catalytic reaction with 

intermediatee heat effect and low activation energy. Table 1 contains the initial data and the 

results. . 

Bothh kinetic (ko and £a) and thermodynamic data (AT^) are known. Design 

specificationss are expressed as feed temperature (To), reactor inlet temperature (r2), and 

desiredd conversion (X). In the first two cases, we require autothermal operation (defined by 

thee existence of an ignited state for some range of operating variables). In the last case, we 

requiree a unique, stable operating point. 
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First,, we design the reactor using the adiabatic PFR equations. This gives the 

residencee time (to). Now we can calculate the reference temperature (for which Da=5) and use 

itt for dimensionless parameters. We mention that the dimensionless activation energy is high 

forr the second reaction (?*=35) and low for the third one (^5). Also, the dimensionless 

temperaturee rise correctly indicates that the first reaction is highly exothermic (5=0.243). 

Consequently,, the proposed choice of the reference temperature gave meaningful results. 

Too get state unicity (multiplicity) we might calculate the FEHE efficiency at the cusp 

bifurcationn (£*) and choose a lower (higher) value. Alternatively, we can simply use Figure 

3.44 to place the (B, # point in the desired region. 

Next,, we consider stability issues. For noncatalytic reactions (first system), the high 

conversionn branch is stable and no oscillatory behaviour is expected. The second system must 

bee operated on the middle branch, which is always unstable; hence, a stabilising controller 

mustt be installed. For catalytic reactions (third system), unicity does not ensure stability. 

Figuree 3.7 suggests that FEHE efficiency must be further decreased to ensure stable operation 

(regionn I). 

Afterr the stability was taken into account, we may choose the FEHE efficiency and 

usee Eq. 3.13 to calculate the system energy input. 

Finally,, we must divide the energy input between feed temperature, furnace, and 

steam-generatorr duties. Isolated branches for varying FEHE efficiency are undesirable. To 

avoidd them, we use Eqs 3.10-3.12 to draw diagrams similar to Figure 3.4, and place the 

operatingg point in region I. 

Conclusion s s 

Inn this article, we analyzed the relation between the reaction characteristics, design 

andd state multiplicity and stability of the heat-integrated PFR. We considered a first-order, 

irreversible,, exothermic reaction. 

First,, the energy input was considered as bifurcation parameter. It captures the 

influencee of the feed-temperature, furnace, and steam-generator duties on the state 

multiplicityy and stability. The hysteresis, double-zero, and double-Hopf bifurcation points 

weree used to classify the steady-state and dynamic behaviour of the system. The parameter 

spacee is divided into six regions, corresponding to different types of bifurcation diagrams. 

Statee multiplicity is likely for very exothermic reactions or high FEHE efficiency, irrespective 
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off  the activation energy. The heat-integrated PFR may exhibit oscillatory behaviour for 

realisticc values of model parameters. 

Subramaniann and Balakotaiah (1996) obtained similar phase diagrams for different 

adiabaticc reactor models, when the Damkohler number was considered to be the bifurcation 

parameter.. However, these systems do not exhibit oscillatory behaviour for practical values of 

modell  parameters. 

Second,, the FEHE efficiency was chosen as bifurcation parameter. The hysteresis, 

isola,, and boundary-limit varieties were used to classify the steady-state behaviour. The 

parameterr space is divided into eight regions where qualitative different bifurcation diagrams 

exist.. State multiplicity and isolated branches are now possible. 

AA design procedure was proposed. We found that the selection of FEHE efficiency is 

thee critical step for achieving the desired state multiplicity and to ensure stability. When feed 

temperature,, furnace or steam-generator duties are the changing variables, multiplicity and 

stabilityy are not affected by the partition of energy input between these variables. 

Consequently,, the heat equipment may be designed based on plant energy balance, site 

integration,, combined heat and power production or lowest equipment cost. Certain 

restrictionss arise, however, when the change of FEHE efficiency is taken into account. The 

proceduree was applied to three reaction systems with different kinetic and thermodynamic 

characteristics. . 

Thee approach we presented can be applied to other equipment arrangements as well as 

too more complex reaction systems. Also, more accurate models of the furnace, steam-

generator,, and catalytic reactor can be considered. 

Notatio n n 

ATT = FEHE area, m2 

BB - adiabatic temperature rise, dimensionless 

T T 

ccvv = specific heat, J/(kg K) 

DaDa = Damkohler number 

vv ' F 

EiEi = activation energy, J/mol 
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FF = mass flow rate, kg/s 

KKTT = FEHE heat transfer coefficient, W/(m2 K) 

kk = reaction rate constant, s'1 

LL - length, m 

LeLe = Lewis number, dimensionless 

Aftt - residence time ratio (k = t, s, h, c) 

'O r r 

NTUNTU - number of transfer units, dimensionless 

I\-rArf I\-rArf 

q*q*  =duty(k^h,c),W 

QkQk = duty (k = h, c), dimensionless 

FcFcppT T 

QQ = energy input, dimensionless 

/?? = gas constant, J/ (mol K) 

rr = temperature, K 

TT = reference temperature, K 

AT^AT  ̂ = adiabatic temperature rise, K 

// = time, s 

toto = residence time, s 

== YP 

F F 

u,u, v = eigenfunctions 

XX = conversion, dimensionless 

zz = axial coordinate, m 

VV = reactor volume, m3 
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Greekk letters 

yy - activation energy, dimensionless 

==  E^ 
RT RT 

££ = FEHE efficiency, dimensionless 

kk - eigenvalue 

pp = density, kg/m3 

TT = time, dimensionless 

/ / 

~~ *<* 

66 — temperature, dimensionless 

T-f T-f 
f f 

%% = axial coordinate, dimensionless 

_z_ _z_ 
~~ L 

Subscripts s 

tt - FEHE tube side 

ss - FEHE shell side 

hh - furnace 

rr - reactor 

cc - steam-generator 

sff  - solid phase 

fff  - fluid phase 

bb - feasibility boundary 

0-feed d 

11 - furnace inlet 

22 - reactor inlet 

33 - reactor outlet 

44 - steam-generator outlet 
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Appendix ::  Bifurcatio n point s computatio n 

Thee equations describing the dynamic behaviour of the heat-integrated PFR can be 

writtenn in the following condensed form: 

Ay(r,0)+£y(r,l)-cc = 0 
uu *\ /A (A3.lb) 

y(o,#)=y0(#) ) 

yy is the vector of model variables, C is a diagonal capacity matrix, f(y) is a non-linear 

function,, fx is the bifurcation parameter and p is the vector of remaining parameters. A and B 

aree constant matrices and c is a constant vector. 

Itss steady-state solution is given by the boundary value problem: 

%% = /(y../<./0 (A3.2a) 

Ays(0)+l?ys(l)-cc = 0 (A3.2b) 

Whenn Eq. A3.1 is linearized around steady-state and separation of variables is applied, 

thee following eigenvalue problem is obtained: 

Cfaa + 4/Xii + iv) = - ^ ^ - + fy iu+ iv) (A3.3) 

where: : 

s^btëshyM'WhMë))-^*s^btëshyM'WhMë))-^* (A3.4) 
Att fold points, one real eigenvalue crosses the imaginary axis. Substitution of 

Ai=^2=00 in Eq. A3.3 and identification of real and imaginary parts gives: 
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du du 

YfYfffy'y'uu (A3'5a) 

withh the boundary condition: 

A«(0)+5«(l)) = 0 (A3.5b) 

Thee eigenfunctions can be determined up to a multiplicative constant. Hence w(0) may 

bee given an arbitrary value. We have two equations for two unknowns: the state variable y and 

thee bifurcation parameter /£ Shooting technique is available as solution method. 

Forr the heat-integrated PFR, the FEHE, furnace and steam-generator differential 

equationss defining the fold points may be integrated analytically to give: 

## ll+^J H B )(l + Otf B) (A3.6a) ) 

£K,(l)-u,(0)=00 (A3.6b) 

Thee fold bifurcation points of the heat-integrated PFR were found by solving the 

boundaryy value problem defined by Eqs 3.6 and A3.6. 

Thee computation of the cusp points (hysteresis variety) is based on the following 

observation:: the loci of the ignition and extinction points meet at the cusp point. 

Forr the case of one algebraic equation (Eq. 3.6) with one state variable (y = 9t (0)), the 

definingg condition for the isola variety is: 

f(y,H,p)=f(y,H,p)=mymyi*i* P)P) = my-"' P) =0 (A3.7) 
dydy dju 

Subramaniann and Balakotaiah (1996) showed how to compute the isola variety in 

distributedd parameter systems. However, we used a simpler approach: at the isola point, the 

foldd locus has a local extreme. Note that all the steady solutions corresponding to varying 

NTUNTU (or é) pass through point I in Figure 3.2. Consequently, this point satisfies Eq. A3.7 if 

NTUNTU (or é) is considered as bifurcation parameter. 

Iff  the fold point is located at a feasibility boundary yb (or /4>) we speak about a 

boundary-limitboundary-limit point, defined by: 

ny.M.p)'Z&£&ny.M.p)'Z&£&  = 0 (A3.8) 
dy y 

y=ybb or // = /^ 
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Statee multiplicity is possible for non-zero values of the FEHE efficiency (£). When 

thiss parameter approaches the limit £= 1, the conversion at the ignition and extinction points 

goess toward X = 0 and X = 1, respectively. In these cases, the heat balance Eqs 3.6b and 3.8 

reducee to Eqs. 3.11 and 3.12. 

Att Hopf bifurcation points, a pair of complex eigenvalues crosses the imaginary axis. 

Substitutionn of A,\=0 in Eq. A3.3 and identification of real and imaginary parts gives: 

II  (A3.9a) 
—— = fyv-C^u 

withh the boundary conditions: 

Au(6)+Bu(l)=0 Au(6)+Bu(l)=0 
;; v , : (A3.9b) 

Av(0)+flv(l )) = 0 

Ass the eigenfunctions are determined up to a multiplicative constant, initial values 

M(0)) and v(0) may be fixed, so the eigenvalue fa and the bifurcation parameter may be found 

usingg a shooting method. 

Thee loci of Hopf and fold bifurcation points meet at a double zero and the locus of 

Hopff  points has an extreme at a double Hopf bifurcation. Tracing the locus of Hopf points 

requiredd the main computing effort. The local parametrization technique (Seydel and 

Hlavacek,, 1987) with secant predictor worked well (only the temperatures 6£(0), 61,(0), 6k(0), 

andd 6K0) were admitted as local parameters). A significant reduction of computing time was 

achievedd by using the Broyden method (instead of Newton) as corrector. The step length 

controll  strategy recommended by Seydel (1984) was used. 
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Chapte rr  4 Stabilit y and Multiplicit y Approac h to the Desig n 

off  Heat-Integrate d Multibe d PFR 

Abstrac t t 

Thee non-linear behaviour of the heat-integrated multibed plug flow reactor, consisting 

off  feed-effluent heat exchanger (FEHE), furnace, multibed adiabatic tubular reactor with 

intermediatee cooling, and steam-generator is studied. A first-order, reversible, exothermic 

reactionn is considered. The hysteresis, isola, boundary-limit, double-zero and double-Hopf 

varietiess are calculated. They divide the parameter space into regions with different steady-

statee and dynamic behaviour. State multiplicity, isolated branches and oscillatory behaviour 

mayy occur for realistic values of model parameters. Implications on design are discussed. 
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Introductio n n 

Thee multibed, adiabatic, tubular reactor with intermediate cooling is the usual option 

whenn the reaction is exothermic, but equilibrium limited. Significant energy saving can be 

achievedd if the reactor effluent is used to preheat the feed. Apparently, there is no need of an 

additionall  heat source. However, there are several reasons to add supplementary units: 

1.. A heater (furnace) is always required for start-up. It may be placed upstream or 

downstreamm of the feed-effluent heat exchanger (FEHE). It is favourable to place the 

FEHEE before the furnace, as it will work at lower temperatures. Frequently, a purge 

streamm is available as fuel. 

2.. The size of the FEHE limits the energy recovery. Consequently, a cooler is required. It is 

advantageouss to place a steam-generator before the FEHE, as it wil l allow heat recovery at 

highh temperature. 

3.. In autothermal reactors, multiple steady-states may exist. The classic analysis of van 

Heerdenn (1958) shows that the middle steady-state is always unstable. Moreover, stability 

cann be lost due to Hopf bifurcation. In such cases, stable operation is possible only if a 

controll  system is in place. If the furnace and steam-generator are included, their duties are 

availablee as manipulated variables in temperature control loops. 

FEHE E 

qqc2 c2 

STEAMM GENERATOR 

qqhh REACTOR 1 £, 

FURNACE E 
COOLER R 

REACTORR 1 

Figuree 4.1. Heat-integrated multibed PFR 
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Thee inclusion of furnace and steam-generator leads to the structure presented in Figure 

4.1.. This structure, with the reactor playing the role of a heat pump, is called heat-integrated 

multibedd PFR. This site integration solution is more efficient than process-process heat 

integration,, as proposed by Douglas (1988). 

Typicall  initial design data are the condition of the feed stream; reactor type (empty 

tubee or packed bed; and the required conversion. Reaction kinetics and thermodynamics are 

alsoo known. During conceptual design, the designer is mainly interested in beds' volume, 

FEHEE area, and furnace and steam-generator duties. An optimisation problem, according to 

somee steady-state related economic criteria, can be formulated. The solution is expected to 

recommendd a small reactor because this is an expensive unit. The difference between the heat 

providedd in the furnace and the heat recovered in the steam-generator should be low, in order 

too achieve energy saving. Moreover, their absolute values should be related to the plant 

energyy balance. 

However,, the operating conditions may be different. There is always uncertainty of the 

kineticc parameters. Feed flow rate or concentration may deviate from the design values. 

Disturbancess in feed temperature, furnace and steam-generator duties are unavoidable. FEHE 

efficiencyy may change due to fouling. Therefore, the operating point may become unstable 

andd / or sustained oscillations may occur. In addition, the system may exhibit high sensitivity, 

whichh makes control difficult Consequently, the design must be assessed with regard to 

steady-statee multiplicity, stability and sensitivity issues. 

Severall  articles dedicated to the nonlinear behaviour of the heat-integrated reactors 

havee been published. Lovo and Balakotaiah (1992) computed the uniqueness-multiplicity 

boundaryy of the tubular reactor with internal or external heat exchange and CSTR with 

externall  heat exchange. For limiting cases, they presented analytical expressions of the 

ignition,, extinction, and cusp points. Subramanian and Balakotaiah (1996) classified the 

steady-statee and dynamic behaviour of several distributed reactor models, including the CSTR 

withh external heat exchange and the tubular reactor with internal heat exchange. Silverstein 

andd Shinnar (1982) evaluated the stability of the heat-integrated PFR using the frequency 

responsee of individual equipment components. 

Althoughh singularity theory (Balakotaiah and Luss, 1982, 1984, Golubitsky and 

Schaeffer,, 1985) and bifurcation theory (Iooss and Joseph, 1981, Guckenheimer and Holmes, 

1983,, Scott, 1993) proved their power during the analysis of nonlinear systems, few 
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applicationss to design arc reported. Russo and Bequette (1995) studied the influence of design 

parameterss on the multiplicity behaviour of the jacketed exothermic CSTR. Heiszwolf and 

Fortuinn (1997) presented an application-oriented design procedure for unique and stable 

operationn of first-order reaction systems in a CSTR. Morud and Skogestad (1998) discussed 

thee dynamics of an industrial multibed ammonia reactor, where positive feedback due to heat 

integrationn led to oscillatory behaviour. They showed that instability occurs at a Hopf 

bifurcationn point. Khinast et al. (1998) analysed the continuously stirred decanting reactor. 

Theyy computed loci of codimension-2 singular points, which divide the space of the design 

parameterss into regions with different steady-state and dynamic bifurcation diagrams. This 

way,, desirable regions of operation and potential stability or operability issues were 

identified. . 

Inn a recent article (Bildea and Dimian, 1998) the heat-integrated adiabatic PFR where 

aa first-order, irreversible, exothermic reaction takes place, was investigated. Its nonlinear 

behaviourr was studied. A design procedure was proposed to ensure a desired multiplicity 

patternn and a stable point of operation, and to avoid high sensitivity. The procedure was 

appliedd to three reaction systems with different kinetic and thermodynamic characteristics. 

Thiss work analyses a more complex system. We consider a first-order, reversible, 

exothermicc reaction, and adiabatic operation of two-bed tubular reactor. We present the model 

equationss and the types of bifurcation of interest. Afterwards, we classify the steady-state and 

dynamicc behaviour by computing the hysteresis, isola, boundary-limit, double-zero and 

double-Hopff  varieties. State multiplicity, isolated branches and oscillatory behaviour are 

possiblee for realistic values of model parameters. Subsequently, we discuss how the results 

mayy be used to avoid operational problems. 

Modell  equation s 

Thee dynamic behaviour of the heat-integrated PFR is described by plug-flow, pseudo-

homogeneouss models. The dimensionless equations are given below: 

FEHEE (tube and shell-side): 
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Furnace: : 

A ^ = - % + aa (4.ib) 
atat ag 

Firstt bed: 

(4.1c) ) 

Intermediatee cooler. 

" c %% = - % - Ö c l (4.1d) 

M. . 
L cl l 

Secondd bed: 

(4.1e) ) 

Steam-generator r 

withh appropriate initial and boundary conditions. 

Forr a first-order, reversible reaction, the dimensionless reaction rate is given by: 

r(X,0)) = e*/(,+*> -(l~Xy(l-(p-eBSiiM) - - ^ - 1 (4.2) 

Thee model variables are dimensionless temperatures in the shell and tube-side of the 

FEHEE (ft el), furnace (ft), reactor (ft, ft), intermediate cooler (fti) , and steam-generator 

(ébXX and conversion (X). The parameters represent reactor residence time (Da), FEHE area 

($,($, activation energy (#, adiabatic temperature rise (B), furnace, cooler and steam-generator 

dutiess (Oh, Qd, Q&), feed temperature (ft), residence time ratios (o; A& A£ At, A&, A£2), 

pre-exponentiall  factors ratio (<p), heat capacity (S) and heat capacity ratio (Le). 

Too study the steady-state and dynamic behaviour with varying feed temperature, only 

onee dimensionless parameter must depend on it; hence, the reference temperatureT =T0 is not 
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aa good choice. For this reason, we follow Heiszwolf and Fortuin (1997) and arbitrarily set 

 Then we calculate the corresponding temperature and use it as reference. In this way, 

changess of furnace, cooler or steam-generator duty, feed temperature and concentration, and 

FEHEE efficiency are reflected by independent changes of the model parameters: Qh, Qc\, Qc2, 

6b,, B, and e, respectively. Chen and Luss (1989) used a similar procedure setting Da = 1. 

Thee steady-state model is obtained by dropping the time derivatives in Eq. 4.1. After 

analyticall  integration of the FEHE, furnace, cooler and steam-generator equations, the 

followingg boundary value problem is obtained: 

(4.3a) ) 

(4.3b) ) 

where: : 

and d 

^  ̂ = B.r(XlA) 

^ -- = a-Da.r(X2,62) 

^^ =a=a..BB..rr(x(x22,e,e22) ) 

x,(o)=o o 
X2(0)=X,(1)) (4.3c) 

Ö2(0)=Ö1(1)-ÖCI I 

^ ^ r ( 0 ) , / ) = ( l - £KK + (ö/ l -£ec 2)+ f^ ( l ) -ö 1(0) = 0 (4.3d) 

NTU NTU 
£=-£=-—————— is the FEHE efficiency (4.4) 

p*p* = (0O, Qb, QcX, Qc2, £, B, y, <p, 8, Da, a) is the vector of model parameters. 

Thee methodology we will use to classify the steady-state and dynamic behaviour may 

bee applied to systems that are described by a single intrinsic variable. This implies that, at 

leastt theoretically, it is possible to reduce the model equations to one equation with one 

variable.. To demonstrate the validity of this assumption, we outline one possible approach to 

thee solution of model equations: start with an initial guess for 0,(0), integrate Eqs. 4.3a-c to 

findd 62 (l), check the boundary condition (Eq. 4.3d) and update 0j (o). 
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Bifurcatio nn point s 

Inn this section, we will introduce the types of bifurcation occurring in the heat-

integratedd multibed PFR. The reader is referred to the cited literature on bifurcation and 

singularityy theories for a mathematically rigorous presentation. Details on the bifurcation 

pointss computation are given in the Appendix. 

Thee S-shaped curves {bifurcation diagrams) in Figure 4.2 represent the conversion vs. 

furnacee duty {bifurcation variable), for a given set of values of model parameters. Each curve 

iss associated with a fixed value of NTU. The number of possible steady-states may change at 

foldfold bifurcation points. The upper and lower branches of the fold curve correspond to reaction 

extinctionextinction and ignition, respectively. 

Thee middle steady-state is always unstable (dashed-line). A steady-state may also 

becomee unstable at Hopf bifurcation point. Here a branch of oscillating solution arises. 

0.8 8 

xx 2 2 

0.4 4 

0 0 

-- Hopf 

Fold d 

1 1 

\e= = 

DZ Z 
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£=0.375 5 

CL252T CL252T 

/e=0.16 6 

£=0.116 6 

e-0.091 1 

i i 

0.45 5 0.55 0.55 
Ö h h 
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Figuree 4.2. Conversion vs. furnace duty for  different values of the FEHE efficiency. 
}=25,, £=0.293, 5=50.50, Da=0.00361, a=3.54, p=104, gcl=0.214, Qc2=0.2S6, 
éfo=-0.325,, L«=2000. Continuos lines represent stable steady-states. Dashed lines 
representt unstable steady-states. Bold lines are the loci of fold and Hopf 
bifurcations.. Points C, DH, DZ, I and BL correspond to cusp, double-Hopf, double-
zero,, isola and boundary-limit bifurcations 
Whenn multiple steady-states exist, the middle one is always unstable (dashed line). 
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Whenn the FEHE efficiency is fixed, the feed temperature, furnace and steam-generator 

dutiess may be coupled in one parameter, which will be called net energy input: 

QQ = (l-€)-e0+Qb-£Qc2 (4.5) 

Notee that 6fe, 0h and Qc appear coupled as Q in the steady-state equation (Eq. 4.3) and 

theyy do not appear in the equations describing the bifurcation points (Eqs A4.5 and A4.7). 

Thee qualitative shape of the bifurcation diagram changes when the second parameter 

(e)(e) is varied. At the cusp point (C) two fold points appear or disappear and the number of 

steady-statess changes by two. The locus of cusp points is called hysteresis variety. 

Thee bifurcation diagram may also change when isola variety is crossed (point I in 

Figuree 4.2). Here, two separate solution branches coalesce. The existence of the isola variety 

dependss on the choice of the bifurcation parameter. For the heat-integrated multibed PFR, the 

isolaa variety exists when the FEHE efficiency (£) is the bifurcation parameter. 

Whenn the £ parameter has very large values (£—>l) the bifurcation parameter on the 

ignitionn and extinction branches reaches the asymptotic values Öh=0.5 and öh=0.28 (not 

shownn in Figure 4.2), respectively. They are called boundary-limit points (BL). 

Forr a first-order reaction, the heat-integrated multibed PFR exhibits at most three 

steady-states,, hence the double-limit variety (where the qualitative nature of the bifurcation 

diagramm may also change) does not exist. 

Thee number of Hopf bifurcation points may also change. At the double-Hopf (DH) 

bifurcationn point two Hopf bifurcation points appear or disappear. At double-zero (DZ) 

bifurcationn point, a Hopf bifurcation point appears or disappears. 

Steady-stat ee behaviou r 

First,, we consider the net energy input as bifurcation parameter. It captures the 

influencee of feed temperature, furnace and steam-generator duties on the steady-state. In this 

casee the existence of multiple steady-states depends on the (fixed) value of FEHE efficiency, 

butt is independent on how the net energy input is distributed between feed temperature, 

furnacee and steam-generator duties. 

Forr the multibed, adiabatic reactor where an exothermic, reversible reaction takes 

place,, one can choose the thermal policy (beds inlet and outlet temperatures) in order to get a 

reactorr with minimum volume. However, computation of the fold bifurcation points revealed 
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that,, when state multiplicity exists, the required energy input is dangerously close to the 

extinctionn value (Figure 4.3). 

0.5 5 

Q Q 

optimall reactor design 

ignition n 

0.2 2 0.4 4 0.6 6 0.8 8 

Figuree 4.3. Extinction, ignition and required energy input for  optimum reactor  design 
^=25,, B=0.293, £=50.50, Da=0.00361, ös=3.54, <p=\(f, öci=0.214, Z2=0.75. 
Whenn multiple steady-states exist, the operating point is very close to the extinction 
point. . 

Therefore,, the FEHE efficiency should be chosen in the unicity region, which is 

boundedd by the hysteresis variety. We remark that extinction may not be a problem when the 

thermall  policy is sub-optimal. In this case the FEHE efficiency should be chosen so that the 

operatingg point is far enough from the cusp point, so high sensitivity is not a concern. 

Thee steady-state behaviour is more complex when we consider the FEHE efficiency as 

bifurcationn parameter. In this case, no other parameters are allowed to depend on it. 

Hence,, ft, Qh and Qc2 can not be coupled in a single parameter (Q), and their effect must be 

investigatedd separately. 

Figuree 4.4 presents a typical phase diagram in the (QC2,Qh) space. In addition to the 

hysteresiss variety, one isola and two boundary-limit varieties exist. The isola variety 

approachess asymptotically the BI^ and BL2 varieties. The isola and hysteresis varieties 

intersectt at a pitchfork bifurcation point. 
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Figuree 4.4. Phase diagram of the heat integrated multibed PFR with FEHE efficiency as 
bifurcatio nn parameter. 

j^25,S=0.293,, <S=50.50, Do=0.00361, o^3.54, p=104, Qci =0.214, 6b=-0.325. 
Thee different types of bifurcation diagrams existing in regions I-VHI are presented in 
Figuree 4.4. 

Thesee singularities divide the parameter space into eight regions where qualitative 

differentt bifurcation diagrams exist (they are presented in Figure 4.5). In region I there is a 

uniquee steady-state. Crossing the hysteresis variety to region n, two fold points appear and 

statee multiplicity is possible. When the BLj variety is crossed to region in, a low-conversion 

isolatedd branch appears and the multiplicity pattern becomes 1-3-1-3. The two branches 

coalescee when the isola is intersected and two fold points disappear. Hence, in region IV, a 

loww conversion branch exists for all values of FEHE efficiency, while high conversion is 

possiblee only for high values of the f parameter. When moving to regions V or VII , the high 

conversionn branch disappears (at BL2), or multiple states appear on the low-conversion branch 

(att hysteresis), respectively. From region VII , the high conversion branch disappears at BL2 

(regionn VI) or the two branches coalesce at isola (region VHI). 
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Figuree 4.5. Conversion vs. FEHE efficiency bifurcation diagrams 
Diagramss I-VIE correspond to regions I-VHI in Figure 5.4. 

Dynami cc behaviou r 

Dynamicc classification involves dividing the parameter space into regions where a 

differentt number of Hopf bifurcation points exists. Due to the large number of parameters, a 

completee classification is difficult. We consider the energy input as the bifurcation parameter 

andd restrict our analysis to the influence of the FEHE efficiency and dimensionless adiabatic 

temperaturee rise. We consider a catalytic reactor because its "wrong-way" behaviour (Mehta 

ett al., 1981) is the cause of oscillations (and hence of Hopf bifurcations). This is reflected in 

thee large value of the Le parameter. 
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AA typical phase diagram is presented in Figure 4.6. The cusp, double-zero and double-

Hopff  varieties divide the (£HB) space into regions where different types of bifurcation 

diagramss exist. The bifurcation diagrams of conversion vs. energy input are presented in 

Figuree 4.7. In region I, one stable steady-state exists. After crossing the double-Hopf locus to 

regionn n, two Hopf points appear. In-between, no stable steady-state exists and the system 

exhibitss oscillatory behaviour. When the hysteresis variety is crossed, two fold points appear. 

Therefore,, in region HI there are multiple steady-states. Oscillatory behaviour is possible on 

bothh the ignited and extinguished branches. In region IV, after crossing the double-zero locus, 

onee Hopf point disappears and oscillatory behaviour is possible only on the ignited branch. 
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Figuree 4.6. Phase diagram of the heat-integrated multibed PFR with energy input as 
bifurcatio nn parameter. 

jfc25,5=0.293,, £=50.50, DÖ=0.O0361, O=3.54, cp=\(f, gcl=0.214, Le=2000. 
Thee different types of bifurcation diagrams existing in regions I-IV are presented in 
Figuree 4.7 
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Figuree 4.7. Conversion vs. energy input bifurcation diagrams 
Thee diagrams I-IV correspond to regions I-IV in Figure 4.6. 
OO - fold bifurcation;̂  - Hopf bifurcation 

Desig nn consideration s 

Duringg the conceptual design, we are mainly interested in the reactor thermal policy 

andd the values of FEHE efficiency, furnace and steam-generators duties. 

Accordingg to economic criteria, optimisation will give close to minimum reactor 

volumee (an expensive unit) and high FEHE efficiency (for energy savings). However, the 

operatingg point will be in the multiplicity region, near the extinction point. When the net 

energyy input accidentally decreases, the system will be driven in the unicity region, where 

onlyy the extinguished state is possible. In this case, a special procedure will be required to 

restartt the reaction. For these reasons, when the reactor had been designed close to its 

optimum,, operation in the multiplicity region is not recommended. Because the hysteresis 

varietyy bounds the unicity region, FEHE efficiency should be less than the value 

correspondingg to the cusp bifurcation. We remark that the system exhibits high sensitivity if 

thee operating point is close to the hysteresis. This may be undesirable. Also, note that state 

unicityy does not ensure stability. 
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Onee can increase the energy saving by reactor overdesign (sub-optimal thermal 

policy).. In this case the system exhibits input multiplicity, i.e. the same conversion may be 

obtainedd on the middle or on the upper branch. In the first case, the net energy input is lower, 

butt the operating point is always unstable. In the second case, the operating point may be 

stablee or unstable. Dynamic simulation can be used to assess the stability, but no information 

aboutt the extent of the stability region will be obtained. We recommend the computation of 

thee Hopf bifurcation points (which are on the boundary of the oscillatory region) to find 

possiblee instability near the operating point. Note that working at an unstable operating point 

iss possible, as a temperature controller may stabilise the system. More dangerous is the loss of 

stabilityy due to disturbances or design parameterr uncertainty. 

Whenn FEHE efficiency is constant, the number of steady-states and their stability 

dependss only on the net energy input (Q) and does not depend on how this is distributed 

betweenn feed temperature, furnace and steam-generator duties. Consequently, these variables 

cann be linked to plant energy balance, site integration, combined heat and power production 

orr low equipment cost considerations. To prevent operational problems due to isolated 

branchess when FEHE efficiency may change, operation in region I of Figure 4.4 should be 

preferred. . 

Conclusion s s 

Nonlinearr behaviour of a multibed heat-integrated PFR was studied, for a first-order, 

reversiblee reaction. Hysteresis, isola, boundary-limit, double-Hopf and double-zero varieties 

weree used to classify the steady-state and dynamic behaviour of the system. State multiplicity, 

isolatedd branches and oscillatory behaviour are possible for realistic values of the model 

parameters.. The phase diagrams are similar with those obtained for different adiabatic reactor 

models,, as reported by Subramanian and Balakotaiah (19%) and Bildea and Dimian (1998). 

Theree is a strong relationship between the design of individual pieces of equipment 

andd the non-linear behaviour of the whole system. The results of significance are: 

1.. If the reactor is designed for a minimum volume, the selection of FEHE efficiency 

iss constrained by the requirement of state unicity. This design rule ensures against reaction 

extinctionn due to thermal disturbances. The rejection of disturbances becomes difficult before 

statee multiplicity appears (near the cusp bifurcation point). Consequently, optimal reactor 

designn is robust only coupled with a proper FEHE efficiency. 
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2.2. When energy saving is of interest, a large FEHE must be used to achieve 

autothermall  operation (defined by the existence of an ignited state). However, the reactor 

thermall  policy should be sub-optimal, resulting in reactor overdesign. 

3.. The same conversion may be obtained for two different values of the net energy 

inputt (feed enthalpy, furnace and steam-generator duties). When multiple steady-states exist, 

thee operating point corresponding to low net energy input is always unstable. Even when only 

onee steady-state exists, its stability is not guaranteed. Hence, stabilising control may be 

necessary.. Alternatively, stability can be achieved by changing the design such that the 

operatingg point corresponds to high net energy input 

Bifurcationn and singularity theories may be applied to similar problems, where the 

designn is constrained by state multiplicity and instability. In this way, desirable regions of 

operationn are identified and potential stability or operability problems are avoided. 

Notatio n n 

ATT = FEHE area, m2 

BB = adiabatic temperature rise, dimensionless 

T T 

ccpp - specific heat, J/(kg K) 

DaDa = Damkohler number, dimensionless 

vv ' F 

EE&&  = activation energy, J/mol 

FF = mass flow rate, kg/s 

KKTT a FEHE heat transfer coefficient, W/(m2 K) 

Jfcii = pre-exponential factor (i=l,-1), s"1 

LL = length, m 

LeLe = Lewis number, dimensionless 

== 1+ 
1—— £n Pa'Cprf 

Afkk = residence time ratio (k = t, s, h, cl, c2) 

__ *0k 

'01 1 
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NTUNTU = number of transfer units, dimensionless 

qyqy = duty(k = h, cl,c2), W 

Ökk = duty (k = h, cl, c2), dimensionless 

==
 ak_ 

FcFcppT T 

QQ = energy input, dimensionless 

==  (l-eM -£Qc + Qh 

RR = gas constant, J/(mol K) 

TT = temperature, K 

TT = reference temperature, K 

AT^AT  ̂ = adiabatic temperature rise, K 

rr = reaction rate, mol/(m3s) 

tt = time, s 

toto = residence time (i=l,2), s 

F F 

u, vu, v = eigenfunctions 

XX - conversion, dimensionless 

zz = axial coordinate, m 

Vjj  = reactor volume (i=1,2), m3 

Greekk letters 

aa = residence time ratio, dimensionless 

YY = activation energy, dimensionless 

Rf Rf 

ee = FEHE efficiency, dimensionless 

<p<p = pre-exponential factors ratio, dimensionless 
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*- . . 

kk = eigenvalue 

pp = density, kg/m3 

rr = time, dimensionless 

~'o. . 

66 = temperature, dimensionless 

T-T T-T 
T T 

gg = axial coordinate, dimensionless 

""  L 

u,u, v = eigenfunctions 

Subscript s s 

cll  - intermediate cooler 

c22 - steam-generator 

h-- furnace 

ss - FEHE shell side 

sf-solidd phase 

fff  - fluid phase 

tt - FEHE tube side 

0-feed d 

11 - first reactor bed 

22 - second reactor bed 

bb - feasibility boundary 
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Appendix .. Bifurcatio n point s computatio n 

Too derive the defining equation of the fold points, we consider the condensed form of 

thee mathematical model: 

Ay(r,0)) + 5y( r , l ) -c=0 

?(o,#)=*(#)) ( A 4 - l b ) 

wheree y is the vector of model variables; C is a diagonal capacity matrix; f(y) is a non-linear 

function;; fi is the bifurcation parameter; and p is the vector of remaining parameters. A and B 

aree constant matrices and c is a constant vector. 

Itss steady-state solution is given by the boundary value problem: 

%% = ƒ(?,,//,ƒ>) (A4.2a) 

Ay s(0)+#ys(l)-cc = 0 (A4.2b) 

Whenn equation (A4.1) is linearized around steady-state and separation of variables is 

applied,, the following eigenvalue problem is obtained: 

C(^+^i){u+iv)C(^+^i){u+iv)  = — y.(u+iv) (A4.3) 

where: : 

6,6, =(y(lT)-yA$) = {u($+iv($).e  ̂ (A4.4) 

Att fold points, one real eigenvalue crosses the imaginary axis. Substitution of 

^i=^2=00 in Eq. A4.3 and identification of real and imaginary parts gives: 

du du 
~[p~[p = fy'u (A4.5a) 

withh the boundary condition: 
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AIIO)AIIO) + BUJL) = 0 (A4.5b) 

Thee eigenfunctions can be determined up to a multiplicative constant. Hence «(0) may 

bee given an arbitrary value. We have two equations for two unknowns: the state variable y and 

thee bifurcation parameter //. Shooting technique is available as solution method. 

Att Hopf bifurcation points, a pair of complex eigenvalues crosses the imaginary axis. 

Twoo additional conditions must be satisfied: 

-- ^ - ^ 0 (A4.6a) 
dp dp 

-- the real parts of the other eigenvalues are negative. (A4.6b) 

Substitutionn of Ai=0 in Eq. A4.3 and identification of real and imaginary parts gives: 

du_ du_ 
—— = fyu + CA2v 

fofo (A4.7a) 
—— = / y v - C ^ « 

withh the boundary conditions: 

Au(0)+Bu(l)Au(0)+Bu(l) = 0 
ii  \ / \ (A4.7b) 

Av(0)+5v(l)) = 0 

Ass the eigenfunctions are determined up to a multiplicative constant, initial values 

w(0)) and v(0) may be fixed, so the eigenvalue Xt and the bifurcation parameter may be found 

usingg a shooting method. 

Thee fold and Hopf points have codimension-1 because they fix the value of one 

parameter. . 

Forr the case of one algebraic equation (Eq. 4.3d) with one state variable ( j = 0r(O)), 

thee defining condition for the cusp variety is: 

Xy.M.P)-&Zp&-Xy.M.P)-&Zp&-dd''g(g('f'f))-0-0 (A4.8) 
dydy dy 

AA direct method for computing the cusp variety in distributed parameter systems is presented 

byy Witmer et al. (1986). However, we used a simpler approach based on the following 

observation:: the loci of thee ignition and extinction points meet at the cusp point. 

Thee defining condition for the isola variety is: 

,( y ,*„)-te££)_te&£>.00 (A4.9) 
dydy dfx 
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Pointt I in Figure 4.2 belongs to the locus of fold points; hence the first equality in Eq. 

A4.99 is satisfied. Moreover, it also satisfies the second equality in Eq. A4.9 because it is 

commonn to all steady-state solutions corresponding to varying e, hence, point I represents an 

isolaa bifurcation when e is considered as bifurcation parameter. We note that it can be 

identifiedd as an extreme of the fold locus. 

Iff  a fold point is located at a feasibility boundary (£^1), we speak about a boundary-

limitlimit  point (BL), defined by: 

*<y,A/>)) = ^ % ^ = 0 (A4.10a) 
ay y 

y=ybb or M=M*>  (A4.10b) 

Att double-Hopf bifurcation, the transversality condition defined by Eq. A4.6a is 

broken.. It can be identified as an extreme on the locus of Hopf points. 

Whenn double-zero variety is crossed, the condition A4.6b is no longer satisfied. The 

double-zeroo point can be identified as the intersection between the loci of Hopf and fold 

bifurcationn points. 

Cusp,, isola, boundary-limit, double-Hopf and double-zero points fix the value of two 

parameters;; hence, they are codimension-2 varieties. 

Whenn codimension-2 bifurcation points were calculated by continuation of 

codimension-11 varieties, tracing the locus of Hopf points required the main computing effort. 

Thee local parametrization technique (Seydel and Hlavacek, 1987) with secant predictor 

workedd well (only the temperatures &(0), ft(0), 3=i(0), #(0) and $.(0) were admitted as local 

parameters).. A significant reduction of computing time was achieved by using the Broyden 

methodd (instead of Newton) as corrector. The step length control strategy recommended by 

Seydell  (1984) was used. 
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Chapte rr  5 Interactio n betwee n Desig n and Contro l of Heat-

Integrate dd PFR 

Abstrac t t 

Thee interaction between design and control of a heat-integrated plug-flow reactor 

(PFR)) is analysed. Four design alternatives and three control structures are considered. Linear 

controllabilityy analysis shows that designs with small steam-generator and large feed-effluent 

heatt exchanger (FEHE) can not be stabilised. At steady-state, control structures using furnace 

dutyy as manipulated variable can reject disturbances in feed flow rate, steam-generator duty 

andd FEHE fouling. However, fast control can not be achieved. Moreover, there is no incentive 

too add a bypass around the FEHE. The nonlinear behaviour of the controlled system is 

analyzedd using bifurcation theory. The points in the design parameter space are classified 

accordingg to their position relative to the cusp and Hopf-and-pitchfork varieties. The range of 

designn parameters for which the system can not be stabilised is detected. The results of linear 

andd nonlinear analysis are confirmed by dynamic simulation. 
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Introductio n n 

Inn industrial processes where an exothermic reaction takes place, heat exchange 

betweenn the effluent of adiabatic reactor and the feed stream may be used for energy saving. 

Theree are several reasons to include additional units in the system: 

AA heater (furnace) is required for startup. Moreover, positive feedback due to heat 

integrationn may lead to state multiplicity or instability. In this case, furnace duty can be 

thee manipulated variable in a temperature control loop, in order to achieve stable 

operation. . 

Thee heat excess must be removed in a cooler (steam-generator). Placing the steam-

generatorr before the FEHE allows heat recovery at higher temperature and is therefore 

preferablee in view of exergetic considerations. 

Rapidd quench of the reactor effluent may be necessary to minimize coking and to avoid 

thee fouling of heat-exchange units. 

Thee resulting structure, presented in Figure 5.1, will be called heat-integrated PFR. 

v v 
yy A 

FEHE E 

STEAM M 
GENERATOR R 

QUENCH H 

1h 1h 

FURNACE E 

REACTOR R 

Figuree 5.1. Heat-integrated plug-flow reactor. 
Thee feed is preheated by the reactor effluent in feed-effluent heat exchanger (FEHE). 
Start-up,, control or plant energy balance may require additional units: furnace, 
quench,, steam-generator. 
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Althoughh this structure is attractive from the viewpoint of energy saving, state 

multiplicity,, isolated solution branches and oscillatory behaviour are possible. Hence, control 

problemss are expected. A design procedure was proposed to ensure a desired multiplicity 

patternn and a stable point of operation, and to avoid high sensitivity (Bildea and Dimian, 

1998). . 

Silversteinn and Shinnar (1982) evaluated the stability of a very similar system, using 

thee frequency response of the individual equipment components. They considered the 

multiplicityy region and concentrated on the intermediate, open-loop unstable operating point. 

AA control loop, maintaining the furnace exit temperature by adjusting the fuel rate to the 

furnace,, could stabilise the system. The authors pointed out that industrial furnaces are 

normallyy sluggish and a bypass around FEHE could provide a manipulated variable to achieve 

quickk control. 

Tyreuss and Luyben (1993) analyzed a reactor / preheater process. Reactor dynamics 

(dead-timee and inverse response) was captured by a transfer function containing a gain, a 

positivee zero, dead-time and two first-order lags. The dynamics of the FEHE was neglected. 

Thee coupled system was unstable for loop gain greater than unity. Bypass around the FEHE 

wass used to stabilise the system. The authors pointed out that, contrary to conventional 

wisdom,, the addition of integral action in the control loop improved closed loop stability. 

Luybenn et al. (1998) considered the control of a heat-integrated PFR, without steam-

generator.. Using nonlinear dynamic simulation, they showed that systems with a large furnace 

(andd low heat integration) are easier to control. 

Thiss work studies the interaction between design and control of a heat-integrated PFR. 

Inn the next section, the nonlinear, dynamic model is presented. It is shown that two design 

parameterss have to be set during conceptual design: FEHE efficiency and steam-generator 

duty.. Four different design alternatives, for which controllability problems are expected, are 

investigated.. Three different control structures are considered. Linear controllability analysis 

showss that systems with small steam-generator and large FEHE are difficult to stabilise. 

Bypasss around the FEHE can not be used to reject disturbances and there is no incentive to 

controll  both FEHE and furnace outlet temperatures. Next, the nonlinear behaviour of the 

controlledd system is analyzed by bifurcation theory. The range of design parameters for which 

thee system can not be stabilised is detected. The operating points are classified according to 
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theirr position relative to different bifurcation varieties. Doing this, the meaning of "small" or 

"large""  units becomes clear. The results are confirmed by nonlinear dynamic simulation. 

Desig nn consideration s and mode l equation s 

Duringg conceptual design, the reactor volume, FEHE efficiency, furnace and steam-

generatorr duties are of interest. Moreover, detailed equipment sizing is not necessary. 

Feedd flow rate (F), reactor inlet temperature (T2) and the conversion (X) are typical 

initiall  data. Consequently, the reactor may be designed if reaction kinetics and 

thermodynamicss (adiabatic temperature rise, AT^) are known. 

Thee first design decision refers to FEHE efficiency (É). The size of FEHE determines 

thee multiplicity pattern, the stability of the operating point and the sensitivity to energy 

disturbances.. Bildea and Dimian (1998) discuss this issue in detail. 

Whenn the FEHE efficiency is known, the net energy requirement (q) can be 

calculated: : 

^^ = ( l - f ) .Fcpr0 + (^ -^ -gc)= ( l - f )Fcpr 2- f -FcpAr 4 dX (5.1) 

However,, it must be split between feed enthalpy (7b), furnace and steam-generator 

dutiess (qh, qc). Considering fixed feed temperature, the second decision concerns the steam-

generatorr duty. Note that the furnace duty can be calculated from the overall energy balance. 

Inn this article, we consider a case where moderate conversion is required. Table 5.1 

presentss the kinetic, thermodynamic and design parameters. They correspond to the toluene 

hydrodealkylationn (Douglas, 1988). First-order kinetics can be assumed because of the large 

hydrogenn excess. For this reaction, the boundary between unicity and multiplicity regions is 

locatedd at a rather low value of FEHE efficiency (e*-0.32). Four design alternatives are 

presentedd in Table 5.2. 

Designn 1 has a small FEHE (Ast= 130 m2, £=0.28). The operating point is in the unicity 

region,, but close to the unicity-multiplicity boundary. Design 2 has a large FEHE (Ast=1500 

m22 £^0.745). Hence, the operating point is in the multiplicity region. In Designs 1A and 2A, 

aa large quantity of energy is used to generate steam, and a large amount of energy is provided 

inn the furnace. Conversely, less steam is generated in Designs IB and 2B, a smaller furnace 

beingg necessary. Note that energy recovered in the FEHE increases from Design 1A to Design 

2B. . 
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Tablee 5.1. Kinetic, thermodynamic and design parameters 

Feed d 
flowrate,F(kg/s) ) 
temperature,, T0 (°C) 
pressure,, p (atm) 
reactantt mole fraction, y 
specificc heat, cp (J/(kg K)) 
Reactor r 
reactionn enthalpy, AHr (J/mol) 
pre-exponentiall  factor, ko (s"1) 
activationn energy, £a (J/(mol K)) 
conversion,, X 
inlett temperature, T2 (°C) 
FEHE E 
heatt transfer coefficient, KA (W/(m2 K)) 
bypass,, \-a 
Furnace e 
tubee diameter, dw (m) 
tubee wall thickness, 8» (m) 
tubee density, pw (kg/m) 
tubee specific heat, cPtW (J/(kg K)) 
heatt transfer coefficient, K  ̂ (W/(m2K)) 
tubee temperature, Tw (°C) 

8 8 
30 0 
35 5 
0.09 9 
4000 0 

-48000 0 
2.655 1014 

282876 6 
0.75 5 
637 7 

100.0 0 
0.2 2 

0.05 5 
0.005 5 
7800 0 
2000 0 
200 0 
800 0 

Tablee 5.2. Design alternatives of the HDA heat-integrated reactor. 

Furnace e 
duty,?h/103(W) ) 
area,, Awf (m2) 
Steam-generator r 
duty,?c/103(W) ) 
TT55 (°C) 
FEHE E 
efficiency,, € 
area,, Ast (m

2) 
hott side outlet temperature, T\ (°C) 
coldd side outlet temperature T6 (°C) 
d u t y / I P3 ^ ) ) 

Designn 1A Design IB Design 2A Design 2B 

16436 6 
223.9 9 

10576.3 3 
297 7 

0.28 8 
130.0 0 
104.7 7 
223.85 5 
2390.8 8 

13969 9 
205.3 3 

1047 7 
588 8 

0.28 8 
130 0 
186 6 
435.6 6 
4992 2 

12665 5 
194.48 8 

10577.5 5 
297 7 

0.745 5 
1500 0 
228.8 8 
102.7 7 
6362 2 

6011.2 2 
121.9 9 

1048.% % 
588 8 

0.745 5 
1500 0 
445.5 5 
181.9 9 
13295.8 8 
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Thee assumptions made to develop the dynamic model are: 

1.. Reactor dynamics may be described by a plug-flow, pseudo-homogeneous model. 

2.. A detailed model of the steam-generator is not necessary, since we regard its duty as a 

disturbance. . 

3.. For FEHE, an efficiency model is adequate because of fast dynamics. 

4.. A fast fuel flow rate - flue-gas temperature control loop is used to set the furnace duty at 

thee prescribed value (Shinskey, 1988). Consequently, the heat transfer from burner to tubes 

(hot-side)) is not included in the model. Moreover, temperature variation along the tubes is 

neglectedd and the cold-side heat-transfer coefficient is assumed to be constant. These 

assumptionss allow an approximate furnace design (number of tubes, diameter, length, and 

thickness)) and development of a model describing the essential dynamic behaviour. 

Thee model equations are presented below: 

FEHE: : 

7 i= ( l - f ) - r 0+fT 55 (5.2a) 

Furnacee (fluid, and tubes wall) 

ótót öz d„  p-c. 

^ w __ 1 

dtdt p -c V 

1 1 

<7hh n 

Reactor r 

dCdC aC ,__* 
__ = _„ r .__r (C i r r ) 

atat r dz pcv 

Steam-generator r 

'T'T  —'T " c 

L L 

wff  " 
0 0 

<C*T<C*T tt) ) 

F-c. F-c. 

(5.2b) ) 

(5.2c) ) 

(5.2d) ) 

(5.2c) ) 

(5.2f) ) 

Additionally,, first-order lags of 30 seconds were considered for temperature 

measurements,, FEHE bypass flow rate, and furnace duty. 
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Controllabilit yy  analysi s 

Thee main control objective is to keep the reaction conversion and selectivity within 

acceptablee limits. Their control demands composition analysers that are expensive, require 

maintenancee and have unfavourable dynamics. However, both variables depend on the 

reactionn temperature. Hence, we consider control structures that include the reactor inlet 

temperaturee as the main controlled variable. 

Ourr analysis wil l evaluate stability and disturbance rejection properties of different 

designn alternatives. We consider the furnace duty and bypass around FEHE as potential 

manipulatedd variables, and feed flow rate, steam-generator duty and FEHE heat transfer 

coefficientt as disturbances. 

Threee different control structures are investigated (Table 5.3). First (CS 1), furnace 

dutyy is used to control the reactor inlet temperature. Secondly (CS 2), FEHE bypass and 

furnacee inlet temperature are the manipulated and controlled variables, respectively. The 

setpointt of this loop can be used, in a cascade manner, to control reactor inlet temperature. 

Bothh furnace duty - reactor inlet temperature and FEHE bypass - furnace inlet temperature 

loopss are used in the third control structure. 

Tablee 5.3. Control structures 

CSS 1 CS 2 CS 3 
Output s s 

yii  T2 T2 T2 

yiyi - - Ti 

Input s s 

" ll  qh a qh 

uiui a 

Disturbances s 
ddxx F F F 

didi qc qc qc 

" 33 Kst #st ^st 
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Linearr  analysis 

Thee axial coordinate in Eqs. 5.2 was discretized by finite differences and the model 

wass linearized around steady-state. The following state-space representation was obtained: 

^&^& = A-x(t)+B-u{t)+Bdd(t) (5.3a) 
dt dt 

y(i)=Cx(t)+Du(t)+Dy(i)=Cx(t)+Du(t)+D AAd(i)d(i) (5.3b) 

e{t)=r(t)-y(t)e{t)=r(t)-y(t)  (5.3c) 

x,x, u, d, y, e and r are the vectors of the state variables, manipulated inputs, 

disturbances,, controlled outputs, control errors and setpoints, respectively. A, B, B& C, D and 

DdDd are matrices of appropriate dimensions. 

Inn order to obtain meaningful controllability results, the inputs, disturbances and 

outputss were scaled. In terms of scaled variables, the control objective is to keep the control 

errorr |^(/)|<1, using manipulated inputs |u(r)|<l, when disturbances \d(t]<l  affect the 

process.. The scaling factors are 1 K for temperatures and 25% of the nominal value for other 

variables. . 

Inn terms of transfer functions, the linear model of the process is given by: 

y(s)=G(s)-u(s)+Gy(s)=G(s)-u(s)+Góó{{ SS)-d(s))-d(s) (5.4) 

where: : 

G(s)G(s) =C(SI- A)"1 • B + D (5.5a) 

Gd(5)=C-(5/-A)- IBd+Ddd (5.5b) 

Skogestadd and Postletwaite (1996) review the linear controllability indices. linear 

modelss were used only for controllability analysis. The full nonlinear model was used to 

evaluatee the performance of the control system. 

Stability y 

Computationn of the eigenvalues of the A matrix shows that the operating points are 

stablee for Designs 1A and IB, but unstable for Designs 2A and 2B. 

Figuree 5.2 presents a part of the root-locus plot for Design 2A and CS1 (similar results 

aree obtained with CS2). Two eigenvalues located near the imaginary axis are of interest. They 

aree denoted by A+ and k., according to their sign if the controller gain is zero. 
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Figuree 5.2. Root locus plot. 
Theree is a limited range of controller gain that ensures stability. 

Whenn the controller gain is increased, A+ is shifted towards the left half plane and 

crossess the imaginary axes. Hence, there is a minimum controller gain for stability. In the 

samee time, A. moves to the right. When A+ and A. meet, a pair of complex conjugate 

eigenvaluess emerges and moves to the right half plane. Hence, there is also a maximum 

controllerr gain for stability. 

Forr Design 2B, A+ and A. meet in the right half plane, near the imaginary axis. Hence, 

forr all controller gains, there is at least one eigenvalue located in the right half plane. 

Consequently,, linear analysis predicts that Design 2B can not be stabilised by a P-controller. 

Forr the heat-integrated PFR, integral controller action has the usual, destabilising 

effect.. This is in contrast with the catalytic reactor / preheater process (Tyreus and Luyben, 

1993),, where integral action improved closed loop stability. 

Interactions s 

Forr CS3 we compute the Relative Gain Array in order to evaluate the input-output 

pairingg under decentralised control: 

AA = G®(G'l)T (5.6) 

^ ^^  K=154 

- > \\ <- ~ -*• I 

^ ^ ££ K=41.4 

/y/y • 

\TC=31.44 . 

135 5 



ChapterChapter 5. Interaction between Design and Control of Heat-Integrated PFR 

Thee diagonal RGA elements for designs 1A, IB , 2A and 2B are 4.274, 4.289, -0.954 

andd -0.964, respectively. Decentralised integral controllability requires positive values for 

stablee systems, but negative values for unstable systems with one RHP pole. This condition is 

fulfille dd in all cases. 

Close-to-onee diagonal elements denote littl e interaction. Small values in the RGA 

matrixx also indicate that model uncertainty is not a problem. 

Thee RGA_number, defined as: 

RGA_numberRGA_number = \\l - A(ja)]\sum (5.7) 

hass small value and falls to zero for high frequency (Figure 5.3), showing that good control 

performancee is possible. 

15 5 

i _ _ 
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EE ïo 
3 3 
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0.000011 0.0001 0.001 0.01 0.1 1 
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Figur ee 5.3. CS3 : RGA_number. 
•• -Design 1A;B -Design IB; A- Design 2A; X-Design 2B 
RGA_numberr has small values and drops to zero at high frequency. 

Disturbancee rejection 

Too analyse the disturbance rejection properties, we calculate the Closed Loop 

Disturbancee Gain (CLDG), defined by: 

G^GG-'G,G^GG-'G, (5.8) 

wheree G is a matrix consisting of diagonal elements of G . 
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Itss elements, gdik, give the apparent gain of the k"1 disturbance on the i*  output under 

decentralisedd control. For SISO systems, disturbance gain and CLDG are equivalent. The 

necessaryy condition to avoid inputs saturation is: 

|< i |> | *« |.. W (5-9) 

Figuree 5.4 presents loop and disturbance gains when furnace duty is the manipulated 

variablee (CS1). At low frequency, condition 5.9 is fulfille d for Design 1A and 2A. Hence, 

disturbancess can be rejected. For Design IB and 2B, it is necessary to slightly increase the 

maximumm allowed control action, in order to avoid input saturation. It all cases, fast 

disturbancess can not be rejected because condition 5.9 is not satisfied at high frequencies. 

Feedd flow rate is the worst disturbance. Large steam-generator duty (Design 1A and 2A), is 

thee second demanding disturbance. Note that fast change of FEHE heat transfer coefficient is 

nott expected, so we are only concerned with low frequency response. 

1000 0 

öï10 0 

0.0001 1 0.011 a> I [rad/s ] 1 0.0001 1 0.011 to I [rad/s] 1 

100 0 

0.0001 1 0.011 a> I [rad/s] 1 0.0001 1 0.011 a> I [rad/s] 1 

Figur ee 5.4. CS1: Frequency-dependent (rad/s) loop and disturbance gains. 
•• g ;B ,A ,X , g d k , k=l,2,3. 

Sloww disturbances can be rejected, but fast control can not be achieved. 
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Diagramss in Figure 5.5 present the loop and disturbance gains when bypass around 

FEHEE is the manipulated variable (CS2). Changes of the feed flow rate can not be handled. 

Disturbancess in steam-generator duty can be rejected only if the steam-generator duty is small 

(Designn IB, 2B). Only Designs 2A and 2B can cope with FEHE fouling. On the whole, 

Designn 2B (large FEHE, small steam-generator) performs the best. 

10000 i 1000 i 

0.00011 0.01 o/[rad/s] 1 0.0001 0.01 fi)/[rad/s] 1 

Figuree 5.5. CS2: Frequency-dependent (rad/s) loop and disturbance gains. 
•• g;B,A,x,gdk, k=l,2,3. 
Feedd flow rate disturbances can not be rejected. 
Designss 1A and 2A can not handle change of steam-generator duty. 
Onlyy Design 2A can cope with FEHE fouling. 

Inn CS3, a second controller is added to CS1. It regulates the furnace inlet temperature 

usingg a bypass around FEHE. RGA elements show that, compared to CS1, the gain of main 

loopp (furnace duty - reactor inlet temperature) is lower for Design 1A and IB, and is 

practicallyy unchanged for Designs 2A and 2B. 

Thee change in the effect of the k*  disturbances on ith output, caused by decentralised 

control,, is given by the relative disturbance gain (RDG) defined as /3& = g^l g^. Figure 5.6 

presentss the RDG of the feed flow rate disturbance. Interactions increase the gain from 
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disturbancee to reactor inlet temperature; Hence, there is littl e incentive to add the second 

controll  loop. Moreover, except Design 2B, bypass around FEHE is not powerful enough to 

controll  furnace inlet temperature when the system is affected by disturbances. 

0.0001 1 

0.0001 1 0.011 a>/[rad/s ] 1 0.0001 1 0.011 a> I [rad/s ] 1 

Figuree 5.6. CS3: Frequency-dependent (rad/s) RDG of feed flow rate disturbance. 
•• - fhi, • - [hi-  Interactions increase the gain from disturbance to reactor inlet 
temperature. . 

Nonlinea rr  analysi s 

Thee control of the heat-integrated reactor in the toluene hydrodealkylation (HDA) 

plantt has been considered by Luyben et al. (1998). They pointed out that is difficult to 

stabilisee systems with large FEHE and small furnace. In this section, we identify the region in 

thee design parameter space leading to designs that can not be stabilised. To achieve this goal, 

wee use elements of the bifurcation theory (Guckenheimer and Holmes, 1983). The model 

equationss can be written in the following dimensionless form: 

139 9 



ChapterChapter 5. InteractionInteraction between Design and Control of Heat-Integrated PFR 

Furnace: : 

OtOt o£ 

HHttMMvv-^=DaH-^=DaHbb-DaH-DaHtt\{0\{0vv-0-0hh)dZ)dZ (5.10b) 
oror i 

Reactor: : 

dxdx dx r-er-ex x —— = - — + Daexf{J-^- [(l-X) (5.10c) 
drdr dg 

rr det det n ^ (y-er 
(( „ o \ 

( l -X )) (5.10d) 
drr  at; U + ̂ , 

Temperaturee sensor: 

MMMM-^=Da-(ê-^=Da-(êkk(l)-e(l)-ett)) (5.10e) 
at at 

P-controllerr  (SP=0) and duty valve: 

MMvv̂ -^- = Da(Hh'-Kc-0i-Hh) (5.100 
at at 

Boundaryy conditions: 

00hh(o)(o) = (l-eyeo+£{et{l)-Da.Hc) (5.10g) 

0r(O)) = 0h(l) (5.10h) 

Figuree 5.7 presents, qualitatively, the conversion vs. controller gain and Damkohler 

numberr for two sets (FEHE efficiency, steam-generator duty). The first diagram corresponds 

too design 2A (large FEHE, large steam-generator). Model equations are used to compute the 

controllerr bias (the value of the manipulated variable when the controlled variable equals its 

sett point). This is denoted as the nominal case and is represented by the dark lines. The 

systemm exhibits three steady-states for small controller gain. The middle state is of interest, 

butt is unstable. Increasing the controller gain, the branches become closer. They coalesce for 

aa critical value of the controller gain. This is a pitchfork bifurcation point. For higher values 

off  the controller gain, only one steady-state is possible. When the controller gain is further 

increased,, the system loses stability due to a Hopf bifurcation. Hence, the pitchfork and Hopf 

pointss bound the range of controller gain that ensures state unicity and stability. 

Thee extent of the unicity and stability region decreases when the FEHE efficiency 

increasess or the steam-generator duty decreases. For a critical value of FEHE efficiency, 
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Pitchforkk and Hopf bifurcations occur at the same value of the controller gain. Incidentally, 

thee Design 2B is very close to this limit. This situation is presented in the second diagram of 

Figuree 5.7. If FEHE efficiency is further increased, the design can no longer be stabilised. 

Desig nn 2A 

Desig nn 2B 

Figuree 5.7. Conversion vs. controller  gain and Damkohler  number. 
Pitchforkk and Hopf bifurcation points bound the range of controller gain that ensures 
statee unicity and stability. Middle steady-state can not be stabilised for large FEHE 
efficiencyy and small steam-generator duty. 

Thee correct value for the controller bias can not be calculated when design parameters 

aree uncertain. This is denoted as the perturbed case and is presented in Figure 5.7 by the light 

lines.. The Hopf point is one limit of the stability region. Depending on the model parameter 

uncertainty,, the other limit is the fold point located on the lower or the upper solution branch. 

Notee that the region of state unicity and stability is larger. However, zero control error can not 

byy achieved by proportional control. 

Inn order to classify the steady-state and dynamic behaviour of the controlled system, 

wee choose the controller gain as bifurcation parameter. The Hopf and fold points are 1-

codimensional,, which means that the value of one parameter is fixed (Guckenheimer and 
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Holmes,, 1983). In the general case, a pitchfork point has codimension 3. However, the 

assumptionn that the parameters used for bias calculation are exactly known introduces Z2-

symmetry.. Consequently, the pitchfork point becomes also 1-codimensional (Golubitsky and 

Schaeffer,, 1985). 

Considerr a fixed, large FEHE efficiency. Then, there is a particular value of the steam-

generatorr duty for which the pitchfork and Hopf bifurcation occur at the same value of the 

controllerr gain, like in the second diagram of Figure 5.7. This point has codimension 2. We 

calll  it "Hopf-and-pitchfork". Computing its locus in the space of the design parameters 

(FEHEE efficiency, steam-generator duty), we trace the boundary between the designs can be 

stabilised,, and designs that can not. Similarly, computing the locus of the cusp variety 

(Guckenheimerr and Homes, 1983), we trace the boundary between state unicity and 

multiplicity. . 

Thee results are presented in Figure 5.8. The cusp and Hopf-and-pitchfork varieties 

dividee the design parameter space into three regions. In region I, the unique steady-state is 

stablee for low controller gain, but unstable for high controller gain. State multiplicity appears 

whenn the cusp variety is crossed to region II, but it is possible to find a controller gain that 

givess a unique stable steady-state. When the Hopf locus is crossed to region HI, it is 

impossiblee to get both state unicity and stability. 

3P P 
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Controllerr gain 
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Controllerr gain 

0.22 0.4 0.6 
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Figuree 5.8. Phase diagram in the space of design parameters. 
Cuspp and Hopf-and-pitchfork varieties divide the parameters space into regions with 
differentt conversion vs. controller gain bifurcation diagrams. 
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Dynami cc simulatio n 

Wee verify first that design 2B can not be stabilised. Figure 9 presents the results of 

dynamicc simulation, when CS1 is used. Initially, the system is at steady-state. After 2000 s., 

thee feed flow rate is changed by 0.1%, for 100 s. In the first simulation, the controller gain is 

lowerr than the gain at the pitchfork point. For this reason, there are multiple steady-states and 

thee operating point is unstable. Hence, the disturbance drives the system to the extinguished 

state.. In the second simulation, the controller gain is slightly increased past the pitchfork 

point.. Consequently, only one steady-state exists. However, it is unstable and surrounded by a 

limitt cycle. 

Ü 6 5 0 0 

9> > 

555 640 o o a. a. 
E E 
3 3 
S S 
.££ 630 

1 1 
CD D 

rr r 620 0 

X=31.5 5 

K=313 K=313 

5000 0 10000 0 15000 0 

Timee / [s] 

Figuree 5.9. Dynamic simulation results. 
Forr large FEHE and small steam-generator duty, it is impossible to get both state 
unicityy and stability 

AA question that naturally arises is: "The results of linear controllability analysis are 

applicablee to such nonlinear systems?" To answer this question, we apply feed flow rate and 

steam-generatorr duty disturbances to Designs 1A, IB and 2A. CS1 with Tyreus - Luyben 

controllerr settings (Table 5.4) is used. The results are presented in Figure 5.10. 
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Tablee 5.4. Controller  tuning 
3 3 KKCC(WW/K)(WW/K) Ti(s) 

Designn 1A 

Designn IB 

Designn 2A 

160 0 

160 0 

50 0 

1100 0 

1000 0 

1800 0 

Inn all cases, the manipulated variable is strong enough to reject disturbances. 

However,, disturbance rejection is slow and the control error is initially large. For Designs 1A 

andd IB, feed flow rate is the worst disturbance and input saturation occurs. For design 2A, the 

disturbancess considered are almost equally difficult. These results agree with linear 

controllabilityy analysis. 

Feedd flow rate disturbance 

+25% % 

00 3600 7200 10800 14400 

Timee / [s] 

Steam-generatorr duty disturbance 

33 710 

72000 10800 

Timee / [s] 

Figuree 5.10. Dynamic simulation 
Resultss of linear controllability analysis are confirmed. 
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Conclusion s s 

Inn this article, we analyzed the interaction between design and control of a heat-

integratedd PFR. The following conclusions are drawn: 

-- The controllability of the heat-integrated PFR is determined by two design decisions: 

FEHEE efficiency and steam-generator duty. 

Systemss with small steam-generator and large FEHE can not be stabilized. The Hopf-and-

pitchforkk variety bounds the range of design parameters for which the system can be 

stabilized. . 

Att steady-state, control structures using furnace duty as manipulated variable can reject 

disturbancess in feed flow rate, steam-generator duty and FEHE fouling. However, fast control 

cann not be achieved. There is no incentive to add a bypass around FEHE because it enhances 

thee effect of disturbances. 

Designss with small FEHE are also difficult to control if the operating point is close to the 

cuspp variety. 

Thee results of linear and nonlinear analysis are confirmed by dynamic simulation. 

Thee approach presented here may be extended to similar problems, where state multiplicity 

andd instability limits the range of controllable designs. 

Notatio n n 

AA =area,m2 

ccvv = specific heat, J/(kg K) 

CC = concentration, mol/m3 

DaDa = Damkohler number, dimensionless 

FF v ' 

dd - diameter, m 

FF = mass flowrate, kg/s 

AHAHXX = heat of reaction, J/mol 

HHhh = furnace duty, dimensionless 

pcpcppTVTVttk(T) k(T) 

HHcc = steam-generator duty, dimensionless 
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p-cp-cpp-TV-TVtt.k(T) .k(T) 

HHtt - furnace heat transfer area, dimensionless 

p-cp-cPPK-k(f) K-k(f) 

HiHi  - FEHE heat transfer area, dimensionless 

== K*-K _ 
P-cP-cppVVrrk(T) k(T) 

KK = heat transfer coefficient, W/(m2 K) 

LeLe = Lewis number, dimensionless (Le=l) 

mm = mass, kg 

Mww = furnace, mass of the tube walls, dimensionless 

p cc 8 -kif) 
rr w p,w w \ / 

Mhh = furnace, inertia due to gas holdup, dimensionless 

==  d„-p-cp-k(T) 

NTUNTU = number of transfer units, dimensionless, 

FF''CC, , 

qq - duty, W 

tt = time, s 

tt = reference time, s 

== v,-p 
F F 

TT = temperature, K 
TT = reference temperature (T = T2), K 

VV = volume, m3 

ww = velocity, m/s 

zz = axial coordinate, m 
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Greekk letter s 

1-a1-a = bypass around FEHE 

pp = mass density, kg/m3 

££ = thickness of furnace tube walls, m 

ee =FEHE efficiency, dimensionless 

l^e-wvii-a) l^e-wvii-a) 
== l-a-e-™*-* 

Subscript s s 

cc = steam-generator 

ff  = furnace, fluid phase 

hh =furnace 

rr = reactor 

ss = FEHE, shell-side 

tt = FEHE, tube-side 

ww = furnace, tubes wall 
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Chapte rr  6 Singularit y Theor y Approac h to Ideal Binar y 

Distillatio n n 

Abstrac t t 

Computationn of codimension-2 singular points and parameter sets was used to classify 

thee steady state behaviour of ideal, constant molar overflow, binary distillation. Eleven 

differentt bifurcation diagrams are possible. Multiple steady states are likely to appear for 

practicall  situations when the relative volatility is large, the components have very different 

molarr mass, or the feed concentration is small. 
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Introductio n n 

Thee possibility of state multiplicity and instability in ideal distillation was 

simultaneouslyy recognised by researchers at University of Trondheim and Technical 

Universityy of Denmark. Jacobsen and Skogestad (1990, 1991) pointed out the following 

sourcess of multiplicity: 1) the nonlinear transformation between mass and molar flow rates, 

andd 2) interaction between flows and composition due to energy balance. Nielsen (1990) 

presentss experimental purity vs. volume reflux rate diagrams, that prove the existence of 

multiplee steady states. Kienle et al. (1995) and K0ggersbol et. al (1996) found experimentally 

multiplee steady states in the methanol-propanol separation, the first item above being the 

sourcee of multiplicity. They computed the locus of limit points (codimension-1 singularities) 

andd showed how the interaction with feasibility boundaries leads to different bifurcation 

diagrams.. Similar results were obtained for equilibrium model with constant molar overflow 

andd for detailed model including energy balance and mass transfer resistance. However, they 

consideredd only one column design and only one mixture. Moreover, they did not provide a 

completee classification of the steady state behaviour. 

Thiss work analyses the multiplicity of states in binary distillation by rigorous 

applicationn of the singularity theory (Balakotaiah and Luss, 1984; Golubitsky and Schaeffer, 

1985).. We consider the mass reflux flow rate (Lw) as bifurcation parameter and compute 

codimension-22 varieties that divide the feed composition (ZF) - boilup (V) parameter space 

intoo regions where different types of bifurcation diagrams exist. Finally, we investigate the 

effectt of physical and design parameters on the location and extent of the multiplicity regions. 

Statee multiplicit y in ideal , binar y distillatio n 

Steadyy state multiplicity does exist in distillation. Let consider the separation of a 

binaryy mixture with ideal vapour-liquid equilibrium and assume constant molar overflows. 

Thee reflux is specified on mass basis, while the boilup flow rate is specified on molar basis 

(thee LwV configuration). The model equations are well known (Seader and Henley, 1998). We 

notee that the tray molar balance equation can be written in dimensionless form by dividing 

withh the feed flow rate (F). For this reason, we will use symbols as L (molar reflux), V 

(molarr boilup), D (distillate flowrate), B (bottom flowrate) for dimensionless variables and 

symbolss as F, L, V, D, B for dimensional variables. Concentration notation will refer to the 

lightt component. 
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Twoo feasibility boundaries exist for distillation. At total reflux, the distillate flow rate 

iss zero and only a bottom product is obtained (this is different from the total reflux used in 

Fenskee equation, which applies for a closed system). Similarly, at total reboil, there is no 

bottomm product but a distillate. 

Figuree 6.1. State multiplicit y in ideal, binary distillation . 
Continuoss line represents distillate composition vs. molar reflux. Dashed line 
representss the relationship between molar reflux and distillate composition, for fixed 
masss reflux. There are three different feasible steady states. The middle state is 
unstable.. a=3.55; MXIM2 = 0.533; zP=0.5; V=2 ; L„=50;  N=8; NF=4; 

Figuree 6.1 explains the occurrence of state multiplicity. The continuos line represents 

thee dependence of distillate composition versus molar reflux, obtained from tray-by-tray 

materiall  balance and equilibrium equations. The dashed line represents the relationship 

betweenn molar reflux and distillate composition, for fixed mass reflux. The two curves may 

intersectt at three points, corresponding to three different steady states that are possible for the 

samee operating parameters (mass reflux and boilup). The McCabe-Thiele diagrams of the 

threee operating points are also displayed. 
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Wee remark that the middle steady state is unstable. Consider a small, positive 

deviationn of the distillate composition. The molar reflux becomes higher than the one 

necessaryy to achieve the actual purity; hence the distillate composition will increase further, 

untill  the upper operating point is reached. 

Solutio nn metho d 

Thee methodology we wil l use to classify the steady state behaviour may be applied to 

systemss that are described by a single intrinsic variable. This implies that, at least 

theoretically,, it is possible to reduce the model equations to one equation with one variable. 

Too demonstrate the validity of this assumption, we outline one possible approach to the 

solutionn of model equations. 

Wee start with an initial guess for the distillate composition, xp. The dimensionless 

molarr reflux is given by: 

LL = —-. - ^ r— (6.1) 
ll  + (MjM2-l)xD 

M\/M%M\/M% is the molar mass ratio, Lw = Lw t\F • M2) and L = LIF are the dimensionless 

masss and molar reflux, respectively. 

Applicationn of the equilibrium and operating equations gives the composition of the 

bottomm product: 

y\=*y\=* D D 

x,=e(yx,=e(yxx) ) 

dodo k = 2...N 
ll  v (6.2) 

** kk =  e(y*) 

endend do 

jCkk and Vk are the composition of the liquid and vapour leaving the k* tray, and e(.) and 

o(.)o(.) represent equilibrium and operating equations, respectively. 

Finally,, the global mole balance defined by Eq. 6.3 is checked, and JCD is updated. 

f(xf(xDD)=F-z)=F-zPP-(V-L)-x-(V-L)-xnn-(F-V-(F-V + L)-xN=0 (6.3) 

Wee remark that this approach is independent of the vapour-liquid equilibrium model 

used.. Moreover, no fundamental limitations arise by including the energy balance. Although 

nott straightforward, the reduction to one-equation model is theoretically possible. 
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Singularityy theory states that the qualitative features of the bifurcation diagram may 

changee only when the parameter set crosses the hysteresis (H), isola or double limit varieties. 

Onlyy the hysteresis variety exists for ideal, constant molar overflow, binary distillation with 

masss reflux as bifurcation parameter. When the hysteresis variety is crossed, the number of 

possiblee steady states changes by two, as two limit points appear or disappear. 

Whenn feasibility boundaries exist, the bifurcation diagram may also change at special 

setss of parameters (Balakotaiah and Luss, 1984). In this work we considered: 

-- The boundary-limit ser. a limit point exists at a feasibility boundary. There are two such 

sets,, corresponding to one limit point at the total reboil (BLi) or total reflux (BL2) 

boundaries,, respectively. 

-- The cross-and-limit set: the position of one limit point relative to one solution located at 

thee feasibility boundary changes. There are two such sets, corresponding to total reboil 

(CLi)) or total reflux (CL2) and one limit point occurring for the same value of the 

bifurcationn parameter. 

-- The double-cross set (DC): the relative position of two solutions located at the feasibility 

boundaryy changes. There is one double-cross set, corresponding to total reboil and total 

refluxx occurring for the same value of the bifurcation parameter. 

Thee above-mentioned varieties are 2-codimensional, i.e. they fix the value of two 

parameters.. Balakotaiah and Luss (1984) present their defining equations. The derivatives 

involvedd in the definition of the singular points can be easily computed by successively 

applyingg the chain rule for differentiation. 

Forr the first stage, 

* ii  is computed from yi using the equilibrium equation; hence: 

a*!!  =a*, dyt ^Myi) fy ( 6 5) 

y22 is computed from xi using the operating relation; hence: 

dy22 _dy2 3*, _3o(*1) 3*, 

a^~V^"""ar"S ;;  (6,6) 

Wee continue this way, until we reach the bottom stage. 

Differentiationn of Eq. 6.3 gives Eq. 6.7, where all the terms are available. 
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ÏLÏL = -(V-L)+(XD-Xti).^-(F-V + L ) ^ 
dx dx 3A\, , dx„ dx„ 

(6.7) ) 

Extensionn to higher order derivatives is straightforward. 

Results s 

Duee to the great number of parameters involved, the complete classification of the 

steadyy state behaviour is difficult. It is useful to divide the set of parameters into three groups: 

1)) Operation parameters: mass reflux (Lw), boilup (V), and feed composition (zF); 

2)) Physical parameters: relative volatility (ör), and molar mass ratio (M/M2); 

3)) Design parameters: number of trays (N), and feed tray (NF). 

AA codimension-2 variety determines the state variable and two parameters. One of 

themm is the bifurcation parameter (Lw). We choose the boilup (V) as the second parameter. 

Thee location of a codimension-2 point (L^, V) changes when a third parameter (zF) is varied. 

Thiss dependence can be traced and plotted in the (V-ZF) plane, for fixed values of the a, 

M\/MM\/M22,, N and NF parameters. We used a continuation method based on local parameterisation 

(Seydell  and Hlavacek, 1987). 

Thee codimension-2 varieties dividing the (ZF-V) parameter space are presented in 

Figuree 6.2. 

0.75 5 

100 0 

Figuree 6.2. Typical phase diagram for  ideal, constant molar  overflow, binary distillation . 
or=l.l;; Mi /M 2 =0.9; N=8; NF-4. H - hysteresis; BL - boundary limit; DC - double 
cross;; CL - cross-and-limit. Bold line represents the unicity-multiplicity boundary. 
Dashedd line corresponds to occurrence of two unfeasible limit points. Different types 
off  bifurcation diagrams existing in regions I - V are presented in Figure 6.3. 
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Figuree 6.3 presents the bifurcation diagrams existing in different regions of Figure 6.2. 

Inn order to illustrate clearly the steady state behaviour, we chose extreme parameter values (a 

smalll  column is used to separate a low relative volatility mixture). We will discuss latter the 

influencee of more realistic operation and physical parameters. 

Ia,b,cc Ha lib He 

ndd He ma nib 

1(M)-2(LM) ) 

DD - total reboil 
OO - total reflux 
LL - lower solution branch 
MM - middle solution branch 
UU - upper solution branch 

Figuree 6.3. Distillat e concentration vs. mass reflux bifurcation diagrams. 
Diagramss I - V correspond to regions I - V in Figure 6.2. 

Thee hysteresis variety is intersected tangentially by the two boundary-limit sets at 

codimension-33 singular points (Pi and P2). In region la, there is one steady state. Crossing the 

hysteresiss variety to region lb or Ic, two limit points appear. However, because they are 

locatedd outside the feasibility region, state unicity is preserved. Crossing the BLi set from 

regionn lb to region IV, one limit point passes the total reboil boundary and enters the 

feasibilityy region; hence, the multiplicity pattern in region IV is 2-1. Similarly, when the BL2 

sett is crossed from region Ic to HI, one limit point enters the feasibility region through the 

totall  reflux boundary; hence, the multiplicity pattern in region HI is 1-2. Consequently, the 

multiplicityy boundary (bold line in Figure 6.2) is given by a segment of BLi down to Pi, a 

segmentt of H between Pi and P2, and a segment of BL2 beyond P2. When going from region 

IVV or HI to region V, the BL2 and BLi sets are crossed, respectively. In each case, one limit 
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pointt goes out of the feasibility region (through the total reflux and the total reboil boundaries, 

respectively);; hence, in region V, we have again state unicity. 

Regionss III and IV are further divided by the double-cross set into parts with different 

relativerelative location of the total reboil and total reflux conditions. We denote by L, M, and U the 

lower,, middle and upper branches of the bifurcation diagram, respectively (regardless their 

feasibility).. Then, in regions IQa and nib the multiplicity patterns are L-LM and M-LM, 

respectively.. Similarly, the multiplicity patterns in regions IVa and IVb are MU-U and MU-

NI,, respectively. 

Twoo feasible limit points appear when the hysteresis variety is crossed from region la 

too region n. Region II is bounded by the H, BLi and BL2 sets and divided by two cross-and-

limi tt sets and the double cross set. The 1-3-1 multiplicity pattern (Ha) becomes 2-3-1 (Ob), 1-

3-22 (He) or 2-3-2 (lid), as CLi and CL2 are crossed and the relative positions of one limit 

pointt and one feasibility boundary change. When the DC set is passed to region He, the 

relativee location of feasibility boundaries changes; consequently, the multiplicity pattern 

becomess 2-1-2. 

Figuree 6.4 shows phase diagrams obtained for values of the a, M1/M2, N and NF 

parameterss that are more realistic than those used in Figure 6.2. Although all the varieties and 

regionss discussed previously are present, we displayed, for clarity, only the unicity-

multiplicityy boundary. 

Diagramm A shows the influence of relative volatility, for a mixture with small molar 

masss ratio. When or has practical values, the BLi variety moves very close to ZF=1- The BL2 

varietyy is located at very small feed concentration and does not intersect the hysteresis for 

positivee values of the boilup. Hence, the boundary between the unicity and multiplicity 

regionss is the hysteresis variety. (This conclusion is also valid for other practical situations). 

Theree is a region of small ZF that can lead to multiple steady states even at low boilup. For 

highh ZF, practical boilup values may lead to multiple steady states if the components to be 

separatedd have high relative volatility. We also note that, at small boilup, increasing or slightly 

shiftss the unicity region towards lower feed concentration. 

Diagramm B presents the influence of the molar mass ratio, for a usual value of a. The 

sizee of the unicity region is larger when the components have similar molar mass. The effect 

off  M1/M2 is more important at high feed concentration. When M^/Mi is close to the unity, 

multiplicityy is probable to occur for low feed concentration or high internal flow rates. The 

156 6 



ChapterChapter 6. SingularitySingularity Theory Approach to Ideal Binary Distillation 

numberr of trays has a small effect (Diagram C), while the location of the feed tray does not 

affectt appreciable the multiplicity boundary. 

Figuree 6.4. Influence of the model parameters on the extent and location of the 
multiplicit yy region. 

Multiplicit yy region is larger for high relative volatility, low molar mass ratio or feed 
closee to the column bottom. 
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Inn diagrams A-C the BLi and BL2 varieties are located for very high or low feed 

concentration,, respectively. One exception is the low relative volatility case (Diagram D). In 

thiss situation, moving the feed location to the column bottom enlarges the multiplicity region. 

Inn conclusion, computation of codimension-2 singular points and parameter sets was 

usedd to classify the steady state behaviour of ideal, constant molar overflow, binary 

distillation.. Eleven different bifurcation diagrams are possible. Multiple steady states are 

likelyy to appear for practical situations when the relative volatility is large, the components 

havee very different molar mass or feed concentration is small. 
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Chapte rr  7 Nonlinea r behaviou r of reactor-separator -

recycl ee systems : Implication s for integratin g conceptua l 

desig nn and plantwid e contro l 

Abstrac t t 

Thiss article studies the nonlinear behaviour of reactor-separator-recycle systems. The 

dimensionlesss mole-balance equations are parameterized by the plant Damkohler number 

(Da)(Da) and the separation specifications. Reactant accumulation does not occur if Da > Daa. 

DaDaaa corresponds to a bifurcation point of the mole-balance equations and depends on 

separationn performance. For one reactant recycle and high purity separation, Da™ = 1. When 

twoo reactants are recycled, multiple steady states are possible. In this case, Daa depends also 

onn the control structure. Close to Daa, control structures must change the reaction conditions 

inn order to reject effectively the disturbances. Reviewing several plantwide control studies 

thatt reported bad controllability, we found that the designs considered are close to the critical 

valuee of the plant Damkohler number. 
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Introductio n n 

Duringg the traditional design of chemical processes, many alternatives are generated. 

Earlyy in the project development, economic criteria are used to discard unattractive designs. 

Later,, when the flowsheet structure is established and the units are sized, controllability issues 

becomee more important. Often, the designer finds that the alternatives developed do not have 

thee required operability properties. Hence, designs that have been rejected because of lower 

economicc performance are re-evaluated. Because this approach may be time and effort 

consuming,, the need of integrating process design and control is well recognized. Yet, a 

proceduree to generate controllable design alternatives is not available. 

Chemicall  plants are nonlinear systems. Today simulation software makes possible the 

developmentt of detailed, nonlinear dynamic models. Nevertheless, for the purpose of 

controllabilityy analysis (Skogestad and Postlethwaite, 1996), linear models are (frequently 

successfully)) employed. This happens because the mathematical tools needed to analyze 

linearr differential equations are well developed, while the theory of nonlinear differential 

equationss is still an active field of research. However, many of the control problems originate 

fromm a bad design. Dynamic modeling requires equipment sizing, which is not available 

duringg conceptual design. Consequently, the designer relies upon steady state models. 

However,, he still uses linear tools, although analysis of nonlinear algebraic equations is 

possible. . 

Thee nonlinearity of chemical processes can manifest as parametric sensitivity, state 

multiplicity,, instability, or oscillatory behaviour (Seider and Brengel, 1991). These features 

cann be predicted by singularity (Golubitsky and Schaeffer, 1985) and bifurcation 

(Guckenheimerr and Holmes, 1983) theories, which have been extensively applied in the field 

off  chemical reaction engineering. A classic example is the first-order, exothermic reaction in 

CSTR,, axial dispersion reactor, or catalytic particle. Generally, bifurcation diagrams are used 

too represent the dependence of the system's state vs. one distinguished operating variable 

(bifurcationn parameter). Then, bifurcation varieties are computed. They divide the space of 

thee remaining parameters into regions corresponding to qualitative-different bifurcation 

diagram.. From the viewpoint of design and control, designs close to bifurcation varieties 

generallyy should be avoided. The reason is that the uncertainty of the design parameters and 

thee disturbances affecting the process may shift the operating point to a region where the 
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qualitativee behavior is different from the expected one. Then, undesirable phenomena may 

occur:: loss of stability, reaction ignition or extinction, reverse sign of the gain in control 

loops,, etc. Moreover, close to bifurcation points, high sensitivity to disturbances is expected. 

Mostt of the previous studies considered the stand-alone reactor. Although the effect of 

recyclingg a fraction of the reactor effluent has been occasionally studied (Pareja and Reilly, 

1969,, Recke and Jorgensen, 1999), the systems considered are not good examples for 

chemicall  reactors in recycle plants. Typically, the reactor effluent is processed by the 

separationn section. Hence, the composition and temperature of the recycle stream are different 

fromm the reactor effluent. Moreover, often temperature controllers keep constant reaction 

temperature,, or, for adiabatic reactors, constant temperature of the reactor feed. 

Thiss article addresses the nonlinear behaviour of certain reactor-separator-recycle 

systems.. Figure 7.1 presents the flowsheet considered. In a real plant, several feed, product, or 

recyclee streams may exist. Hence, each general streams of Figure 7.1 (Plant feed; Reactor 

feed;; Reactor effluent / Separation feed; Recycle; Products) represents an arbitrary number of 

reall  streams. 

Reactor r 

Recycle e 

\ \ 

K K 
ss ^ 

y y 
-G-L L 

t t 

Y Y 

kk i 

Gas Gas 
separation n 

Liquid d 
separation n 

L L 

PP 1 
Products s 

Figuree 7.1. General structur e of Reactor-Separator-Recycle systems. 
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Throughoutt this work, the molar flow rate of the streams enumerated above are 

denotedd by Fy R, S, Y, and P, respectively. Symbols as FA, 5B, are used for the components 

floww rates, where the subscript refers to chemical species. Dimensionless flow rates are 

obtainedd by division to the feed flow rate of a reference reactant (FA). They are represented by 

lower-casee symbols (for example, r=R/FA, SB=SB/FA). Greek letters are used for flow rate 

ratioss (for example, aYS = YA /SA , ^ F = R/F ). c^ and Zi&  signify concentration and mole 

fraction,, respectively, of the i*  component in the k"1 stream. 

Thee behaviour of reactor-separator-recycle systems is relevant for integrating 

conceptuall  design and plantwide control because, early during conceptual design, one reaches 

aa stage when the recycle structure of the flowsheet is established. Then, the reactor is the first 

unitt to be considered in detail because the chemical species present in the reactor effluent 

determinee the separation section. Hence, reactor modeling, sizing, and control are considered 

beforee separation is addressed. In this work, we will treat the separation as a black box, and 

considerr a kinetic model of the chemical reactor. 

Thiss article is organized as follows. In the next section, we study a first order reaction 

inn a CSTR-separator-recycle system. The dimensionless mole-balance equations are 

parameterizedd by the plant DamkoUer number (Da) and the separation specifications. It is 

demonstratedd that reactant accumulation does not occur if Da > Daa, where the critical value 

DaDaaa depends on separation performance. For Da - Daa, a transcritical bifurcation of the 

molee balance equations takes place. For high purity of product and recycle streams, Daa = 1. 

Thesee conclusions also apply to the PFR, first-order consecutive, and n^-order reactions. 

Further,, we compare two different control structures and show that their relative performance 

dependss on the design. Close to Daa (small reactor or slow kinetics), it is necessary to change 

thee reaction conditions when disturbances affect the process. In the last section, we discuss 

twoo different control structures for a second order reaction. In these cases, the critical value of 

thee plant Damkohler number corresponds to a fold bifurcation of the mole balance equations. 

Reviewingg several plantwide control studies that reported bad controllability, we found that 

thee designs considered are close to the critical value of the plant Damkohler number. 

Plantt  Damkohle r numbe r 

Inn this section it will be shown that there is a minimum-volume constraint for a 

chemicall  reactor placed in a recycle plant. 
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Wee consider the first-order A -» B reaction, taking place in a CSTR. Mole balance 

equationss can be solved for consistent specifications. One possible choice is: flow rates of A 

andd B in the feed stream (FA, FB); reactor volume (V); separation performance, for example as 

recoveriess (arYJ. =YA/SA and PPS = PE/Sa). It must be pointed that often the reactant is 

completelyy recovered in the separation section (av,s=l). 

Thee reactor feed is chosen as tear stream and the reaction conversion (xA -1 - SA /RA) 

iss introduced as auxiliary variable. Then, the following dimensionless balance equations can 

bee easily derived: 

» A S S/ A + « M - ' A - ( 1 - * A )) (7.1) 

'BB = ƒ„  +( l -&s)(r *  + 'A *A ) (7-2) 

Iff  the product B is not present in the feed stream (fB = 0) and is completely recovered 

inn the separation section 0&\s- 1), then: 

^R^RAA 1 
r A - F A - l - « Y , - ( l - * A )) (7" 3) 

^ = ^ ""  = 0 (7.4) 
FFA A 

ZASZAS=1=1~~XXAA (7.5) 

Too find the conversion, the CSTR equation: 

BK-SA^-V-C»BK-SA^-V-C» (7.6) 

iss written in the following dimensionless form: 

g^Da^^Da-jg^Da^^Da-j r - ^ - ^ = 0 (7.7) 

k-V k-V 
DaDa = — is the plant Damkohler number, which includes the reactor volume, the 

'AA  " v 

reactionn kinetics, the reactant feed flow rate, and its molar volume at reactor temperature and 

pressure.. Eq. 7.7 assumes that the molar volume does not depend on composition. This is true 

forr gas-phase reactions. For liquid-phase reactions, an additional parameter, VB = Vyj / V^A, 

shouldd be introduced in the balance equations. If A and B are isomers and have similar 

densities,, then VB - 1 . 
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Eq.. 7.7 has two Damkohler-dependent solutions. They are presented in Figure 7.2a, 

forr different values of the orys parameter. For stand-alone CSTR (fl̂ -.s = 0) o r incomplete 

reactantt recycle («v,s < 1), the feasible (0 < xA < 1) and unfeasible (*A < 0) solution branches 

doo not intersect. When all the reactant is recycled (#y,s=lX one solution (xA = 0) involves 

infinitee recycle. The other solution has physical significance (0 < xA < 1) if, and only if, 

DaDa > 1. Moreover, the two branches intersect at the point T having the coordinates 

(JCA,, Da) = (0, 1). 

a-- 0.5 

<nn 5 

Figur ee 7.2. First-order  reaction in CSTR-Separator-Recycle: conversion, yield and 
reactorr  outlet / separation inlet flow rate 
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Inn the framework of the bifurcation theory, the point T represents a transcritical 

bifurcationn of the model equations. The defining condition for the transcritical bifurcation is 

(Guckenheimerr and Holmes, 1983): 

dg(xdg(xA1A1Da,aDa,aYJiYJi))  ̂ l-gY.s+«y.s-*A2
 = Q ( ? g) 

d j f AA (l-xAf(l-a^+aYS -xAf 

Thee only feasible case (0 < aYS < 1) when the real root 

.^tJSS (7.9) 

existss is ov,s=l. Substitution in Eq. 7.7 gives: 

limm g(xA
a,Da,aYJi)=I>a-l = 0 (7.10) 

Bifurcationn theory states that an exchange of stability takes place at the transcritical 

bifurcationn point. If the reactor volume is small or the reaction rate is slow, the reactant fed in 

thee process can not be entirely transformed into products. Because the reactant can not leave 

thee plant, it accumulates, and the recycle becomes infinite. Hence, for Da < 1, the trivial 

solutionn (*A = 0, infinite recycle) is stable (solid line in Figure 7.2a). Increasing the 

Damkohlerr number Da > 1, the stable, feasible solution appears, while the infinite-recycle 

solutionn loses stability. 

Figuree 7.2b presents the yield, defined as pn-P^/F  ̂ of the CSTR - separator -

recyclee system, for different values of the reactant recycle ratio ov,s. When the entire amount 

off  unreacted A is recycled, the yield equals the maximum value, PB=1. For the same feed, the 

yieldd of the stand-alone CSTR is the lowest. 

InIn recycle systems, the yield enhancement is achieved through separation and 

increasedd flow rates. Figure 7.2c presents the flow rate of the stream entering the separation 

system.. High values of the recycle ratio, small reactor volume or slow reaction rate lead to 

highh flow rates. If the operating point is close to Da=l, then the flow rates exhibit extremely 

highh sensitivity to change of reactant feed flow rate, reaction rate, or reactor volume, and 

severee control problems are expected. 

Thee set of specifications (cfyjs < 1, #\s=l) may represent a separation section that, 

afterr the A-B mixture is split into components, purges a fraction of A. This has a stabilising 
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effect.. It should be remarked that systems where the purge flow rate is fixed are qualitatively 

identicall  with systems where the entire amount of reactant is recycled. 

Often,, the separation section is operated in such a way that the composition of the 

outlett streams are kept to required values ZA,Y<1 and ZB.P<1. Hence, a small quantity of 

reactantt leaves the plant in the product stream, while some product is recycled. Such systems 

behavee as systems with pure separation products (atY$=l, yfii>,s=l). To demonstrate this 

statement,, we follow the procedure outlined above, using ZA,Y and ZBJ> as specifications for the 

separationn section. After some algebraic manipulations and cancellation of the trivial solution 

JCAA = 0, the following equation is obtained: 

Da-zDa-zKYKY+z+zKYKY-l -l 

Thee solution of Eq. 7.11 is feasible (0 < xA < 1) if, and only if: 

(7.11) ) 

Da>DaDa>Dacrcr=^-=^-  (7.12) 

Thee conclusion of this section is that, if the reactant is not allowed to leave the plant 

duee to the recycle or composition control of the product stream, then the internal flow rates 

aree finite if, and only if, the plant Damkohler number exceeds a critical value. For complete 

reactantt and product recovery in the separation section, the critical value of the Damkohler 

numberr is Daa=\. This result also applies for n-th order reactions, with the plant Damkohler 

numberr defined as: 

DaDa = k 
ff \n~x 

FF -V v v 
(7.13) ) 

Interactio nn between desig n and contro l 

Thee set of specifications used in the previous section (FA, V, ZA,Y, £B,P) can be viewed 

ass a plantwide control structure (Figure 7.3a): the reactor volume is kept constant; the 

separationn section is dual-composition controlled; and the plant throughput is set by the 

reactantt feed. For this control structure, the feed disturbances affect the flow rate and 

compositionn of the reactor outlet. Hence, manipulated variables internal to separation section 

aree used to reject the disturbances. 

Thee CSTR-separator-recycle was previously analysed in several plantwide 

controllabilityy studies. Luyben (1994) pointed out that the conventional control structure 
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exhibitss high sensitivity to feed disturbances. He proposed (Figure 7.3b) to keep the reactor 

outlett on flow control and to modify the plant throughput by changing the reaction conditions 

(reactorr volume or temperature). This control structure is equivalent to the following set of 

designn specifications: FA, S, ZA,Y, ZB,P- When disturbances affect the process, the load of the 

separationn section changes only due to composition modification. Consequently, disturbances 

aree rejected mainly by changing the reaction conditions. 

2A,, Y = ! 

Z B J ^1 1 

^A.Y=1 1 

zBP—1 1 

(C) ) 

v_ v_ 

ZBf=l l 

Figuree 73. CSTR-Separator-Recycle: controls structures. 
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Inn order to compare the conventional and Luyben's control structures, we perform a 

steadyy state sensitivity analysis for different values of the design parameters. The equations 

aree presented, for a more general case, in the Appendix. 

Lett FA and V represent the nominal feed flow rate and reaction volume, respectively. 

Figuree 7.4 presents, for the conventional control structure, the flow rate to separation vs. 

reactantt feed flow rate, for different values of the nominal Damkohler number 

(Da*(Da* =k-V*/\F^-V Â)) and recycle stream purity (ZA,Y). For Luyben's control structure, 

reactorr volume (V & V*) vs. reactant feed flow rate is presented. In both cases, small changes 

meann that small effort is needed to reject disturbances. 

Conventionall  control structure Luyben control structure 

Figur ee 7.4. First-order  reaction in CSTR-Separator-Recycle: sensitivity analysis for 
differentt  control structures 
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Resultss presented in Figure 7.4 demonstrate that systems with small reactor or slow 

reactionn rate {Da* < 2) are better controlled by the Luyben's structure. However, systems with 

largee reactor or fast reaction rate (Da > 3) are better controlled by the conventional control 

structure.. To explain this, we recall that close to Da - 1 the system is sensitive to Da. For the 

conventionall  control structure, the plant Da number represents a disturbance (because it 

containss FA). Because low sensitivity is required, designs with Da large perform better. For 

thee Luyben control structure, the plant Da number is a manipulated variable (through the 

reactionn volume V). Consequently, disturbances can be rejected with small effort if Da is 

small.. It should be also remarked that high purity separation (ZA,Y = 1) improves the 

performancee of the conventional control structure. This is contrary to the Luyben's structure. 

Thiss observation is explained by Eq. 7.12: increasing ZA,Y shifts Daa toward smaller values; 

then,, the difference Da - Daa becomes larger, with a beneficial effect for the conventional 

structure. . 

Itt is worthy to mention that the design analysed by Luyben (1994) had Da=1.8. 

Hence,, poor performance of the conventional control structure is expected. Larsson et al. 

(1999)) pointed out that there is an economic penalty for fixing the reactor effluent and the 

conventionall  control structure works very well if the reaction volume is set to a larger value. 

AA closer look at the dimensionless mole-balance equations suggests a third control 

structuree (Figure 7.3c). It is obvious that as long as the dimensionless model parameters do 

nott change, all flow rates are proportional to feed. Moreover, stream compositions are 

constant.. Hence, production change can be achieved by changing the feed and modifying the 

reactionn conditions (V or k) to keep constant Damkohler number. This control structure 

(Figuree 7.3c) is similar to the alternatives proposed by Wu and Yu (1996). They called it 

"balancedd control structure" because the disturbances are rejected changing both the reactor 

andd the separation conditions. 

Thee Plug-Flo w Reacto r 

Consideringg a high-purity separation, the mole balance equations of the PFR-

separator-recyclee system can be reduced to: 

DaDa = = 7 r-ln (7.14) 
VU** AA  l-<* YS(l-xA) l~xA 
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Forr given Da and av.s, Eq. 7.14 is solved numerically to find the corresponding 

conversion.. Then, flow rate and composition of various streams in the system can be 

calculated.. Figure 7.5 presents the conversion, flow rate to separation, and production rate vs. 

plantt Damkohler number. The behaviour of the PFR coupled with separation and recycle is 

similarr to the behaviour of the CSTR. For complete reactant recycle, internal flow rates are 

finitefinite if, and only if, the plant Damkohler number exceeds a critical value. For high purity 

separation,, the critical value of the Damkohler number is DaCI=  1. Close to the critical value of 

thee Damkohler number, high sensitivity to disturbances is expected. 

11 Da 10 

11 Da io 

Figuree 7.5. First-order  reaction in PFR-Separator-Recycle: conversion, yield and 
reactorr  outlet / separation inlet flow rate 
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Consecutiv ee reaction s 

Inn this section, we consider the following first-order, consecutive reactions: 

kk k 

A->B-*C A->B-*C 

BB is the main product. k\ and fc2 are the reaction constants. The flowsheet 

specificationss are: flow rates of A and B in the feed stream (FA, FB=0); reactor volume (V); 

separationn performance (aYSi = 1, fif£ = 1, y9S = 1). 

Continuoss Stirred Tank Reactor 

Thee dimensionless reaction extents, £\Ï=£/FAO,
 a re g iv en by: 

^ - D a . ^ ll  (7.15) 

withh the solutions: 

„„  Da + YS 

&,ii  = —  ̂ (7.16) 2 ' ^ ^ 

i + + 

l l 
l --

11~<*YS ~<*YS 

~<*YS ~<*YS 

'<**s '<**s 

•fci i 

and: : 

ft,-—ft,-—nn.. r" "•' <, (7.i7) 
^«Y. sÉv . l l 

Then,, the following expressions can be derived: 

(7.18) ) 

(7.19) ) 

(7.20) ) 

(7.21) ) 

Resultss in Figure 7.6 demonstrate that the reactant recycle increases the production 

ratee and improves selectivity, especially close to Da = 1. However, the stream processed by 
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reactorr outlet flow rate: 

reactorr outlet composition: 

productionn rate: 

reactionn selectivity: 
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thee separation section is more diluted in the B product and has higher flow rate (similar to 

Figuree 7.2). 

DaDa 10 

0.99 -

0.88 -

0.77 -

0.66 -

Ohh -

kk22/k, /k, 

0.955 ' " ^ 

0.9 9 

=0.1 1 

0.5^ ^ 

«Y.S=1 1 

o \ \ \ 

Da a 

11 Da io 

Figuree 7. 6. Consecutive, first-order  reactions in CSTR-separator-recycle: yield, 
selectivityy and main product concentration at reactor  outlet / separation inlet 

Consecutivee reactions in PFR 

Too solve the mole balance equations, the reactor feed is chosen as tear stream. Further, 

thee mole balance equations of the reactant A can be reduced to: 
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DaDa = r, In-
' A - l l 

(7.22) ) 

Eq.. 7. 22 is solved numerically, and the following variables are computed: 

reactorr outlet component flow rates: 

l-kjkt l-kjkt 

(( Da k2 Da \ 

ee rA *" -e r 

production:: pB = sB 

selectivity:: a& 
PB PB 

i - l i -^s)- ^ ^ 

ssCC=r=r AA-(s-(sAA+s+sBB)) (7.23) 

(7.24) ) 

(7.25) ) 

Figuree 7.7. Consecutive, first-order  reactions in PFR-separator-recycle: yield, 
selectivityy and main product concentration at reactor  outlet / separation inlet 
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Thee dependence of production rate, selectivity and product concentration at reactor 

outlett vs. plant Damkohler number is presented in Figure 7.7. When placed in a recycle 

system,, the PFR behaves very similar to the CSTR. However, higher product concentration at 

thee reactor outlet can be obtained. 

Secon dd orde r reactio n in CSTR 

Inn this section we will analyse a process where the second-order reaction A + B —> C 

takess place in a solvent S. The process consists of a temperature-controlled CSTR and a 

separationn section. The process may be represented by the general reactor-separator-recycle 

flowsheett in Figure 7.1. It should be remarked that the second reactant (and the solvent) not 

onlyy changes the reaction kinetics, but also adds more dimensionality to the problem. 

Wee will consider two control structures, presented in Figure 7.8. They follow naturally 

whenn the degrees of freedom and consistent specifications of the mass balance equations are 

considered.. Thus, for simultaneous, independent specification of the A and B feed flow rates 

(FA,, FB), the mass balance equations can not be solved. The reason is that, in recycle systems, 

thee ratio of reactants in feed must reflect the reaction stoichiometry. Hence, control structures 

inn which both reactants are on flow control are unfeasible. Moreover, due to inherent 

measurementt errors, ratio control can not avoid the imbalance. 

Inn control structure CS1, the A feed is flow-controlled (FC1). This stream is used to 

achievee production changes. The reactor effluent controls the reactor volume (LCI). We 

assumee that in the separation section there are some locations reflecting species inventory. In 

Figuree 7.8, they are denoted by A, B, C, S, respectively. The recycle of A and the product 

streamm control species inventory (LC2 and LC4). The recycles of B and S are on flow control 

(FC22 and FC3). Reactant B is fed in the separation section in order to keep constant inventory 

(LC3).. Solvent make-up may be necessary. This control structure corresponds to the 

followingg set of flowsheet specifications: feed (FA, FC=0, Fs=0); reactor volume (V); 

separationn as recoveries (ov,s=l, #r,s=l, #,s=l, 0V,s=l); component recycles (FB, ^s). 
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Figuree 7.8. Second-order  reaction in CSTR-Separator-Recycle: control structures 

Too solve the mole-balance equations, the conversion of A is introduced as auxiliary 

l-x l-x 
variable.. The flow rate of A, B, C and S at the reactor inlet are FA - , YB, 0 and Ys, 

respectively.. Then, the volumetric flow rate is given by: 

133 r A VA 
1"*. . ++ vB-(yB-l)+v s-y s + vc (7.26) ) 

wheree vK = —— is the dimensionless molar volume of the k component. 
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Thee reactant concentrations: 

-+vB - (yB - l )+v s-y s+vc c 

(7.27) ) 

CB33 = jz~x — (7-2 8> 
• — ^ + v B - ( > , B - 1 ) + v s - : y s + v c c 

*A A 

aree introduces in the CSTR's equation. The following dimensionless form is obtained 

(l-JCC V 
— ^ + V BB • (yB - i )+ v s • ys

+vc 
g ( x A , D a , y B , v B , V y s , v c ) = D f l - ^^ — ^- = 0 (7.29) 

XXA A 

k-Vk-V 1 
wheree Da = —— is the plant Damkohler number for a second-order reaction. 

FF V V 

Eq.. 7.29 has two Da-dependent solution branches: 

DaDa < 0: the conversion is negative and has no physical significance. 

DaDaaa > Da > 0: the solutions are complex. 

DaDa > Daa: two meaningful solutions exist. They are presented in Figure 7. 9, for different 

valuess of the model parameters. 

Thee critical value of the Damkohler number corresponds to a fold bifurcation of the 

modell equations. The defining condition for the fold bifurcation is (Guckenheimer and 

Holmes,, 1983): 
3g(*A ,Pfl ,yB ,vB ,Vy s ,y c)_00 ( 7 3 0 ) 

Solutionn of Eqs. 7.29 and 7.30 gives the location of fold points: 

D ^ = 4 - V B - ( y B " l ) + V s ' y ss + V- (7.31) 
v B - l l 

* A C TT = : 7 k (7'32) 

ll + *V(yB- lJ+v s-y s+v c 

Generally,, large B and small S recycles enlarge the region where the feasible solutions 

exist. . 
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Bifurcationn theory states that one stable and one unstable steady state emerge from the 

foldd point. The unusual behaviour on the lower branch (larger reactor gives lower conversion) 

suggestss that this steady state is unstable. 

Itt is remarkable that near the fold bifurcation point, the system is very sensitive to 

disturbances.. Consequently, from a control point of view, designs with Da close to Da" 

shouldd be avoided. 

200 Da 40 

" s y s = 5 5 

"c= 1 1 

" a - 1 1 

^ ^ ^ \ ^ ^ ^ " ^^  2 _ 

tX^i tX^i 
200 Da 40 

Figuree 7.9. Second-order  reaction in CSTR-Separator-Recycle and CS1: multipl e 
solutionss of the mole-balance equations. 
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Inn the second control structure of Figure 7.8 (CS2), the A feed is flow-controlled 

(FC1).. This stream is used to achieve production changes. The reactor effluent is on flow 

controll  (FC2). The recycles of A and B control species inventory in the separation section 

(LC22 and LC3). The recycle of S is on flow control (FC3). Reactant B is fed in order to keep 

constantt reactor volume (LCI). This control structure corresponds to the following set of 

flowsheetflowsheet specifications: feed (FA, Fc=0, Fs=0); reactor volume (V); separation as recoveries 

(flv,s=l,, J$Y£=l, #>,s=l, ÖY,S=1); solvent recycle (ys); reactor effluent volumetric flow rate 

(Svo1). . 

Thee following mole-balance equation can be derived: 

(s-y (s-y {x{xAA,Da,s™\v,Da,s™\vBB,v,vssyyss,v,vcc)=Da)=Da E -J (133) 

l-xl-xAA 1 A A voll  I 1~*A ss - —-+v c+v<>-y s 

Eq.. 7.33 has two solutions 0 < XA < 1 for Da > Daa. The critical value of the plant 

Damkohlerr number corresponds to a fold bifurcation, and is given by: 

DaCT=4-v, , 
.vo l l >2 2 

BB vol 

** -\-Vs-ys) 
(7.34) ) 

xCT=xCT=T7-^T7-^ ( 7-3 5) 

22 + s - v c - v s- y s 

Figuree 7.10 presents the physical-significant solutions of Eq. 7.33, for different values 

off  the model parameters. 

Thee analysis presented here is based on a black box model of the separation units. 

Nevertheless,, the results apply when more detail is considered. Luyben and Luyben (1997) 

studiedd the controllability of the second-order reaction - separator - recycle system, with 

rigorousrigorous dynamic models for the separation section (distillation columns). For CS1 and a 

designn having 29.7 = Da > Daa =10.66, they could achieve large production changes. 

However,, with CS2 they could not achieve production changes larger than 2%. This is not a 

surprise,, because the design considered had Da = 29.7 >28.4 = Daa. 
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Figuree 7.10. Second-order  reaction in CSTR-Separator-Recycle and CS2: multipl e 
solutionss of the mole-balance equations. 
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Conclusion s s 

Whenn placed in recycle plants, chemical reactors behave different from the stand-

alonee reactors: 

1.. Production rate reflects the amount of reactants fed in the plant. There is no way to change 

thee plant throughput without changing the reactants feed. Consequently, in plant-wide 

controll  structures, reactant feeds must change (directly or indirectly) when production 

changee is required. For stand-alone reactors, it is enough to modify the reaction conditions 

inn order to change the production rate. 

2.. When a reactant is recycled, the reactor must transform the whole amount fed in the 

process.. Hence, in order to prevent accumulation and infinite recycle, large reactor 

volumee or fast kinetics are required. The minimum-volume constraint depends on the 

controll  structure. It can be expressed in terms of plant Damkohler number and separation 

specifications.. For one reactant recycle, Daa correspond to a transcritical bifurcation of 

thee mole-balance equations. When two reactants are recycled, multiple steady states may 

exist,, and Dd* correspond to a fold bifurcation of the mole-balance equations. Near Dac\ 

thee system exhibits high sensitivity to disturbances. Hence, control structures must use the 

reactionn conditions as manipulated variables, in order to reject effectively the 

disturbances.. There are no restrictionss on the size of a stand-alone reactor. 

3.. The feed ratio of reactants must reflect the reaction stoichiometry. Consequently, only one 

reactantt feed may be on flow control. The other reactants must be fed in such a way to 

controll  their inventory in the process. For stand-alone reactors, the ratio of reactants in the 

feedd may have any value. 

Thee results of this study reveals the important role played by the chemical reactor in 

thee (plantwide) controllability of recycle plants. 
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Appendix .. Solutio n of mole-balanc e equation s for first-orde r reactio n in 

CSTR-separator-recycl ee system , for two contro l structures . 

Wee consider that the reaction takes place in a solvent S, which is recovered in the 

separationn section and recycled. Because the solvent does not leave the plant, its flow rate is 

constantt throughout the recycle loop (Fs). The molar volumes of A and B species are assumed 

too be equal. The dimensionless parameters vs=V^s/ V ^ corresponds to the molar volume of 

thee solvent The product stream is pure (ov,s= 1), but some amount of B is recycled (ZA,Y< 1). 

Conventionall  control structure, dual composition control 

Thee parameters of the mole-balance equations are: flow rates of A and B in the feed 

streamm (FA, FB =S 0); reactor volume (V); separation performance, (ZBJ>=1 and ZA,Y); solvent 

flowratee (F$). The mole-balance equations give: 

DaDa • Z A . Y " 1 

* A "« i ,Y - ( f t ii  + / , - v i )+ ( l - * i ,Y >( / i - l ) ( A 7 l l ) 

( D a - l K Y + / s ( l - ^ Y ) ( D f l - l + v s ) ) 

DazDazKYKY+f+fss(Da-l+v(Da-l+vss) ) 
__ y ~ - y <-A,Y • JS V <-A.Y/ V~" * ' "S/ /A-7 Tv 
Z M ~~ ^~~~ . r tn———\ (A7.2) 

DaDa z .Y + / s( D a + v s- l ) 
ss = * Y JS v -—- (A7.3) 

DazDazKyKy-l -l 
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Luybenn control structure, dual composition control 

Thee parameters of the mole-balance equations are: flow rates of A and B in the feed 

streamm (FA, FB = 0); flowrate to separation (5); separation performance, (ZBJ>=1 and ZA,Y); 

solventt flowrate (F$). The mole-balance equations give: 

11 (A7.4) 

(A7.5) ) 

(A7.6) ) 

-*AA ' 

^B,S S 

k k 

FFA A 

s-z s-z 

=d--

•V •V 

A,Y+(1--

" ^ A . Y ) + --

ss + s 
(s-1) (s-1) 

s) s) 

^A,Y Y 

s s 

(vs--

ZA,Y Y 

•1) ) 
- 5 5 
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Chapte rr  8. Conclusion s and Suggestion s for Furthe r 

Research h 
Thee goal of this thesis was to investigate the integration between design and control of 

chemicall  plants. In contrast with the traditional methodology, where first several design 

alternativess are developed and afterwards their controllability is analysed, a method to 

generatee only easily controllable designs was sought. 

Duee to the complexity of the problem, a systemic approach emerged. More precisely, 

thee activity of conceptual design is viewed as selecting and assembling building blocks (called 

Basicc Flowsheet Structures, BFS) in such a way that a system with required functionality is 

obtained.. When this point of view is adopted, the main objectives of the plantwide control are 

achievedd by coordination of the (local) BFS control. This way, distinction is made between 

locall  and plantwide control. Consequently, research of integration between design and control 

shouldd proceed along two lines: 

1.. Design of controllable BFS. There is a lot of industrial experience regarding the design 

off  unit operations having good controllability properties. However, in many cases, the 

interactionn between some units is so strong that they must be considered as one system 

(BFS).. Heat-integrated distillation and heat-integrated reactors are examples that have 

beenn analysed in this thesis. Other systems, as thermally coupled distillation systems, 

reactivee distillation, azeotropic distillation with solvent recycle, are possible subjects for 

furtherr research. 

2.. Couple the BFS in a controllable flowsheet. In this thesis, it is shown that the main task 

off  the plantwide control is to maintain the mass balance of the plant, by avoiding 

accumulationn / depletion of all chemical species involved in the process. Because the 

chemicall  reactor is the place where species are formed / consumed, it plays an important 

rolee in the plantwide controllability. Hence, study of reactor-separator-recycle systems can 

providee valuable insights into design of controllable flowsheet. In this thesis, the steady-

statee behaviour of several isothermal reactor-separator-recycle systems has been analysed, 

andd implications on control have been discussed. 
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Althoughh necessary, good steady-state controllability is not sufficient. Therefore, the 

dynamicc aspects should also be introduced. This raises the subject of development of dynamic 

modelss to be used in the early stages of conceptual design. 

Furtherr research can be also directed towards reaction systems with a more complex 

stoichiometry,, where more than one reactor might be necessary. Moreover, including the heat 

effectss (no-isothermal reactors) may add more complexity. 

Thee author of this thesis considers that the interaction between design and control can 

bee revealed only by mathematical models that take into account the nonlinearities existing in 

everyy chemical process. This does not exclude the use of linear models, but requires the 

linearisationn to be performed around several operating points. The use of nonlinear analysis 

duringg design can be summarised as follows: divide the space of the design parameters into 

regionss with different steady-state and dynamic bifurcation diagrams, and identify desirable 

regionss of operation and potential stability or operability issues. Avoid operation near 

bifurcationn varieties. 

However,, there might be situations when high-performance requires operation near 

bifurcationn points. In this cases, because of unavoidable disturbances and design parameter 

uncertainties,uncertainties, the control system must ensure that possible bifurcations are supercritical, that 

iss they do not lead to a catastrophic change of system's behaviour. This is an active field of 

mathematicall  research. 

Thee classification methodology presented in this thesis can be applied to one state-

variablee problems. Although many chemical systems fall in this category, this is a hypothesis 

thatt should always be checked. Systems with more than one state-variable may exhibit very 

complexx steady-state and dynamic behaviour whose complete classification, unfortunately, 

hass not been achieved. 

Finally,, the following steps are recommended to integrate design and control: 

1.. Non-linear analysis: choose / identify the design variables; formulate controllability 

criteria;; classify the operating points according to controllability criteria; identify feasible / 

unfeasiblee regions. 

2.. Generate design alternatives, using any available methodology. 

3.. Perform linear controllability analysis for the design alternatives 

4.. Select a suitable design 
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Summar y y 
Thiss thesis brings the following contributions to the field of integration between 

designn and control: 

1.. Systemic, two-level approach to integrated design and control of chemical processes 

(Chapterr  1). This involves: i) design of controllable basic flowsheet structures (BFS), the 

buildingg blocks of chemical plants, and ii) coupling the BFS in a controllable flowsheet. 

Takingg into account the main task of plantwide control, which is to maintain the plant's 

masss balance, the integration of design and control can be achieved at a fundamental level 

off  the hierarchical conceptual design procedure. The reactor and separation are assumed to 

bee controllable, this assumption being an explicit task for their design. Then, plantwide 

controll  structures can be proposed and their performance can be assessed based on steady 

statee sensitivity analysis or on more advanced tools. Toluene hydrodealkylation plant is 

usedd as a case study. 

2.. Guidelines for controllable design of a heat-integrated prefractionator / side-stream 

columnn configuration for ternary separation. In Chapter  2, several design alternatives are 

presentedd and discussed. Multi-input multi-output (MIMO) controllability analysis is 

performedd based on linear models. It is demonstrated that the forward heat-integration 

arrangementt with a small prefractionator has the best dynamic performances. 

3.. Nonlinear approach to problems where state multiplicity and instability limits the range of 

controllablee designs. Chapters 3 and 4 study the steady-state and dynamic behaviour of 

heat-integratedd Plug-Flow Reactors. First-order, irreversible and reversible, exothermic 

reactions,, and adiabatic reactor operation are considered. The steady-state and dynamic 

behaviourr is classified by computing the hysteresis, isola, boundary-limit, double-zero and 

double-Hopff  varieties, which divide the space of design parameters in regions with 

differentt steady-state and dynamic bifurcation diagrams. State multiplicity, isolated 

solutionn branches and oscillatory behaviour are possible for realistic values of model 

parameters.. The influence of reaction kinetics and thermodynamics and feed-effluent heat-

exchangerr (FEHE) efficiency on the extent of multiplicity region is studied. Subsequently, 

itt is discussed how the results can be used to avoid operational problems and a design 

methodologyy is proposed. Further, Chapter  5 studies the interaction between design and 
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controll  of a heat-integrated PFR. Four different design alternatives, for which 

controllabilityy problems are expected, are investigated. Three different control structures 

aree considered. Linear controllability analysis shows that systems with small steam-

generatorr and large FEHE are difficult to stabilise. Bypass around the FEHE can not be 

usedd to reject disturbances and there is no incentive to control both FEHE and furnace 

outlett temperatures. The nonlinear behaviour of the controlled system is analysed by 

bifurcationn theory. The range of design parameters for which the system can not be 

stabilisedd is computed, by classifying the operating points according to their position 

relativee to different bifurcation varieties. This way, the meaning of "large" and "small" 

unitss becomes clear. The results are confirmed by nonlinear dynamic simulation. 

4.. Steady-state classification of ideal, binary distillation by rigorous application of the 

singularityy theory (Chapter  6). The mass reflux flow rate is considered as bifurcation 

parameter.. Codimension-2 varieties, dividing the feed composition - boilup parameter 

spacee into regions with different types of bifurcation diagrams, are computed. In this way, 

alll  possible bifurcation diagrams are identified. The effect of physical and design 

parameterss on the location and extent of the multiplicity regions is investigated. 

5.. Introduction of plant Damkohler number to study the nonlinear behaviour of the reactor 

separator-recyclee systems (Chapter  7). The plant Damkohler number (Da) and the 

separationn specifications are parameters of the dimensionless mole-balance equations. It is 

demonstratedd that reactant accumulation does not occur and operation is possible if Da > 

Da".Da". The critical value Da" corresponds to a bifurcation point of the mole-balance 

equationss and depends on separation performance. For one reactant recycle and high 

purityy separation, Da" = 1. When two reactants are recycled, multiple steady states are 

possible.. In this case, Da" depends also on the control structure. Close to Da", control 

structuress must change the reaction conditions in order to reject effectively the 

disturbances. . 

Chapterr  8 presents authors comments on the research needed in the field of 

integrationn between design and control. 
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Samenvattin g g 
Ditt proefschrift gaat op verschillende manieren in op de integratie van procesontwerp en 

procesregeling: : 

1.. Systematische aanpak van integratie van de regeling inhet ontwerp van chemische 

processenn (Hoofdstuk 1). Dit betreft: I) ontwerp van regelbare basic flowsheet structures 

(BFS)) als bouwstenen van chemische fabrieken en ii) het samenstellen van een regelbaar 

fabrieksontwerpp vanuit BFS'en. Waar uitgegaan wordt van het instandhouden van de 

massabalanss als primaire taak van de plantwide regeling, kan de integratie bereikt worden 

opp het fundamentele nivo van de hiërarchische procedure voor conceptual design. Het 

regelbaarr maken van de reactor en de scheiding is een expliciet onderdeel in hun 

ontwerpfase.. Vervolgens worden plantwide regelstructuren ontworpen en getest op hun 

prestatiess met behulp van steady-state gevoeligheidsanalyses of meer geavanceerde 

methoden.. Als case study functioneert hier een Tolueen Hydroalkylatiefabriek. 

2.. Voorschriften om tot eenregelbaar ontwerp van een warmte-geïhtegreerd, ternair 

scheidingssysteemm van een prefractionator met zijstromen. In Hoofdstuk 2 wordt een 

aantall  ontwerpalternatieven gepresenteerd en besproken. Multi-input, multi-output 

(MIMO)) regelbaarheidsanalyse wordt uitegvoerd met behulp van lineaire modellen. 

Aangetoondd wordt, dat voorwaartse warmte-integratie en een kleine prefractionator tot de 

bestee resultaten leidt. 

3.. Niet-lineaire analyse van systemen, waarvan het optreden van meerdere steady-states en 

instabiliteitenn het regelbereik van het ontwerp beperkt. Hoofdstukken 3 en 4 gaan in op 

hett steady-state en dynamisch gedrag van warmte-geïntegreerde Plug-Flow Reactoren 

(PFR).. Eerste-orde, irreversibele en reversible, exotherme reacties en adiabatisch 

bedrijvenn van de reactor worden behandeld. Het steady-state en dynamisch gedrag wordt 

geclassificeerdd middels het uitrekenen van stabiliteitsvarianten van de volgende types: 

hysterese,, isola, boundary-limit, double-zero en double-Hopf. Deze verdelen de 

ontwerpparameter-ruimtee in gebieden, die beschreven worden door verschillende steady-

statee en dynamische bifurcatiediagrammen. Toestandsmultipliciteit, geïsoleerde 

oplossingsgebiedenn en oscillatorisch gedrag blijken alle mogelijk voor realistische 

waardenn van de modelparameters. Bestudeerd wordt de invloed van reactiekinetiek en -

thermodynamicaa en van de efficiency van de voeding/product-warmtewisselaar (feed-

effluentt heat exchanger - FEHE) op de ligging van de multipliciteitsgebieden. Vervolgens 

wordtt besproken, hoe de resultaten kunnen worden aangewend ter vermijding van 
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operationelee problemen, en wordt er een nieuwe ontwerpmethodologie op basis hiervan 

voorgesteld.. Verder gaat Hoofdstuk 5 in op de interactie tussen ontwerp en regeling van 

eenn wammte-geïntegreerde PFR. Vier verschillende ontwerpalternatieven, waarvoor 

regelbaarheidsproblemenn verwacht worden, staan ter discussie, alsmede drie verschillende 

regelstructuren.. Lineaire regelbaarheidsanalyse toont aan, dat systemen met een kleine 

stoomgeneratorr en een grote FEHE moeilijk te stabiliseren zijn. Een bypass rond de FEHE 

kann niet worden toegepast ter onderdrukking van verstoringen, noch bestaat er anleiding 

omm de uitgangstemperaturen van beide de FEHE en het fornuis te regelen. Van het 

geregeldee systeem wordt het niet-lineaire gedrag geanalyseerd met behulp van de 

bifurcatietheorie.. De waarden van de ontwerpparameters, waarvoor geen stabilisatie 

bereiktt kan worden, worden uitgerekend door de werkpunten naar hun positie ten opzichte 

vann de verschillende bifurcatiepunten te classificeren. Op deze wijze wordt de betekenis 

vann "grote" en "kleine" units duidelijk. Tenslotte blijken de resultaten te worden bevestigd 

mett behulp van niet-lineaire, dynamische simulaties. 

4.. Steady-state classificatie van ideale, binaire destillatie door rigoreuze toepassing van de 

singulariteitstheoriee (Hoofdstuk 6). De massareflux is daarbij gehanteerd als 

bifurcatieparameter.. Berekend worden codimensie-2 variëteiten, die de 

voedingssamenstelling-fcoi/wpp parameter-ruimte verdelen in gebieden met verschillende 

bifurcatiediagrammen.. Op deze wijze worden alle bifurcatiediagrammen bepaald. Tevens 

wordtt het effect van fysische en ontwerptechnische parameters op plaats en omvang van 

dee multipliciteitsgebieden onderzocht. 

5.. Introductie van het fabrieks-Damkohlergetal ter bestudering van het gedrag van reactor-

separator-recycle-systemenn (Hoofdstuk 7). Dit Da-getal en de specificaties van de 

scheidingg zijn parameters in de dimensieloze molbalansen. Aangetoond wordt, dat 

accumulatiee van reactant niet optreedt en het systeem operationeel kan zijn als Da > DaCT. 

Dee kritische waarde DaCT is afgeleid van een bifurcatiepunt in de vergelijkingen voor de 

molbalansenn en hangt af van de prestaties van het scheidingssysteem. Indien één reactant 

gerecycledd wordt en hoge scheidingszuiverheid geldt dat DaCT=l. Bij recycling van twee 

reactantenn gaan multipliciteiten voorkomen. In dat geval hangt DaCT ook af van de 

regelstructuur.. Het blijkt, dat dichtbij DaCT de regeling reactiecondities wijzigt om effectief 

storingenn te onderdrukken. 

Hoofdstukk 8 bevat opmerkingen van de auteur van het proefschrift betreffende verder 

onderzoekk dat nodig is op het gebied van integratie van ontwerp en regeling. 
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