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ChapterChapter 1. IntegratingIntegrating Conceptual Design and Plantwide Control 

Chapte rr  1 Systemi c Approac h to Integratin g Conceptua l 

Designn and Plantwid e Contro l 

Abstrac t t 

Thee problem of integrating conceptual design and plantwide control is addressed by a 

systemicc approach. Process plants are represented as subsystems, called basic flowsheet 

structuress (BFS), that interact through material and energy streams. Each BFS has associated 

controll  objectives that can be achieved by manipulating local variables. The task of the 

plantwidee control system is to coordinate die BFS, by setting their control objectives. This 

representationn allows to consider the plantwide control at a fundamental level of the 

hierarchicall  procedure of conceptual design. More specifically, when the recycle structure of 

thee flowsheet, the reactor, and the performance of the separation units (product purity or 

recovery)) are specified, the mass balance is established. Then, control structures can be 

proposedd and their performance can be assessed based on steady state sensitivity analysis or 

onn more advanced tools. Toluene hydrodealkylation (HDA) plant is used as a case study. 
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ChapterChapter 1. IntegratingIntegrating Conceptual Design and Plantwide Control 

Introductio n n 

Inn the traditional approach to process system design, the control engineer is involved 

onlyy in the late design stages. At this point, as the result of economic optimisation, the 

flowsheetflowsheet structure is established, most of the units are sized and the chemical engineer had 

definedd the control objectives. Then, the control engineer applies some methodology to design 

thee control structure. Finally, a nonlinear dynamic model of the plant is used to evaluate the 

performancee of the whole system. If the operability objectives can not be met (the process is 

nott controllable), then the design must be changed. In the fortunate case, changing only the 

equipmentt size or operating conditions restores controllability, but very often flowsheet 

structuree modification is needed. In these cases, there is no guarantee that the new design is 

thee optimal one. Moreover, the cost of the design changes quickly increases as the design 

progresses.. Consequently, plantwide control should be considered during the early stages of 

design. . 

Luybenn et al. (1999) define the plantwide control problem as "how to develop the 

controll  loops needed to operate an entire process and achieve its design objectives". One step 

inn their design methodology is inventorying the control degrees of freedom, that is the control 

valves.. Thus, they regard all control objectives as part of the plantwide control problem. 

Inn this article, we consider that distinction should be made between "local" and 

"plantwide""  control objectives. For example, controlling products purity of a distillation 

columnn is a local problem. However, the setpoints of the purity control structure can be 

changed.. Thus, the objectives of local control may be manipulated variables of plantwide 

controll  structures. This point of view was also expressed by Skogestad and Larsson (1998), 

whoo pointed out that plantwide control is not concerned with tuning and behaviour of all 

controll  loops in a chemical plant, but rather with the control philosophy of the overall plant. 

Duringg the last decade, many articles focussing on plantwide control have been 

published.. A partial list includes Luyben (1993), Price and Georgakis (1993), Ponton and 

Liangg (1993), Downs and Vogel (1993), Lyman and Georgakis (1995), Luyben et al. (1997), 

Ngg and Stephanopoulos (1998), Skogestad and Larsson (1998), Zheng et al. (1999). However, 

theyy invariably consider fixed flowsheet structure and a given operating point. Although the 

interactionn between design and control is well recognised, there are few indications about how 

too design processes having good controllability properties. Lyman et al. (1996) used designed 
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ChapterChapter 1. IntegratingIntegrating Conceptual Design and Plantwide Control 

experimentationn and extensive dynamic simulation to study how the process design, control 

structuree and controller tuning affect the dynamic performance of several reactor-separation-

recyclee processes. The first step of the proposed method is the identification of the design 

decisions.. They are related to flowsheet configuration, unit sizing, and control structure. The 

authorss recommend to keep the number of design decisions small, a limit of six being 

suggested. . 

However,, during the design of chemical plants, the number of design decisions is 

muchh larger, m this case, designed experimentation requires huge modelling and simulation 

effort.. For this reason, a better methodology is needed. Rather than evaluating all possible 

alternatives,, it is desirable to decompose the plantwide control problem into a hierarchy of 

decisionss (Zheng et al., 1999). At each level of hierarchy, alternatives are generated and only 

economicallyy attractive alternatives are kept for further consideration. This approach is 

motivatedd by the hierarchical procedure for conceptual process design (Douglas, 1988), which 

provedd successful in a broad range of applications. A similar approach was used by Fisher et 

al.. (1988), and Ponton and Liang (1993) to analyse the process (functional) controllability or 

too develop the control system. 

Thiss article presents a systemic methodology for integrating plantwide control and 

hierarchicall  conceptual design. Two ideas are central to our approach: 

1.. Process plants are represented as subsystems, called basic flowsheet structures (BFS), that 

interactt through material and energy streams. This representation reveals two steps for 

integratingg conceptual design and plantwide control: a) design controllable BFS and b) 

couplee the BFS in such a way that a controllable system is obtained. 

2.. The essential task of plantwide control is to coordinate the BFS by setting their (local) 

controll  objectives, in order to maintain the material balance of the whole process. 

Inn this article, we argue that controlling the mass balance is a key activity to develop 

successfull  plantwide control structures. Thus, any feasible control structure must maintain the 

materiall  balance of all components, including impurities and traces. Because the chemical 

reactorr is the place where chemical species are formed or destroyed, kinetic reactor modelling 

iss the pre-requisite for quantitative analysis of plantwide control structures. Note that detailed 

separationn modelling is not necessary, as usually we are able to design separation units with 

goodd controllability properties. However, analysis of the kinetic reactor - black box 
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separationn - recycle system can be used to test the validity of the well-controlled separation 

hypothesis. . 

Moreover,, it is shown that interaction of the chemical reactor with the separation 

sectionn through recycles and plantwide control 1) enhances the nonlinearity of the reactor and 

2)2) the genericness of balance equations is lost (from a strictly mathematical point of view). 

Consequently,, even simple reactors (like adiabatic PFR) may exhibit multiple steady states or 

bifurcationss not manifested by the stand-alone reactors. 

Thiss article is organised as follows: next section presents a systemic view of 

integrationn between conceptual design and plantwide control: chemical plants can be 

decomposedd into several sub-systems interacting through material and energy streams; control 

objectivess assigned to each subsystem are achieved using only local measurements and 

manipulatedd variables; the plantwide control coordinates the subsystems, by setting their 

(local)) control objectives. Then, the hierarchical approach to conceptual design is followed. 

Designn decisions are presented briefly. Activities related to design of the plantwide control 

systemm and its interaction with conceptual design are discussed. Finally, the methodology is 

appliedd to the toluene hydrodealkylation plant (HDA). 

Basi cc idea of the systemi c approac h 

Thee goal of integrated conceptual design and plantwide control is invention of design 

alternativess with good controllability properties. This is in contrast with the classical 

approach,, where the design alternatives are generated first, and their controllability is 

evaluatedd afterwards. 

Too provide a (partial) answer to this problem, we take a systemic approach. We 

considerr that a process plant consists of several subsystems interconnected through material 

andd energy streams (Figure 1.1). The subsystems will be called basic flowsheet structures 

(BFS),, defined as parts of the plant for which (local) control objectives are assigned and can 

bee achieved using only manipulated variables that are interior to the BFS. Unit operations are 

thee simplest BFS. Often, some units interact so strongly that they must be treated as one 

entity.. Examples are heat-integrated reactors, complex distillation arrangements, azeotropic 

distillationn with solvent recycle, etc. Delimiting the BFS depends on what design / modelling 

detailss are available and how the control objectives are assigned. However, we consider that 
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thee basic flowsheet structures can be identified based on engineering judgement, and do not 

addresss this problem here. 

Raw w 
materials s 

Chemicall  plant 

I I 
recycle e 

<^H <^H 
Heat-integratedd reactors 

Unit t 

JL L 

Azeotropicc distillation 
withh solvent recycle 

I I 

Products s 

By-products s 

Heat-integratedd distillation 

Purge e 

Figuree 1.1. Systemic representation of chemical plants. 
Thee plant is decomposed into basic flowsheet structures, that interact through material 

andd energy streams. 

Thee task of plantwide control is to harmonise the BFS in such a way that the whole 

systemm operates in a required manner. This is achieved by changing the control objectives of 

thee BFS. The controllability of the BFS is a necessary (but not sufficient) condition for the 

controllabilityy of the entire plant. Consequently, our approach to integrate design and control 

consistss of two steps: 

1.. Design basic flowsheet structures with good controllability properties. This is possible for 

unitt operations, where a lot of industrial experience exists. However, it is an open field of 

researchh for more complex sub-systems. Chapters 2 - 6 of this thesis deal with design and 

controll  of some BFS (heat-integrated distillation, heat-integrated reactors, distillation). 
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2.. Couple the BFS in such a way that a controllable system is obtained. Interaction between 

thee chemical reactor and the separation section, due to material recycle and plantwide 

control,, is the subject of Chapter 7 in this thesis. 

Integratin gg conceptua l desig n and plantwid e contro l 

Inn the following, the hierarchical approach to conceptual design will be followed, and 

control-relatedd design activities will be discussed. Table 1.1 presents a summary of the 

proposedd approach to integrating conceptual design and plantwide control. 

Initiall data 

Thee initial design data concerns reactions chemistry, raw materials, production rate, 

productt specifications and economic constraints. Control-related data must specify the 

requiredd production range, product grades, variability of the raw material. 

Input-output t 

Typicall  design decisions taken at this level are related to feed purification, gas recycle 

andd purge, and removal or recycle of reversible by-products. They establish the number and 

compositionn of product streams. 

Pontonn and Liang (1993) affirm that throughput manipulation can be decided now. 

Theyy propose several alternatives: 

1.. Limiting reactant on flow control, inventory control in the direction of flow. This is the 

mostt appealing alternative, which works in many situations. However, when the limiting 

reactantt is recycled, the reactor must convert the entire amount fed in the process. Failing 

thiss (due to large feed, small reactor volume, or slow kinetics), the reactant will 

accumulatee in the system. 

2.. Product on flow control, inventory control in the direction opposite to flow. There are 

manyy circumstances in which this is not applicable. For example, if the product leaves the 

plantt as a distillate, then the column feed should control the level in the condenser drum. 

Suchh control scheme is unusual for distillation columns. 

3.. A control loop manipulating limiting reactant to control production rate. This strategy 

mayy work for rather simple processes, but it wil l fail for large plants, because of the 

significantt lag between feed and product streams. 

Pricee and Georgakis (1993 ) pointed an additional alternative: 
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4.. Use of an internal throughput manipulator (as reaction volume, temperature or pressure). 

Itt should be noted that, in recycle systems, the production rate is strictly related to the 

reactantt feed flow rate. For this reason, the feed stream cannot be on flow control, but 

mustt be used to keep constant reactant inventory. 

Amongg the previously discussed alternatives, the first and the last ones are the most 

attractive.. Their relative performance depends mainly on the reaction kinetics, reactor size 

andd the desired production rate. However, because at this level the reactor is not designed, the 

quantitativee information available does not suffice to take any plantwide control decision. 

Recyclee structure of the flowsheet 

Att this level, the number of reaction systems and recycle streams is established. 

Additionall  units (as compressor) may be also introduced. Separation sections are specified as 

productt recovery or purity. Flow rate and composition of the streams are expressed in terms 

off  several design variables, as reaction conversion, recycle flow rate or composition, etc. In 

thee hierarchical procedure, the values of the design variables are found at the next level, when 

thee cost of separation can be calculated. 

Now,, plantwide control can be considered. 

First,, several candidate controlled variables may be identified. They are not assigned 

too a particular basic flowsheet structure, hence they have a true plantwide character. Examples 

aree production rate, recycle composition, ratio between reactants at reactor inlet, etc. 

Secondly,, candidate manipulated inputs can be identified. When they are flow rates 

connectingg BFS, the choice affect the control of upstream and downstream BFS. As an 

example,, it was proposed (Luyben et al., 1997) to keep reactant recycle on flow control and to 

changee the setpoint of this loop when production changes are required. This implies that the 

inventoryy control of the upstream unit is in direction opposite to flow, while the inventory 

controll  of the downstream unit is in the direction of flow. Manipulated flows should be 

chosenn with care in order to avoid over-specification with respect to plant mass balance. 

Pontonn and Liang (1993) present a method to address this problem. Its application is not 

difficult,, because the plant representation is simple and number of streams to be considered is 

small.. A second category of plantwide manipulated variables is the setpoints of the BFS 

control.. Examples are reaction conversion, separation performance, etc. 

Thee choice of the controlled and manipulated variables can be based on engineering 

judgementt or on systematic methods. We recommend to consider the material balance. This 
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givess valuable insight into the number of control degrees of freedom, functional 

controllability,, I/O pairing for decentralised control. As an example, when two reactants are 

recycled,, the mass balance equations reveal that the recycle flow rate of the non-limiting 

componentt is not determined. Hence, it should be on flow control. 

Thee proposed control structures may be analysed by steady state simulation. In 

commerciall  simulators, unit operation input data or flow rate and composition of feed streams 

cann be varied in order to meet some "design specifications". Although the design 

specificationss are apparently similar to SISO feedback controllers, it does not mean that the 

finall  control structure has to be decentralised or the I/O pairing must be preserved. This 

approachh is advantageous because the nonlinear character of the process is intact. Sensitivity 

analysiss shows what plantwide manipulated inputs (setpoints of BFS control) are necessary. 

Variabilityy of the streams connecting BFS indicates what disturbances must be rejected by 

BFS.. This way, the designer can identify control objectives of the BFS, and set them as 

explicitt targets for BFS design. 

Besidess sensitivity, other nonlinearities deserve a special discussion. In the field of 

chemicall  reaction engineering, state multiplicity, instability and oscillatory behaviour are 

well-knownn phenomena (Seider and Brengel, 1991). They can be analysed using bifurcation / 

singularityy theories. Typically, bifurcation diagrams are used to represent system's state vs. 

onee distinguished operating parameter (called bifurcation variable), while the other operating 

parameterss are constant. Thus, the bifurcation diagram can be regarded as a cross-section of 

thee multi-dimensional state vs. parameters diagram, that is parallel to the bifurcation variable 

andd orthogonal to the others parameters. The situation is different when a plantwide control 

systemm is in place. In this case, changing only the bifurcation variable is impossible, because 

thee plantwide control system fulfil s its objectives by changing additional operating 

parameters.. Hence, the bifurcation diagrams are now cross-sections orthogonal to the control 

objectives.. This can lead to state multiplicity and instability even if the uncontrolled system 

hass a unique, stable state. 

Bifurcationn theory demonstrates that the number of steady states can change at fold, 

transcriticall  or pitchfork bifurcation points. These points are one-codimensional, that is the 

valuee of one parameter (the bifurcation parameter) is fixed. Fold points are generic for small 

changess of the additional parameters. In the general case (systems without special properties), 

thee transcritical and pitchfork bifurcations are not generic, that is they disappear for small 
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changess of the additional parameters. However, the plantwide control system achieves its 

objectivess by changing the additional parameters. This brings special symmetry properties, 

thee result being the genericness of the transcritical and pitchfork bifurcations. 

Separationn system 

Becausee of problem complexity, the separation system is usually decomposed into 

sub-systems,, as vapour, liquid and solid separation. For each sub-system, there are systematic 

proceduress to generate design alternatives. 

Forr many separation operations, there exist procedures, endorsed by industrial 

experience,, that lead to designs that are economically optimal and have good controllability 

properties.. However, there are also many cases where design procedures / guidelines are still 

needed.. In Chapter 2 of this thesis, a heat-integrated complex distillation arrangement will be 

considered. . 

Heatt integration 

Pinch-analysiss can be used to develop heat-integration schemes. However, although 

arrangementss obtained by heat-integration are optimal from the viewpoint of investment and 

utilityy consumption, they may be barely operable. Reactor effluent travelling through the 

reboilerss of several distillation columns and then pre-heating the reactor feed is unlikely to be 

foundd in any real plant. 

Wee adopt the position that the heat-integration should be performed locally. When 

energyy can not be recovered by integration in one plant section, it should be used to generate 

steamm or power, and exported this way to other sections. In any case, the designer should 

checkk that heat-integration does not damage the process controllability. 
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Tablee 1.1 Summary of integrating conceptual design and plantwide control. 

Conceptuall  design Locall  control Plantwidee control 

0.. Initial information 
Chemistry. . 
Raww materials. 
Productt specification. 
Economicc constraints 

1.Input-output t 
Feedd streams and purification. 
Recyclee reactants and reversible 
by-products.. Purge and bleed 
streams.. Outlet streams. 
Overalll  mass balance. 

2.. Recycl e structur e 
Recyclee streams. 
Materiall  balance with recycles. 
Reactorr design. 

Reactorr control 

3.. Separatio n syste m 
Generall  structure. 
Vapourr recovery and gas 
separations.. Solid recovery and 
separations.. Liquid separation. 
Designn variables by 
optimisation. . 

Controll  of the separation 
units s 

Productionn range and grades 
Raw-materialss variability 

Identifyy plantwide controlled and 
manipulatedd variables. 
Proposee control structures, based on 
simplifiedd material balance. 
Behaviourr of the reactor-separator-
recyclee system: set constraints for 
thee design variables; identify 
disturbancess affecting the 
separationn section. 

Evaluatee control structures for 
economicc optimum operating 
point. . 

Ensuree that all control-related constraints found at level 2 are 
fulfilled. . 

4.Energyy integration 
Heatt exchanger network. 

5.. Implementatio n of proces s 
contro l l 

Ensuree that controllability 
iss preserved. 

locall  heat-integration and 
decouplingg through the utility 
systemm improves controllability 

Dynamicc modelling, controller tuning, and dynamic simulation. 
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Casee study : HDA plan t 

Thee toluene hydrodealkylation (HDA) plant has been used intensively as a reference 

casee study both for process synthesis (Douglas, 1988) and plantwide control (Fisher et al., 

1988,, Ponton and Liang 1993, Luyben and Tyreus, 1997, Ng and Stephanopoulos, 1996). 

Severall  control configurations have been proposed, but they differ in the choice of the 

controlledd outputs and manipulated inputs or they do not agree on the input-output pairing. 

Moreover,, no design details, nor dynamic simulation results have been reported. 

Initiall data 

Thee nominal production rate is 120 kmol/h benzene at a purity exceeding 99.95%. The 

feedd streams are pure toluene, and technical-grade hydrogen. Production flexibilit y of % 

iss required. The following vapour-phase reactions are considered: 

CC66HH55-CH,-CH, + H2-+C6H6 + CH4 

2C2C66HH66<^C<^CnnHHl0l0+H+H2 2 

Thee reactor is adiabatic. The reaction temperature must be kept below 980 K to 

preventt hydro-cracking reactions. The hydrogen / aromatics ratio at the reactor inlet must 

exceedd 5/1 to minimize coking. For the same reason, the reactor effluent must be quenched 

rapidlyy to 900 K. 

Input-output t 

Att this level, the design decisions establish the number and composition of product 

streams.. The components in the reactor effluent are ordered by their boiling point, and 

assignedd to product (benzene, diphenyl) or recycle streams (toluene, hydrogen). Separation of 

thee gaseous components (hydrogen, methane) seems difficult. For these reason, when the two 

componentss are recycled together, a purge stream is necessary to avoid methane buildup. The 

input-outputt structure of the HDA plant is presented in Figure 1.2. 
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Recyclee Purge 
(hydrogen,, methane) (hydrogen, methane) 

Hydrogen n 

Toluene e 

--

HDAA plant 

Benzene e 

Diphenyl l 

Figuree 1.2. HDA plant: input-output structure. 

Recyclee structure of the flowsheet 

Thee difference of the boiling points of hydrogen and methane, and benzene, toluene 

andd diphenyl is very large. Consequently, it is easy to separate the gaseous and liquid 

componentss from the reactor effluent by a simple flash. Then, two recycles are identified: 

.. Gas recycle. The overhead of the flash contains unreacted hydrogen and methane. A 

compressorr is used to recycle it to the reaction section. A purge stream is necessary to 

preventt methane build-up. 

.. Liquid recycle. Separation of the benzene / toluene / diphenyl mixture by distillation is 

easy.. Traces of methane that remain dissolved after gas-liquid separation can be also 

removed.. Although recycling the diphenyl is a design option (because it is the product of a 

reversiblee reaction), its removal accounts for other heavy by-products. 

Att this level, the flowsheet is completed by inclusion of the adiabatic tubular reactor, 

andd the furnace needed to bring the reactants to reaction temperature. The recycle structure of 

thee HDA plant is presented in Figure 1.3. 
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ƒƒ,, feed 

(2)) m 

Methanee \ 
concentration/ / 

Figuree 1.3. Recycle structure of the HDA plant 
Controll  objectives are attached to various streams. Potential manipulated variables are 
presentedd in italics. 

Too perform the mass balance, a simple plant model is considered: perfect separation in 

alll  units and negligible side reactions. The following mass-balance equations can be derived: 

(1.1) ) 

tt22 tf 

^=~(F^=~(FKK-y-yw+w+FF22-y-ymm) ) 
y-ny-n Fi 

FT=F, , 1-X 1-X 

(1.2) ) 

(1.3) ) 

(1.4) ) 

FFPP = F2 (1.5) ) 

Fjj  and y^ denote the flowrate of stream j and the molar fraction of the k component (H -

hydrogen,, T - toluene) in the streamy, respectively; X is the reaction conversion. 

Iff  production rate and hydrogen/toluene ratio at the reactor inlet (ym/yrs) are defined, 

Eqs.. 1.1 to 1.5 have two degrees of freedom. Hence, the values of two design variables (not 
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anyy combination is feasible) must be specified. Douglas (1988) considers reactor conversion 

andd purge composition as design variables and optimises the economic potential of the plant. 

Wee use his results (X = 0.78, KHP = 0.424) as a starting point in this study. Table 1.2 presents 

thee flow rate, temperature, pressure and composition of various streams in the HDA plant. 

Althoughh some variables were computed after sizing the flash and the distillation columns, 

approximatee values can be assumed now and are presented here. 

Tablee 1.2. HDA plant: Mass and heat balance results. 
Thee complete flowsheet is presented in Figure 1.10. 
Streamm Flow rate Temperature Pressure Toluene Hydrogen Benzene Methane Diphenyl 

(kmol/h)) (°C) (bar) 
1 1 

2 2 

3 3 

4 4 

5 5 

6 6 

7 7 

8 8 

9 9 

10 0 

11 1 

12 2 

R R 

B B 

D D 

M M 

P P 

Rl l 

R2 2 

R3 3 

R4 4 

R5 5 

R6 6 

125 5 

229.5 5 

1739 9 

1803.9 9 

230.95 5 

1573 3 

166 6 

157.1 1 

157.1 1 

36.1 1 

34.5 5 

1350 0 

1350 0 

120.9 9 

1.6 6 

8.9 9 

223 3 

1739 9 

1739 9 

1739 9 

1803.9 9 

1803.9 9 

1803.9 9 

50 0 

38 8 

36.7 7 

21.8 8 

20.8 8 

20.8 8 

20.8 8 

199.9 9 

96.8 8 

125,6 6 

118.3 3 

20.8 8 

20.8 8 

85.8 8 

198.3 3 

31.4 4 

20.8 8 

514.7 7 

636.8 8 

688.2 2 

620.0 0 

550.0 0 

111.4 4 

1.2 2 

37.5 5 

34.5 5 

34 4 

34 4 

34 4 

34 4 

12.45 5 

1.4 4 

1.4 4 

1.2 2 

34 4 

34.5 5 

1.2 2 

1.3 3 

12 2 

34 4 

34.5 5 

34.5 5 

34 4 

34 4 

34 4 

34 4 

1 1 

0 0 

0.092 2 

0.027 7 

0.210 0 

0 0 

0.210 0 

0.222 2 

0.222 2 

0.963 3 

0.9998 8 

0 0 

0 0 

5000 PPM 

0.155 5 

0 0 

0 0 

0.092 2 

0.092 2 

0.020 0 

0.027 7 

0.027 7 

0.027 7 

0 0 

0.95 5 

0.455 5 

0.37 7 

0.004 4 

0.424 4 

0.004 4 

0 0 

0 0 

0 0 

0 0 

0.424 4 

0.424 4 

0 0 

0 0 

0.079 9 

0.424 4 

0.455 5 

0.455 5 

0.384 4 

0.370 0 

0.370 0 

0.370 0 

0 0 

0 0 

0.003 3 

0.097 7 

0.729 9 

0.004 4 

0.729 9 

0.770 0 

0.770 0 

1600 PPM 

1700 PPM 

0.004 4 

0.004 4 

0.9995 5 

0 0 

0.016 6 

0.004 4 

0.003 3 

0.003 3 

0.073 3 

0.097 7 

0.097 7 

0.097 7 

0 0 

0.05 5 

0.45 5 

0.504 4 

0.049 9 

0.572 2 

0.049 9 

0 0 

0 0 

0 0 

0 0 

0.572 2 

0.572 2 

0 0 

0 0 

0.905 5 

0.572 2 

0.450 0 

0.450 0 

0.526 6 

0.504 4 

0.504 4 

0.504 4 

0 0 

0 0 

0 0 

0.001 1 

0.008 8 

0 0 

0.008 8 

0.008 8 

0.008 8 

0.037 7 

0 0 

0 0 

0 0 

0 0 

0.845 5 

0 0 

0 0 

0 0 

0 0 

0.0008 8 

0.001 1 

0.001 1 

0.001 1 
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Att this point, control issues can be considered. There are five potential controlled 

variables:: production (FB), hydrogen / toluene ratio (ymlyn), pressure, purge composition 

0>HP),, and conversion (X). However, some of them might be left uncontrolled. For example, 

conversionn control is difficult, because of the dead-time associated with the plug-flow reactor. 

Moreover,, it requires composition analyser, which is expensive, require maintenance, and has 

unfavourablee dynamics. For these reasons, it would be desirable to develop a control structure 

inn which controlling reactor inlet temperature ensures almost constant reaction conversion. 

Thee following manipulated variables are available: toluene feed (F{), hydrogen feed 

(F2),, gas recycle (FR), purge (FP) and furnace duty (#,). When furnace duty is used as 

manipulatedd variable, it controls the reactor inlet temperature. The setpoint of this control 

loopp may be used, in a cascade manner, to control one of the previous variables. 

Next,, the reactor can sized. For the required conversion, mass balance equations 1.1-

1.SS are solved, and the flow rate and composition of the reactor inlet is found (results for 

X=0.788 are presented in Table 1.2). Then, the value of the reactor inlet temperature is chosen, 

andd the adiabaticc PFR equations are solved. In this study, the following kinetics was used: 

*,, = 5.943-1014 34138K1 <m3/kmol),y2  s"' 

Figuree 1.4 presents the conversion vs. reactor volume when the reactor inlet 

temperaturee was set to 910 K. It reveals that small reactors (say V< 30 m3) lead to unfeasible 

designs,, because the mole balance equations do not have a feasible solution (0 < X < 1). 

Moderatee conversion can be obtained, but for the same reactor volume high conversion is also 

possible.. It should be remarked that the behaviour of the HDA reactor placed in the recycle 

systemm is very different from the behaviour of the stand-alone reactor, which can exhibit only 

aa single, stable steady state. The state multiplicity identified here, which was not noticed by 

otherr researchers who studied the HDA plant, has deep implications on control. The unusual 

behaviourr on the intermediate branch, where larger reactor gives smaller conversion, indicates 

thatt this steady state is unstable. Hence, any control structure that keeps constant reactor inlet 

temperature,, reactor inlet hydrogen/toluene ratio, and purge composition, is unstable. When 

disturbancess affect the process, small deviations from the steady state are unavoidable. Let us 

considerr a conversion increase. Then, the recycle toluene flow rate decreases. The control 

structuree adjusts the hydrogen feed and gas recycle in order to keep constant hydrogen/toluene 
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ratioratio and purge composition, leading to smaller reactor inlet flow rate, larger residence time, 

andd further increase of conversion. 

1 1 

0.5 5 

30 0 

F1=120kmol/h h 
yH2=0.95 5 
yHP=0.4 4 

yH3/yT3=4.5 5 

yH3/yy T3=5 .... 

soo  VI [m 3] 70 

Figuree 1.4. Conversion vs. reactor volume, for fixed purge composition and hydrogen / 
toluenee ratio. 

Thee HDA plant exhibits state multiplicity. Moderate conversion can be obtained only 
att unstable steady state. 

Itt should be remarked that it is difficult to manipulate the gas recycle flow rate using 

thee compressor. Moreover, hydrogen loss is minimised when the flow rate of the gas recycle 

iss at its maximum value. Because operating the compressor at a flow rate smaller than its 

maximumm capacity requires recycling compressed gas back to the suction (Shinskey, 1988), 

theree is no benefit in terms of energy saving. Since the compressor is already installed, the 

investmentt cost is not affected. For these reasons, only control structures keeping constant gas 

recyclee will be considered further. 

Inspectionn of the mass balance equations gives more insight into control issues: 

 The only way in which fed toluene can leave the system is as benzene (Eq. 1.1). Hence, 

anyy strategy that will try to set the production rate without modifying the toluene feed will 

fail. . 

 Eq. 1.2 shows that the purge composition can be controlled using the hydrogen feed (F2) 

orr purge flow rate (Fp). 
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 The pressure is constant if the gas holdup remains constant. Because the number of moles 

off  gaseous components does not change in the reaction, hydrogen feed and purge flow 

ratess must be equal (Eq. 1.5). Consequently, assigning one of them for purge composition 

controll  leaves the other one for pressure control. 

 The remaining manipulated variable (furnace duty) can be used to control either the 

conversionn or the hydrogen / toluene ratio. Both controlled variables seem to be 

importantt Low conversion means more utility consumption for separation, while high 

conversionn affects reaction selectivity. Low hydrogen / toluene ratio leads also to 

undesirablee by-products. 

Thiss way, a large number of control structures have been excluded from further 

analysis.. Table 1.3 presents five control structures that were considered, denoted CS1 to CS5. 

Tablee 1. HDA plant: candidate control structures. 

Controll  structure Hydrogen/Toluene Purge composition Conversion 
ratio ratio 

CS11 Hydrogen feed 
CS22 Hydrogen feed - Setpoint of the furnace 

duty-reactorr inlet 
temperaturee loop 

CS33 - Hydrogen feed 
CS44 - Hydrogen feed Setpoint of the furnace 

duty-reactorr inlet 
temperaturee loop 

CS55 Setpoint of the furnace Hydrogen feed 
duty-reactorr inlet 
temperaturee loop 

Inn all control structures, gas recycle flow rate is constant; toluene feed is used to set the production; 
purgee flow rate is used to keep constant pressure. 

Thee control structures were evaluated by steady state sensitivity analysis using 

ASPENN PLUS®, where SISO control loops can be simulated by design-specification blocks. 

Figuree 1.5 presents thee most important results. 

 Without control, hydrogen / toluene ratio deviates considerably from the admissible range 

(Figuree 1.5a). Controlling the purge composition (CS3, CS4) reduces the variability of the 

hydrogenn / toluene ratio, but it is still low at high production rates. If this variable is left 

uncontrolled,, the plant must be overdesigned, in order to meet the specification yiü/;yT3=5 

underr the worst-disturbance conditions. 
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 For all control structures, the hydrogen lost with the purge is proportional with the 

productionn (Figure 1.5 b). When purge composition is controlled (CS3, CS4 and CS5), the 

hydrogenn loss is less sensitive to the production change. 

 The conversion (Figure 1.5c) and reactor outlet temperature (Figure 1.5d) strongly depend 

onn the production when both yynlyn and ym are controlled (CS5). This may affect 

negativelyy reaction selectivity. 

 For the design considered (conversion=0.78), CS5 requires high flexibility  of the 

separationn section (Figure 1.5e). At the lowest production, die liquid separation section 

handless 90 kmol/h benzene, 55 kmol/h toluene and small amounts of diphenyl. At the 

highestt production, die mixture consists of 150 kmol/h benzene, 15 kmol/h toluene and 

smalll  amounts of diphenyl. However, the variability of the stream entering the separation 

sectionn can be reduced if die system is designed for lower conversion, for example X=0.5, 

ass illustrated in Figure 1.5f. 

Itt may be concluded that, for the design considered, there is no incentive to control the 

reactorr conversion. Either the purge composition or the hydrogen / toluene ratio (but not 

both!)) should be controlled. In the first case, the whole plant must be overdesigned to work at 

hydrogenn / toluene ratio higher dian necessary. In the second case, increased hydrogen loss at 

highh production must be accepted. To control bodi variables, the plant must be designed for a 

lowerr conversion, with a higher load of me liquid separation section. Taking into account 

thesee results, control structure CS1 presents a minimum of disadvantages and will be further 

considered. . 

Thee operating point used during the previous sensitivity analysis was found by 

Douglass (1988) after the liquid separation had been considered. However, one could arrive at 

controll  structure CS1 based only on the mass balance equations and the fact that conversion 

controll  is difficult. In üiis case, die requirement of good plantwide controllability is a 

constraintt for further design optimisation. To illustrate this idea, the dependence of the 

conversionn versus reactor volume is presented in Figure 1.6, for fixed values of die gas 

recyclee flow rate and hydrogen / toluene ratio. 
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(a) ) 
-»-CSS 1,2 and 5 
^ C S 3 3 
^ C S 4 4 

-- No contro l 

120 0 
Productio nn / [kmol/h ] 

150 0 120 0 
Productio nn / [kmol/h ] 

120 0 

Productio nn / [kmol/h ] 

150 0 

710 0 

0 0 

670 0 
90 0 

(d) ) 
-»-CS1 1 
* C S 22 ^^< 
-A-CS33 ^*^\--H 
^CS44 ,^Ci====iS23 
-*eCS55 m^^3)k^^*s = 

120 0 
Productio nn / [kmol/h ] 

150 0 

(e) ) 

120 0 

Productio nn / [kmol/h ] 

0 0 

',120 0 

X=0.5 5 

(f) ) 

120 0 

Productio nn / [kmol/hr ] 
150 0 

Figuree 1.5. HDA plant. Control structure evaluation by steady state simulation 
Controll  structures 1-5 are presented in Table 1 There is no incentive to control 
reactorr conversion. For the design considered, control of both hydrogen/toluene ratio 
andd purge composition requires high flexibility  of the separation section. 
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Figuree 1.6. Conversion vs. reactor volume, for fixed values of the gas recycle flow rate 
andd hydrogen / toluene ratio. 

Forr small gas recycle, the operating point is stable only at high conversion. 

Again,, the system exhibits state multiplicity. The turning points of the volume -

conversionn diagrams represent the stability limit. Hence, it is possible to have moderate 

conversionn at a stable operating point only if the gas recycle is large enough. When the 

operatingg point is chosen by optimisation, the locus of the turning point must be considered as 

aa feasibility limit. 

Itt should be remarked that designs near the turning points are dangerous. Consider the 

stablee operating point X=0.55, FR=700 kmol/h. The reactor volume can be calculated, but the 

kineticc data is always uncertain. When the reaction rate is over-estimated, the real operating 

pointt falls at the left of the volume-conversion line, in the region where no feasible operating 

pointt exists. Then, although the control system does a perfect job, toluene accumulation 

occurs,, leading to infinite recycle. 

Resultss in Figure 1.6 assumed that all the unreacted toluene is recovered and recycled. 

Thee effect of losing a small fraction (I-a) of toluene is presented in Figure 1.7. For a> 

0.9,, state multiplicity is preserved. 
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-- or=0.9«. / 

a=0.98\ l \ \ 

ÖT=0.99-// \ 

^^^\S^>^^^^\S^>^ N»= 

FFAA = 120kmol/h 

^ H 3 ^ T 33 = 5 
VH2=0.95 5 
FR=7000 kmol/h | 

1 1 

oo 20 V / [ m 3 ] 40 

Figuree 1.7. Conversion vs. reactor volume, for fixed values of the gas recycle flow rate 
andd hydrogen / toluene ratio, when a fraction 1-arof the unreacted toluene is lost. 

Separationn system 

Thee synthesis of the liquid separation section (Figure 1.7) is easy. A stabilizer is 

necessaryy to remove methane traces. Then, the benzene - toluene - diphenyl mixture is 

separatedd in a light-first, two-columns sequence. Experience-endorsed guidelines are available 

too design the distillation columns: calculate the minimum reflux and the minimum number of 

trayss by the Underwood-Fenske method, set the number of trays N=2Nmjn and the reflux ratio 

/?=1.2/?mi„,, then use rigorous simulation to adjust N, R, and feed tray location, until the desired 

purityy is achieved. The results are presented in Table 1.4. 

Controll  of the distillation column is also easy. It should be remarked that the range of 

feedd disturbances affecting the separation section was obtained as a result of the sensitivity 

analysiss performed at the previous design level. This way, disturbance rejection can be set as 

aa distinct design specification. 
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Toluenee recycle 
4 4 

Too gas recycle 

From m 
reactor r 

Diphenyll  •# 

Figuree 1.7. Liquid separation section of the HDA plant. 

Tablee 1.4. Design results for the liquid separation section. 

Distillationn columns 

Numberr of stages (including condenser and reboiler) 

Feedd tray 

Distillatee vapour fraction 

Distillatee flow (kmol/h) 

Bottomss flow (kmol/h) 

Refluxx ratio 

Condenserr pressure (bar) 

Reboilerr pressure (bar) 

Columnn diameter (m) 

STABIL L 

7 7 

2 2 

1 1 

8.925 5 

--

0.75 5 

12 2 

12.45 5 

0.894 4 

PRODCOL L 

28 8 

14 4 

0 0 

120.98 8 

--

1.8 8 

1.2 2 

1.4 4 

1.574 4 

RECCOL L 

6 6 

4 4 

0 0 

--

1.583 3 

0.6 6 

1.2 2 

1.3 3 

0.634 4 

Heat-integration n 

Inn the HDA plant, energy recovery is possible by using the reactor effluent to preheat 

thee reactor feed, in a feed-effluent heat exchanger (FEHE). Apparently, there is no need for a 

furnace.. However, the furnace is required for start-up, and the purge is available as fuel. 

Whenn the furnace is included and a FEHE of reasonable size is used, there is heat excess that 
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mustt be removed. The exergetic advantageous solution is to place a steam generator before 

thee FEHE. The resulting heat-integration arrangement is presented in Figure 1.8. 

STEAM M 
GENERATOR R 

QUENCH H 

Figuree 1.8. Heat-integrated HDA reactor. 

Duringg conceptual design, furnace and steam generator duties, and FEHE efficiency 

aree of interest. Because one heat-balance constraint, two design decisions should be taken, for 

examplee FEHE efficiency and steam generator duty. They can be found optimising according 

too some economic criteria. However, it is known that auto-thermal reactors have complex, 

nonlinearr behaviour, including state multiplicity, isolated solution branches and sustained 

oscillations.. Indeed, a plot of the reactor conversion versus dimensionless furnace duty 

(Figuree 1.9) reveals state multiplicity, with the required operating point on the middle, 

unstablee branch. Consequently, the design and control of the heat-integrated PFR should be 

analysedd in more detail. 
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11 -r 

XX 0.5 

0 0 
00 Oh 0.4 

Figuree 1.9. Dependence of conversion vs. dimensionless furnace duty for the 
heat-integratedd PFR in HDA plant 

Dynamicc simulation 

Inn order to assess the performance of the plantwide control structure, we developed a 

SPEEDUP®® model, including reactor dynamics and rigorous distillation, in which all control 

loopss were implemented (Figure 1.10). The following scenario was used to evaluate the 

performancee of the control system: Initially, set the production rate to 120 kmol/h. After 5 

hours,, increase to 150 kmol/h. Later, reduce in two steps (at time 15, and 25 hours) to 90 

kmol/h. . 

Figuree 1.11. present the results of dynamic simulation. Production change can be 

easilyy achieved. The product purity is held on specification. Reaction selectivity remains high. 

Thee constraint related to hydrogen / toluene ratio is satisfied most of the time. 
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Figuree 1.11. Dynamic simulation results. 
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Conclusion s s 

-- The systemic approach reveals two steps for integration of conceptual design and 

plantwidee control: 

1.. Design controllable basic flowsheet structures. 

2.. Couple the basic flowsheet structures in such a way that a controllable system is 

obtained. . 

-- Controlling the mass balance is a key activity to develop successful plantwide control 

structures.. Any feasible control structure must maintain the material balance for all 

components,, including impurities. 

-- In the systemic approach, the effect of plantwide disturbances on the locally controlled 

basicc flowsheet structures can be assessed by nonlinear sensitivity analysis. Because it 

dependss on the plantwide control structure, this has to be specified before completing the 

design. . 

-- Disturbance rejection can be set as a distinct specification for BFS design. If the target of 

controllablee BFS appears unattainable, design modifications should be considered. 

-- The reactor placed in recycle systems and the stand-alone reactor have very different 

behaviour.. The nonlinear behaviour of reactor - separator - recycle systems should be 

furtherr investigated. 
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